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Abstract—Gas hold-up and lhiquid phase longitudinal dispersion have been measured in concurrent one- and six-stage
two-phase bubble columns as well as 1 counter-current one-stage two- and three-phase bubble columns To descnibe
the mtensity of the longitudinal mixing the logitudmal dispersion and the backflow cell models were applied The
possible influence of flud mixing on microbial processes was investigated

INTRODUCTION

Bubble columns gain increasing importance as gas-lhiqud
reactors for continuous fermentation processes The
behaviour of continuous reactor systems has often been
represemted by the plug flow model, the completely mixed
model and the dispersion model These three different
models depend on the degree of longitudinal dispersion of
media Fermentations are mostly carried out i the
conventional stirred-tank type vessel The flow behaviour
of many continuous systems lies between the two 1deal
cases Examples for such models are the axial dispersion
model or the N-tanks-in-series model These models
contain parameters which describe the degree of longitud-
mal dispersion

For autocatalytic reactions such as those associated
with many biochemical processes Bischoff[1] showed that
the choice of the reactor type depends greatly on the
desired conversion of substrate to cell At low conver-
sions the stirred-tank reactor 1s superior to the plug flow
reactor, while at high enough conversions a combination
of a mixed reactor followed by a plug flow reactor would
be the best choice For a given mean residence time of the
hquid phase there exists a degree of longitudinal
dispersion which gives rise to a maximum conversion
Since the performance of a reactor system with au-
tocatalytic kinetics depends on the axral fllnd muxing, 1t 1s
the objective of this work to measure the axial flmd
dispersion as a function of the operating conditions for
different multiphase systems (Table 1)

APPARATUS
The experimental apparatus (Fig 1) consists of a bubble
column with auxihary equipment for measurements of
temperatures, pressures and flow rates, tracer injection

and a recording system for the tracer concentration The
column 1s constructed of six sections For the multistage
system a perforated plate with a free area ratio of 0 65%
was inserted between each section The bubble column
could be operated with either countercurrent or concur-
rent contact between gas and hquid phases by reversing
the liquid flow direction In the counterflow situation the
tap water was fed from a storage tank to the top of the
column by a centrifugal pump

The hiqmud was unifermly distributed across the cross

Aur
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Fig 1 Experimental setup B, bubble column, MV, magnetic
valve, V, control valve, P, centrnifugal pump, R, flow meter, O,
flow control, PP, gas distributor (perforated plate), TI, tracer
mjection, E, electrical conductivity cell, S, scanner, AD, analog
digital converter, TP, tape puncher, n, nozzle distributor

‘ Table 1 Investigated multiphase systems

No Phases Operation Stages Height/cm Diameter/cm
i 2 concurrent 1 440 14
2 2 concurrent 6 440 14
3 2 countercutrent 1 380 14
4 3 countercurrent i 380 14
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sectional area of the column by means of a nozzle
distributor The awr passed an o1l separator, a pressure
control device and entered the column from the bottom
through a stainless steel perforated plate distributor The
hole diameter of the plate was 0 5 mm, and the free area
ratio was 025% Flow rates of gas and Liqmd were
measured with cahibrated rotameters The superficial gas
velocity was varied from wss = 067-10 67 cm/sec, the
superficial hqud velocity from wg =0 70-2 38 cm/sec
For the three-phase countercurrent system hollow glass
beads (Microballons FT 102, Emerson & Cumming Inc,
Mass , U S A) 125-250 um 1n chameter were used as solid
particles They had a mean density of 028 g/cm® when
measured with water

Ligmd axial mixing was measured by pulse tracer
technique using a 20% NaCl-solution The tracer was
injected into the column through a small stamless steel
tube The opeming time of the magnetic valve varied
between 0 3 and 1 0secs Concentration of tracer in the
reactor was measured at two locations 1n the column by
means of conductivity cells which were nstalled at a
distance of L =100cm from each other This tracer
techmque has the advantage that a mathematical perfect
pulse i1s unnecessary The tracer concentration was
recorded by data logger on paper tape punch as a discrete
function of time The gas hold-up ¢; was determined by
measuring the pressure drop at several points in the
column, and from residence time distributions as well as
by measuring the height of the aerated hiqud H, and that
of the hqud without aeration H,

=Wso_ H-H,
€= 7 4}

(For more experimental details see 13 )

RESULTS

1 Gas hold-up and relative velocity

In Fig 2 the relative gas fraction 1s shown as a function
of the superficial gas velocity for the investigated
systems For all systems gas holdup increases rapidly 1in
the lower range of gas velocities and tends to level off at
higher velocities The average gas hold-up 1n the
three-phase system air-tap water-glass beads 1s higher
than 1n solids-free systems at the same lmear liqmd
velocity, and 1t increases with the amount of sohd
particles m the reactor The superficial hiquid velocity wg;
has only a shight influence on €z (Fig 3) In countercurrent
systems the gas fraction increases with increasing wq, , but
decreases 1n concurrent systems

To compare these results with the ones calculated by
some published equations, on Fig 4 the ranges of the
€g-values of the present paper measured in concurrent
and counter-current one stage two-phase systems for
different liqund flow rates as function of the gas flow rate
are plotted together with the e;-values calculated for the
present system by equations of Burkel[14] (curve a),
Hugmark([15] (curve b), Mersmann{[16] (curve c),
Akita[17] (curve d) and Gestrich[18] (curve e)

One can recognize from Fig 4 that the eg-values
measured on the concurrent one stage-two-phase systems
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Fig 2 Gas hold-up as function of the superficial gas velocity

wgy =12cmjs Two-phase system-—counter-current one stage,

O, concurrent one stage, [1, multistage, A Three-phase system—
counter-current one stage, O
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Fig 3 Gas hold-up as function of the superficial gas and hqud
velocity One-stage two-phase system concurrent wgy =2 20, O
Countercurrent ws, =238cm/sO,168,03,120,A,070,V,0,@

agree with the ones calculated by equation of Gestrich[18]
andf/or Mersmann[16] only for low and/or high gasflow
rates The eg-values I counter-current systems are
between the curves ¢ and ¢ of Gestrich and Mersmann
for low gas flow rates and agree partly with the curve ¢
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Fig 4 Comparnson of the ranges of the es-values of the present paper measured i concurrent and countercurrent
one-stage two-phase systems for different hqud flow rates as function of the gas flow rate wse with calculated
€,G-values according to (a) Burkel[14], (b) Hughmark([15], (c) Mersmann[16), (d) Akita[17], (e) Gestrich[18]
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Fig. 5 Relative velocity between gas and liquid as function of the

superfictal gas velocity ws. =12cm/s Two-phase system—

countercurrent one stage, O, concurrent one stage, (1, multis-
tage, A Three-phase system—countercurrent one stage, &

for high gas flow rates No one of these recommended
equations descnibes the behaviour of ¢; in the whole
mvestigated range of gas flow rates, probably because
these equations do not consider the influence of different
type of gas distributors on the gas holdup €;

The relative velocity wr between gas and hquud phase
1s calculated from hold-up data, the superficial gas and
hqud velcotties (+ countercurrent, — concurrent)

W, W,
W = wg W, = 50 4 TSE

& l-e @

In Fig 5 the relative velocity measured m the four

systems 1s plotted against the superficial gas velocity For
the two-phase systems the slope of the curves 1s negative
at small values of wss, and the relative velocity passes
through a minimum at a superficial gas velocity of
4-5 cm/sec For superficial gas veloctties below 5 cm/sec
the bubbles emerging from the perforated plate are
characterised by a uniform bubble size distribution and a
small average diameter At higher gas velocities the flow 1s
turbulent with random circulation patterns Coalescence
mcreases bubble size which 1n turn gives a larger effective
gas velocity wg For the three-phase system w; decreases
at small gas rates because of the hindering effect of the
solid particles

2 Longutudinal find dispersion

Two models were applied to characterise axial mixing
effects within the flow reactor the axial dispersion model
and the backflow cell model The dispersion model 1s
described by the followmng dimensionless equation,
derived from an unsteady-state matenal balance on the
tracer component[2]

ac*
+
a6

ac* _ 1 g°C*
Ix* Pe gx**

3

This model 1s based on the assumption that the two
transport mechanisms, bulk flow and longitudmal disper-
sion, are mdependent of radial position The dimension-
less Peclet-number Pe = w, L/D, indicates the degree
of mixing within within the reactor

The backflow cell model{3] consists of N perfectly
muxed cells of equal volume with constant net flow rate Ve
and with constant backflow rate V from each cell back to
the preceding cell The backflow ratio 8 = V/Vp and the
nomber of cells N used in this model characterise axial
dispersion A matenal balance for the mnert tracer solute 1n
cell : yields an ordinary differential equation

1 dc%

N =(1+B) Ci,—(1+28) CT+B Clu

de
4)
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A set of dimenstonless equations i1s obtained by wniting
material balances about each cell The parameters Pe or
N, 8 must be determined by experiment A pulse of tracer
15 1njected into the flowing stream, and concentration
measurements were taken at two points within the test
section, which are far enough from the entrance and exit
sections

A widely-used techmque for estimating the parameters
mvolves the calculation of the vanances of the experi-
mental concentration curves at the two pomts The
difference between them can be related to the parameters

Another way of representing the relation between the
two concentration curves i1s by use of the transfer
function concept The model transfer function, which 1s
defined as the ratio between the Laplace-transform of the
output divided by the Laplace-transform of the input, can
be found by taking the Laplace-transform of each sides of
eqns (3) and (4) The system transfer function for the axial
dispersion model 15[4] (neglecting the end effects)

Fls*, Pe)= exp[ e (1—\/(1+ ))] 6)

and for the backflow cell model

F(s*,N,B)=¢N (6)
where
f— [(1+28 +s*IN)

—-VIA+28+s*INY¥—-48 (1+8)]

The experimental transfer function can be evaluated from
experimental residence time distribution data obtamed by
numerical integration of the transient response to an
imperfect pulse

Fu(s*) = CH(sDIC1(s*) )

The model parameters were estimated by a least-squared
error analysis of the transformed response data

B (P, s = Z [Fu(s®) — F(s*, P)F ®)

The analysis requires that the function ¢(P,s¥) 1s
mimmezed with respect to the model parameters P;(j =
1,2, ,m) for selected values of the dimensionless
Laplace-variable s* =s t For the determnation of the
least-squares estimates the methods of Gauss—-Seidel[5]
and Marquardt[6] were apphed The first method con-
verges rapidly, if the first approximate for the unknown
parameters are quite good Otherwise, the method
diverges The modified steepest-descent method of
Marquardt converges slower than the first method, but
has the distinct advantage of converging for almost any
first approximate This method seeks to calculate correc-
tions 1n such a way that at each iteration the value of ¢ (P,
s*) will decrease most rapidly Integer values of s*
ranging from 1 to 5 were used in fitting the data The
least-squares method gives directly a numerical estimate
of the quality of the fit for different data sets or models

The standard error of estimate 1s calculated as

SE = \/( $&,5%) $ o)) ®)

where n 1s the number of data points used for the fit and m
the number of parameters The model and the experimen-
tal transfer functions are in good agreement The standard
deviation of the fitted Peclet-number (Pe=1720) 1s
SE =2519x107%, and of the fitted parameters of the
backflow cell model (N=24, B8=1344) SE=
2544x107°

A relation between the parameters of both models can
be obtamned by equating the vanances of the axial
dispersion model and of the backflow cell model[3]

Pe = (10)

2N
1+28
Figures 6-8 show the effect of the gas rate on the
Peclet-number Pe and the backflow ratio 8

For all investigated systems axial dispersion increases
with increasing superfictal hqud and superficial gas
velocities Very high gas rates cause coalescence, and the
degree of mixing 1s considerably increased The intensity
of mixmng 1s lower mn a multistage bubble column than in
the other systems at the same gas rate

Empirical correlations for fimd mixing within the
different systems have been derived from the data of this

work
cm Wsa |
2-s. [22]
sec Wsr

The axial dispersion can be characterised by a modified

an

5]

W = | 2ecm/sec

%‘\0—

W, cm/sec

Fig 6 Effect of the superficial gas velocity on the Pe-number
Two-phase system ws, = 12cm/s For symbols see Fig §
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Fig 7 Effect of the superficial gas velocity on the Pe-number for
different superficial hiquad velocities Two-phase countercurrent,
one stage wg, =238cm/fs,O,168,1,120cm/fs, A,071cmfs, ¥V

Peclet-number Pe* = wr d/D, based on the column
diameter d and the relative velocity we This nonhnear
equation can be transformed to hinear form by taking
loganithms of both sides of eqn (11) The parameters B,
and B, of the linear model were estimated by the method
of least-squares (Table 2) Fig 9 shows the experimental
data and the estimated regression hines The confidence
intervals were determmned for a sigmficance level of
a =005[5]

Figure 10 shows the data Pe* w, compared with values
calculated from eqn (11) Most of the data fal! within the
dashed lines which represent a mean relative error of

Table 2 Parameters of eqn (11)

No Bo Bl
1 145717+0423 —0 5890081
2 24 944 + 0 602 —~0552+0 105
3 60140154 —-0307+0034
4 2551 +0061 -0 0044 + 0 0003
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Fig 8 Backfiow-ratio § as funcuon of the superficial gas velocity
(for symbols see Fig 5)

+20% The results have been compared with the literature
data on axial iqmd mixing By using the wgg/wg, —values
of the published data[7-10] Pe* w, was calculated by
eqn (11) and B, and B, values of Table 2

By use of the axial dispersion model (3) in conyjunction
with the Monod growth kinetics[11] the influence of flind
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Fig 9 Correlation for the modified Pe-number Two-phase system—countercurrent one stage, O, concurrent one
stage, ll, mulistage, A Three-phase system—countercurrent one stage, ¢
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mixing on the performance of a microbial process was
mvestigated The performance equations derived from the
steady state material balance for substrates and cells were
solved by a numencal techmque based on the principle of
collocation methods[12]

For solving the equattons the so-called Danckwerts’
boundary conditions were used Figure 11 shows the
effect of the Peclet-number on the exit concentration of
substrate C%s for different Damkohler-numbers Da =
k f The results were obtamned by considering following
values dimensionless saturation constant K* = K/Cis =
0 5, dimensionless mtial cell concentration C%. =0 At
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Fig 10 Comparison of experimental and calculated modified

Pe-numbers Langemann[8], @, Reith{7], A, Argo[9], W,
Towell[10], @, present work, O
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Fig 11 Effect of the Pe-number on the exit concentration of
substrate for vanous Da-numbers

low conversions, which correspond lower values of Da,
the stirred tank vessel 1s the most efficient reactor The
critical value of Da, for which a stirred tank reactor 1s still
superior to the dispersion model reactor, 1s 2 37 For any
value of Da greater than this critical value the dispersion
model reactor 1s the choice to attain the maximum
conversion The optimal Peclet-number 1s about 1 for
Da =3 with a maximum conversion of 76% If the
Peclet-number 1s greater than 6 for Da = 3 the growth of
cells cannot be maintained The cells tend to be washed
out because of insufficient residence time These results
show that there exists an optimal Peclet-number (lon-
gitudinal flmud dispersion) mm a bubble column with
autocatalytic kinetics for a given set of Da, C%. and K* -

As the desired conversion increases a pomt is reached
where a combimed system of a stured tank vessel
followed by a plug flow reactor turns out to be an
optimum[11] Such a system can be approached by a
multi-stage column Recently bubble column fermentors
with recycle are recommended because of thewr favoura-
ble flud-dynamical properties (low energy requirement
with regard to their specific surface area) For such
systems (C%. > 0) the optimum Peclet number increases
as C%c increases if all other parameters remain constant
For large values of C%. the Peclet number should be as
large as possible Since the optimum Peclet number can
vary between 0 and « as function of K*, Dg and C%,,
multi-stage bubble columns with adjusted Pe numbers are
i generally superior to one-stage columns
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NOTATION

B,, B, coefficients of eqn (11)
C tracer concentration, g/cm’

C(s) Laplace-transform of C(t)
d column diameter, cm
D axial dispersion coefficient, cm?/sec
Da Damkohler-number (Da =k f)

F transfer function

k maximum specific growth rate when the substrate
concentration 1s not imiting the rate of growth
h—l

K concentration of substrate at which the specific
growth rate observed 1s one half the maximum
value

L distance between the two measuring points, cm

n number of data points

N number of cells

P; set of parameters

Pe Peclet-number (Pe =w; L/D;)
Pe* modified Peclet-number (Pe = wg d/D.)
Laplace-variable, sec™
time, sec
mean residence time, sec
volumetric flow rate, m*/h
linear velocity, cm/sec
axial distance, cm

“
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Greek symbols
B backflow ratio (8 = Vi/Vr)
€z gas hold-up
# dimensionless time

Sub-, Superscnipts
1,2 first, second measuring pomt
backward
cell
exit
forward
gas
mtial
liquud
superficial, substrate
dimensionless variable

s MM QMO W
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