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‘‘ 

É preciso sair da ilha para ver a ilha. Não nos vemos se não saímos de nós . 

          

                                                                                                                                 José Saramago (1922-2010 )   

‘‘ 

Où sont les hommes?' reprit enfin le petit prince. 'On est un peu seul dans le désert.' 

'On est seul aussi chez les hommes', dit le serpent. 

          

                                                                                                                               Antoine de Saint-Exupéry (1943 )   

‘‘ 

Trabajo y rectitud, (...) Quienes no llenéis todas estas condiciones, haríais mejor en volver a vuestras casas, porque 

llegaríais con el tiempo a ser la deshonra de la Escuela y solo contribuirías a la ruina de nuestra querida patria. 

          

                                                                                                                                                     Tulio Ospina (1857) 

‘‘ 
Qui sait d'ailleurs si la raison de l'existence de l'homme, ne serait pas dans son existence même? Peut-être a-t-il été jeté 

au hasard sur un point de la surface de la Terre, sans qu'on puisse savoir ni comment, ni pourquoi; mais seulement qu'il 

doit vivre et mourir .(...) Quelle folie de tant se tourmenter pour ce qu'il est impossible de connaître, et ce qui ne nous 

rendrait pas plus heureux, quand nous en viendrions à bout. 

          

     Julien Offray de la Mettrie, L’Homme Machine (1747) 
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ABSTRACT 

The primary aim of this thesis is to propose a method to develop the process synthesis and 

optimization of the production of syngas and ammonia, as well as other byproducts such as 

marketable CO2, in synthetic nitrogen fertilizers (SNF) complexes. The baseline analysis 

relies on a typical 1000 t/day ammonia production plant composed of syngas production, 

purification (CO2 capture) and compression systems, along with an industrial ammonia 

synthesis unit. Initially, exergy and exergoeconomy analyses are used to identify the most 

important sources of energy consumption and irreversibility associated to the operation units 

of the integrated plant.  

 

From these results, a variety of alternatives for the improvement of the performance at the 

plantwide and component level are thoroughly examined along the different chapters. Due to 

the large amount of possible configurations and interrelations, the optimization process may 

become a formidable engineering task to be solved by using merely trial and error approaches. 

Accordingly, a systematic approach, based on the combination of heuristics, thermodynamic 

principles and mathematical programming is used to identify, evaluate, and determine the best 

configurations in terms of exergy consumption, degree of energy integration, process 

irreversibility, atmospheric CO2 emissions and operating costs. In this way, the process 

synthesis and optimization include not only the modification of the main process parameters 

but also the arrangement of the chemical plant components, suitably integrated to the waste 

heat recovery and cogeneration systems. Several aspects concerning: (i) the choice of the 

syngas purification system, (ii) the nature of the energy resources consumed, (iii) the 

exploitation of the thermodynamic potential at higher temperatures, (iv) the increase of the 

pre-combustion carbon capture by introducing chemically recuperated concepts, (v) the 

gradual variation of operating conditions by applying Le Châtelier and Counteraction 

principles, as well as (vi) the environmental benefits of using alternative energy sources to 

decarbonize the SNF sector are analyzed in the light of the reduced room of improvement 

found in modern conventional ammonia production facilities. 

 

The results show significant potentials for decreasing the exergy intensity and environmental 

impact of those facilities. This allows issuing relevant recommendations for revamping the 

existing plants or embracing new approaches that attempt to minimize the economic costs, the 

process inefficiencies and mitigate the environmental impact produced. An efficiency increase 

of about 8-10% can be achieved by using more efficient combined cycle cogeneration systems 

with an affordable marginal investment cost. Alternative configurations with enhanced pre-

combustion carbon capture, using either a CRGT system or upgraded biomass residues, may 

help cutting down the overall CO2 emissions in the syngas production in 20-28% or even 

promoting the decarbonization of the SNF sector at net rates of atmospheric CO2 depletion 

close to -2.3 tCO2/tNH3, respectively. The reduction of the process irreversibility has been also 

reduced by 10-13% in an industrial ammonia synthesis unit through the application of dual 

pressure systems and the introduction of a purge gas treatment process. 

 

Keywords: Ammonia; Energy Integration; Fertilizers; Exergy; Cost; CO2 Emissions.  
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Proc. Process 
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PR Paraná State, Peng Robinson EOS 

PSA Pressure Swing Adsorption 

RC Rankine Cycle 

Ref. Reformer 

REV Economic Revenues 

S/C Steam to Carbon ratio 

SE Sergipe State 

SG Syngas fuel 

SHR Shift Reaction processes 

SMR Steam Methane Reforming 

SNF Synthetic Nitrogen Fertilizers 

SNG Synthetic Natural Gas 

SP Sao Paulo State, Single pressure configuration 

SRK Soave-Redlich-Kwong EOS 

SLP Sequential Linear Programming 

SQP Sequential Quadratic Programming 

Refrig Refrigeration 

TOEX Total Cost 

UMR Unmixed Reforming 

UT Utilities Plant 

Vap. Vapor 

VBA Visual Basic for Applications 
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SYMBOLS 

Latin symbols 

a Activity coefficient 

A Area (m
2
) 

b Specific exergy (kJ/kg) or (kJ/kmol) 

B Exergy (kJ), Exergy rate/flow rate (kW) 

Bdest Destroyed exergy (kJ) or Exergy destruction rate (kW) 

c Unit exergy cost (kJ/kJ), CO2 emission cost (gCO2/kJ) 

cv Constant-volume heat capacity (kJ/kg K) or (kJ/kmol K) 

cp Constant-pressure heat capacity (kJ/kg K) or (kJ/kmol K) 

C Carbon, Constant pressure heat capacity (kJ/K), Cost (kJ, $) 

D Catalyst particle diameter (mm) 

E Energy or Energy Flow (kJ, MJ, GJ, kWh) 

EE Electricity (kJ, MJ) or Electric Power (kW, MW) 

F Fuel 

f Fugacity (bar) or (atm.), utility unit load factor (adim.) 

g Inequality constraint 

G Gibbs free energy (kJ/kg) or (kJ/kmol), Superficial mass velocity (kg/s/m
2
) 

h Specific Enthalpy (kJ/kg) or (kJ/kmol), equality constraint 

H Hydrogen, Enthalpy (kJ), Hessian Matrix 

HHV Higher heating value (kJ/kg) or (MJ/kg) 

H/N Hydrogen to nitrogen ratio 

I Irreversibility rate (kW) 

K Equilibrium constant 

k Reaction rate constant (dependent) 

LHV Lower heating value (kJ/kg) or (MJ/kg) 

M Direct CO2 emissions rate (gCO2/s) 

m Mass (kg), Mass flow (kg/s) 

N Number of elements in the set of temperatures or utility units 

n Mol, mol flow (kmol) or (kmol/h) 

O Oxygen 

P Pressure (kPa), (MPa), (atm) or (bar) 

Q, q Heat (kJ), Heat flow rate (kW) 

R Universal gas constant (=8.314 J/mol K), Real Numbers, Heat Cascaded (kW) 

r Reaction rate (kmol/m
3
-s) or (kmol/m

3
-h), Temperature interval 

s Specific entropy (kJ/kg K) or (kJ/kmol K) 

S Entropy (kJ/K) 

Sgen Produced entropy (kW/K) or (kJ/kg K) or (kJ/kmol K) 

T Temperature (K) or (
o
C) 

U Overall heat transfer coefficient (W/m
2.

K) 

u Specific internal energy (kJ/kg) or (kJ/kmol) 

υ Velocity (m/s), (km/h) or (m/s) 

V,v Volume (m
3
), volumetric fraction (adim.)  



 

 

w Discrete optimization variable sizing and nominal capacities 

W Work (kJ), Power (kW) 

y Mass fraction, integer optimization variable 

x Molar fraction, continuous optimization variable 

Z elevation (m), Annualized equipment cost ($/s), Compressibility (Ideal Gas Dev.) 

z Binary variable 

Greek symbols 

µ Chemical potential (kJ/kmol), Dynamic viscosity (kg/s.m) 

α Temkin-Phyzev exponential factor 

φ Chemical exergy to Lower heating value ratio 

ϕ Void fraction, Fugacity coefficient of species 

ξ Nitrogen reaction conversion 

η Efficiency  

∆ Difference 

  Density (kg/m
3
) 

δ Infinitesimal flow 

ψ Bagasse moisture (% mass) 

γ Activity coefficient 

Θ Molar inlet flow ratio for species i-th to nitrogen 

σ Volumetric entropy generation rate (kJ/(kmol.K.m
3
.h)) 

Ω Reaction quotient, region of feasible solutions 

ω Utility unit index for optimization 

Subscript 

1 State 1, 1
st
 reformer 

2 State 2, 2
nd

 reformer 

a Activation energy 

b Exergetic efficiency, backward reaction 

BFW Boiler feedwater 

Carnot Carnot Ideal thermal cycle 

CO Carbon monoxide 

CO2 Carbon dioxide 

Comp. Compressor 

cond. Condenser 

CP Consumed-Produced 

CV Control Volume 

DEA Di ethanol amine 

Dest. Destroyed 

EE Electric energy (kJ, MJ, kWh) 

F Fuel 

gen Generated 

eq. True Equilibrium Constant 



 

 

H High temperature 

I First law / Energetic 

In Inlet stream 

F Fuel 

f Forward reaction 

F Fuel 

° Reference state, Standard Value 

HP High pressure 

i i-th flow, i-th reaction rate 

ise Isentropic 

LP Low pressure 

L Low temperature 

LM Logarithmic mean temperature 

MP Medium pressure 

NR Non Renewable 

N2 Nitrogen 

o Environmental conditions 25°C and 1 atm. 

O2 Oxygen 

Out Outlet stream 

P Physical exergy pressure component, Product 

p Ideal Gas pressure based equilibrium constant 

Q Heat, Reaction Quotient  

R Renewable, Reaction, Reference for Enthalpy of Reaction 

Ref Reformer, reference temperature 

Rxn Reaction derived CO2 emissions 

rev Reversible  

T Physical exergy thermal component 

Tot Total 

UT Utilities plant 

Superscript  

CH Chemical exergy 

i i-th flow 

j j-th input 

K Kinetic exergy 

k k-th HRCT module 

M Mass flow rate exergy 

n n-th (last) HRCT module 

0 0-th (first) HRCT module 

P Potential exergy 

PH Physical exergy 

Q Heat Exergy 

T Total Exergy 

W Work 
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CHAPTER 1 
 

INTRODUCTION 
1. INTRODUCTION. 

Some fundamental mineral nutrients limiting the vegetable growing, e.g. carbon and oxygen, 

can be easily obtained by the plants through the soil and the surrounding air. Meanwhile, 

other components, such as the atmospheric nitrogen, must be fixed into more accessible forms 

to the plant before they can be effectively absorbed. Currently, nitrogen fixation is possible at 

an industrial scale thanks to the production of synthetic nitrogen fertilizers (SNF) [1], 

assumed to be responsible for at least fifty percent of the global yield of food crops [2]. 

However, the manufacture of SNF is an energy intensive industry that fundamentally depends 

on the consumption of large amounts of non-renewable resources, contributing further to the 

environmental strain already associated to extensive farming. Consequently, in the last years, 

SNF plants have deserved an increased legal surveillance, having to comply with more 

stringent controls of atmospheric emissions and wastes production [3, 4]. In order to fulfill the 

new regulations, SNF technology has undergone radical developments in terms of both design 

and equipment, most of them focused on the reduction of the power and feedstock demands 

[5-9], the improvement of the waste heat recovery network [10-16], the cutdown in the energy 

consumption of the CO2 removal process [17-19] and the design of better and more active 

catalysts [5, 20-23].  

In spite of the comprehensive research on energy integration and optimization achieved so far, 

the technological lag in the sector is still associated to the use of old existent plants relying on 

less efficient practices and conversion technologies [24]. Actually, it is estimated that more 

than 45% of the total existing plants in the world are older than 30 years [25]. It is also worthy 

to notice that the minimum theoretical consumption in modern ammonia plants (18-

21GJ/tNH3) is still much lower [25] compared to the best figures reported in literature                    

(28-31 GJ/tNH3), which may vary widely depending on project-specific requirements [5, 9]. 

Thus, according to the European Roadmap of Process Intensification (PI - PETCHEM), the 

potential benefits in the ammonia production sector are significant. In the short to mid-term 

(10-20 years), an increase of 5 percent in the overall energy efficiency is expected, whereas 

20 percent higher energy efficiency is envisaged in the long term (30-40 years) [26]. Other 

studies [27] are less optimistic and estimate more moderate improvement rates in the near 

future in comparison with those experienced over the 1991-2003 period. For instance, the 

improvement in the fuel consumption is predicted to be 35% lower than during the previous 

decade. Anyhow, all those studies admit the potential benefits of the enhanced process 

integration during the design of new ammonia and urea plants, with lower or minor capital 

costs increments and with a reduced ratio of carbon emission-to-ammonia throughput. 

Despite those promising figures, it must be born in mind that any additional room for an 

efficiency increase or a reduced environmental impact might not come about but through 

breakthrough approaches [28, 29], including a radical diversification of the energy resources 
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in the fertilizers sector [30-32], whereas some other mitigation options may become rather 

impracticable (e.g. post-combustion carbon capture) [33]. Anyway, practitioners still count on 

increased efficiencies as the first step towards the reduction of the large energy consumption 

associated to the SNF industry  [34]. In addition, the mitigation approaches for the massive 

atmospheric CO2 emissions point towards an increase of the pre-combustion carbon capture 

[33]. In this way, the captured CO2 can be used in the production of other chemical processes 

including urea, methanol, polymers, synthetic fuels and food industry, decreasing both the 

energy consumption and wastes, which certainly should be accounted for in an overall 

environmental analysis. 

In the light of these circumstances, an extended assessment encompassing the feedstock 

production, supply chain and conversion stages in the integrated syngas and ammonia 

production plant, along with the mitigation and commercialization of the emissions generated, 

is still necessary. Thus, the primary goal of this thesis is to develop a systematic methodolody 

based on the application of thermodynamic, economic and environmental methods that assists 

in identifying, evaluating and optimizing existing and proposed configurations of syngas, 

hydrogen, carbon dioxide and ammonia production in SNF plants. A comprehensive 

comparison between the various setups designed for accomplishing the energy integration of 

the chemical processes and the utility systems is performed. Additionally, a comparative 

assessment between the conventional and alternative routes for the production of chemicals 

and the decarbonization of the fertilizers sector is also presented. The text is structured as 

follows:  

In the second chapter, the objectives and relevance of this thesis are briefly presented, 

The third chapter shows an overview of the history of the SNF production and their relevance, 

as well as the the challenges that SNF industry faces in the Brazilian economy. 

Chapter four presents a thorough revision on the main energy conversion technologies used in 

the conventional syngas and ammonia production plants. The unconventional designs 

analyzed in subsequent chapters basically rely on the same operating principles shown in 

Chapter 4, although more detailed descriptions are provided in each chapter when necessary. 

The fifth chapter presents an overview of the systematic framework used in the process 

synthesis. The methodologies and tools used, including heuristics, thermodynamic and 

algorithmic methods, are briefly discussed. This chapter also summarizes the challenges and 

research question along with the strategies used to address the decision-making and 

optimization problems that will come about along the thesis. 

Chapter 6 presents a diagnostic of the performance of the most relevant units and components 

of the baseline syngas and ammonia production plant. The obtained results are used to 

prioritize the efforts towards the reduction of the energy consumption and CO2 emissions of 

the energy conversion processes that present the highest rates of exergy destruction and the 

most critical environmental impact. In this way, the benefits of revamping or substituting the 

outdated technologies can be highlighted. 
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In the seventh chapter, the mathematical programming problem consisting of the selection of 

the most suitable components for the utility systems from a resourceful superstructure, that 

includes all the relevant energy technologies, is presented. The formulated problem aims to 

minimize the energy requirements of the overall ammonia production plant while reducing the 

operating costs. An special attention is aimed to the role of the syngas purification unit 

adopted, as it drastically modifies the way in which the chemical plant and the utility system 

are optimally integrated.  

Chapter 8 describes a novel approach based on the chemically recuperated gas turbine 

concept, proposed for the syngas production section at the frontend of the ammonia plant. 

This new setup aims to improve the energy integration capabilities at higher temperatures and 

to reduce the amount of atmospheric emissions, by directly intensifying the rates of pre-

combustion carbon capture.  

In Chapter 9, some critical operation parameters of the backend ammonia loop such as the 

loop pressure, feed temperature, H2 to N2 ratio, inert fraction are further analyzed through the 

use of a series of case studies in order to reduce the process irreversibility in comparison with 

the base-case scenario. Chapter 10 expands the analysis on the performance of the backend 

ammonia synthesis unit by introducing a dual pressure loop that reduces the power 

consumption and the exergy destroyed by introducing an additional reactive component. 

The last two Chapters 11 and 12) deal with the study of the utilization of biomass as an 

alternative source of energy that may help decarbonizing the SNF sector, while taking 

advantage of the readily available wastes of Brazilian sugar cane mills. The opportunities 

related to the potential depletion of the atmospheric carbon dioxide through the production of 

chemicals via biomass-based routes are highlighted.  

In the closure chapters of this thesis, the main conclusions and the suggestions for future 

works are presented, whereas the annexes show an overview of some of the algorithmic 

methods used in the optimization of chemical processes and some commentaries on the 

investment and overall production costs of an ammonia production plant. Finally, some 

published papers, conferences and seminars attended along the time frame of the graduate 

course, including the research fellowship performed at the École Polytechnique Fédérale de 

Lausanne, Switzerland, are summarized. Along these pages, the author attempts to contribute 

towards the knowledge about:  

(i) how to better exploit the thermodynamic potential of costly, high temperature utility 

streams and exothermic reactor effluents,  

(ii) how to reduce the energy consumption and increase the pre-combustion CO2 capture, or 

even decarbonize the fertilizer sector by using alternative fuels,  

(iii) which are the most adequate operating modes considering the project specific conditions,  

(iv) how to univocally define the performance indicators (e.g. exergy efficiency) so that they 

can be reasonably attainable, and  

(v) whether the counteraction and Le Châtelier principles trigger irreconcilable trade-offs in 

terms of process irreversibility and reactions rates.  
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CHAPTER 2 
 

OBJECTIVES AND RELEVANCE 
2. OBJECTIVES 

GENERAL OBJECTIVE 

The main objective of this thesis is the development and application of a systematic 

methodology, based on the use of a variety of methods and optimization tools, for proposing 

optimum and sustainable configurations of syngas, hydrogen, carbon dioxide and ammonia 

production in SNF plants.  

SPECIFIC OBJECTIVES 

- To conceive and develop a methodology for modeling and analyzing SNF plants, or major 

parts thereof, with respect to multiple criteria (e.g. themodynamic, environmental, economic), 

in order to determine the exergy and economic expenditure of the production processes. 

- To integrate and capitalize on various computational tools for synthesizing and optimizing 

such facilities; 

- To suggest improvement opportunities for each scenario based on suitable performance 

indicators, so that the exergy consumption, the environmental impact and the operating costs 

can be minimized in SNF plants. 

RELEVANCE 

The fact that the demand for synthetic nitrogen fertilizers has significantly surpassed Brazilian 

production capacity makes the country vulnerable to variations in prices in the international 

markets, shipping costs and logistical problems at Brazilian ports. Additionaly, in spite of the 

intensive energy integration already undergone by the modern ammonia production plants, the 

consideration of unconventional approaches represents an opportunity to issue relevant 

recommendations for the future developments of the synthetic fertilizers sector. Morever, few 

research works have deal with the analysis of the production process in the SNF plants 

accounting for the various manufacturing aspects (thermodynamic, environmental, economic).  

Accordingly, the process synthesis and optimization of the SNF facilities in the light of the 

Second Law of the Thermodynamics by using heuristic, themodynamic and algorithmic 

methods might allow for a more rational and comprehensive point of comparison between the 

SNF production routes and even with other chemical sectors. Actually, this topic has not been 

thoroughly discussed, often based on heuristic approaches, focused on production aspects or 

concerned with standalone equipment improvement, rarely based on environmental aspects. 

Certainly, although this issues are expectedly subject to economic and geopolitical aspects, 

increasing the efficiency of the SNF domestic production could be the first step towards the 

reduction of the large non-renewable exergy consumption and environmental impact that SNF 

industry is responsible for. 
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CHAPTER 3 
 

SYNTHETIC NITROGEN FERTILIZERS: AN OVERVIEW 
3. Synthetic Nitrogen Fertilizers: An Overview. 

Nitrogen is an essential constituent of the molecules contained in all the amino acids that, in 

turn, make up the proteins required for the functioning of all the living beings. Unlike the 

plants, the animals are unable to utilize more simple forms of nitrogen and, therefore, rely on 

the intake of food sources for protein, which can then be digested to amino acids and used for 

the protein synthesis in their bodies [1]. But, even the plants cannot directly profit from the 

atmospheric nitrogen found in about 79% of the volume of the surrounding air, since its 

molecules are strongly joined through a covalent triple bond, and the nutrients can only be 

absorbed if they are present in easily dissolved chemical compounds. Thus, nitrogen must be 

first decomposed and combined into more accessible forms to the plants by means of a 

process called fixation. This process is accomplished by means of either natural phenomena or 

anthropogenic activities, which have been traditionally used to supply the main plant nutrients 

to the soil, namely nitrogen, phosphorus and potassium [35]. 

Since early years, humans have thought out several ways to restitute the essential nutrients 

taken from the soil, from using leguminous plants rotation, rotten stalks, silage and other 

organic material such as manure and Peruvian guano, or even the nitrogen-rich natural 

deposits of saltpeter (sodium nitrate) from the nineteen century Chilean mines [36]. However, 

in spite of its natural origin, organic fertilizers had much lower concentrations of plant 

nutrients and presented the economic problems of the collection, treatment, transportation and 

distribution. Therefore, it was not until the twentieth century (specifically from 1902 to 1913), 

that, in order to meet the increasing demand for the nitrogen fertilizers, a variety of methods 

were invented to convert the atmospheric nitrogen into commercial fertilizers [21]. First, it 

was the electric arc process, ca. 1905, which produced nitric oxide via the reaction of nitrogen 

with oxygen at high temperatures and, thus, consuming high amounts of energy (50-80 kWh 

of electricity per kg of nitrogen) [22]. Afterwards, the cyanamide process, introduced few 

years later (c. 1910) and based on the reaction of nitrogen with calcium carbide to produce 

calcium cyanamide, reduced the energy consumption to about 180 GJ/t [21]. Calcium 

cyanamide could be used directly or as the base to produce nitrogen-rich organic compounds. 

However, the era of the artificial fertilizers was born when the catalytic ammonia synthesis 

was invented by Fritz Haber, who devised a catalytic reactor to convert the nitrogen in the air 

into liquid ammonia (NH3), and then Carl Bosch applied this process to the industrial 

production. According to the International Fertilizer Industry Association [37], more than 

95% of the nitrogen fertilizers globally produced are manufactured by means of the Haber 

Bosch process.  

Ammonia is a concentrated source of nitrogen (85% mass) and the basic feedstock for all 

upgraded nitrogen fertilizers, so it can be either directly applied to the soil or further 

processed to produce urea or nitrates [38]. The first ammonia plant built in 1913 had a 
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production of 30 tons of ammonia per day [39], and by 1940, the original version of the 

current Haber Bosch process consumed 100 GJ/t by using coal and coke [22]. Subsequently, 

by 1960, natural gas replaced coal as feedstock, and between 1955 and  1966,  the energy 

requirements of the best plants dropped from 55GJ/t to 40GJ/t. The decline in the exergy 

expenditure since 1950 to the present days has been more gradual [40]. A major advance in 

the technology of ammonia production occurred in the early 60’s, when the M.W. Kellogg 

Company introduced the jumbo-size single train ammonia plants equipped with centrifugal 

compressors, where ammonia could be produced at half of the costs of smaller plants 

equipped with the conventional reciprocal compressors [36]. Figure 3.1 shows the evolution 

of the energy consumption of various production technologies for some fertilizers including 

ammonia. 

Fig. 3.1. Evolution of the energy consumption in fertilizers and ammonia production.

 
Source: [41]. 

As expected, the effect in the agriculture was immediate up to the point that almost half of the 

yield of the global crops is nowadays attributed to commercial fertilizers (Fig. 3.2), with the 

remaining share coming from organic sources, native soil reserves and biological nitrogen 

fixation cycles [2]. Currently, the fertilizers production represents the second largest share in 

energy consumption in agriculture (24%), only surpassed by fuels and followed far by 

pesticides (1.6%) [35], accounting for about 2-3% of the total world energy demand [42]. In 

the last years, the use of commercial fertilizers has steadily increased and, in the case of the 

nitrogen fertilizers, the demand has risen at almost a rate of 2 million of tons (N) per year [43, 

44]. Accordingly, alongside the global population growth and food consumption, the demand 

of SNF is expected to increase from 105.3 million of tons in 2011 up to more than 119.4 

million of tons in 2018. The total increase in demand is more likely to be distributed among 

Asia 58%, the Americas 22%, Europe 11%, Africa 8% and Oceania 1%; whereas in Latin 

America, Brazil, Argentina, Colombia and Mexico are expected to dominate the increasing 

trend [45].  
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Currently, the nitrogen fertilizers production is a highly fragmented and regionalized business, 

preferably installed close to widely available natural gas sources. The ten largest nitrogen 

producers account for approximately 19 percent of global ammonia capacity [46] and, 

currently, the largest global producer of nitrogen fertilizers is the Norwegian company Yara 

International [38]. 

Fig. 3.2. Effect of the utilization of the Haber-Bosch process on the population growth.  

 

Source: [2]. 

3.1. The Brazilian synthetic fertilizers scenario: An overview 

It dates back to 1970 in Cubatao, when Petrobras first decided to participate in the production 

of raw materials used in the manufacture of fertilizers [47]. Nowadays, according to ANDA 

(National Association for the Fertilizer Dissemination), in Brazil are produced ammonium 

nitrate (FOSFERTIL), urea (FOSFERTIL and Petrobras FAFEN), ammonium phosphate and 

di-ammonium phosphate (COPEBRAS and FOSFERTIL), and ammonium sulfate (BUNGE, 

BRASKEM and UNIGEL) [48].  

Figure 3.3 shows the products classified in the category of SNF, namely ammonia, urea, nitric 

acid and ammonium nitrate. As a common fundamental stage, ammonia (NH3) is the main 

feedstock used for the production of other SNF and represents the most energy intensive step 

[42]. Two main technologies are currently employed in the ammonia production in Brazil. 

The first type consists of the catalytic steam reforming of light hydrocarbons, used in the 

Petrobras FAFEN plants in Camacari (BA), with a yield of 474000 t/year of ammonia, and in 

Laranjeiras (SE), with a production of 456000 t/year of ammonia, both consuming natural 

gas. The FOSFERTIL plant in Cubatao (SP), producing 191000 t/year of ammonia, also uses 

the catalytic steam reforming technology, but consumes refinery gas. As a second type of 

technology, the FOSFERTIL ammonia plant in Araucaria (PR) uses the partial oxidation of 

asphaltic residue to produce 438000 t/year of ammonia [48, 49]. In order to guarantee the 



8 

 

supply of about 87% of the national ammonia demand by 2020, an ambitious expansion plan 

to project and build three new fertilizer plants in Três Lagoas (MS), Uberaba (MG, with 

519000 t/year of ammonia) and Linhares (ES) has been lately announced [47, 49]. 

Fig. 3.3. Classification of the synthetic nitrogen fertilizers and producers in Brazil. 

 
Source: [46, 48]. 

Brazil ranks fourth among the world largest consumers of minerals for the production of 

synthetic fertilizers, just behind China, India and the United States [50]. In Latin America, 

Brazil is by far the main producer of phosphate (90%), the second producer of potash (44%), 

and the largest producer of nitrogen (34%), sharing also about 57% of the total consumption 

of fertilizers [51]. The major users of fertilizers in Brazil are the West-Central (30%) and 

South-Central (29%) regions.  

However, despite the increasing domestic production [48, 50], more than 60% of the nitrogen 

fertilizers consumed in Brazil must still be imported [49]. This circumstance leaves the 

country vulnerable to variations of prices in the international markets, including oil and 

natural gas prices, shipping costs and logistical problems at ports [51]. It explains the fact that 

the fertilizers industry has been the segment that contributed the most (25%) towards the total 

deficit in the Brazilian chemical sector [4]. This concern should not be taken lightly, if it is 

considered that Brazil is a major player in global agricultural trade, accounting for 7.3% of the 

global agricultural exports and is the world’s third-largest exporter of agricultural products, 

only behind the European Union and the United States [52].  

Furthermore, several economic and governance bottlenecks must be addressed to allow the 

Brazilian fertilizers sector truly expand including the high initial capital costs, the long-term 

return over investment, the high taxation burdens, the high domestic natural gas price, the 

unsatisfactory environment of the agriculture business (prioritizing the imports over the 

domestic production), and the existing difficulties to obtain the environmental licenses [48]. 

As a result, the domestic fertilizers consumption only increased 30% (22.8 to 29.6 million of 

tons) between 2003-2012, while the food production in the country is expected to increase 

above 40% between 2010-2020 according to the OCDE [47]. Accordingly, aiming to reduce 

the foreign dependence of the Brazilian fertilizers sector to only 13% by 2020 [47], as well as 

to meet more stringent controls on environmental emissions, the governmental agencies have 
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contemplated further investments in the construction of new fertilizer plants or revamping the 

old ones [4, 47, 49, 53]. Moreover, the exploitation of the natural gas reserves in the Pre-salt 

region may be a worthwhile strategy to stabilize the gas price fluctuations and the dependence 

on the imported natural gas, although the technological and logistical adaptations for the 

extraction and distribution of that resource still remain inadequate [54].   
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CHAPTER 4 
 

SYNGAS AND AMMONIA PRODUCTION TECHNOLOGIES  
4. Syngas and ammonia production 

The conventional syngas and ammonia production plant can be generally divided into four 

main sub-process (see Fig. 4.1), namely the syngas production unit (reforming and shift 

reactions), the syngas purification unit (CO2 removal and methanation), the ammonia 

synthesis loop (conversion, refrigeration, separation, purge), and utility system (steam and 

power production, heat exchanger network) [55]. The operation condition of one sub-

processes is strongly related to each other, thus any variation in one system simultaneously 

affects the different sections of the plant concept. In practice, several configurations of 

processes and technologies may be licensed depending on site-specific conditions. More than 

20 commercial ammonia synthesis processes are described in the literature, and commercial 

vendors include Imperial Chemical Industries (until 2007), Kellogg, Brown & Root (KBR), 

Linde, Haldor Topsoe, Ammonia Casale and ThyssenKrupp-Uhde [32].  

Fig. 4.1. Plantwide layout of an integrated syngas and ammonia production plant.  

 
Source: Author. 

The objective of the integrated plant shown in Fig. 4.1 is to produce ammonia from a mixture 

of nitrogen and hydrogen in a stoichiometric proportion of 3:1 from water, natural gas and air. 

The overall reaction of syngas and ammonia production based, for example, on the reforming 

of methane is given by (R.4.1) [56]: 

4 2 2 2 2 2 2 2 3CH 0.303O 1.131N 1.395H O CO 1.131N 3.395H CO 2.262NH          (R.4.1) 
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In this chapter, the energy conversion technologies for syngas production, carbon capture and 

ammonia synthesis, existing in the conventional ammonia production plants, are briefly 

presented. 

4.1.Syngas and hydrogen production technologies 

Among the various sources of industrial hydrogen production are (i) the reaction of steam 

with a metal, (ii) the electrolysis of an electrolyte aqueous solution, (iii) the gasification of 

carbonaceous materials, (iv) the partial oxidation and (iv) the reforming process [57]. The first 

production process consists of a cyclic oxidation (H2O + metal → metal oxide + H2) and 

reduction (metal oxide + CH4 → metal + CO2 + H2O) process in which a metal (Cu, Fe, etc.) 

is reacted with steam to produce H2 and CO2.  

In the electrolysis process, the feedstock consists of purified water to which potassium 

hydroxide is added in order to increase its conductivity, without taking part in the reaction. 

The cost of the hydrogen production via electrolysis is not as dependent on the plant size as 

on the cost of electricity. Thus, its competitiveness will depend largely on the plant 

localization, typically installed where cheaper electricity from hydro or other renewable 

power plants is available [22]. Typical power consumption figures in electrolysis achieve 4.3 

kWh per m
3
 of H2 produced (approx. 190 GJ/tH2) [22, 25]. Considering that, for ammonia 

synthesis, additional energy is required to separate the nitrogen from the air and to compress 

the reactants, the total energy consumption may achieve 10,200 kWh/tNH3 (or 37GJ/tNH3). This 

value is comparable to those of the reforming processes, provided that an electricity mix with 

a very efficient generation process is considered [22, 58]. Otherwise, the energy consumption 

may sharply increase, depending on the technology used for the electricity generation. 

Moreover, since the water electrolysis process does not produce CO2, it cannot be associated 

to an urea facility, unless CO2 is available from another source. A major advantage of the 

water electrolysis is the production of a gas containing only 0.1-0.2% of oxygen, compared to 

the syngas produced from hydrocarbons [22]. This is a key issue, since a small part of the 

hydrogen produced has to be spent to remove O2 in downstream processes as it represents a 

poison to the ammonia catalyst. Despite the fact that this technology is currently used in 

plants of up to 500 tNH3/day, the process is generally not considered economically sustainable, 

except for some specific scenarios [22].  

For many years, the predominant feedstock for ammonia synthesis was coke, but currently it 

is only used under special economic and geographical circumstances, e.g. China, where more 

than tree fifths of the production relies on coke [25]. At this moment, less than 10% of the 

ammonia production is based on coal, coke or lignite. In general the process is similar to the 

original Haber Process, but involving coal gasification and a gas purification process [22]. In 

fact, it is more likely other feedstock such as light and heavy hydrocarbons to dominate the 

ammonia production scenario in the middle term. However, in the very long term it would be 

expected coal to substitute them [59].  

Mainly three technologies are typically employed to produce hydrogen from hydrocarbon 

fuels, namely steam methane reforming (SMR), auto thermal reforming (ATR) and partial 
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oxidation (POX), and each one produces different H2 to CO ratios (SMR, 3.0 - 5.0; ATR, 1.5 - 

2.5; POX, 1.5 - 1.8) [60, 61]. Moreover, all of them present specific operating advantages but 

also technological challenges [62]. For instance, SMR does not requires oxygen, operates at 

the lowest process temperature and yields the major H2 to CO ratios, notwithstanding it 

produces the largest atmospheric emissions. The ATR process runs on a lower temperature 

than POX as well as presents a lower methane slip (i.e. unconverted), but its commercial 

experience is more limited. In turn, POX does not need any catalyst and also presents low 

methane slip, however it produces the lowest H2 to CO ratios and operates at very high 

temperatures, which increases the production of soot, adding purification complexities to the 

process.  

Accordingly, it would be expected that the most economic hydrocarbon feedstock for 

ammonia production were the one having the highest H2 to CO ratio and requiring the lowest 

energy consumption and capital cost. It explains the fact that the steam reforming of natural 

gas accounts for about 80% of the feedstock for the ammonia synthesis [54] and it is 

nowadays considered as the most cost-efficient technology for this application [63]. Table 4.1 

compares the relative plant investment and the relative energy consumption for various 

feedstock used in the ammonia production. The overall energy consumption in the best 

available technologies (BAT) for steam reforming ranges between 28.4-30.2 GJ/tNH3 [59].  

According to Table 4.1, about 30-40% of the natural gas used in ammonia plants is consumed 

as fuel and the balance as feedstock. Thus, sometimes it may be advantageous to use less 

expensive fuels for heating as well as for steam and power generation purposes. For instance, 

when natural gas cannot be affordable as both fuel and feedstock, a different fuel e.g. light 

fuel oil may be used [22]. 

Table 4.1. Relative plant investment and relative energy consumption for various feedstock 

used in the ammonia production [25, 57, 59]. 

 SMR  

Natural Gas 

ATR  

Natural Gas 

POX 

Fuel Oil 

Gasification 

Coal 

Electrolysis 

Water 

Relative 

Investment 
1.0 1.2 1.5 1.8-2.1 2.2-2.5 

Feedstock 

(GJ/tNH3) 
22.1 24.8 28.8 - - 

Fuel (GJ/tNH3) 7.9-9.0 3.6-7.2 5.4-9.0 - - 

Total 

(GJ/tNH3) 
30.0-31.1 28.4-32.0 34.2-37.8 49.0-59.0 37.0 

Partial oxidations offers the advantage of a broader choice of feedstock and a better tolerance 

to fuel impurities. The most common feedstock in POX is heavy residual oil from petroleum 

refining process, which is also consumed for steam and electricity generation [59]. The partial 

oxidation is a non-catalytic process taking place at high pressures and temperatures (> 50bar 

and > 1400°C) [22]. Furthermore, heavy oil partial oxidation may be attractive as long as it 

offers an alternative for the utilization of viscous hydrocarbons residues and plastic wastes 

[59].  
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Even though in an early research stage, some hydrogen production methods use the solar 

energy and special organisms to produce hydrogen instead of oxygen during photosynthesis. 

They include the direct and indirect biophotolysis, biological water gas shift reaction, photo 

fermentation and dark fermentation. [64]. Some studies reported the direct solar ammonia 

production occurs naturally via exposure of nitrogen and water in presence of catalytic 

surfaces of the desert sand [65], which has already been experimentally confirmed in 

laboratory. Other sources, such as ethanol steam reforming represent experimental prospects 

[7, 66], even if for the near term, steam reforming process of light hydrocarbons is forecasted 

to dominate the syngas production for ammonia synthesis.  

In the following sections, the various unit operations used to produce hydrogen via the steam 

methane reforming (SMR) and water gas shift (WGS) processes are briefly described (see 

Fig. 4.2), with special attention to the conventional operating conditions. 

Fig. 4.2. Syngas production via SMR and WGS process 

 
Source: Author.  

4.1.1. Desulfurizer  

In order to avoid the poisoning of catalysts in the downstream processes, the sulfurous 

compounds in the natural gas must be removed by using a two-step hydrogenation-absorption 

process called hydrodesulphurization [42]. First, a small amount of hydrogen is added to the 

feedstock, which is heated up to 400°C and passed through a cobalt molybdenum or nickel 

molybdenum catalyst. There, sulfur is converted into hydrogen sulfide (H2S), according to 

(R.4.2 and R.4.3) [67]: 

CH3SH + H2 → CH4 + H2S                                            (R.4.2) 

C2H5SH + H2 → C2H6 + H2S                                           (R.4.3) 

Next, hydrogen sulfide is removed from the feedstock gas through an absorption process 

producing zinc sulfide (R.4.4) by involving zinc oxide pellets (ZnO) that can be later 

regenerated [41]. 

ZnO + H2S → ZnS + H2O                                              (R.4.4) 
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The traces of other compounds found in the feedstock can be removed by using methanation 

or other methods [21].  

4.1.2. Prereformer 

The prereformer is an adiabatic reactor filled with a high activity catalyst that operates at 

lower reforming temperatures (< 700°C) than in the conventional primary reformer, located 

downstream [25]. Although it follows the same sequence of reactions than in the primary 

reformer (see Section 4.1.3), the equilibrium is established at far lower temperatures. In the 

prereformer, a preheated mixture of methane, higher hydrocarbons and steam (530°C) is 

partially converted into another composed of carbon oxides, hydrogen and methane [68].  

A main feature is the irreversible, complete conversion of the heavier hydrocarbons that 

natural gas may contain, which allows reducing the steam consumption and decreasing the 

thermal and cracking loads in the tubes of the primary reformer [69]. The use of a prereformer 

can increase the capacity of the syngas plant inasmuch as it alleviates the primary reformer 

duty by partially reforming the feed gas. Some authors have reported a reduction of natural 

gas consumption up to 10% when a prereformer is introduced [68-70]. On the other hand, 

since the overall reaction is endothermic, the outlet temperature drops approx. 60-80°C, 

requiring to reheat the mixture that is going to be fed to the primary reformer up to a suitable 

temperature below 650°C, in order to avoid the thermal cracking of the reactants [25].  

4.1.3. Primary reformer 

The primary reformer is a multi-tubular reactor concept, externally heated by a natural gas 

fired radiant furnace (see Fig. 4.3). Therein, the reforming reactions (R.4.5-R.4.9) take place 

across a packed nickel catalyst in which a prereformed mixture of natural gas, preheated in 

the furnace convection train (580°C), reacts with the process steam (7-35 bar) supplied by an 

extraction steam turbine [70]. 
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Fig. 4.3. Primary and secondary reformers: (1) prereformed mixture inlet, (2) burner,          

(3) catalytic reformer tubes, (4) syngas outlet, (5) process air inlet, (6) secondary reformer 

catalyst and (7)  gas outlet. 

  
Source: [42]. 

 

The primary reformer is the largest and most expensive unit operation, as well as the most 

energy intensive [71], with a thermal duty of 54.6 MW for a typical 1000 tNH3/day plant [55]. 

Steam reforming reactions [72] 

CH4 + H2O  → CO + 3H2                                 (R.4.5) 

Dry reforming reaction [73] 

CH4 + CO2  → 2CO + 2H2                                      
(R.4.6) 

Homogeneous water reaction or gas shift reaction [70] 

CO + H2O  → CO2 + H2                  
                   

(R.4.7) 

Boudouard reaction [70] 

2CO  →  C + CO2                                        
(R.4.8) 

Methane catalytic decomposition [70]  

CH4  →  C + 2H2                                                      
(R.4.9) 

Although the overall stoichiometric steam to carbon ratio (S/C) ratio is about 1.4 (see R.4.5), 

most processes operate with higher S/C values, typical varying from 2.5 to 4.5. This selection 

depends on the type and quality of the feedstock, the existence of purge gas recovery, the 

reformer capacity, the operation conditions of the shift reactors as well as the steam balance 

of the plant [59]. A relatively higher S/C ratio has many advantages. First, it shifts the 

equilibrium of reaction (R.4.5) towards H2 production, thus lowering the CH4 slip. It also 

provides the necessary steam for shift conversion reactions (R.4.7), increasing the H2 

production. Moreover, a high S/C ratio inhibit the occurrence of local overheating and carbon 

deposition side reactions (R.4.8-4.9), which could lead to deactivation of the catalyst [41, 70, 
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72]. In spite of this, some authors have reported substantial energy savings through the 

reduction of the S/C ratio [70, 74]. Since the excess steam must be condensed by cooling the 

syngas produced, the larger the amount of excess steam produced, the larger the low-grade 

waste heat released. Moreover, since the surplus condensed steam contains fractions of carbon 

dioxide, amines or ammonia, among other components, it may require additional treatment 

processes (such as steam stripping). Accordingly, the use of excess steam consumes an extra 

amount of energy both in its generation and in the disposal of its condensate [74]. Thus, a 

typical S/C ratio 3.0 is normally selected as trade-off between the energy required for the 

excess steam generation and the reduction of the methane slip [41].  

As concerns the operating temperature of the catalytic tubes, higher values are expected to 

favor both the rate of reaction and the equilibrium conversion of the highly endothermic 

reforming process. However, the mechanical and metallurgical restrictions following the 

severe hydrogen-rich operation conditions set a maximum to the allowable temperature and 

heat flux. Furthermore, since the reacting mixture increases the volume as the reaction 

evolves, according to Le Châtelier principle, the lower the reactor pressure, the lower the 

methane slip [59]. On the other hand, higher levels of pressures at the frontend syngas 

production unit reduce the equipment size and the compression power necessary to further 

compress the purified syngas up to the backend ammonia loop pressure. Thus, there must be a 

compromise between the lower methane slip and a higher syngas production pressure [70]. 

The negative effect of the increased pressure is often offset by increasing the temperature and 

S/C ratio [74], whereas the operating conditions remain limited to 700-830ºC and 15-40 bar 

[25, 75]. Some performance indicators can be used to quantify the actual methane slip in the 

primary reformer. The approach to equilibrium (ATE) calculates the deviation of the actual 

outlet temperature from the expected equilibrium temperature (given the outlet composition) 

[76]. An increased ATE also results in higher purge rates from the ammonia synthesis loop 

and, thus, increased energy consumption for the plant. Conservative design values of ATE 

vary typically between 15-28°C [77]. 

Currently, the syngas production process is a mature technology, although it has been subject 

to various improvements in the last decades. For instance, some approaches have proposed 

shifting of a fraction of the primary reformer duty to the secondary reformer, thus reducing 

the size of the former and avoiding excess firing [69]. However, this approach requires a 

higher amount of air to the secondary reformer to fully reform the natural gas into hydrogen. 

This results in a higher nitrogen content which must be removed by different methods [71]. 

Other variations of the conventional steam reforming process include carbon dioxide 

reforming (or dry reforming), which produces a mixture with a higher CO content (H/C < 

1:1). Since this process entails a greater risk of carbon deposits, it requires suitable catalysts 

[78]. Even though dry reforming has not significant commercial application by itself, a 

number of major advantages related to the thermochemical energy storage has renewed the 

interest in producing fuels with low H2/CO ratio [73, 78]. Other systems, such as the nuclear-

based methane reforming consists of a circuit of helium heated to 950°C and cooled by 

indirect heat exchange with a mixture of methane and steam going through the reformer tubes 

[22]. Since 1971, these so-called EVA reactors have been used for commercial hydrogen 
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production. Other sources of hydrogen production, based on the sunlight concentration in a 

central receiver that supplies the reforming duty, have been more recently proposed [25].  

Finally, previous studies [69] have shown that the main exergy losses in the externally fired 

primary reformer are not only the result of the highly irreversible fuel combustion in the 

reformer furnace. Indeed, some avoidable exergy losses are due to the large temperature 

difference between the flame and the reactants inside the tubes, as well as due to the fumes 

leaving the furnace stack. According to some authors, the colder gases of a gas turbine system 

could be used instead of hot combustion gases in order to supply the reformer duty and reduce 

the process irreversibility [79, 80]. Since this arrangement provides the heat load to the 

reformer while generates the electricity and process steam for the plant, the exergy losses due 

to the excess steam production could be avoided [42].  

4.1.4. Autothermal and Secondary reformer 

The syngas that leaves the primary reformer is reacted with a compressed (35 bar) and 

preheated air stream (540°C) inside of a non-tubular, refractory lined adiabatic reactor, called 

secondary reformer. In a first reaction zone, an homogeneous partial combustion of the syngas 

increases the reactants temperature (970ºC), meeting both the required H2-to-N2 ratio and the 

reactor heat balance [41, 70, 73]. Then, the mixture goes through a heterogeneous reaction 

zone filled with high temperature resistant nickel catalyst, where the same set of reactions 

(R.4.5-R.4.9) occur. The intercooled air compression process represents about 20-30% of the 

total power consumption in a typical ammonia plant [55]. Despite the fact that the most 

common applications rely on the air combustion to separate the atmospheric nitrogen, other 

sources may include liquid air fractioning plants [57]. At the exit of the secondary reformer, 

almost all of the methane has been converted, although a residual 0.45% mol content (dry 

basis) can be still present in the syngas. The reactor effluent must be cooled down from 970°C 

to about 350°C, a feed temperature suitable for the high temperature shift (HTS) reactor  [56]. 

The waste heat recovery is typically performed by using a watertube boiler with natural 

circulation in order to produce saturated high pressure steam (100 bar).   

The secondary reformer is a type of autothermal reformer (ATR), i.e. a standalone process in 

which the feedstock conversion is performed by means of the combination of a set of initial 

homogeneous reactions followed by heterogeneous reactions in presence of a suitable catalyst 

[81]. The terms secondary reformer applies when it is fed with gases coming from a primary 

reformer [25]. Despite the fact that the secondary reformer is the most frequent application of 

commercial ATRs, other types of autothermal reformers used in the ammonia production 

industry include the partial oxidation (POX) and the catalytic partial oxidation (CPO) 

reformers. In the POX reactor, a partial combustion of the hydrocarbons or other 

carbonaceous materials (e.g. biomass gasification) produces higher amounts of carbon 

monoxide due to a lean oxygen atmosphere [81]. Meanwhile, the CPO process spares the 

homogenous combustion zone, as the catalytic reforming reactions are performed at milder 

temperatures. The ATR technology is more flexible than tubular primary reformers as more 

severe operation conditions and higher throughputs can be attained. Furthermore, since the 

pressure difference across the catalytic tube wall is avoided, the need for high pressure alloys 
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in the internal components is overcome [25]. Some authors also reported that the ATR leads 

to reduced consumption of resources, lower capital costs and less environmental burdens [69]. 

On the other hand, the recovery of the high-grade waste heat available from the cooling 

process of the secondary reformer effluent (>1000°C) by merely using a watertube steam 

boiler (300-500°C) is recognized as an important source of exergy destruction. Thus, various 

configurations that eliminate the natural gas-fired primary reformer and its associate flue 

stack CO2 emissions have been proposed [56, 57]. For instance, if the cooling process of the 

autothermal reformer effluent is used to heat the catalytic tubular reformer, the system is 

called tandem process or combined ATR with gas heated reformer (GHR) [59]. Nevertheless, 

the available waste heat is often not enough to completely supply the heating requirement of 

the primary reformer [69]. Furthermore, since the ATR effluent is not anymore used to raise 

the process steam that drive all the power consumers [59], the alteration of the waste heat 

balance implies further modifications in the operation conditions of the combined heat and 

power production (CHP). 

4.1.5. Water gas shift reaction 

According to the reaction (R.4.7), an additional amount of hydrogen can be produced at the 

expense of the CO and water still available in the syngas (~10% CO, 33% H2O molar) by 

using a high temperature shift reactor (HTS) filled with iron chromium catalyst [55]. After the 

HTS reactor, the CO content is reduced to 2.2% whereas temperature rises up to 350°C-430°C 

[55]. The exothermic water gas shift (WGS) reaction is equilibrium-limited but kinetically 

favored at higher temperatures which results in an incomplete conversion of carbon monoxide 

(3%mol CO at the outlet). In order to reduce the CO content to less than 1% mol, the WGS 

reaction is preferably achieved in two high (HTS) and low temperature shift (LTS) reactors 

[59]. Accordingly, after the mixture is partially converted in the HTS, the syngas is once 

again cooled down to 220°C and fed to a LTS (copper-zinc catalyst) reactor, wherein the 

concentration of CO is reduced up to 0.3% and the temperature rises to 232°C [55]. The 

intercooling of the HTS and LTS reactors as well as the separation of the excess steam is 

provided by preheating the boiler feedwater (BFW) and by using a large amount of cooling 

water (CW). The cold syngas produced (35°C) is sent to the purification unit.  

4.1.6. Syngas Purification: Carbon capture and Methanation 

The cold syngas leaving the shift conversion (35°C) consist of a mixture of nitrogen (20.3% 

molar), hydrogen (60.9%), carbon dioxide (17.7%) and non-condensate process steam (0.2%), 

apart from traces of argon and methane (0.66%) [55]. In order to avoid poisoning the catalyst 

in the ammonia synthesis and keep CO2 from forming carbamate and ammonium carbonate, 

all the oxygen compounds (CO, CO2, O2 and H2O) must be removed before the syngas enters 

the ammonia synthesis loop [59, 70]. Catalyst poisoning may reduce nitrogen absorption, 

increase solution viscosity and foaming, and cause corrosion [82].  

Among some commercial acid gas removal technologies are the water scrubbing and the 

physical and chemical absorption processes. Despite its wide use in older syngas production 

plants, the main disadvantages of water scrubbing are the low capture rate and the hydrogen 
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drift [22, 25]. Therefore, the aqueous solutions of amines and potassium carbonate are more 

suitable for the operation conditions in the modern reforming plants [22, 25]. Some 

advantages of the potassium carbonate system (e.g. Benfield Process) are the low CO2 

desorption duty and relatively large gas throughput that can be handled [25]. Furthermore, 

since the stripper runs cooler than the absorber, a rich-to-lean solvent heat exchanger is 

spared, thus reducing the investment costs [56]. 

Figure 4.4 shows the typical configuration of a carbon capture system that operates with a 

35%wt. aqueous solution of di-ethanolamine (DEA), in order to chemically absorb the CO2 

present in the syngas produced at relatively high concentrations (> 18% molar) and partial 

CO2 pressures (> 6 bar) [82, 83]. The concentration of the amine solution determines the 

capacity of the solvent, however, the maximum concentration is limited with regard to its 

corrosivity and degradation susceptibleness, which requires a solution temperature lower than 

120°C [25]. Different additives can be used to increase the absorption rates, whereas some 

inhibitors could be used to increase the amine stability and reduce the corrosion as the amine 

concentration and acid gas load are increased [70]. The maximum rich DEA and minimum 

lean DEA CO2 loadings are typically set around 0.45 and 0.04 kmolCO2/kmolDEA, respectively 

[84].  

According to Fig.4.4, in the first column (i.e. the absorber), a major part of the CO2 gas 

(99.7%) chemically reacts with the solvent producing a CO2-rich bottoms effluent. Next, the 

rich solution is expanded and preheated up to 2 bar and 93°C, respectively [55]. The solution 

enters a desorption column, where the reaction is reversed and the CO2 is stripped out at 

higher temperatures and lower pressures. The desorption process demands a substantial 

amount of heat at the reboiler, close to 48 MW for a typical 1000 tNH3/day plant, which is 

supplied by low pressure steam (7 bar, 0.1kgSteam/LDEA Solution) [75, 85, 86]. Accordingly, the 

reboiler duty must supply: (i) the energy to raise the temperature of the rich solution up to that 

of the reboiler, (ii) the enthalpy of reaction to break the chemical bond between the CO2 gas 

and the amine, and (iii) the enthalpy of vaporization of the water to produce the steam that 

acts as the stripping source [84, 85].   

For the simulated conventional case an specific steam consumption of 3.41 MJ/kgCO2 is 

calculated, slightly lower than those reported in literature [87, 88], mostly above 4.0 MJ/kg 

CO2. This is explained by the reduced enthalpy of reaction and, thus, energy requirement of 

aqueous DEA solutions compared with MEA [25, 89]. DEA solvent also allows a higher 

solvent capacity, reducing the solvent circulation rates compared to MEA [25]. 
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Fig. 4.4. Syngas purification unit based on a chemical absorption system. 

 
Source: Author 

The overhead CO2-enriched gas leaving the desorber is condensate at the top of the desorber 

column to provide the reflux of water and small amounts of amine vaporized. The captured 

CO2 gas is cooled, purified and sent to compression [85]. Meanwhile, the partially stripped 

lean amine solution (92.3% CO2 removed) is withdrawn through the desorber bottoms and 

cooled by using a lean-rich (L/R) amine heat exchanger. Since some amount of water is 

carried over with the overhead streams in the absorber and the desorber, makeup water is 

required at a rate of 15.5 m
3
/h to keep the desired concentration of the DEA solution. 

Differently from MEA absorption systems, reclaiming of DEA solution is in most of the cases 

not necessary or not economically feasible [85]. Thus, the lean DEA stream is finally pumped 

and recycled back to the absorber. 

Physical absorption systems are generally favored over chemical solvents in processes with 

very high partial pressures and CO2 concentrations [22]. Figure 4.5 shows a typical syngas 

purification unit based on the physical absorption principle. In the high pressure absorber (30 

bar) a mixture of dimethyl ethers of polyethylene glycol (DEPG) contacts the syngas, 

producing a CO2-rich bottoms solution, analogously to the chemical absorber unit. However, 

unlike the heat-consuming chemical desorption process, the rich DEPG solution is fairly 

regenerated by means of a gradual pressure letdown that can recover the expansion energy 

[90]. The most notorious advantage of using DEPG is the lower energy requirement for the 

solvent regeneration due to the lack of a reboiler component. Furthermore, DEPG performs a 

partial gas dehydration during the absorption processes and the CO2 separation temperatures 

are close to the ambient conditions. Last but not least, DEPG presents as a more stable and 

non-corrosive operating condition, so that special metallurgy is not required, reducing relative 

capital and operating costs [91]. 
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Fig. 4.5. Syngas purification unit based on a physical absorption system. 

 
Source: Author 

After the CO2 removal, the syngas may still contain up to 0.32% mol CO and 600 ppm of CO2 

[55]. Thus, the methanation system removes the residual oxygen compounds at expense of the 

consumption of a fraction of the hydrogen produced. Poisonous components are converted 

into inert methane over a nickel catalyst [25, 70]. Three highly exothermic reactions are 

involved in methanation unit corresponding to (R.4.7) and reverse reforming reactions (R.4.5-

R.4.6), all of them carried out at temperatures about 290-317°C [72, 92]. In other to reduce 

the energy requirements, the methanator outlet stream can be used to preheat the feed stream. 

Downstream the methanator, the purified syngas is cooled and the moisture is removed [93]. 

It is claimed that by using an additional nitrogen washing step (especially in the POX 

process), the ammonia synthesis (see Section 4.2) could be operated without gas purge and, 

consequently, higher efficiencies and gas purities could be obtained [22]. 

4.2. Ammonia Synthesis  

At the end of the purification process, the syngas produced has the desired N2-to-H2 ratio and 

contains a small percentage of inerts. Then, the mixture is further compressed and introduced 

into the ammonia synthesis loop. According to Figs. 4.6a-e, the quality of the syngas (e.g. 

level of impurity) along with other technical and economic considerations (e.g. the costly 

compression) clearly affect the choice about the most suitable point at which the makeup gas 

should be fed to the synthesis loop [41, 94]. These arrangements also differ with respect to the 

points at which the refrigeration of the partially converted gas mixture, as well as the 

ammonia and purge withdrawal, must be accomplished [95]. As expected, the best point for 

the purge gas withdrawal corresponds to the point where the concentration of inerts is higher, 

i.e. after the ammonia bulk is removed and right before the makeup syngas is added. 
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Fig. 4.6. Flow diagrams of various ammonia loop arrangements. 

 

(a) Only suitable for pure and dry make-up 

gas (e.g. after a thorough nitrogen washing) 

since impurities are not dissolved and 

removed with the ammonia liquid product. 

 

(b) Impurities are dissolved and removed 

with the ammonia liquid product. It dilutes 

the condensing ammonia by mixing it with 

the makeup syngas. Both ammonia produced 

and the recycle gas are compressed 

increasing the power consumed. 

 

(c) Impurities are dissolved and removed 

with the ammonia liquid product. Only 

recycle and makeup gas are compressed. It 

dilutes the condensing ammonia by mixing it 

with the makeup syngas. 

 

(d) Impurities are dissolved and removed 

with the ammonia liquid product. Both 

ammonia produced and the recycle gas are 

compressed. Separation at cooling water and 

refrigeration temperatures increases the 

ammonia recovery while reduces the power 

consumption. 

 

(e) Impurities are dissolved and removed 

with the ammonia liquid product. Only 

recycle and makeup gas are compressed. 

Separation at cooling water and refrigeration 

temperatures increases the ammonia recovery 

while reduces the power consumption.  

Adapted from Source: [95] 
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Figure 4.6e presents the configuration that offers the best characteristics in terms of ammonia 

separation, control of impurity to the converter beds, as well as reduced power compression 

and purge losses. Figure 4.7 depicts the basic components of the Haber-Bosch ammonia 

synthesis loop, namely the fresh syngas compressors, the catalytic converter beds, the waste 

heat recovery and condensation system, the refrigeration and the purge gas recovery unit (not 

shown) [19]. All these process are further described in the following sections. 

Fig. 4.7. Ammonia synthesis, condensation and separation unit. 

 
Source: [55]. 

4.2.1. Syngas Compression 

Due to the favorable conversion and separation conditions, the ammonia synthesis units 

typically operate at pressures above 150 bar [48]. Thus, the syngas leaving the purification 

unit is further compressed in an intercooled, multi-stage compression system (Fig. 4.7), 

usually driven by high pressure extraction steam turbines [41]. Moreover, since the reactants 

are not totally converted, the unreacted mixture must be recompressed along with the makeup 

syngas, and recycled as feed to the ammonia converter [96]. This is performed by means of a 

circulator that increases the gas pressure by 10-15bar to overcome the pressure drop around 

the loop [41]. The syngas compressor and circulator reach a combined power consumption of 

approx. 43% of the total power consumption in the ammonia plant. Centrifugal compressors 

driven by steam turbines, instead of reciprocating compressors, allow for higher production 

rates and achieves further economics [65]. Moreover, although circulator flow rates can be as 

much as five times higher than in the makeup syngas compression train, the circulator power 

consumption is quite lower than in the latter, due to the lower pressure difference around the 

synthesis loop [41].  

4.2.2. Syngas Conversion  

The mixture of the fresh and the recycled syngas gas at 200 bar and 35°C is preheated and 

introduced to the converter, where the synthesis reaction (R.4.10) takes place in the presence 

of an iron based catalyst. Therein, typical fractional conversions between 10-30% can be 

achieved [41]. 

 2 2 3 298N 3H 2 NH 92o

KH kJ kmol                            (R.4.10) 
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Contrary to the reforming process, the ammonia synthesis is highly exothermic. Hence, 

according to the Le Châtelier principle, theoretical equilibrium conversions close to the unity 

could be achieved by reducing enough the temperature and increasing reactor pressure [23] 

(Fig. 4.8). However, the reaction rate at lower temperatures is extremely low, whereas, at 

higher temperatures, it initially speeds up and then decreases on approaching to equilibrium 

[23, 59]. This fact entails a set of maximum conversion rates which, in turn, implies lower 

catalyst volumes requirements. Technically, higher temperatures accelerate the loss of the 

catalyst activity, whereas abnormally low temperatures threaten the self-sustainability of the 

exothermic reactor. In practice, moderate temperatures (350-550ºC) are used as a compromise 

between suitable equilibrium conversions and acceptable reaction rates.   

As the synthesis reaction proceeds, the temperature rises sharply, roughly 14-18°C per each 

percent of nitrogen converted [23, 25]. Thus, in order to control the catalyst temperature and 

increase the per-pass conversion in comparison with a single adiabatic reactor, three or more 

sequential catalytic beds with a suitable intercooling system are often desirable [25]. In this 

way, an optimum profile of reaction temperatures can be obtained by regulating the inlet 

conditions of each bed by means of either a direct (cold shot or quenching) or indirect (e.g. 

steam generation) cooling process. 

Fig. 4.8. Equilibrium concentration of ammonia at different temperatures and pressures. The 

effect of the inert content in the reactor feed is not shown. For an increment on 10% of inerts, 

the ammonia equilibrium composition drops down between 14-17%. 

 
Source: [25]. 

Moreover, despite the fact that lower pressures at the ammonia loop may bring about lower 

compression power and reduced equipment costs, several drawbacks arise from the reduced 

extent of reaction (Fig. 4.8). A lower synthesis loop pressure also hinders the operation of the 

refrigeration and separation system, affecting the overall performance of the unit. This 

problem has motivated recent research works on advanced catalysts, more active at lower 

pressures and temperatures [5, 20]. For instance, the ruthenium catalyst used in the Kellogg 

Advanced Ammonia Process (KAAP) is claimed to have between tenfold to twentyfold the 

activity of conventional iron-based catalyst at lower temperatures. Currently, it finds 
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application in the Haldor Topsoe S300 ammonia reactor, wherein it is used in conjunction 

with conventional magnetite catalyst. Energy savings about 1.17 GJ/tNH3 have been reported 

[22, 41], showing how the performance of the reactor may be enhanced by means of a set of 

catalysts sorted along the beds.  

Finally, it is worthy to notice that the enthalpy of reaction of the ammonia synthesis is 

equivalent to about 8.8% (2.72 GJ/tNH3) of the overall fuel consumption in the conventional 

ammonia plants. Accordingly, there is a strong incentive in recovering as much as possible of 

this waste heat [41]. However, by carrying out the ammonia synthesis at lower temperatures 

(e.g. < 300°C), the low-grade waste heat is not further attractive for generating high pressure 

steam, which drastically modifies the overall energy integration of the ammonia plant [74]. As 

a conclusion, the performance of the ammonia converter and, consequently, the overall 

efficiency of the ammonia loop are strongly affected by the reactor pressure, the amount of 

recycled inerts and non-condensable ammonia, the preheat temperature of the feed syngas, the 

design of the heat removal system and the characteristics of the catalyst [19, 42, 97] 

4.2.3. Ammonia Separation and Refrigeration 

The bulk of the ammonia produced is preliminarily condensed by using a cheaper cooling 

water method and then removed in a first vapor-liquid separation vessel. Notwithstanding, the 

ammonia condensation is not completely satisfactory if only water is used as the cooling 

medium [59]. For this reason, the recycled stream joining the makeup syngas is refrigerated to 

approx. -20°C by means of a two-stage R717 vapor compression refrigeration system (Fig. 

4.9) [42]. Vapor compression refrigeration is reportedly being more economical than 

absorption refrigeration for higher loop pressures (>150 bar) [70]. Additionally, R717 

refrigerant outperforms other substances in terms of heat transfer and power consumption [98, 

99].  

However, as it is also exhibited by other industrial refrigerants, R717 experiences a dramatic 

increase in the compressor discharge temperature (>120°C) if a single stage of compression is 

used. This feature increases the breakdown rate of the lubricating oil and the likelihood of 

material fatigue [100]. Fortnately, the discharge temperature can be controlled by using the 

two-stage vapor compression refrigeration system with intercooling, according to Fig. 4.9 

[98]. Therein, the gas discharged from the low pressure compressor is desuperheated by 

means of the direct contact with the liquid or the vapor returning from the condenser. This 

procedure not only reduces the discharge temperature, but also the amount of vapor handled 

by the high pressure compressor, the compression ratios and the throttling loses [55, 101]. 

 

Moreover, it is worthy to notice that, since the R717 vapor from the throttling process at high 

pressure is not passed to the low pressure stage, the quality of the refrigerant entering the 

evaporator reduces, improving the refrigeration effect. However, case (b) results in a slightly 

superheated inlet condition at high pressure compressor, apart from an increased cooling 

requirement and power consumptions. 
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Fig. 4.9. Multiple stages ammonia refrigeration systems with vapor-liquid flash (a) for 

intercooling and (b) for vapor separation only 

 
Source: [100]. 

Finally, the condenser pressure (11-14 bar) is determined by the temperature of the available 

cooling water, whose utilization is only justified in large industrial refrigeration systems 

[101]. By considering that the lower the evaporator pressures, the higher the compression 

power, an evaporator slightly above ambient pressure is preferable (115 kPa). Both evaporator 

and condenser operate at a minimum temperature approach about 5ºC. 

4.2.4. Purge gas treatment 

Albeit the small fractions of methane and argon slipped into the synthesis loop behave as 

inerts, the excessive built-up of such components must be controlled since they reduce the 

reactants conversion and increases the circulation rate [69, 104, 105]. This is achieved by 

means of a continuous purge of a portion of the hydrogen-rich recycled gas to maintain the 

overall concentration of inerts down to an acceptable level (< 8% mol). As an heuristic 

approach, a purge fraction of 7% of the total makeup synthesis gas is recommended [25]. 

The purge gas contains about 54% H2, 23% N2, and other gases (NH3, Ar and CH4) of which 

H2 is the most valuable since it can be either returned to the synthesis loop or used as fuel [97, 

102]. Due to the considerable amount of hydrogen lost with the purge, its partial recovery and 

recycle may lead to the reduction of the amount of ammonia produced per unit of feedstock, 

which may increase the overall efficiency of the loop. Notwithstanding, the decision whether 

hydrogen recovery is or not beneficial depends on a trade-off between the wastage of the 

valuable hydrogen and the additional compression power required to operate the recovery unit 

and recompress the recycled hydrogen-rich gas [102].  

Pressure swing adsorption (PSA), membrane systems and cryogenic condensation units are 

among the purge gas recovery processes available [22, 99, 103]. In the PSA, the purge gas 

passes through a sort of molecular sieves at elevated pressure, where the non-adsorbed 

hydrogen is separated from the gaseous mixture. The set of parallel beds operate such that as 

one ensures the continuous H2 recovery, the other is regenerated by depressurization [25]. 

PSA is suggested for low pressures (20-30 bar) and the recovery efficiency (70-85%) is lower 
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than that of membrane systems and cryogenic units [22, 104]. Membrane gas separation 

systems are based on the differences in permeation coefficients of gaseous components, which 

entails a considerable pressure drop [56, 105]. The hydrogen recovery efficiency of the 

membranes may vary between 85-95% [106]. On the other hand, cryogenic recovery can 

achieve a high recovery efficiency of hydrogen (> 99.5%), operating at high pressures and 

large molar flows [104, 105]. Hence, since this process progresses at very low temperatures, 

the adiabaticity of the equipment is a decisive factor in the efficiency of the unit [94]. 

In the cryogenic H2 recovery unit (Fig. 4.10), the ammonia-rich purge gas is expanded and 

flashed due to the pressure limitation on the brazed aluminum heat exchangers (50-80 bar) 

[97, 102]. Later, the mixture is water scrubbed in order to separate the substances that, 

otherwise, would solidify downstream. Meanwhile, scrubbed ammonia is distilled out of the 

aqueous mixture as aqua-ammonia (used as fertilizer) [107] and the moisture in the ammonia-

free purge gas is removed by means of molecular sieves [97].  

In the cold box, the ammonia-free purge gas is cooled down to about -190°C in order to 

separate the lower boiling point components from argon and methane. In this way, a hydrogen 

recovery of 94.96% and a nitrogen recovery of 18.54% can be achieved [97, 102]. The 

cooling effect is supplied by the expansion of the cryogenic liquid produced along with an 

auxiliary R717 refrigeration system. Finally, the major part of the hydrogen-rich vapor phase 

out from the cryogenic separator is recompressed up to essentially the same pressure of the 

makeup syngas (~200 bar). A compression stage mechanically coupled to the purge expander 

is used to this purpose [94].   

Fig. 4.10. Cryogenic recovery system for hydrogen-rich purge gas. 

 
Source: Author. 

Meanwhile, the methane-rich liquid phase at lower pressure can be returned to the plant fuel 

system [94]. Additionally, the uncompressed fraction of the hydrogen-rich gas (71 bar) could 

be either externally recompressed and recycled to ammonia loop [104] or used as fuel in the 

ammonia plant to reduce the energy consumption [103]. 
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4.3. Combined Heat and Power production 

Since no additional energy input is needed other than the natural gas fed to the fired furnace 

of the primary reformer, the modern conventional ammonia plants can be fairly considered as 

self-sufficient in terms of both steam and power requirements [70]. This is possible thanks to 

an extensive waste heat recovery system that produces steam at various levels of pressure 

(0.12-100 bar). Steam is consumed (i) in the extraction turbines that drive pumps and gas 

compressors, (ii) in the reboiler of the chemical absorption-based purification system, as well 

(iii) as feedstock in the primary reformer. A simplified representation of the combined heat 

and power production in the utility system is shown in Fig. 4.11. The industrial cooling tower 

considered has typical approach temperatures (i.e. the difference between the temperature of 

the water leaving the cooling tower and the web bulb temperature) ranging between 5-8°C 

[108]. Cooling water inlet and outlet temperatures are set as 40°C and 25°C, respectively, for 

a 50% relative air humidity. The water cooling process is very sensitive to these temperatures, 

and even some studies reported an increment of 0.96 GJ/tNH3 in the energy consumption when 

the cooling water temperature increased from 20°C to 35°C [22]. Total volumetric water 

circulation rate is estimated about 7636 m
3
/h whereas the make-up water due to drift, 

evaporation and blown down is estimated as 2.74% of the circulating water flow.  

Fig. 4.11. Simplified steam network and utility systems of the conventional syngas and 

ammonia production plant.

 
Source: Author. 

In old ammonia plants, surplus steam was considered as an undesirable byproduct. Indeed, its 

excessive generation could be interpreted, to some extent, as an indicator of the degradation 

of the chemical energy of the feedstock [74, 109]. Nevertheless, even in more advanced 

plants, the mass of steam produced from waste heat is still as high as three or fourfold the 

ammonia produced [56]. Correspondingly, a large amount of avoidable irreversibility arises 

from the overutilization of the waste heat steam boilers [9, 110]. 
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According to this, the goal would rather consist of optimizing the recovery of the enthalpy of 

reactions along the chemical plant and minimizing the energy export (or import), depending 

on the local conditions of the facilities. For instance, as concerns the self-sufficiency of the 

ammonia production plant, some authors [9] reported lower exergy efficiencies for the 

standalone combined heat and power production (CHP) when compared with the energy 

integration of the utility systems and the chemical plant. This still holds even if an additional 

amount of fuel may be needed.  

Thus, as it will be discussed in more detail later, some approaches may alleviate the load on 

the steam production system by shifting the power generation to more efficient cogeneration 

systems (combined cycle and chemically recuperated gas turbine systems), by partially or 

totally outsourcing the electricity consumed or by using cheaper and readily available, 

alternative fuels to supply the heat and power demands.  
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CHAPTER 5 
 

PROCESS SYNTHESIS: MODELING, SIMULATION AND 

OPTIMIZATION 
5. Process modeling, synthesis and optimization  

The process synthesis consists of the systematic proposition, evaluation, selection, feedback 

and improvement of the various designed setups or flowsheets that meet the economic, 

thermodynamic and environmental objectives of any industrial process [99]. Nonetheless, 

since the thorough fulfillment of all the potential competing targets can be a priori a 

cumbersome task, partial objectives such as operating and capital costs, production capacity, 

energy consumption, environmental impact and irreversibility rate are often considered one at 

time. Therefore, the process synthesis may deal with a variety of tasks, from the design of a 

new plant up to the revamp of a part of an existing one. 

The complete process synthesis of a chemical plant includes the development of a feasible 

and reliable representation of the physical problem in terms of an adequate mathematical 

language (modeling), a means to evaluate the alternatives proposed (simulation), and a 

strategy that allows searching for the best configuration among the vast amount of options 

that satisfy the predefined tasks and restrictions of the plant (optimization).  

Accordingly, apart from selecting the most suitable components (e.g. single unit operations or 

complete groups of them) out from a resourceful superstructure, the process synthesis must 

figure out the best way in which those components would operate, how they could be 

interconnected and should interact in terms of transfer of mass, energy and information. 

Indeed, even if no breakthrough technologies were to be considered yet, the process synthesis 

is already combinatorial in nature, and the number of alternatives may substantially increase if 

new approaches come on scene [111]. Thus, were it not for an appropriate methodology to 

systematically deal with the process synthesis and optimization, the determination of the best 

configuration(s) may become an overwhelming, not to say impossible task in a reasonable 

time frame. 

In the following, the description of the mathematical modeling and the simulation processes, 

as well as the tools used to calculate the thermodynamic properties of the substances involved, 

are presented. Moreover, the proposed exergy, economy and environmental performance 

indicators, used to compare the candidate to optimal flowsheets, are discussed. Finally, a brief 

presentation of the general definition of an optimization problem and the methodology used to 

optimize the operating conditions and the structure of the various setups proposed for the 

syngas and ammonia production plant, are outlined. 

5.1.Process modeling and simulation 

The very first step of the synthesis problem is the generation of an abstract representation of 

the real system, namely a model. A mathematical model is the collection of equations and 
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inequalities that define the relationships between the system variables and the acceptable 

values that those variables can assume. In general, the model will be composed of the material 

and energy balances, engineering design and constitutive equations, and the correlations that 

are used to calculate the physical properties of the substances involved [112]. These equations 

are normally complemented by inequalities that define allowable operating ranges, maximum 

and minimum bounds for the required performance and for the resources availability. Of 

course, the level of complexity of the model will depend on the scope of the study and must 

be consistent with the quality of the information available. Moreover, the assumptions 

imposed by the model must be clearly formulated and the results have to be interpreted by 

recognizing its limitations [113]. This explains why the construction of the model is generally 

the most expensive and time consuming part of the process synthesis, and at some extent, the 

most important. Actually, the simulation outcome and the possibility to find a meaningful 

solution of the optimization problem will depend on the ability to develop an appropriate 

model that closely represents the physical phenomena studied [112].   

The simulation process consists of working out one or more operational solutions of the 

mathematical model. This is achieved by conducting a series of virtual experiments that aim 

to understand the behavior of the system, evaluate alternative strategies, and tune the model 

on experimental data [114]. In other words, in the simulation process, the independent 

variables of the mathematical model are set to specified values so that the system performance 

indicators can be evaluated. From those results, further modifications to the model or the 

current operating conditions can be envisaged. The graphical representation of the simulated 

components and their interconnections is called flowsheet. Correspondingly, flowsheeting is 

referred as the use of computational and graphical user interface tools that aid setting the 

selected values of the independent variables in order to perform mass and energy balances, 

equipment sizing and cost calculations in steady state or dynamic simulations. The main merit 

of the simulation is thus to be able to elucidate operational configurations well ahead the 

detailed design and optimization. Next, the base-case can be selected from these sub-optimal 

configurations and submitted to further improvement [99]. Henceforth, an optimization 

procedure can be used to find out the effect of the variation of the independent variables on 

the value of the specified objective, requiring so the simulation to be repeated until certain 

convergence criterion is achieved.   

Three main modeling and simulation approaches used in the process synthesis that deserve a 

brief description are the response surface, the sequential modular and equation oriented 

approaches [112]. In the response surface approach, the entire plant or some components are 

represented by surface fitting formulas with cross-correlation terms, written as a function of 

the independent variables and other process parameters of the system analyzed. The fitting 

parameters are adjusted by using directly measured or indirectly collected response data, even 

derived from virtual experiments. This approach can be advantageous when the detailed 

calculations take longer or the experimental setups would increase the costs prohibitively. For 

instance, the simulation of complex energy systems that involve recycling and reactive 

distillation, such as the syngas purification unit, would have not to be run each time if the 

system is only a small part of a broader flowsheet optimization [115]. In those cases, the 
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output data such as the energy consumption and the CO2 capture rate can be rather correlated 

to the flow rate, the CO2 feed concentration and other input variables of the purification 

system. On the other hand, although this approach is useful in identifying the important 

variables and their interrelation, the developed formulas are only valid within the interpolation 

limits [116].  

In the sequential modular (MS) approach, the mathematical models representing individual 

operation units (e.g. valve, reactor, compressor) or groups of components (e.g. distillation 

column with reboiler and condenser) are coded separately at subroutines. These subroutines 

are called in succession, with the output of one unit serving as the input of the following. For 

this reason, when there are recycles in the process, the loops must be torn at suitable points 

and estimated values assigned to those streams for initialization purposes. Recycle loops are 

sequentially solved until assumed values of the tear streams match the computed information 

of stream. Consequently, since the recycles must be decomposed into several calculation 

sequences, this approach may require a large number of iterations for convergence when 

multiple tear streams are present. However, due to an easier initialization and more intuitive 

representation, the sequential modular based simulators have been the most widely used type 

in the industry [117]. 

Finally, in the equation oriented (EO) approach, all the equations related to the model are 

assembled in a sparse system of non-linear algebraic equations. Quadrature formulas can be 

also considered when integral equations are involved. Indeed, the architecture of the EO 

approach resembles that of common engineering equation solvers (e.g. EES, Excel, 

MATLAB, among others). Moreover, since the governing equations of each process unit are 

solved simultaneously, the need for nested iteration loops as in the case of the MS approach is 

not anymore a concern. Despite the enhanced treatment of the recycle calculations, EO 

approach still requires a more demanding programing effort, a good initial estimate (so that all 

the variables can achieve convergence), and a robust general-purpose, non-linear equation 

solver.  

Accordingly, the systematic methodology used in this thesis relies mostly in SM and EO 

approaches for modeling and simulating the interconnection of the technological components 

and streams involved in the syngas and ammonia plant, and includes: 

 Mass, energy, exergy and cost balances of each process under interest. These balances are 

established by the use of various process simulation software widely used in the chemical 

industry, such as Aspen Hysys® [118] and Aspen Plus® [119]. These are powerful software 

used for modeling systems involving complex electrolyte chemistry, such as carbon dioxide 

capture units, and for predicting the energy demand of the chemical processes. Other software 

that serves this purpose is EO Engineering Equation Solver (EES) [120], which includes 

libraries of thermodynamic properties of several substances as well as an optimization 

toolbox. Zero Brain Studio© IDE and Lua© programming language are also used in the 

definition of the mathematical model of the utility systems in the OSMOSE Lua platform 

[121]. 
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 Semi-empirical correlations used to determine the thermodynamic properties of each flow 

present in multi-component and multi-phase systems, as well as the vapor liquid equilibrium 

(VLE) of the mixtures. They include the equations of state (EoS) of Peng-Robinson-Boston-

Mathias (PR-BM), Soave-Redlich-Kwong (SRK) and Perturbed Chain Statistical Associating 

Fluid Theory (PC-SAFT) [122]. The latter is particularly useful to determine the chemical 

properties of the substances involved in the physical absorption-based syngas purification. 

Activity coefficient models such as the Electrolytic Non-Random Two-Liquid (ENRTL-RK) 

and proprietary Acid Gas® fluid packages [122] are used for taking into account the strongly 

non-ideal liquid properties, Henry components and the dissociation chemistry present in the 

reactive absorption-desorption systems. Refprop® [123] and Coolprop® [124] software with 

the IAPWS Formulation 1995 are also used to calculate the properties of water in the steam 

network. These correlations are evaluated to calculate other properties such as the physical 

and chemical exergy of the substances.  

 Visual Basic for Applications (VBA) ® scripts defined as user defined functions [125] for 

automated physical and chemical exergy calculations. Chemical and total exergy calculations 

are not straightforward in Aspen Hysys or Plus [126-128], and they are used to propose 

suitable performance indicators for each configuration of the plants analyzed, which allows 

accomplishing systematic comparisons between different designed setups.  

 Aspen Plus®-embedded Fortran subroutines used to force certain design specifications to 

be accomplished. 

 Bare module costs of equipment for the ammonia loop are calculated by using the 

methodology proposed by Turton et al. [129] and correlations from Hamelinck et al. [130]. 

By way of illustration, the mathematical modeling of the equilibrium-limited ammonia reactor 

is described next. The special interest put on this system follows the complex interactions 

brought into play when the reaction section is embedded in a reaction - separation - purge - 

recycle flowsheet. As it will be demonstrated in next chapters, the reaction systems is the key 

component that determines the performance of the entire loop. 

In some cases, an approach-to-equilibrium (ATE) estimate is accurate enough for preliminary 

calculations of a chemical reactor [77]. However, since the equilibrium is rarely attained in 

the ammonia synthesis (e.g. the reactor volume is too small or the space velocity is too large), 

the composition of the reactor effluent is rather kinetics-driven, rendering the modeling and 

simulation particularly more complicated [25]. Certainly, the knowledge of kinetics is 

important for solving the industrial problem of reactor sizing, for determining the internal 

profile of optimal operation conditions as well as in applications involving control of dynamic 

systems [131].  

In the following, the relations between the equilibrium constant, the reaction rates, the 

fugacities, the activities and activity coefficients, as well as the definition of the equilibrium 

conversion and maximum conversion lines for an ammonia catalytic packed bed reactor are 

described. The general expression for the molar balance of a catalytic chemical reactor can be 

written in terms of the catalyst volume V and the reaction rate r, according to the Eq.(5.1) 

[131]: 
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Moreover, the fractional conversion of nitrogen into ammonia (R.5.1) is defined as Eq.(5.2): 

                                                      2 2

2

, ,

,

N inlet N outlet

N inlet

n n

n



                                                     (5.2) 

                                               
2 2 3N 3H 2NH                                                 (R.5.1) 

The reaction extent, /i idn   , relates the stoichiometric coefficients 
i  (> 0 for products 

and < 0 for reactants) and the variation of the moles of the component i, 
idn . Meanwhile, the 

mol fractions of the individual components i at the reactor outlet are calculated from Eqs.(5.3-

5.7): 
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where 
, ,Total inlet i inlet

i

n n  is the total number of moles entering the ammonia reactor. It is also 

worthy to notice the simpler layout of Eqs.(5.6-5.7) as methane and argon are considered 

inerts while going through the catalytic bed. 

For a packed bed reactor operating in steady state, the molar balance for each species given by 

Eq.(5.1) can be simplified to Eq.(5.8), [131]: 

 , ,i inlet i outleti
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d n ndn
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dV dV


                                       (5.8) 

where the reaction rates for the different components (reactants and products) are related by 

the expression /i ir    constant. Thus, by determining the reaction rate of the nitrogen 

consumption, the reaction rate of the remaining species can be easily calculated as 

2 2 3
1 3 2N H NHr r r   . For instance, the nitrogen mole balance in terms of the reactor 

conversion can be written as: 
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From experimental data, Temkin and Phyzev [132] initially published a general expression for 

the reaction rate of ammonia synthesis over a magnetite catalyst. The expression  is consistent 

with the equilibrium constant and given by the Eq. (5.10): 
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(5.10) 

Temkin kinetics is based on the hypothesis that the dissociative adsorption of nitrogen is a 

fundamental step in the ammonia synthesis, assuming that all surface is dominated by N* 

species [132]. Equation 5.10 is claimed to predict the mole fraction of the ammonia produced 

with a maximum deviation of 10 to 20% in the pressure range of commercial interest (150-

300 atm). It is worthy to notice that Equation 5.10 fails to predict the ammonia production 

rate when there is not any ammonia fraction in the feed, since the first right hand side term 

diverges. Despite this limitation, in commercial applications the ammonia content of the 

recycle feed gas is always greater than zero. The forward and backward reaction rate 

‘constants’, k, are calculated from the Arrhenius relation: 
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where R denotes the universal gas constant (8.314 kJ/kmol
.
K), T is the reaction temperature 

(K), Ea is the activation energy (kJ/kmol) and k0 is the pre-exponential factor. It is important 

to mention that pioneering experimental research works focused in the reaction of the 

ammonia decomposition (R.5.2), instead of its synthesis (R.5.1). Thus, the forward pre-

exponential factor, kf, is often indirectly calculated by using the reverse reaction data and the 

true equilibrium constant Keq of the reaction, according to Eq.(5.12):  [133]: 
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In order to calculate the true equilibrium constant
eqK , the activity of the each component i 

must be calculated by using Eq.(5.13): 
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where ˆ
if  is the fugacity of the component i at an arbitrary chosen standard state, e.g. the 

fugacity of the pure component i at a pressure of 1 atm and at a temperature equal to the 

temperature of the system. On the other hand, if  
is the fugacity of the component i at the 

partial pressure of the component in the system. The following approximation given by the 

Lewis Randall rule is adopted to calculate the value of if  [134]: 

                                          
i i i i i if x f a x f                                                         (5.14) 

where 
if


 
is the pure component fugacity at the temperature and pressure of the system. In 

other words, the fugacity of the component in the mixture is proportional to the mol fraction 
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of the component at the same temperature of the system. It is worthy to notice that it was 

assumed ˆ 1if  atm. Finally, the value of 
if
  is estimated by using Eq.(5.15): 

                                                          
i if P                                                                      (5.15) 

where i  and P are the activity coefficient of the component i and the total pressure of the 

system respectively. The activity coefficients are calculated by using Eqs.(5.16-5.18) [132]: 

            
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where the pressure is given in atm and the temperature in K. To grasp the practical meaning 

of fugacities, it can thought as an effective pressure of the real substances when interacting 

with other substances of a mixture. Thus, for ideal gases, fugacities are equal to the respective 

partial pressures. However, in the case of non-ideal gases, fugacity equals the fugacity 

coefficient times the partial pressure of the substance [96]. Accordingly, a gas with a fugacity 

coefficient less than 1 has an effective pressure lower than its partial pressure, and vice versa 

[131].  

Now, by considering Eqs.(5.12-5.18), the true equilibrium constant 
eqK

 
can be calculated by 

using Eq.(5.19): 
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It is noteworthy that the equilibrium constant KP is the ideal gas limit for Keq (i.e. at high 

temperature and low pressure) [133]. Actually, at increased pressures (> 10 bar) and close to 

the saturated vapor states, activities coefficients should be used instead of partial pressures, 

since they account for the real behavior of individual gas components [25].  

Meanwhile, KP can be determined as a function only of the temperature for a given chemical 

reaction, regardless of the reactant or product concentrations, total pressure or the presence of 

catalyst. The value of KP is calculated by using the Gillespie and Beattie correlation and the 

constants reported in Table 5.1 [133]: 

      
2

10 10log logP
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T
           with  T  in K                    (5.20) 

Table 5.1. Coefficient of the equilibrium constant KP [133]. 

Coefficient A B C D E 

Value -2.691122 -5.519265E-5 1.848863E-7 2001.6 2.6899 
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Since original Temkin-Phyzev equation, Eq.(5.10) has been proposed six decades ago, it has 

gone through several modifications to adapt the performance of different catalysts and 

increase the accuracy of the results. Some alternative forms based on the original Temkin-

Phyzev equation revisited include:  

(i) Elementary reactions rates based on component partial pressures (in kmol/m
3

cat.s, T in K 

and P in atm) [135]: 
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(ii) Reactions rate expressions based on the original TP equation form, with  = 0.5 but 

including a correction factor f = 4.75 to account for the lower activity of the old catalyst 

[136]: 
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(5.22) 

(iii) Reactions rate expressions in terms of fugacities (or activities) and the corresponding 

equilibrium constant KP  [132]: 
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(5.23) 

Additionally, some proprietary catalyst data reported in literature can be used to calculate 

both the forward (f) and the backward (b) reactions rates constants of the ammonia synthesis. 

These data is compared in Table 5.2.  

Table 5.2. Pre-exponential factor and activation energy for forward (f) and backward (b) 

reaction rate constants. 

Equation 

 
k0f 

Eaf  

kJ/kmol 
k0b 

Eab  

kJ/kmol 
α  Observations [Reference] 

(5.24)  -- -- 2.57E+14 163,500 0.55 
Montecatini catalyst, 

fugacities in atm. [137] 

(5.25) 1.79E+4 87,090 2.57E+16 198,464 0.5 
Partial pressures in bar 

Araujo et. al [136] 

(5.26) -- -- 8.03E+14 179,592 0.692 
Haldor Topsoe catalyst, 

fugacities in atm. [137] 

(5.27) -- -- 8.85E+14 170,683 0.5 

kf = KP kb 

fugacities in atm 

Dyson et al. [132] 

(5.28) 1.0E+4 9.1E+4  1.3E+10 
*
 1.4E+5  -- Partial press. in atm. [135] 

* The reaction rate is given en unit of kmol/(m
3

gas s). 

The units of the reaction rate constants kf and kb will depend on the basis used (partial 

pressures, fugacities or activities). Thus, except for expression (i) and Eq.(5.28), in all the 

above expressions, the reaction rate has units of kmol/(m
3
cat h).  
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For the sake of comparison, Fig. 5.1 shows different profiles of the reaction rates obtained 

from the catalyst data given in Table 5.2, for an arbitrary reactor length of 10 m, diameter 2 

m, and feed conditions of 350°C and 200 bar. As it can be seen, despite the observable 

variation between the curves, there certainly exists a monotonous decreasing trend of the 

reaction rate along the catalyst length, except for one catalyst curve. As expected, the 

utilization of catalyst data openly reported in the literature carries with an intrinsic 

uncertainty. However, since liable data is not provided by commercial manufacturers, in order 

to perform engineering calculations, the Montecatini catalyst data as reported by [137] has 

been selected. 

Fig. 5.1. Comparison of the reaction rates for the catalyst data given in Table 5.2. (200 bar, 

reactor length 10m, reactor feed at 350°C, reactor diameter 2m)

 
Source: Author. 

 

Alternatively, the reaction rate can be written in units of kmol.m
-3

void.h
-1

, i.e. per unit volume 

of reacting gas (void) per hour, instead of per unit volume of catalyst. This is done by means 

of the definition of the void fraction, i.e. the portion of the reactor that is not filled with 

catalyst. This is the actual way in which the reaction rate data in Aspen HYSYS® simulator is 

input: 
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where   is called the void fraction, defined  by Eq.(5.30): 
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Typical void fraction used in the commercial ammonia reactors ranges from 0.33 to 0.5 [138]. 

Notably, larger   values may require larger reactor volumes, and lower values lead to larger 

pressure drop. Therefore, the value of   is also useful to roughly estimate the pressure drop 

along the reactor bed by using the Ergun correlation [131], Eq.(5.31): 
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where ,00 0
0

0

Total

Total

nT ZP

T P n Z
      is the variable ideal gas density calculated from the initial 

and final conditions in the non-isothermal reactor, G m A  is the superficial mass velocity of 

the reacting gases, and DP is the catalyst diameter. It is worthy to notice that the size of the 

catalyst particle not only affect the pressure drop along the reactor. Since the rate of reaction 

is limited by diffusion, some measurements performed with a variety of particle sizes show a 

marked influence at high temperatures. The effect of the catalyst size has been summarized in 

Table 5.3. 

Table 5.3. Effect of the catalyst size [138]. 

Particle Size Reaction rate (kmol N2/s-m
3

cat) 

Crushed (0.6-1.21 mm) 0.0833 

3mm – 4.8 mm 0.0311 

6.4 mm – 9.5 mm 0.0169 

Moreover, it is assumed that the effectiveness factor of the small catalyst particles used         

(3 mm, bulk density 2300 kg/m
3
, sphericity 1) is close to the unity, thus the reactants 

concentration inside the particles is closer to the bulk concentration. 

Hitherto, the influence of the operation parameters such as pressure, temperature and 

composition on the kinetics of the chemical mixture in the ammonia reactor has been 

analyzed. In the following, the equilibrium thermodynamics is described in more detail so that 

the impact of selected operating conditions on the reactor performance can be better 

elucidated. Thus, the effect of the inlet temperature and the number of catalytic beds on the 

maximum per-pass conversion attainable, as well as on the energy balance in the reactor, is 

discussed.  

The so-called equilibrium curve can be plotted in a conversion vs temperature plane by 

setting the rate of reaction to zero (rN2 = 0) with   = 0.5, according to Eq.(5.32): 
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 (5.32) 

where i i ia x P    is the activity coefficient as described above. Moreover, by considering 

that the molar flow of the reactor bed outlet stream can be written in terms of conversion: 

                                             
2 2 2, , ,N outlet N inlet N inletn n n                                         (5.33) 

                                            
2 2 2, , ,3H outlet H inlet N inletn n n                                         (5.34) 

                                         
3 3 2, , ,2NH outlet NH inlet N inletn n n                                       (5.35) 

                                                    
, ,Ar outlet Ar inletn n                                                (5.36) 

                                                    
4 4, ,CH outlet CH inletn n                                              (5.37) 

and by adding Eqs.(5.33-5.37), the Eq.(5.38) is obtained: 

     
2, , ,2Total outlet Total inlet N inletn n n                                             (5.38)  
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Accordingly, the mol fraction of the component i can be  expressed as:  

,
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                                                (5.39)  

On the other hand, i  is defined as the ratio between the inlet molar flow of each species i 

and the inlet molar flow of nitrogen, according to Eq.(5.40): 
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                                              (5.40) 

Thus, the true equilibrium constant can be written in terms of the conversion and other 

process parameters, such as the reactor pressure, the inlet composition and the fugacities of 

the substances, as in Eq.(5.41): 
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Consequently, if the true equilibrium constant were expressed in terms of the temperature, the 

equilibrium conversion for ammonia production could be also written as a function of 

temperature. This is done by means of the van’t Hoff equation, which relates the variation of 

the equilibrium constant with the temperature. In effect, since for a reversible chemical 

reaction [139]:  

1 2 1 2ln ln lneq eqK k k d K d k d k                                        (5.42) 

And according to the Arrhenius equation: 
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By subtracting both equations and letting be 
, ,a f a b RE E H   , as well as by neglecting the 

difference between specific heat capacity of the products and reactants, i.e. 0pC   [131], 

Eq.(5.43) can be written as: 
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It is important to point out that, for the reaction of hydrogen and nitrogen at 400°C, the 

enthalpy of reaction increases by only 6% if the pressure is raised from 1atm to 200 atm [131] 

and, as such, the effect of the pressure variation can be neglected. Therefore, if it is adopted 

that 2 1T T  ,  the following conclusions can be drawn from Eq.(5.44):  

(i) For endothermic reaction ( 0RH  ), as the temperature increases, the equilibrium 

constant also increases, whereas 

(ii) For exothermic reaction ( 0RH  ), as the temperature rises, the equilibrium constant 

decreases. Those results are summarizes in Table 5.4.  
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Table 5.4. Variation of the equilibrium constant with temperature [139]. 

Bearing in mind that the generalized Gibbs free energy change, G , for a system with 

reaction coefficient,  , is given by:  
0 lnG G RT                                                     (5.45) 

And since as the systems strives to reach an equilibrium state, 
eqK  and  thus 0G  , the 

true equilibrium constant is calculated as a function of T according to Eq.(5.46): 
0

ln ( , )eq

G
K f T P

RT


 


                                              (5.46) 

Finally, by solving the Eqs.(5.41) and (5.46) for the conversion   (e.g. use Excel® Solver or 

EES®) at a given reaction temperature and pressure, the plot of equilibrium conversion vs 

temperature for either an endothermic or exothermic reaction, can be represented by Fig. 

5.2(a-b).  

Fig. 5.2. Variation of equilibrium conversion with temperature for (a) an exothermic reaction 

and (b) an endothermic reaction  

 
(a) (b) 

Source: [139]. 

These plots prove to be extremely useful for determining the optimal reaction temperature 

profile that increases the reaction conversion, while guaranteeing near maximum reaction 

rates. 

For instance, Fig. 5.3 shows the distribution of the lines of constant reaction rate and the locus 

of the maximum conversion for each reaction rate corresponding to the Montecatini catalyst 

operating at 200 atm. This figure can be obtained by imposing a value of constant reaction 

rate different from zero in Eq.(5.32) and solving for the conversion   (e.g. use Excel® Solver 

or EES®) at a given reaction temperature and pressure, analogously to the determination of 

the equilibrium line in Fig. 5.2. 

Reaction Enthalpy of reaction If temperature Equilibrium 

Endothermic  0RH   T   1 2eqK k k   

Exothermic  0RH   T   1 2eqK k k   
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Fig. 5.3. Lines of constant reaction rate in a conversion vs. temperature plot. Montecatini 

catalyst at 200 atm. 

  
Source: Author. 

In the following, the mathematical formulation of the concept of the adiabatic operation line 

and its relationship with the reactor conversion are described. For a non-isothermal reactor in 

steady state, the general energy balance can be written as [131]: 

     
2 2, , 1 , 0N inlet i p i N inlet R R p R Energy

Balance

Q n C T T n H T C T T                        (5.47) 

where Q is the heat transfer from/to the reactor; 
,p iC  is the specific heat capacity of the 

components; 1T T  is the temperature difference between reactants and products;  Rx RH T
 

 p RC T T   is the enthalpy of reaction at the reactor temperature T ; RT  is the reference 

temperature to calculate the enthalpy of reaction at the reference state (e.g. 298 K and 1 atm) 

and 
Energy
Balance


 

is the nitrogen conversion calculated independently from the energy balance. Since 

each one of the reactor beds can be considered as adiabatic, the conversion achieved on each 

of them is given by Eq.(5.48) [131]: 

 

   
, 1i p i

Energy
Balance R R p R

C T T

H T C T T




 


     


                                           (5.48)

 

Since, the second term in the denominator is often negligible compared with  R RH T , the 

operation curve of the adiabatic bed can be approximated by a linear function with a slope 

 ,i p i R RC H T        in a  vs. T plot. Furthermore,  it is noteworthy that, although 

the conversion   in Eq.(5.48) is calculated through the energy balance, in lieu of the molar 

balance, Eq.(5.9), both values must match for a given operating condition. For instance, in the 

ideal case in which the adiabatic reactor bed outlet attains the equilibrium, the solution of the 
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system of Eqs.(5.9) and (5.48) corresponds to the intersection point of the equilibrium and the 

adiabatic operation line, as shown in Fig. 5.4. As a result, the highest per-pass conversion that 

can be achieved in a single reactor bed for an inlet temperature T1 is the equilibrium 

conversion at T.  

Referring again to Fig. 5.4, it is observed that, even for an ideal infinite, single-bed reactor, 

the nature of the equilibrium curve prevents the total reactants conversion. Accordingly, in 

order to shift the mixture away from the state of thermodynamic equilibrium and thus increase 

the fractional conversion, a directly or indirectly intercooled, multiple bed ammonia reactor 

may be necessary [25]. 

Fig. 5.4. Adiabatic operation lines and maximum adiabatic temperature attainable at 

equilibrium for an exothermic reactor.

 
Source: Author. 

Figure 5.5 compares the most popular cooling methods, which vary in the way the heat 

recovery is achieved. In early plants, the quenching (or ‘cold shot’) process (Fig. 5.5 a) was 

more popular due to its simpler design. In this process, only a fraction of the reactor feed 

stream passes through the first catalytic bed, leaving it at about 500°C. Thereafter, the outlet 

gas temperature is reduced to approx. 430°C by mixing it with a fraction of the bypassed cold 

feed gas at 150-200°C, before entering the next bed [22]. This procedure is repeated along all 

of the remaining beds. On the other hand, the indirectly cooled converter (Fig. 5.5 b) is 

equipped with a waste heat recovery system that cools down the outlet gas from the converter 

beds. This is accomplished by either preheating the reactor feed stream or producing steam. In 

this way, not only a higher concentration of ammonia is obtained at the converter outlet, but 

also the steam system is directly integrated to the chemical plant [70]. In the case of 
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quenching application, the required catalyst volume is reportedly higher  (10-15%) than in the 

indirectly cooled version [41, 140]. 

Fig.5.5. Comparison between direct (a) and indirect (b) cooling of the ammonia reactor. 

 
(a) (b) 

Source: [25]. 

Figure 5.6 illustrates the adiabatic lines of the reactor beds corresponding to the indirect and 

direct intercooling, respectively. As expected, since the reactive mixture has been repeatedly 

shifted away from equilibrium, the overall equilibrium conversion has been considerably 

increased.  

Fig. 5.6. Operation lines for direct (a) or indirect (b) cooling of the adiabatic, exothermic 

reactor beds. 

  
Source: [25]. 
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However, the design of the intercooled ammonia reactor shown in Fig. 5.6 must cope with 

two conflicting effects [141]. According to Figs 5.3 and 5.4, as the reaction starts far away 

from the equilibrium, the kinetics is favored by an increase of the reaction temperature. In this 

case, both forward and backward reaction rate constants increase and, thus, the conversion 

increases. However, since the maximum attainable conversion (at r = 0) diminishes with the 

temperature, the reaction rate eventually starts to fall when approaching to equilibrium. In the 

latter case, the rate of the ammonia decomposition outweighs the reactant conversion at 

higher temperatures [23, 139]. Consequently, there should exist a set of maximum conversion 

for a given reaction rate that could be attained if the optimum reactor temperatures are 

suitably manipulated [41]. The curve that contains all the points of maxima is called the locus 

of maximum conversion for a given reaction rate [139], mathematically represented by 

Eq.(5.49) and depicted in Fig. 5.7: 

   2

constant

0
Ndr

dT
 

                                                (5.49) 

The existence of the locus of maximum conversion for a given reaction rate entails the 

existence of a design of minimum reactor volume. For this reason, the concept of optimal 

operation lines is used in many exothermal processes such as methanol synthesis and sulfur 

dioxide oxidation. In the case of ammonia reaction, the locus of maximum conversion for a 

given reaction rate runs almost parallel to the equilibrium curve, but shifted 30-70°C toward 

the lower temperature range [23, 141].   

 

Fig. 5.7. Locus of maximum conversion for a each reaction rate for a Montecatini Catalyst at 

200 bar. 

 
Source: Author. 

Certainly, a more detailed reactor simulation may include the coupling of the modeling of the 

non-linear reaction kinetics to the computational fluid dynamics. However, this would 
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considerably increase the computational effort at expense of a small gain in precision for the 

preliminary conceptual design. Accordingly, in the simulation stage, the effective volume of 

the reactor is calculated by considering a cylindrical packed bed reactor, in contrast to 

commercial, non-circular cross-sectioned configurations. It is also assumed that the axial 

diffusion effect diminishes with the increase of the flow rate. In other words, the ammonia 

synthesis bed is simplified to a packed bed reactor (PBR) in Aspen Hysys® with a very fast 

radial mass transport as well as a large reactor diameter compared to pellet diameter. The flow 

is assumed turbulent so that the rapid mixing of reactants is guaranteed. In this way, a 

compromise between the effect of the reactor performance and reasonable computational time 

frames is obtained. Additionally, the effect of the catalyst aging in its activity variation 

remains out of the scope of this thesis. 

Similar analyses, such as the previously described for the ammonia synthesis reactor, could be 

carried out for the reformers, water gas shift reactors, and alike. Those analyzes are 

accomplished by taking into account the kinetics of the reforming reaction (T > 586°C)  and 

the water gas shift reaction, shown in Eqs.(5.50-5.51) in kmol/m
3
-s (T in K, P in atm.), 

respectively [142]: 

2 2

4 4 2

3

,

CO H

CH f CH H O

eq REF

P P
r k P P

K

 
   

  

                                          (5.50) 

where 
,

27464
exp 30.707eq REFK

T

 
   

 
,  

,

0,

a fE

RT
f fk k e



  , 

 k0,f = 200 kmol/m
3
.s, 

Ea,f = 16,000 kJ/kmol, 

 

It is worthy to mention that, in comparison with the SMR reaction, Eq.(5.50), the equilibrium 

composition of the WGS reaction in not affected by the total pressure [25], due to the 

conservation of the quantity of moles associated to the latter reaction. 

      2

22

,2

CO H

CO CO H O

eq

P P
r k P P

K

 
   

  

                                             (5.51) 

where ,

4048
exp 3.765eq SHK

T

 
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 
, 

,2

2 0,2

aE

RTk k e


  ,  

k0,2 = 100 kmol/ m
3
.s, 

Ea,2 = 16,000kJ/kmol. 

Finally, due the complex vapor-liquid equilibrium (VLE) in the high pressure ammonia 

separation, the Raoult’s law cannot be applied anymore to model and simulate this process. 

For higher pressures and for species above their critical temperatures, the fugacity of the 

species i in the non-ideal liquid phase is rather calculated in terms of the system pressure fi = 

xi 
.
 ’i 

.
 P (i.e. instead of in terms of their vapor pressure fi = xi 

.
 i 

.
 pi). This is preferable, 
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especially for substances whose vapor pressure pi may not be defined above their critical 

temperatures (e.g. dissolved hydrogen). The fugacity coefficient of species i, ’i, in both 

liquid (xi) and vapor (yi) phases is thus computed from the same equation of state (EoS), as 

well as the other thermodynamic properties such as densities, enthalpies and heat capacities 

[143]. 

5.2.Process Synthesis and Optimization 

Following the formulation of an operational base-case design, the next step in the synthesis of 

the chemical process deals with finding out the causes of the suboptimal functioning. To this 

end, the performance of each component or unit is hierarchized via either thermodynamic, 

environmental or economic indicators. Thereafter, the goal consists of seeking for an 

improved scheme that achieves a predefined target while complies the restrictions imposed to 

the model. However, as one goes from the process modeling and simulation to the process 

improvement, the problem becomes much more difficult not only from a computational but 

also from a methodological point of view. Accordingly, a systematic optimization framework 

is necessary in order to smartly search within the space of independent variables while 

keeping the number of simulations at a minimum [116].  

Notwithstanding, even when systematic procedures are used, the number of challenges posed 

by the retrofitting, revamping or grass-root chemical plant optimization is not less formidable. 

For instance, in the case of the integrated syngas and ammonia production plants, the 

following thermodynamics and economic challenges are envisaged: 

 

 Numerous old plants cope with the challenge of remaining competitive in front of the new 

technology plants. On the other hand, even though new plants can give an advantage in terms 

of production performance, this is only at expense of a much higher capital cost. Indeed, 

according to some authors [70], on condition that the projected increase of the steam 

reforming capacity is between 10-50%, the payoff of the revamp is often more cost-efficient 

than acquiring a new plant. However, revamps address further parametrical or structural 

modifications to existing equipment that already operates close to the limit capacity 

(identified as the bottleneck), rendering the revamp more challenging to be planned than 

grassroots plants. 

 

 Fertilizers plants are generally designed in sophisticated ways that involves the recycling 

and integration of the mass and energy streams of the chemical units. This intrinsic 

characteristic entails the likelihood of facing a variety of convergence problems when using 

the commercial sequential modular simulators. One of the most common drawbacks is called 

the snowball effect [135], which refers to a situation in which a small disturbance, for 

example, in the composition of the reactor feed, causes a disproportionate change in the flow 

rate of the recycle stream. In such scenario, the reactor, the separator, or both systems, may 

not be able to handle the increased throughput. Whether the snowball effect occurs or not will 

depend on the formulation of the optimization constraints and an efficient control system [99]. 
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 The process of optimization is both theoretical and practical as it is based on linear and 

non-linear mathematical models that use data obtained from actual plants found in the 

literature. Once formulated, the system of equations needs to be solved by analytical or 

numerical methods which often requires of powerful computer hardware as well as 

sophisticated, efficient and robust solvers [144]. However, since those solvers may be not 

included in the simulation software, advanced integration frameworks, that orchestrate the 

interaction and the data entry/retrieval between the client software and the self-devised 

subroutines, will be necessary.  

 

 As it will be discussed in the next section, the energy integration method, also known as 

pinch method, is based on the univocal determination of the initial and final temperatures as 

well as the change of the enthalpy flow rate of each stream involved in the heat exchanger 

network (HEN). However, once the solver sets new values to the independent variables of the 

optimization problem, the simulator calculates updated values for the physical properties of 

the integrated streams. Consequently, a totally different HEN will be generated which, in turn, 

will have an important impact in the choice of the new values of the independent variables 

[11, 145]. Therefore, the temperature and exchanged heat values defined univocally for each 

stream become a set of variables that will depend on the optimization problem [3].   

 

 The isolated optimization of a major plant component is facilitated when this is 

strategically located at the frontend of the chemical process. However, for other major 

components located downstream in the production process, it cannot be automatically 

expected that, when optimized in isolation, the remaining components also operate in optimal 

conditions [13, 146, 147].  

 

 One of the main difficulties found when performing comprehensive optimization analyses 

of complex chemical systems is the lack of reliable data of the operation parameters and costs. 

According to some authors [147], the way in which manufacture engineers calculate costs is 

not always compatible with the way these data are needed for optimization purposes, e.g. in 

terms of physical and thermodynamic variables. Catalyst properties, reactor sizes and other 

industrial variables make often part of the intellectual property of licensors, with an almost 

inexistent transference of knowledge between the industry and the academic centers. 

 

 The simultaneous pursuit of conflicting physical, commercial and environmental targets 

triggers off a set of relatively suboptimal operation conditions with regards to one objective, 

while attempting to improve the remaining ones. The graphical representation of the 

compromise between these relative suboptimal solutions is called Pareto front. Since at some 

extent all the solutions in the Pareto front are optimal (non-dominated), the expertise of the 

designer will be fundamental when ruling out certain solutions. 

 

In order to tackle these problems, a number of powerful systematic techniques have emerged 

to support the integrated process synthesis. A preliminary classification includes three broad 

classes of methods, namely (i) heuristic, (ii) thermodynamic and (iii) algorithmic [10, 114]. 

The suitability of each approach for a particular application depends on (a) the amount of 
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available information about the performance and cost of each system component, (b) the 

complexity of the total system, (c) the objectives of the optimization and (d) the required 

accuracy [148]. These methods have been shown to be successful at least for particular classes 

of problems, even when the number of degrees of freedom is large and the models involved 

are highly non-linear and complex [149]. 

5.2.1. Heuristic methods 

Various preliminary screening guidelines known as heuristic rules or rules of thumb, based on 

experience and engineering judgment, can be used to figure out functional chemical plant 

configurations more quickly, thus radically reducing the optimization search space. However, 

since the applicability of the heuristics developed depends on specific operating scenarios, 

they have to be constantly updated [117]. Of course, heuristic method does not provide a 

guarantee of optimality and, even worse, it may create an opposite effect when extrapolated to 

breakthrough approaches [111]. The use of heuristics in the design of syngas and ammonia 

production plants involves the selection of steam to carbon or steam to biomass ratios; 

boundary operation conditions and approach to equilibrium temperatures in some reactors; 

range and approach temperature differences in cooling towers; minimum temperature 

approaches of heat exchangers; strength and load of chemical solvents in the syngas 

purification unit (utterly important to attain convergence of the model simulation); 

refrigerants operating conditions; maximum compression ratios in centrifugal compressors 

(surge prevention); metallurgical and mechanical safety issues; characteristic heat transfer 

coefficients (boiling, condensation, single phase, gas, liquids); selection of the suitable 

correlations for thermodynamic properties calculation; initialization values of tear stream 

(smart guesses), among others. 

5.2.2. Thermodynamic methods 

Since the Principles of the Thermodynamics rely on observed physical laws, they can be used 

to predict upper and lower bounds of the attainable optimal solution, regardless of the energy 

technology selected (top-notch, conventional) or the energy conversion process performed 

(reversible, irreversible, adiabatic, etc.). In this way, many configurations can be excluded 

from further investigation in early stages of design, largely reducing the extent of the search 

space. The energy integration (or pinch method) [150] and the exergy method [151] are 

among the most common thermodynamic methods used in the chemical plant diagnosis. In 

the former, the minimum consumption of the utility resources is pursued through the 

integration of the chemical plant with the heat recovery utility system. In the second, the aim 

is to identify the causes of irreversibility (proportional to the entropy generation) in the 

design, so that the operation conditions can be adjusted in order to reduce the degradation of 

those resources. 

After the causes of the suboptimal functioning of the system are pinpointed, various principles 

and methodologies, all based on the Second Law of the Thermodynamics, can be used to 

either maximize the energy savings or minimize the avoidable large driving forces. Some of 

them are the Le Châtelier Principle, the Counteraction principle, the Driving Force analysis 

and the Quasi-Static analysis [69]. In the last two methodologies, the analysis of a real system 
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operating under finite driving forces is compared to an equivalent theoretical limiting, quasi-

static process that runs with zero driving forces. Thus, the goal is to devise the engineering 

means to reduce the avoidable driving forces, so that the real process approaches to quasi-

static operating conditions. In this thesis, the first two principles, i.e. Le Châtelier Principle 

and the Counteraction principle, are used to counterbalance the clashing optimization 

outcomes set off by the simultaneous reduction of the exergy losses (i.e. by reducing the 

driving force), whereas attempting to enhance the chemical process throughput (i.e. by 

increasing the driving force).  

According to Le Châtelier Principle “Any system in chemical equilibrium that is subjected to 

a variation in its concentration, temperature, volume, or pressure, will try to adjust itself in 

order to partly reestablish the stable equilibrium conditions temporarily lost due to the 

change applied” [152]. In other words, if a finite driving force is set to either a chemical 

reactor in equilibrium, a heat exchanger network, or a CO2 desorption network, etc. the 

system will attempt to attain the equilibrium by increasing the rates of conversion, mass and 

heat transfer. Apart from the more evident heat transfer example (e.g. the higher the 

temperature difference, the faster the heat transfer rates), in chemical reactors, the increase of 

the reactive driving force, -ΔG, may be triggered by: 

- A decrease of the temperature of an exothermic reactor or an increase of the temperature of 

an endothermic one; 

- An increase of the pressure or a decreasing-volume reaction or a decrease of the pressure of 

an increasing-volume one. 

On the other hand, the Counteraction principle is used in conjunction with the exergy analysis 

and the Le Châtelier principle to work out means of reducing the excessive driving forces so 

that an improved exergetic performance can be achieved [153]. However, this is often 

accomplished through practices contrary to those advised by the Le Châtelier principle. As it 

will be explained later, this reasoning follows the minimization of the large driving forces,      

-ΔG, in the reactor, in order to increase the recovery of the exergy embodied in the reactants. 

Actually, this has been one of the major challenges found along the development of this 

thesis, since “to maximize the recovery of the useful work (or obtain similar positive results), 

it is necessary to use great ingenuity” [69]. Not to mention that “the decrease in the driving 

forces in some stages of an industrial process should not lead to negative results at 

succeeding stages of the process”. 

Despite their powerfulness, the standalone application of the thermodynamic methods may 

require of a considerable amount of trial and error attempts to find solutions that are close to 

the predicted bounds [146]. Moreover, although the design featuring the highest energy 

efficiencies may sometimes entail also close-to-optimum economic solutions, in the practice, 

this not necessarily true [154]. Thus, aside from the thermodynamic aspects already discussed, 

other features related to the capital investment, operation, maintenance, decommissioning, 

and environmental impact should be also be accounted for. 

For instance, the thermodynamic methods have proven to be useful to effectively perform cost 

allocation analyses as well as to quantify the environmental impact [155]. In the next sections, 

https://en.wikipedia.org/wiki/Temperature
https://en.wikipedia.org/wiki/Volume
https://en.wikipedia.org/wiki/Pressure
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a brief description of the energy integration method is presented. Afterwards, the 

exergoeconomy methodology used to allocate the exergy cost and CO2 emissions among the 

various products of an integrated ammonia plant is introduced. To this end, a novel set of 

auxiliary equations for cost allocation is proposed to overcome the inconveniences presented 

by the conventional costing theory [156]. 

5.2.2.1. Energy integration and Minimum Energy Requirements 

A large portion of the energy consumed as feedstock in an industrial ammonia plant is 

eventually transformed and released in the form of low-grade heat, which leads to a reduction 

of the amount of ammonia produced per unit of feedstock consumed. Therefore, it would be 

desirable to reutilize most the energy released in order to preheat the cold streams of the same 

production process. The excess heat comes mostly from the exothermic reactions involved in 

the partial oxidation, shift and ammonia synthesis, as well as from the intercooled air and 

syngas compression. However, due to the reduced levels of temperature associated to the low-

grade waste heat, only a fraction of it can be effectively recovered. Accordingly, an additional 

amount of fuel input would still be necessary in order to supply the demands of the primary 

reformer and the syngas purification system.  

Thus, the main goal of the energy integration (EI) method consists of determining the 

maximum amount of waste heat that can be recovered (and, thus, the minimum amount of fuel 

required), well ahead of a detailed design of the heat exchanger network (HEN) be performed 

[3]. The EI method, also known as Pinch method, is reportedly formalized by Bodo Linnhoff 

in 1972 and, since then, it has been comprehensively revisited in his research work and by co-

workers [157]. By upgrading the waste heat that otherwise would be irremediably dissipated 

by the cooling system to the environment, the EI method not only reduces the consumption of 

the costly external resources used in the utility systems (e.g. fossil fuels) but also the wastes 

and emissions associated. Next, a graphical description of the concepts used in the Pinch 

method is briefly presented.   

The EI method requires (i) the knowledge of the number of cold and hot streams considered 

in the integration problem, (ii) the corresponding supply and target temperatures, and (iii) the 

value of either the heat capacity (m
.
cp in kJ/K) or the change in the enthalpy flow rate of each 

stream (ΔH in kW). The calculation of the minimum heating and cooling requirements starts 

from the representation of the single cold and hot streams in a Temperature vs. Enthalpy flow 

rate (T vs. H) plot, as shown in Fig. 5.8a. It is worthy to notice that, in this diagram, the scale 

of the abscissa is only a relative difference, thus the arrows can be moved side to side [111].   

By merging the representations of the single cold or hot process streams, the cold and hot 

composite curves (CC), shown in Fig. 5.8b, can be constructed. In this diagram, the vertical 

distances between the cold and hot composite curves correspond to the temperature difference 

along the overall heat exchange process. Moreover, the amount of the overlapping of the hot 

and cold composite curves along the horizontal axis indicates the extent of heat transfer match 

between the cold and hot process streams pertaining to the interval of temperature concerned. 

At last, a physical and economics restriction is typically imposed on the minimum overall 

temperature difference allowed (ΔTmin). This ensures finding a HEN with the minimum utility 
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consumption that also achieves practical heat transfer rates in the industrial applications. The 

value of ΔTmin clearly depends on the nature of the fluid involved. Thus, an approach that 

separately assigns a contribution of each stream to the overall ΔTmin is recommendable [158]. 

Typically, values of ΔTmin ranging between 10-100°C or more can be assumed, depending on 

the various characteristics of the substances studied (pressure, phase, etc.) [159]. 

Fig. 5.8. Construction of the cold and hot composite curves. Actual temperatures shown in 

°C.(a) Single hot and cold streams, (b) Cold and hot composite curves (CC)

 

(a) (b) 

Source: Author.  

Figure 5.9b illustrates the construction of the Grand Composite Curve (GCC) by means of the 

calculation of the cascaded heat data and based on the shifted-T vs. H diagram shown in Fig. 

5.9a. It is worthy to mention that the shifted temperatures are not intended to replace the 

actual temperatures of the initial simulation, but only serve to ensure the ΔTmin restriction in 

the actual HEN. The GCC shown in Fig. 5.9b proves to be a useful representation of the waste 

heat recovery potential. In effect, it aids in the choice and integration of one or more energy 

conversion technologies of the utility systems, looking into an increase of the overall process 

performance. Moreover, the minimum energy requirements (MER) can be determined from 

Fig. 5.9b, represented by the horizontal distance from the Y-axis and the GCC of the chemical 

process at the highest and lowest temperatures. The point at which the GCC of the chemical 

process touches the Y-axis is the pinch point temperature. In the next sections of this thesis, 

the linear programming optimization problem that minimizes the MER will be mathematically 

defined. 
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Fig. 5.9.Grand composite curve construction. Shifted temperatures shown in °C.(a) Cold and 

hot composite curves (SCC), (b) Grand composite curve (GCC).

 
(a) (b) 

Source: Author.  

As it can be seen from Fig.5.9b, the cascaded heat is null at the pinch point temperature. 

Thus, the localization of this point serves to determine the extent of the penalty due to the 

transference of heat across the pinch from a hot to a cold stream. Actually, if an operating 

condition with the minimum energy requirement (MER) is aimed, the transference of heat 

across the pinch point should be in principle avoided. Furthermore, the utilization of hot 

utility streams to heat below - and cold utility streams to cool above - the pinch will only 

bring about an increase of MER. A special case in which the heat transfer across the pinch 

could be considered thermodynamically advantageous would be the upgrade of the low-grade 

waste heat available below the pinch to increase the amount of energy available above the 

pinch. The preheating of the reactants or the use of a mechanical vapor recompression 

systems [160] are examples of process that invert the transference of waste heat across the 

pinch.  

In the mechanical vapor recompression systems (MVR) shown in Fig. (5.10), the enthalpy of 

condensation of a recompressed stream is used to boil up the column bottoms, instead of the 

consumption of a high temperature utility stream (e.g. steam). According to some authors, the 

power consumed by the MVR can be as small as 10-15% of the boiling or condensation duty 

(energy basis) [161]. Two configurations, namely, an open and closed MVR system can be 

devised, differing in the type of fluid that is being recompressed. In the closed system a 

suitable substance, such as R717, can be used as the heat transfer media, similarly to the 

operation of a heat pump, with the evaporator providing the condensation effect of the 

column. In the open cycle configuration, the substance leaving the top of the desorber can be 

used as the heat transfer fluid after recompression.  

 

 

 

T (ºC)

Enthalpy Flow Rate (kW)

Shifted Temperature 

Approach (T*min = 0)

Minimum Cooling 

Requirement

Minimum Heating 

Requirement

T (ºC)

Enthalpy Flow Rate (kW)

Minimum Cooling 

Requirement

Minimum Heating 

Requirement

Pinch Point 
T*min = 0

Grand Composite 

Curve



54 

 

Fig. 5.10.Mechanical vapor recompression systems (a) closed and (b) open configuration.  

  

(a) (b) 

Source: [161].  

Alternatively, the waste heat available below the pinch may become available above the 

pinch through the preheating of the reactants, which results in an increase of temperature at 

the reactor outlet (e.g. gas turbine combustors, ATRs, furnaces, etc.). Reaction-driven 

components are the most important energy conversion systems in the chemical processes as 

they transform the raw materials into value-added products. Indeed, reactors fundamentally 

determine the design and performance of the remaining unit operations [162, 163], and the 

chemical reactions rates and equilibrium conversions are interrelated with the heat recovery 

and transport rates. Thus, the reactor performance is directly related to the balance of steam 

and power generation, which directly affects the energy consumption profile. For the sake of 

example, in a typical 1000 t/day ammonia plant, up to 120 MW of heat must be dissipated 

through cooling water, either for enhancing the reactor yield or due to safety and reliability 

issues.    

For this reason, an adequate representation of the T vs. H profile within any chemical reactor 

susceptible to energy integration is necessary [164]. This becomes especially true when 

trying to identify the opportunities for energy recovery and combined heat and power 

production. However, the reactor profiles are often neglected or misinterpreted, as discussed 

by Glavic et al. [140]. Most of the energy integration analyses only consider the reactor feed 

and effluents as simple cold or hot process streams that need to be heated up to (or cooled 

from) a representative reactor temperature. For instance, some studies arbitrarily assume that 

the temperature and duty in the radiant furnace is constant, thus simplifying the integration 

problem of an endothermic reactor into a threshold problem that presents only cooling 

requirements [165]. This clearly ignores the existence of a reaction-driven chemical utility 

that should be adequately integrated along with other hot and cold utility streams, so that the 

overall energy consumption in the system can be minimized [99]. Previously, some authors 

[166] suggested decoupling the contribution of the reaction enthalpy and the heat effectively 

transferred. The endothermic reactor was virtually coupled with a fictitious heat exchange 

unit that allowed calculating the feed preheating and the reaction enthalpy separately. 

However, depending on the extent of the endothermic duty required, that approach may lead 

to the calculation of an infeasible fictitious temperature profile that fail to represent the 

reactor performance in an energy integration process. Other studies [6, 7], which decompose 

the reformer unit into its representative components (i.e. fuel-steam mixing, reforming, heat 
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transfer and combustion), have found that, in order to reduce the irreversibility, the 

temperatures of the hot utility (combustion gases) and the reformed mixture must be better 

matched. It can be achieved by using more or less excess air, which eventually creates a 

trade-off between the exergy destruction in the combustion process or in the waste heat 

recovery system [7]. 

According to Fig. 5.11, the reactor unit can be thermodynamically decomposed into its 

functions in order to better approximate the detailed T-H profile on the inside thereof. The 

reactor functions can be enumerated as the (i) development of the reaction enthalpy (release 

or absorption of chemical energy); (ii) transfer of the reaction enthalpy to the products;      

(iii) heat transfer from (to) the hot (cold) products to (from) the fresh reactants; and (iv) 

exchange between the reactor and the surroundings [140]. In this way, by successfully 

integrating the reactor profiles to the remaining energy conversion systems, neither the heat 

recovery opportunities nor the alternatives for the reduction of the irreversibility will remain 

hidden or missing.  

Fig. 5.11. Thermodynamic decomposition of chemical reactors for energy integration 

purposes: (a) endothermic, (b) exothermic reactor. 

                      
Adapted from Source: [140].  

Figure 5.12 depicts the strategy used for the determination of the endothermic reactor profile 

in which the arrows indicate the direction of the heat transfer. The reactor feed is initially 

heated up to the reactor inlet temperature (Tin). Then, the mixture is assumed to virtually 

attain the overall reactor outlet condition (Tout,global). However, due to the endothermic nature 

of the system, the temperature falls down to an intermediate temperature (Trxn,bed,i) standing 

for the reaction temperature that the mixture would attain if no additional heat would be 

supplied to continue the endothermic reaction. Only then, the reactive mixture is allowed to 

perform an isothermal endothermic reaction that increases the enthalpy of the reactants 

proportionately to the reaction enthalpy at the operating temperature (Trxn,bed,i). After this 

partial conversion process has been achieved, the remaining reactive mixture repeats the 

aforementioned procedure until the global reactor outlet temperature and composition is 

attained.  
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The described approach allows decoupling the reaction and heat transfer processes and can be 

extended to calculate the optimal temperature profile of the reactor that reduces the 

irreversibility along thereof. It is worthy to notice that, by decomposing the reformer in its 

thermodynamic functions, the whole assembly resembles a series of prereformer units with 

reheating. This scheme helps identifying the potential energy savings in the reformer duty. 

For instance, this approach may be helpful in deciding whether using hot effluents from the 

secondary reformer to heat the primary reformer tubes (e.g. Gas Heated Reformer concept, 

GHR), thus reducing the consumption of natural gas [81, 167]. 

Fig. 5.12. Determination of the T-H profile for an endothermic reactor. 

 
Source: Author.  

Figure 5.13 compares the traditional (coarse) and the proposed (detailed) representation of 

the endothermic reformer [168]. The coarse reactor profile considers the reactor feed stream 

as a cold stream (580°C) required to be preheated up to the reactor operating (outlet) 

temperature (approx. 790°C). Next, the reaction is assumed to evolve isothermally while 

consuming the reaction enthalpy required by the reforming process. The total enthalpy of 

reaction is the same that the actual reformer and, thus, the energy requirement of the process 

is satisfied. However, many integration shortcomings may arise when the reactor profile is 

aimed to be integrated by using, for instance, a low-grade temperature source (e.g. the waste 

heat from the plant). 

Fig. 5.13. Coarse and detailed representation of an endothermic reactor: T-H profile 

.  

Source: Author.  
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In contrast, when a detailed profile is represented, it allows for a better approximation of the 

operating conditions throughout the reactor. It also helps to analyze the effect of the main 

reactor parameters (e.g. temperature, composition, conversion, etc.) on the whole process 

integration, since the reaction temperature can be considered as a decision variable [162]. 

Interestingly, an endothermic reactor can be compared with a heat engine in which a portion 

of the high temperature exergy heat provided by the fuel is chemically converted into ‘shaft’ 

work (or embodied exergy into the reformed mixture), while a fraction is irremediably 

destroyed [140]. 

Analogously, the exothermic adiabatic reactor (Fig. 5.14) can be considered as a heat pump 

wherein the mechanical work input is equivalent to the chemical work (i.e. the variation of 

the chemical exergy of the reactants), which increases the physical exergy of the reactor 

product [140, 169]. In this way, the exothermic reactor differs in the representation of the 

endothermic reactor, since now the chemical utility provides a ‘free-ride’ or internal 

preheating to the process stream. 

Fig. 5.14. Determination of the T-H profile for an exothermic reactor. 

 
Source: Author.  

Finally, the last step of the integration of the reactor profile consists of the determination of 

the best alternative to recover as much as possible the enthalpy of reaction embodied in the 

reactor effluent. For the sake of comparison, the reaction enthalpy of the ammonia synthesis 

is about 8.8% (2.718 MJ/tNH3) of the total consumption of the integrated ammonia production 

plant [41], which clearly renders mandatory the recovery of this excess heat. 

As a final remark, it should be observed that a detailed calculation of the heat exchanger 

network in the early stages of conceptual design may only add more computational effort 

without ostensibly increasing the accuracy of the solution [158]. Accordingly, an 

approximate calculation of the area of the HEN can be performed by considering the heat 

transfer coefficient, U  (W/m
2.

K) [159] and the logarithmic mean temperature difference, 

LMT , calculated as Eq.(5.52):  

 
1 1 1

with and
ln

in out

LM

LM in out cold hot

T TH
A T

U T T T U U U

  
    

  
               (5.52) 



58 

 

where A  is the heat exchanger area (m
2
), H is the heat exchange rate (kW), 

inT  and 
outT  

are the inlet and outlet temperature differences in a countercurrent heat exchanger (K), and

coldU  and 
hotU are the representative heat transfer coefficients of the cold and hot stream 

(W/m
2.
K), widely reported in literature [170]. 

 

5.2.2.2. Exergy and Exergoeconomy Analysis  

In the last decades, several methods based on the First and Second Laws of Thermodynamics 

have been developed for defining indicators to assess the performance of chemical and 

industrial processes [171]. The combination of these two laws led to the concept of exergy. 

Exergy is defined as the maximum available work that can be obtained from a thermodynamic 

system when it interacts with the environment by means of reversible processes until the 

equilibrium state (mechanical, thermal and chemical) with the environment components is 

attained [151]. Total exergy accounts for the potential (P), kinetic (K), thermo-mechanical or 

physical (PH) and chemical (CH) exergy components, calculated by using Eqs. (5.53-5.56), 

respectively: 
2

0.5KB m                                                           (5.53) 

  
PB mgz                                                              (5.54) 

PH

p O p

P

V dT V
B mc dT V T dP T mc dP

T T T

    
            
   

 

                       (5.55) 

lnCH CH CH

mix mix i i u O i i i

i i

B n b n x b R T x x
 

   
 
                                 (5.56) 

where and z are the velocity and elevation of the system, respect to a stationary reference;
ix

and 
i are the mol fraction and the activity coefficient of the component i in the mixture; CH

ib
 

is the standard chemical exergy of component i; uR is the universal constant of gases, and mixn

is the total molar flow of the mixture. Equation (5.56) is especially useful when calculating 

the chemical exergy of gaseous fuels, since the chemical composition of gases can be readily 

determined and thermochemical data for those components are thoroughly reported [151].  

However, solid and liquid industrial fuels and other substances are often mixtures of 

numerous chemical compounds, usually of unknown nature. Therefore, by assuming that the 

ratio of the chemical exergy to the lower heating value ( CHb LHV  ) is invariant for pure 

chemical substances having the same ratios of chemicals constituents (H/C, O/C, N/C), 

Szargut and Styrylska derived correlations that express the dependence of   on those atomic 

ratios [151]. In this way, the chemical exergy of complex substances can be estimated from an 

equivalent chemical formula (e.g. DEA solvent: C4H11NO2) along with the thermodynamic 

data and other correlations for lower (LHV) and higher (HHV) heating values, as those 

available in Refs. [172-174]. For biomass and other solid and dry organic substances 

composed of C, H, O and N, and 0.5 < O/C < 2, the value of  can be calculated as:  
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        

 
seco

1.044 0.0160 0.3493 1 0.0531 0.0493

1 0.4124
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O C

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


     (5.57) 

Furthermore, if the fuel contains moisture and sulfur, the chemical exergy is calculated 

according to Eq.(5.58): 

  

  

seco

seco2442 9417

CH CH

F F lv agua azufre
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b PCI W h b PCI S

PCI W S





        

     
                  (5.58) 

where W and S are the mass fractions of water and sulfur, respectively; PCIF is the lower 

heating value of the fuel (kJ/kg), and hiv is the enthalpy of vaporization of water at To in kJ/kg.  

Meanwhile, it is worthy to notice that, since real processes are based on finite-driving forces, 

they are irremediably irreversible, and a portion of the exergy is always destroyed as the 

system evolves towards equilibrium. The exergy destruction or irreversibility accounts for the 

system inefficiencies and gives a useful measure of the way in which resources are consumed 

and degraded. The exergy balance formulation applied to a control volume encompassing a 

component or set of them operating in steady state allows to calculate the overall amount of 

irreversibility generated in the system, destB , according to Eq.(5.59):  

1 O
dest useful

e s

T
B m b m b Q W

T


 
       

 
                               (5.59) 

where b is the specific exergy of the mass flows going through the control volume, Eq.(5.60): 

     21 2 CH

O O Ob h h T s s m mgz b                                    (5.60)
 

The terms related to the kinetic and potential exergy in Eq.(5.60) can be often neglected in 

comparison with the chemical and physical exergy of the mass flow. Furthermore, Q
 and 

usefulW  are the rate of heat transfer and useful power, respectively, used to calculate the exergy 

interactions related to the heat and work that enter or exit the control volume.  

Fortunately, exergy losses are not always inevitable and, in some cases, a portion of them may 

be avoided. To this end, optimal operation conditions can be implemented, so that the actual 

process efficiency can approach the limit value set by the ideal conditions. In other words, the 

exergy analysis is a valuable tool that allows comparing the actual and the ideal performances, 

limiting the design of technological developments to feasible thermodynamic solutions. For 

this reason, the exergy method is generally used to define suitable indicators to evaluate the 

performance of the processes present in industrial and chemical plants. However, the 

proposition of a general exergy efficiency definition for the various equipment and units of 

the integrated syngas and ammonia production plant is not straightforward. 

On the one hand, due to the variety of chemical species, equipment, operation conditions and 

product specifications, each operation unit needs a conscientious definition of the most 

suitable exergy efficiency, one that truly outlines the useful product and the actual exergy 

consumption. On the other hand, several issues come about, especially when large mass 

exergy flows of feedstock, process syngas, chemical and physical solvents, and inert streams 

overwhelm the exergy terms related to the transference of power and heat exergy (Eq. 5.59).  
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From an overview of several works on exergy efficiency definitions reported in the literature 

[147, 151, 175, 176], it is evident that any formulation of exergy performance is open to 

interpretation and, sometimes, it remains undefined for specific units and operating 

conditions. This leads to confusions when various processes are compared in a quantitative 

manner under different metrics.  

Most of the proposed exergy efficiencies can be broadly classified into two types: (i) input-

output, and (ii) consumed-produced efficiencies. Terms such as ‘exergy input’, ‘exergy 

output’, ‘exergy loss’, ‘fuel’, ‘exergy expenditure’, ‘useful product’, ‘non-exergetic raw feed’ 

or ‘transit exergy’ are inherent to them. The input-output definitions consider the ratio of all 

the exergy rate or flow rate leaving the system to the exergy rate or flow rate fed to it. 

Meanwhile, the consumed-produced definition attempts to differentiate the exergy effectively 

consumed (or produced) by the system from the transit exergy by calculating the exergy 

change of specific streams on the way to product. Despite its simple formulation, the input-

output exergy efficiency may provide misleading results, as it deceptively assume values 

close to the unity, even for operations which, from an engineering point of view, have a poor 

performance [177]. In fact, its sensitivity is reduced as the amount of untransformed 

components increases. Thus, as suggested by some authors [147], this approach may be 

preferably applied when the system consists of a large number of unit operations.  

Table 5.5, Eqs.(5.61-5.72), summarizes the consumed-produced exergy efficiency definitions 

used in this work for representative components of the ammonia plant. The comparison with 

the respective simpler input-output efficiencies is also provided. Differently from the input-

output approaches, the consumed-produced formulation considers an increase (or decrease) of 

the chemical exergy of specific streams as a contribution to the useful product (or to the 

consumption) of the respective unit. Similarly, an increase (or decrease) of the physical 

exergy of the product, compared to that of the feed stream, can be regarded as a useful output 

(or an expenditure) of the system. Other contributions such as power and heat interactions are 

also accounted for as produced or consumed exergy rates, whichever it is the case. It is also 

worthy to notice that, aside from the internal irreversibility inherent to the real processes (e.g. 

finite driving forces, dissipative processes), external losses (e.g. heat loss, exhausted gases, 

cooling water) are owed to exergy flows deliberately rejected to the environment, and as such, 

they should not be considered as useful exergy exiting the control volume [151]. 

Table 5.5. Exergy efficiency definitions for representative equipment and units. T: Total 

exergy calculated as the sum of the CH: chemical and PH: physical exergy. cf. Figs. 4.1-4.11. 

 Exergy efficiency 

Unit (Eq.) 
Input-Output 

(a) 

Consumed-Produced 

(b) 

Combustion 

Furnace 

(5.61) 

,
1

Dest Furnace

Furnace CH

Fuel

B

B
    

PH PH

Combustion Combustion
Gases Air

Furnace CH

Fuel

B B

B




  
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 Exergy efficiency 

Unit (Eq.) 
Input-Output 

(a) 

Consumed-Produced 

(b) 

Primary 

reformer 

(5.62) 

, 1 Reformer

1 Reformer

1 Reformer
Feed

1
Dest

T T

Combustion
Gases

B

B B








 
 

 
 

 
1°Reformer 1°Reformer
Product Feed

1°Reformer

T T

PH PH

Combustion Hot
Gases Fumes

B B

B B



 
 

 
 

 
 

 

Secondary 

reformer 

(5.63) 

, 2 Reformer

2 Reformer

2 Reformer Process 
 Feed Air

1
Dest

T PH

B

B B








 
 

 
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2°Reformer Process 1°Reformer
Product Air Product

2°Reformer

1°Reformer 2°Reformer
Product Product

PH PH CH

CH CH

B B B

B B



 


 

 
 

 

High T Shift 

(5.64)  
,

1
Dest HTS

HTS T

HTS Feed

B

B
    

HT Shift HT Shift
Product

HTS

HT Shift HT Shift
Product

PH PH

Feed

CH CH

Feed

B B

B B






 

 
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Low T Shift 

(5.65)  
,

1
Dest LTS

LTS T

LTS Feed

B

B
    

LT Shift LT Shift
Product

LTS

LT Shift LT Shift
Product

PH PH

Feed

CH CH

Feed

B B

B B






 

 
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Steam Boiler 

(5.66) 

,

2 Reformer
 Product

1
Dest Steam Boiler

Boiler

T Tot

BFW

B

B B





 
 

 
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 

Boiler

2 Reformer HT Shift
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PH PH

Steam BFW

PH PH

B B

B B







 

 
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Absorber 

(5.67) 

,
1

Dest Absorber

Absorb T T

Solvent Raw  Lean 
Pump Syngas Solvent

B

W B B
  

 
 

LP Rich LPLean
Solvent

Raw Purified
Syngas Syngas

T T

Solvent

Absorb

T T

CoolingWater
and Solvent Pump

B B

W B B



 
 

 
 

  
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Desorber 

(5.68) 

,

Desorber LP
Feed Steam

1
Dest Desorber

Desorb PH

Cooling
Water

B

B W B
  

 
 

2Lean
Solvent

LP
Steam

T T T

CO to Desorber
FeedCompressor

Desorb

PH PH

Cooling LP
Water Condensate

B B B

W B B


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 
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Ammonia 

converter 

(5.69) 

,

Re Reactor

1
Dest Converter

Ammonia T
actor Feed

B

B
    

 
Reactor Product Reactor

Re
Reactor Reactor Product

PH PH

Feed

Ammonia CH CH
actor

Feed

B B

B B






 

Utility plant 

(5.70) 

,
1

Dest Utility

Utility PH

HP Steam BFW Cooling
Pump Water

B

B W W
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 
 

PH

HP turbine MP Steam
MPturbine LP Steam

Utility PH
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


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Refrigeration 

cycle 

(5.71) 

, Refrigeration

Refrig 1
Dest

Q

Compressor Cooling Evaporator
Water

B

W W B
  

 
 

Evaporator 0 actual
Refrig

Carnot

( 1)Evaporator

Compressor Cooling
Water

Q T T COP

W W COP



 


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 Exergy efficiency 

Unit (Eq.) 
Input-Output 

(a) 

Consumed-Produced 

(b) 

Cryogenic 

Purge Gas 

Treatment 

(5.72) 

, Cryo Treat.

Cryo Treat.
Purge Gas

1
Dest

T

Ammonia Free
Purge Gas

B

B
  

 

2 2 2 2

Cryo Treat.
Purge Gas

Refrigeration

PH PH PH

LP H N HP H N Fuel Gas
mixture mixture

PH

Ammonia Free Auxiliary
Purge Gas

B B B

B W


  




 

According to Eq.(5.61b), the combustion chamber aims to increase the physical exergy of the 

products at the expense of the consumption of a fraction of the chemical exergy of the fuel. 

This goal is also considered for other exothermic chemical reactors such as the secondary 

reformer, the high and low temperature shift reactors and the ammonia converter Eq.(5.63b-

5.65b, 5.69b) [69]. Actually, in the secondary reformer, the reactants increase their physical 

exergy by consuming a part of the chemical exergy in a partial oxidation process. Meanwhile, 

in the HTS and LTS reactors, the remaining carbon monoxide is consumed, increasing the 

physical exergy of the syngas, which is then used to preheat the boiler feedwater. For the sake 

of clarity, it must be warned about the impact of the terms subtracted in the numerators of 

Eqs. (5.61b), (5.63b-5.65b) and (5.69b), namely the physical exergy of the input streams. If 

those terms were considered as exergy inputs and added in the denominator, the calculated 

value of the exergy efficiency would be drastically modified, owed to the large transiting 

values of the input physical exergy compared with the difference of chemical exergy between 

the input and output streams.  

On the other hand, according to Eq.(5.62), the endothermic reactions in the primary reformer 

aims to increase of the total exergy of the reactants at expense of the exergy decrease of the 

hot combustion gases. The combustion gases go through the externally fired reformer and 

release the excess exergy in the convection train. The exergy efficiency of the primary 

reforming obtained in this way is in agreement with the exergy efficiency calculated by other 

authors using various methodologies [7, 177].  

Regarding the CO2 absorption unit, it is considered that the exergy of the rich solvent 

increases at the expense of the total exergy decrease of the purified syngas. Equation (5.67b) 

also includes the exergy losses due to the throttling of the solvent and the pumping required 

by the absorption process. Meanwhile, the desorption column is responsible for the separation 

of the chemical species at the expense of (i) the heat exergy supplied to the reboiler, and (ii) 

the utilities used in the reflux condenser and the cooling process of the CO2 captured. 

Therefore, the desorber product is the total exergy difference between the product and feed 

streams.  

The efficiency of the refrigeration cycle, Eq. (5.71b), is calculated by considering the exergy 

of the heat removed at the evaporator temperature. Finally, due to the absence of chemical 

reactions in the purge gas treatment process along with an additional refrigeration demand, 

the exergy efficiency of the cryogenic unit, Eq.(5.72), is approximated as the ratio between 

the physical exergy of the separated products and the exergy fed to the system (ammonia free 

purge gas and power). Strinctly speaking, since a separation process is performed in the 
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cryogenic purge gas treatment, chemical exergy is slightly affected. However, due the large 

values of transit chemical exergy involved, this variation can be considered as negligible, 

compared with the variation of physical exergy. 

But, apart from its advantages for defining conversion efficiencies, the exergy concept can be 

also applied to perform the exergy costing and the partitioning of CO2 emissions. In fact, as 

long as the exergy stands for the useful energy required for an economic activity to be 

accomplished, it seems reasonable to evaluate the cost of the energy on the basis of the exergy 

content [178]. Furthermore, since exergy can be considered as a measure of the departure of 

the environmental conditions, it also serves as an indicator of environmental impact. Actually, 

exergy analysis can take into account both the performance of the supply chain (i.e. from 

primary exergy inputs up to the plant’s gate) and the production process itself (e.g. an entire 

syngas and ammonia production plant) [179]. The discipline that combines the economy and 

exergy analyses is called exergoeconomy and can be used to rationally distribute the exergy 

costs and CO2 emissions among the several products and by-products  of the chemical plant 

(hot water, steam, CO2 gas, fuel gas, electricity, etc.) [180].  

Based on the theory of the thermoeconomy [147, 148, 181-185], also by considering the 

contribution of the exergy costs and CO2 emissions of the petroleum derivatives to the 

national energy matrix, a series of works including this thesis [186-190] have extended the 

analysis of the cumulative unit exergy cost to a variety of industrial facilities. The integrated 

system presented in Fig. 5.15 is proposed to calculate the cumulative exergy consumption of 

several number of products encompassing fuels, chemicals and transportation services [191] 

in petrochemical refineries, biorefineries (combined ethanol, sugar and electricity production 

mills as well as biodiesel plants) [190], fertilizers complexes (e.g. syngas and ammonia 

production chemical plant) [55] and last but not least, the Brazilian electricity mix [192]. In 

this thesis, the utilization of alternative energy resources, other than natural gas (e.g. bagasse 

and electricity from the grid), has been also considered through the process synthesis and 

optimization analyses, so that the optimal operation conditions in terms of exergy 

consumption and efficiency, operating cost and CO2 emissions can be determined.  
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Fig. 5.15. Integrated system used for calculation of the cumulative exergy consumption and CO2 emission in the production of fuels, chemicals 

and transportation services, including synthetic nitrogen fertilizers (SNF). 

 
Source: [180].  
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Thus, motivated by the heterogeneity of the energy resources involved in the production of 

the SNF (see Fig. 5.15), a well-established approach [186-190] has been used to breakdown 

the total unit exergy cost into its renewable and non-renewable components. It also helps in 

the allocation of the internally and externally produced greenhouse gas emissions along the 

supply chains of fuels, chemicals and electricity, as explained next.  

The Non-Renewable Unit Exergy Cost (cNR) [kJ/kJ] is defined as the rate of non-renewable 

exergy necessary to produce one unit of exergy rate (or flow rate) of a substance, electricity 

fuel, work or heat, whereas the Total Unit Exergy Cost (cT) comprises both the Renewable 

(cR) and the Non-Renewable Unit Exergy Costs. Analogously, the CO2 emission cost (cCO2) 

[gCO2/MJ] is defined as the rate of CO2 emitted to obtain one unit of exergy rate (or flow rate). 

By considering a control volume enclosing each process unit (Fig. 5.16), the exergoeconomy 

balances of the total and non-renewable exergy costs can be written as in Eqs. (5.73-5.74): 

, , , ,

j j i i

T P T P T F T F

j i

c B c B 
                                          

(5.73) 

 
, , , ,

j j i i

NR P NR P NR F NR F

j i

c B c B 
                                       

(5.74) 

where B stands for the exergy rate (or flow rate) of the inputs (F) and products (P) of the 

respective control volume. Similarly, the CO2 emission cost balances can be written as in 

Eq.(5.75), where the direct CO2 emissions, either produced by burning the fuel i or arisen 

from the chemical reactions of the supplied fuels (e.g. steam reforming, gasification, shift), 

are accounted for in the M 
i
CO2,F and MCO2,Rxn terms [gCO2/s], respectively: 

 
2 2 2 2, , , , , ,

j j i i i

CO P T P CO F T F CO F CO Rxn

j i

c B c B M M                     (5.75) 

It is worthy to notice that, in the case of the allocation of CO2 emissions, the initial input 

values for the specific CO2 emission must be considered as equal to zero (or a known value). 

This fact differs from the typical assumption of adopting the unity (or a known value from 

previous analyses) for the unit exergy cost of an external input entering the control volume. 

Fig. 5.16. Control volumes used for the (a) Exergy flows and (b) Exergy and CO2 emission 

cost balances. Fuel inputs (F), Product outputs (P)

 

Source: Author. 
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given in Eqs.(5.73-5.75) are necessary. Accordingly, the following auxiliary equations are 

used to allocate the unit exergy costs and CO2 emissions among the different products. 

- Auxiliary equations for the allocation of the unit exergy cost in the HRCT. 

According to Fig. 5.17, natural gas is consumed as both fuel in the furnace and feedstock in 

the catalyst tubes of the primary reformer. The main purpose of the furnace is to supply the 

heat exergy necessary for the endothermic reactions in the primary reformer to proceed [148]. 

However, since the hot gases leaving the radiant section of the reformer (B
0
) still contain a 

huge amount of exergy, a modular heat recovery convection train (HRCT) becomes necessary 

in order to minimize the exergy losses associated to the stack emissions.   

Fig. 5.17. Representation of the HRCT used for the unit exergy cost allocation. 

 
Source: Author.  

On the one hand, since the flue stack gases released to the environment are no longer either 

thermodynamically or economically useful, the unit exergy cost and CO2 emissions cost 

attributed to them must be set to zero [182]. On the other hand, according to extraction 

criterion [182], if the whole or a fraction of the exergy input to a given module of the HRCT 

is equal to the exergy decrease of the hot gases that go through the respective module, then 

the unit exergy cost of those gases should remain constant along the entire module (i.e. 
0 ... ...kc c   n n nc C B  ). However, by carelessly applying this criterion, it results in 

cold rejected flue gas stream having a unit exergy cost greater than the unity (or equivalently, 

some exergy costs would remain unallocated to the HRCT products). Consequently, an 

incautious application of the extraction criterion may produce an artificially lowered cost for 

the products of the HRCT [193].  

Meanwhile, if extraction criterion is still applied but now a zero-value cost is assigned only to 

the exhaust stream of the HRCT (i.e. 0nC  ), all the costs would be improperly discharged 

on the product of the last component of the HRCT (namely, the hot combustion air), 

penalizing so the combustion air preheating in a non-uniform way [194, 195]. To overcome 

this problem, some authors [196] proposed a monetary analysis ($/kJ) in which the unit 

exergy cost of the hot combustion gases is allocated along the coils of a heat recovery steam 

generator (HRSG), linearly proportional to the exergy reduction in each coil. They have also 

imposed the condition that flue gases exiting the stack of the HRSG have a zero economic 

cost. However, differently from the monetary approach in which a unit exergy cost less than 

the unity is still physically meaningful, an stream with a unit exergy cost lower than the unity 
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is physically senseless. The reason is that the exergy required to produce the stream cannot be 

lower than the exergy embodied in the stream itself.   

Thus, aiming to deal with these shortcomings, an abatement fictitious unit (cf. Fig. 5.17) is 

proposed to calculate the cost of the exergy loss (
LossC ) when releasing the stack gases to the 

atmosphere, according to the exergoeconomy balance given in Eq. (5.76): 

     0 n n

Loss Dead abatementC C c B C                                           (5.76) 

where the outlet cost flows of such fictitious unit consist of the cost of flue stack gases at 

absolute dead state 
DeadC  (thus, zero cost) and the cost of exergy loss. The term 

abatementC  

considers the cost of the additional power required for the abatement of the conditions of the 

released gases, for instance, the power consumed in a post-combustion carbon capture and 

storage (CCS) unit (if applicable). 

Moreover, in other to apportion the total cost of the exergy loss among the product of the k-th 

module of the HRCT ( k

LossC ), weighting criteria based on the exergy decrease of the hot gases 

along each module k, Eq.(5.77), can be adopted: 

1k k
k

Loss LossCombustion Gases n

B B
C C

B B

 



                  

     
                (5.77) 

In this way, neither the last module of the HRCT is overcharged with the total cost of the 

exergy loss, nor exergy costs are left unallocated to the final products of the HRCT. 

- Auxiliary equations for the allocation of the CO2 emission cost in the HRCT. 

Both natural gas burning and primary reforming process lead to a massive production of 

direct CO2 emissions, whose costs must be rationally distributed among the various products 

of the HRCT and the reforming unit. The shift reaction process also produces a large amount 

of CO2 emissions, but its allocation is more straightforward than in the two former cases. 

Moreover, none of the remaining units of the integrated syngas and ammonia production plant 

has associated direct CO2 emissions.  

Although various approaches have been proposed to deal with allocation and taxation of 

emissions on the combined heat and power production (CHP) systems [197-199], they yield 

different results and, thus far, are not universally accepted or sometimes are inconsistent with 

thermoeconomy theories. Another particular mistake is the allocation of zero CO2 emissions 

to the so-called ‘zero carbon fuels’ (i.e. biomass), which clearly ignores the contribution of 

the fossil inputs at the upstream stages of their supply chains [188, 189]. A further drawback 

of the methods proposed so far is that they ignore the quality of energy and focus only on the 

quantities involved, overestimating the share of the emissions allocated to the electricity. For 

instance, some studies [199] have assumed that the amount of fuel required to generate each 

unit of electricity is as much as twice the required to generate each unit of heat by wrongly 

considering average First Law efficiencies of both the electricity generation (25-50%) and the 

steam production in fired boilers (50-90%). Consequently, the carbon intensity of the 
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electricity is fixed at twice that of the steam, which misleads purchasers of steam, electricity 

(or even CO2) to wrongly believe they are trading with totally different carbon taxes. Other 

methods, although showing a sound mathematical reasoning, seem overly complex in 

notation, avoiding potential policy makers to be aware of their benefits. On the other hand, 

some works have focused on the distribution of the CO2 emissions among the various unit 

operations of the plant, instead of performing the cost allocation on its streams [200]. 

Accordingly, in this thesis, a proposed procedure is used for the allocation of the CO2 

emissions, successfully applied to biomass and fossil fuels production processes [186, 187, 

189], highly integrated electricity mixes [188] and comparative assessments of the end-use of 

vehicle fuels [201]. Figure 5.18 shows the representation of the heat recovery convection train 

(HRCT) used for the allocation of the CO2 emissions. 

Fig. 5.18. Representation of the heat recovery convection train (HRCT) used for the 

allocation of the CO2 emissions. 

 
Source: Author.  

Since the specific CO2 emissions are given in a mass basis (gCO2/kJ), there are not restrictions 

regarding the minimum positive values that they can assume. Accordingly, a procedure 

analogous to that suggested by Borelli et al [196] for the allocation of the economic cost can 

be performed. Starting from the CO2 emission cost data of both natural gas (fuel) [189] and 

preheated combustion air, the CO2 emission cost of the gases leaving the combustion furnace 

(‘Comb. Gases’ in Fig. 5.18) can be calculated by using Eq.(5.75). Next, the previously 

calculated value along with Eq.(5.78) are used to calculate the specific CO2 emissions of the 

hot gases leaving the primary reformer ( 0c ). 
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                   (5.78) 

In Eq. (5.78), k stands for the “following” hot gas stream (i.e. after the k-th module of the 

HRCT) and k-1 stands for the “preceding” one (k = 1 to n). This procedure is iteratively done 

until the cost of the stack gases of the last component of the HRCT is determined ( nc ). The 

second term in the right hand side of Eq.(5.78) imposes the restriction that the CO2 emission 

cost of the exiting cold stack gases is null. Thus, the set of equations given by Eq.(5.75) 

together with the auxiliary Eqs.(5.78) allow calculating the specific CO2 emission associated 

to the products of the HRCT. 
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Finally, it can be argued that the CO2 embodied in the rejected gases can be taken down to a 

minimal pollution potential in the environment, in analogy to the abatement unit of Fig. 5.17. 

Such mitigation process could be performed whilst consuming an additional amount of 

exergy, provided that it is technically and economically viable (capture, compression, 

injection). In that case, the additional consumptions and its related CO2 emissions will have to 

be accounted for too. 

- Auxiliary equation for cost allocation in dissipative devices. 

In the case of the dissipative components (Fig. 5.19), such as the vacuum condenser and other 

cooling water (CW) exchangers, all the costs associated with their internal irreversibility and 

exergy consumption must be directly charged to the component(s) served by them [148, 202]. 

Since the unit exergy cost of the cooled stream remains constant through the dissipative 

components (due to the extraction criterion), the cost of the exergy loss is calculated as in 

Eq.(5.79):  

            Hot Cold

Loss Condensate Condensate abatementC c B B C                                            (5.79) 

where 
abatementC

 
is the cost of the auxiliary exergy consumption required to operate the 

dissipative component (e.g., the pump and fan of the cooling tower), and ,Hot Cold

Condensate CondensateB B  

are the exergy of the hot inlet and cold outlet condensate, respectively (Fig. 5.19):  

Fig. 5.19. Cost allocation in dissipative components. 

 
Source: Author.  

Generally, the steam network condenser is regarded as a means to lower the output pressure 

of the steam turbine [203]. Thus, the cost of the exergy loss within this dissipative component 

is allocated to the products of the extraction high pressure (HP) and medium pressure (MP) 

steam turbines. The apportioning of the cost of the exergy loss among the products of both 
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of the HP and MP condensation steam turbines ( From HP

to CondenserB  and From MP

to CondenserB ), as shown in 

Eqs.(5.80-5.81). These values are then considered as input costs in the cost balances of the 

respective steam turbine.  

 

From HP

to CondenserHP

Loss LossFrom HP From MP

to Condenser to Condenser

B
C C

B B
 


                                         (5.80)    

 
 

From MP

to CondenserMP

Loss LossFrom HP From MP

to Condenser to Condenser

B
C C

B B
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
                                          (5.81) 

Finally, the concept of energy integration introduced in the previous section can be extended 

to represent the exergy destruction in the heat exchanger network (HEN). In fact, when the 

vertical axis of the Grand Composite Curve GCC shown in Fig. 5.20a is substituted for the 

Carnot factor (= 1-To/T), the new representation obtained, shown in Fig. 5.20b, is called the 

Carnot Grand Composite curve (CGCC). 

Fig. 5.20. Graphical representation of the exergy destruction in the HEN, (a) Grand 

Composite Curve GCC, (b-c) Carnot Grand Composite Curve, CGCC. 

 
(a) 

 
(b) (c) 

Source: Author. 
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According to Fig. 5.20b, the area enclosed between the CGCC of the chemical process and 

the vertical axis can be interpreted as a metrics of the exergy destroyed in the HEN. It can be 

inferred by acknowledging that, for a given interval of temperature in the CGCC, a finite 

amount of heat cascaded is transferred from a higher temperature (source) to a lower 

temperature (sink). Thus, the exergy destroyed due to the heat transfer with finite difference 

of temperature can be estimated by the integral given in Eq.(5.82): 

, 1 o
Dest HEN

CGCC

T
B dH

T

 
  

 
                                           (5.82) 

The CGCC can be used to determine the thermodynamic potential for exploiting the self-

sufficient zones (pockets) or profit from the low-grade heat available below the pinch point. 

For this reason, it proves to be useful to propose the integration of a series of energy 

technologies that allow to modify the area enclosed in the Fig. 5.20b, in order to reduce the 

irreversibility. For instance, the integration of an steam network to the chemical system may 

result in the (i) maximization the mechanical power generation, while (ii) reducing the exergy 

destroyed as well as the cooling requirements (Fig. 5.20c).  

5.2.3. Algorithmic methods 

In the previous sections, engineering heuristics and physical principles used to build feasible 

configurations of chemical plants were discussed. Despite the relevance of those methods, the 

configurations designed may still operate anywhere amidst the upper and lower bounds of the 

feasible space of the independent variables. Thus, it is highly likely that they at most represent 

local optimum operating conditions in terms of one or more performance criteria adopted.  

In order to overcome this issue, other methods, based on algorithmic routines, aim to provide 

a more systematic framework that handles the synthesis of the process flowsheet as a 

mathematical programming problem [146]. Clearly, since those routines rely on multiple 

evaluations of the model parameters, constrains and performance indicators, a higher 

computational effort may be required. Additionally, there is still no full guarantee that the 

converged solutions correspond to global optima. Indeed, the optimality of the solution will 

be subject to the alternatives initially considered for building the search space. In the worst 

scenario, even unfeasible or unpractical solutions can be obtained [13]. Fortunately, finding a 

‘better’ local optimal solution can be considered sufficient in many cases.  

Anyway, the interest in the algorithmic methods has rapidly increased due to the mixed 

integer nonlinear modeling inherent to the chemical and industrial processes, also encouraged 

by the widespread utilization of commercial process simulators [204]. Reliable algorithmic 

methods must be (i) robust, i.e. their performance must be satisfactory for all reasonable 

choices of the initial variables; (ii) efficient, i.e. minimum computational time or storage is 

desired; and (iii) accurate, i.e. it should be able to identify a solution without being overly 

sensitive to truncation or round off errors [205].  
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5.2.3.1. General definition of an optimization problem 

After the development and simulation of the model that represents as satisfactorily as possible 

the chemical process, various mathematical programming methods can be applied for 

optimizing the base-case configuration(s) obtained hitherto. The adopted method(s) will have 

to deal with both the choice of the operating parameters of the base-case design as well as the 

proposal of alternative setups and interconnections that optimize one or more targets of the 

chemical plant. Maximum profit, product yield, surplus electricity, heat recovery, return over 

investment and minimum exergy destruction, wastes and byproducts, energy consumption, 

GHG emissions, among others, are examples of targets that can be used to build the objective 

function, f, of the optimization problem given in Eq.(5.83), expressed in terms of the selected 

decision variables [149]: 

 , , : pMinimize or Maximize f x y z f                                                   (5.83) 

Subject to  

( , , ) 0 : p

i ih x y z h     with   i = 1, 2, …,n 

and  

( , , ) 0 : p

j jg x y z g  ,  with   j = 1, 2, …,m, 

in the region of feasible solutions, 

 ( , , ) : ( , , ) 0,  1,  2,  , ; ( , , ) 0,  1,  2,  ,p

i jx y z h x y z i n g x y z i m         

where: 

x is the set of the continuous real independent variables corresponding to design and operating 

parameters of the components of the chemical plant (mass flow, pressure, temperature, 

reaction rates, etc.)  

y is the set of the discrete independent variables used in the design optimization (nominal 

capacities, geometric standardized dimensions, etc.). The sizing and design correlations for 

the different components and equipment can be given by simple algebraic equations (explicit 

or implicit functions in terms of the parameters of the system) or in the form of complex 

partial differential equations [112]. In the latter case, quadrature methods such as orthogonal 

collocation could be required.  

z represents the set of the integer independent variables used to determine the structure of the 

optimal flowsheet (i.e. existence of selected components, interconnections, etc.) starting from 

a proposed superstructure [11-13]. Thus, only one variable of this kind is assigned to a 

component or stream, indicating whether the component exists in the optimal configuration or 

not. It may be binary (0,1) or integer, with a 0 value indicating the lack of the component in 

the final flowsheet [111]. In this way, by using some techniques (e.g. Big-M, propositional 

logic, etc.), it is possible to control continuous or integer variables by using binary ones [99].  



73 

 

Furthermore, the search through the space of alternatives often requires to be subject to a set 

of equality or inequality constraints, imposed by the reliability, availability, maintenance, 

operability and environmental impact of the energy systems. Therefore,  

( )ih x  is the set of equality restrictions, which contains the equations derived from the 

conservation laws (mass, energy, momentum, cost) and the constitutive equations of the 

model, variable connections, correlations for physical and chemical property, and  

( )jg x  is the set of inequality restrictions, which contains upper and lower bounds for mass 

and heat transfer rates, temperatures, pressures, concentrations as well as limits for the 

environmental and safety-related parameters [147]. 

Appendix 1 briefly describes some of the algorithmic methods used in the process synthesis 

and optimization of the industrial production plants. It also discusses some of the advantages 

of the stochastic methods when compared to the deterministic search methods, especially 

when it comes to the optimization of highly non-linear chemical processes. In any case, the 

definition of the specific optimization problem and the algorithmic methods utilized are 

opportunely described for each scenario studied along the various chapters of this thesis. 

 

5.3. Summary of the systematic framework used for the chemical process synthesis. 

The systematic framework adopted for conducting the process synthesis of the existing and 

retrofitted ammonia production plants is graphically summarized in Fig. 5.21. Although the 

proposed methodology formerly proceeds through sequential steps of modeling, simulation 

and optimization of the chemical system, the adjustment of the model developed and the 

recursive evaluation of the objective function actually entail feedback interactions between 

those steps. 

The methodology relies on the utilization of either heuristics, thermodynamics or algorithmic 

methods for identifying, hierarchizing and mitigating the main causes of the unsatisfactory 

performance, the latter being determined from the simulated baseline scenario. The combined 

application of these research methods capitalizes on both open source and licensed Computer 

Aided Process Engineering (CAPE) tools. These tools may include robust and efficient 

solvers for systems of algebraic and differential equations, optimization routines, together 

with user interfacing and visualization tools, thermophysical properties databases and 

software integration environments. 

The proposed framework aims to reduce the chemical process inefficiencies and mitigate the 

environmental impact, while reducing the operating costs of complex chemical and industrial 

production routes, such as that illustrated in Fig. 5.22. To this end, the detailed optimization 

analyses focus on the main four plant sections, namely (A) the syngas purification unit, (B) 

the syngas production unit, (C) the ammonia synthesis loop and (D) the cogeneration system. 

These analyses also consider the thermodynamic and environmental performance of the 

upstream supply chains of the process feedstock and examine the effect of the consumption of 
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various energy resources on the thermodynamic, economic, environmental performance of the 

chemical plant. 

Fig. 5.21. Graphical summary of the systematic framework used in the chemical process 

synthesis. 

 

Source: Author 
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process specification in term of (in)equalities 
constraints.

• Sequential Modular and Equation Oriented 
modeling in ASPEN® with FORTRAN and Excel® 
subroutines, EES®, OSMOSE Lua and VBA®.

Evaluate the alternatives proposed in terms of 
the suitable performance indicators:

• Aspen® Hysys/Plus, Coolprop and Refprop, 
EES for Thermodynamic properties calculation, 
equations of state PR-BM, SRK, PC-SAFT, ENRTL-
RK, IAPWS, Acid Gas®.

• Virtual experiments, case studies, model 
tuning with data reported in literature.

• Performance indicators evaluation.
Search for the best configuration among the 
vast amount of options that satisfy the 
predefined tasks and restrictions of the plant:

• Operation parameters, equipment design, 
process structure: Operate, interconnect and 
interact.

• Process units hierarchization by using 
thermodynamic, environmental and economic 
performance indicators.

• Heuristics, Thermodynamics, Algorithmic
methods

PROCESS SYNTHESIS AND OPTIMIZATION METHODOLOGY

PROCESS SYNTHESIS AND OPTIMIZATION METHODS

COMPUTER AIDED PROCESS ENGINEERING TOOLS

SY
ST

EM
A

TI
C

 F
R

A
M

EW
O

R
K

User interface, Graphic visualization, Algebraic/Differential Equations Solver, SM/EO approach, Thermophysical Properties Data, Software Integration, Optimization Solver, Spreadsheets

GNU Plot

MATLAB® GNU/GLPK
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Fig. 5.22. Chemical process overview: Extended, Plantwide and Detailed Layout. 

Source:Author 

Fig. 5.22. Chemical process overview: Extended, Plantwide and Detailed Layout. 

Source:Author 
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The research questions and the suggested potential improvements in each section of the plant 

(cf. Fig. 5.22) that will be addressed in more detail in the following chapters of this thesis can 

be summarized as follows: 

 

Section A. How does the selection of the syngas purification unit and the cogeneration system 

influence the overall energy integration and the plantwide performance (power and steam 

balance, overall CO2 emissions, operating costs)? 

The syngas purification section is an energy intensive process that must treat the total amount 

of syngas produced in the plant frontend. Thus, it is expected to be a critical flow-through 

operation unit that largely influences the overall plant performance. For this reason, the effect 

of the selected syngas purification process in the choice and integration of the most suitable 

energy conversion technologies, as well as in the exergy consumption and the operating 

revenues of the chemical plant is initially studied. As a result, the utilization of physical 

solvents, electricity import and enhanced cogeneration cycles proves to be a useful pathway to 

improve the overall performance of the baseline, autonomous ammonia production plant. 

Section B. How can the thermodynamic potential of the waste heat produced at higher 

temperatures be used to readily produce power and provide the required energy to the 

endothermic reactions, whereas increasing the pre-combustion carbon capture rate and the 

overall process efficiency of the frontend syngas production section? 

The integration of breakthrough energy conversion systems may help thermally coupling and 

chemically recuperating the exothermic and endothermic enthalpy of reactions of the syngas 

production and treatment processes, thus reducing the fossil fuel consumption. Furthermore, 

these systems may be designed to satisfy the power demand by introducing concepts of more 

advanced cogeneration systems (e.g. steam injection, air enrichment, gas reheating and 

chemical recuperation). Moreover, since the proposed systems aim also to lessen the 

relatively large reactive and heat transfer driving forces, the amount of energy degradation 

that the bulky, externally fired primary reformers and furnaces are responsible for can be 

reduced or even avoided. This approach also poses an advantage in terms of environmental 

impact, as the flue stack gases originally released to the atmosphere can be appropriately 

embodied into the pressurized process gas, increasing the pre-combustion carbon capture and 

cutting down the energy consumption in the purification system. 

Section C. How to deal with the clashing objectives of a reduced process irreversibility and 

increased reaction rates in reaction-separation-purge-recycle systems that present relatively 

low conversions? At which extent do the ammonia reactor performance and the operating 

pressure affect the overall loop performance? Does the introduction of an additional source of 

irreversibility such as a separate once-through converter help alleviating the intensive power 

demand and the overall process irreversibility in the backend of the ammonia plant? 

Differently from the case of the the standalone optimization of the loop converter, the overall 

performance of the ammonia loop is rather a complicated function of the individual 

performance of the various loop components and the interrelation thereof. Fortunately, the 

integration of dual pressure reactive systems and cryogenic purge gas treatment processes is 
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an interesting operational configuration that may lead to a considerable reduction of the 

energy consumption and the exergy destruction, especially as concerns the compression and 

refrigeration power demands in the high pressure ammonia loop, whereas bringing about 

increased process revenues. 

Section D. Can the fossil energy consumption (and its associated CO2 emissions) in the utility 

systems and the chemical process be sharply reduced by totally or partially substituting the 

non-renewable energy resources required by the fertilizers plants? Could there be any 

operating cost benefits, or are the associated advantages limited to environmentally friendly 

outcomes? 

In the last part of this thesis, it is demonstrated that better energy integration technologies that 

exploit the thermodynamic potential at higher temperatures and maximizes the waste heat 

recovery along the chemical plant, together with integrated biomass gasification processes 

and partial utilization of the largely renewable electricity mix may help coping with the large 

amount of atmospheric emissions and the dependence of costly non-renewable resources. This 

can be accomplished by profiting from the inexpensive biomass potential in tropical countries. 

However, due to the currently immature and low scale developments on the biomass energy 

conversion systems, the investment cost and risk as well as the economy of scale still pose 

important challenges to the massification of the use of alternative energy resources in the SNF 

industry for totally replacing the natural gas consumption. 
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CHAPTER 6 
 

DIAGNOSTIC OF THE BASELINE SYNGAS AND AMMONIA 

PRODUCTION PLANT PERFORMANCE 
6. Preliminary conclusions and ongoing work. 

The detailed layout of the combined syngas and ammonia production plant shown in Fig. 6.1 

is built on the process components described in more detail in the previous chapters. In this 

chapter, the typical operating figures pertaining to a base-case configuration with a throughput 

of 1000 tNH3/day are briefly presented.  

According to Fig. 6.1, the integrated syngas and ammonia production plant is composed of a 

frontend syngas production unit and an intermediate syngas purification system that supply 

the required feed to the backend ammonia synthesis, condensation and separation loop. The 

comprehensive steam network, whose connections are not shown, recovers the waste heat 

produced along the chemical plant, allowing for the reduction of the fuel consumption in the 

utility systems. The heat recovery convection train (HRCT), shown in Fig. 6.2, also plays a 

fundamental role in the improvement of the overall plant performance as it reduces the exergy 

losses to the environment from the stack. Thus, a high degree of energy integration between 

different thermochemical energy conversion processes of the complex ammonia production 

units come into sight, with pressures ranging from less than atmospheric (12 kPa) up to about 

200 bar, as well as temperatures varying between -198ºC and 1100ºC. This clearly entails an 

interesting field of study for energy integration and exergy assessments, but also a challenging 

task, since the large chemical and physical driving forces mean higher rates of energy 

degradation along the industrial process. 

Accordingly, a thorough description of the main energy and exergy consumption remarks of 

the baseline ammonia plant, namely the heating and cooling requirements and the overall 

power consumption, are discussed in the first part of this chapter. Next, the renewable and 

non-renewable unit exergy costs and the CO2 emissions are allocated among all the products 

of the plant by using the methodology proposed in Chapter 5. These emissions mainly arise 

from the combustion of natural gas in the furnace, as well as from the reforming and shift 

reactions in the frontend syngas production units. Withal, in light of the intricate interplay of 

the various process streams via the heat recovery network and the utility system, a major 

attention is given to the allocation of the unit exergy cost and CO2 emissions in the heat 

recovery convection train (HRCT) of the primary reformer. Last but not least, the analysis of 

the exergy efficiency and the exergy destruction at both single component and plantwide 

levels is used to spotlight the most critical components in terms of exergy destruction.  
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Fig. 6.1. Detailed layout of the baseline syngas and ammonia production plant. cf. Table 6.2 for stream properties.  

 
Source: [206].



80 

 

6.1.Energy and exergy consumption remarks 

In the conventional SMR process, about 20-30% of the total supply of natural gas is burnt as 

fuel in the fired furnace, whereas the balance is consumed as feedstock in both primary and 

secondary reformers [22]. Indeed, the primary reformer is the most exergy-intensive processes 

of the plant, requiring a heat exergy duty of 54,630 kW at about 800ºC, provided by a high-

grade hot utility in the radiant box [55]. Additionally, since the flue gases leaving the furnace 

still have as much as half of their total exergy, it must be further recovered in the heat 

recovery convection train (HRCT) shown in Fig. 6.2 [55].  

Figure 6.2. Heat recovery convection train (HRCT) of the steam methane reformer. See Table 

6.1 for streams properties 

 
Source: Author. 

Table 6.1 summarizes the process streams data obtained for the heat recovery convection train 

(HRCT) of the primary reformer, shown in Figure 6.2 by using the cost balances, Eqs.(7.3-

7.5) and the auxiliary equations for cost allocation given by Eqs.(7.7-7.8). 

Table 6.1. Process data of the heat recovery convection train of the primary reformer; 

cf. Fig. 6.2 for stream number  

Nº Module  
n 

(kmol/h) 

T 

(°C) 

P 

(bar) 

B 

(kW) 

cT 

(kJ/kJ) 

cNR 

(kJ/kJ) 

cCO2 

(kgCO2/MJ) 

92,30,89 HP steam 

superheater 

inlet 
10,390 

310 100 60,451 1.5940 1.5260 0.0518 

25 outlet 460 100 72,505 1.7170 1.6450 0.0524 

15 Primary reactor 

feed preheater 

inlet 
4,800 

361 35 299,844 1.2530 1.2030 0.0109 

18 outlet 580 35 307,714 1.2720 1.2210 0.0115 

6 Process air 

preheater 

inlet 
1,690 

197 35 4,673 3.0980 2.9580 0.0943 

10 outlet 540 35 7,332 2.7390 2.6190 0.0738 

11 NG feedstock 

preheater 

inlet 
1,200 

25 35 280,084 1.1780 1.1310 0.0071 

13 outlet 400 35 282,258 1.1910 1.1430 0.0073 

91 BFW heat 

recovery  

inlet 
1,646 

310 100 4,123 1.8090 1.7240 0.0888 

92 outlet 310 100 9,577 1.8550 1.7740 0.0446 

23 Combustion air 

preheater 

inlet 
5,403 

25 1 0 1.0000 0 0 

24 outlet 310 1 4,054 1.8940 1.7800 0.0047 
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Table 6.1 (cont’d.). Process data of the heat recovery convection train of the primary 

reformer 

Nº Stream 
n 

(kmol/h) 

T 

(°C) 

P 

(bar) 

B 

(kW) 

cT 

(kJ/kJ) 

cNR 

(kJ/kJ) 

cCO2 

(kgCO2/MJ) 

20 Hot Gases 0 5,919 1287 1 46,953 1.5890 1.5250 0.0254 

16 Hot Gases 1 5,919 933 1 29,540 1.5890 1.5250 0.0177 

17 Hot Gases 2 5,919 714 1 19,953 1.5890 1.5250 0.0130 

9 Hot Gases 3 5,919 628 1 16,487 1.5890 1.5250 0.0096 

14 Hot Gases 4 5,919 525 1 12,667 1.5890 1.5250 0.0063 

26 Hot Gases 5 5,919 325 1 6,300 1.5890 1.5250 0.0030 

27 Hot Gases 6 5,919 82 1 1,651 1.5890 1.5250 0 

Figures 6.3a-b illustrate the variation of the temperature and enthalpy flow rate along the 

HRCT in the T vs. H and the Carnot factor vs. H diagrams. The heat recovery process 

includes the preheating of the combustion air (balloon 7, Fig. 6.3), the saturated (balloon 8) 

and superheated (balloon 12) steam generation, the preheating of the reactants (balloons 9,11) 

and the process air (balloon 10) fed to the primary and secondary reformer, respectively.  

Fig. 6.3. Heat recovery convection train of the primary reformer of a 1000 t/day ammonia 

plant. Balloon: 1-6. Flue gases, 7. Combustion air preheating, 8. Steam saturation, 9. Natural 

gas preheating, 10. Process air preheating, 11. Reformer feed preheating, 12. Steam 

superheating. (Cont’d page 82) 

 

 

(a) T-H diagram. Minimum temperature approach = 14°C 
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(b) Carnot factor-H diagram (T in K, and To = 298.15 K). 

Source: Author. 

According to Fig. 6.3, the highest driving forces triggered by the large temperature difference 

in the HRCT come mainly from the steam superheating and the reactants preheating. This is 

explained by the metallurgical and mechanical restrictions that limit the increase of the 

pressure of the superheated steam. Furthermore, depending on the presence of a pre-reformer, 

the maximum allowable preheating temperature of the reformer reactants is limited to 550-

650ºC. The reason is the increased risk of cracking of the hydrocarbons when natural gas-

steam mixtures are heated above 650ºC. Thus, cracking also limits the temperature at which 

the exergy heat is recovered [25]. According to some authors, the use of a gas heated pre-

reformer in combination with an autothermal reformer would allow sparing the use of an 

externally fired tubular reformer. Hence, it may represent a potential strategy to reduce the 

natural gas fuel consumption and debottleneck the size of the reforming section [81].  

As concerns the syngas purification unit, the major part of the CO2 gas is chemically absorbed 

into the DEA solvent (99.7%). The desorption of CO2 requires a large amount of heat (47,870 

kW) supplied to the reboiler by means of low pressure steam (7 bar, 0.1 kgSteam/LDEA Solution). 

Together, the CO2 emissions of the desorber vent (69%) and the reformer stack (21%) achieve 

1,757.5 tCO2/day (or 1.76 tCO2/tNH3). This is close to 1.87 tCO2/tNH3 reported in [33], with CO2 

typically compressed and dehydrated for urea production. However, these figures will be later 

revisited in light of the exergoeconomy theory and considering ammonia byproducts (e.g. 

CO2 gas) as also carrying with associated CO2 emissions. Moreover, it is worthy to notice that 

the calculated reboiler duty by using DEA (3.41 MJ/kgCO2) is slightly lower compared with 

MEA (typically > 4 MJ/kgCO2) partly explained by the lower enthalpy of reaction and higher 

solvent loads attainable with the former [25, 89].  

Despite of the improved exergy consumption of the DEA system, the syngas purification unit 

still presents the largest share of consumption of cooling utility, specifically in the lean 
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ammonia cooler and the desorber condenser. According to Fig. 6.4, these two processes 

together achieve 41% of the total cooling duty of the plant. That value is comparable to the 

amount of waste heat released to the environment through the condenser of the CHP system. 

For the sake of comparison, only one fourth of the overall cooling duty is used in the 

ammonia synthesis loop. Yet, although a large amount of waste heat is rejected for ammonia 

condensation purposes, a considerable portion of the exergy heat has been already recovered 

in the form of steam, reducing so the avoidable losses.  

A mechanical draft cooling tower supplies the cooling water to the steam network condenser 

as well as to the ancillary coolers in a closed circulating system. Cooling tower power 

consumption including pumps and fans is estimated as 833 kW [207], whereas total heat 

rejection (energy basis) is calculated as 117,165 kW [207]. Total volumetric water circulation 

rate achieves approx. 7,636 m
3
/h. Meanwhile, the water make up due to drift, evaporation and 

blown down is estimated as 2.74% of the overall rate of circulating water. The process 

condensates are treated and recovered to the water system (15,162 kg/h at 35°C). 

Fig. 6.4. Distribution of the cooling requirement between major users by process. Total 

cooling duty: 117,165 kW (energy basis), for a 1000 t/day ammonia plant. 

 
Source: Author. 

Figure 6.5 shows the distribution of the main power consumers and producers of the plant. 

For a typical 1000 tNH3/day plant, the total power consumption achieves 22,617 kW out of 

which 42% is consumed by the energy-intensive syngas compression, followed by the process 

air compression (28%) and the ammonia refrigeration cycle (12%). The remaining power is 

used throughout the plant to drive various pumps and compressors. A small surplus power 

(4.2%) can be sold to the grid or used in associated urea plants. 
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Fig. 6.5. Distribution of the power generation and utilization amongst the major users by 

process. Total power production: 23,603 kW.

 
Source: Author. 

Figure 6.6 compares two refrigeration systems proposed in which the discharged gas from the 

medium pressure stage compressor is desuperheated by direct contact with vapor or liquid 

refrigerant. In case (b), medium pressure discharge vapor is mixed with the flashed vapor, 

instead of passing through the flash tank, which results in a slightly superheated inlet 

condition at the high pressure discharge. Since cooling water duty and power consumption are 

higher in case (b), thus, case (a) has been adopted. 

Fig. 6.6. Multistage ammonia refrigeration systems with a flash tank operating (a) as an 

intercooler and (b) as a vapor separator only. 

 
Source: [100]. 
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Figure 6.7 and 6.8 show the T vs. H and Carnot factor-H diagrams for the heat recovery and 

condensation system of the simulated ammonia loop with a reactor with degree of conversion 

[19] of 18.97%. 

Fig. 6.7. T-H diagram for the ammonia loop, minimum temperature approach: 10°C. 

ΔHreaction = 32,000 kW (47 kJ/molNH3). Balloon 1,12.Synthesis reactor, 2-6. Unconverted 

syngas and ammonia mixture cooling, 7. Refrigeration, 8,10,12. Recycled gas preheating,     

9. Cooling water, 11. Steam boiler. 

 
Source: Author. 

As it can be seen, the hot reactor effluent (balloon 1 in Fig. 6.7) is initially cooled by heat 

exchange with the cold reactor feed (balloon 12) and then by steam raising in the waste heat 

steam boiler (balloon 11). Ammonia is the only component of the cold mixture (balloon 4) 

that can be partially condensed at non-cryogenic temperatures. Thus, a condensation system 

using cooling water (balloon 9) with a separator just above the ambient temperature can be 

used [41, 208]. However, at lower partial pressures (i.e. after the ammonia bulk is removed, 

balloon 6), the dew point is considerably reduced. For this reason, in order to achieve an 

ammonia content as low as 1.9% mol in the recycled synthesis gas, an additional refrigeration 

process (-20°C) is required (balloon 7) [19, 41]. Due to the large power and cooling 

requirement, the actual coefficient of performance (COP) of the refrigeration cycle achieves 

2.43 (compared to the reference Carnot cycle with 5.42). Finally, the uncondensed, unreacted 

gas is recycled (balloons 8), then joins the fresh incoming syngas (balloon 10) and the mixture 

is preheated up to the reactor feed temperature  [142].  
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Fig. 6.8. Carnot factor-H diagram for the ammonia loop (T in K, and To = 298.15 K). Note: If 

To < 25°C, Carnot efficiency is calculated as (To/T)-1. 

 
Source: Author. 

Differently from Fig. 6.7, the corresponding Carnot factor-H diagram (see Fig. 6.8) does 

evidence the remarkable change of behavior when the ammonia-rich stream is cooled below 

ambient temperature (balloons 5-8). Namely, the heat exergy associated with the cold streams 

(balloons 7, 8) is actually transferred to the warmer ones (balloon 5,6). Consequently, the heat 

exchange at cross-ambient temperatures may require appropriate expressions to calculate 

exergy efficiency, as the consumed or produced exergy definitions differ from the above-

ambient temperature counterparts [175]. 

Finally, in the cryogenic purge gas treatment section, an hydrogen recovery of 94.96% and a 

nitrogen recovery of 18.54% are achieved at conditions close to the ammonia loop pressure 

[97, 102]. The uncompressed fraction of the hydrogen-rich gas (71 bar) can be either 

recompressed externally and recycled to the ammonia loop [104] or used as fuel in the 

ammonia plant to reduce the feedstock consumption [103]. 

6.2.Cumulative unit exergy cost and specific CO2 emissions 

The colocation of industrial ammonia plants together with facilities of urea, polymers or 

methanol production is an interesting way to use CO2 and other ammonia by-products (hot 

water, fuel gas, steam, etc.) in a marketable way. Thus, it would be desirable to evaluate the 

associated unit exergy cost and to quantify the related environmental impact of those 

substances. The cumulative exergy cost is an indicator of the deviation from thermodynamic 

perfection that allows performing comparisons that encompass the stages from the extraction 

of the natural resources up to the end-use of the final products.  

Thus, based on the methodology proposed in Chapter 5, and by considering the cumulative 

unit exergy cost and CO2 emission cost data for the upstream processing stages of natural gas 

(cT = 1.1780 kJ/kJNG, cNR = 1.1312 kJ/kJNG, and cCO2 = 0.0071 kgCO2/MJNG) [189], the total 



87 

 

and non-renewable unit exergy costs and CO2 emissions of the products of the ammonia plant 

can be calculated. Fig. 6.9 summarizes the unit exergy costs and specific CO2 emissions 

associated to the most important streams of the ammonia plant. 

Fig. 6.9. Unit exergy costs and CO2 emissions of representative input and output streams of 

the integrated syngas and ammonia production plant. 

 
Source: Author. 

According to Fig. 6.9, the ammonia production requires an exergy consumption of 1.7950 kJ 

per kJ of ammonia produced, of which 95.32% corresponds to non-renewable sources. This is 

equivalent to an rational exergy efficiency of ammonia production of 55.71%. Meanwhile, the 

specific CO2 emissions per unit of exergy of ammonia produced reaches 0.0881 kgCO2/MJNH3. 

This is equivalent to 1.69 tCO2/tNH3, close to 1.76-1.87 tCO2/tNH3 estimated before. The 

difference between these two values lies in the use of exergy for the allocation of the specific 

CO2 emissions among all the products of the plant, instead of allocating all the emissions only 

to the ammonia produced. Meanwhile, the production of marketable CO2 in the plant requires 

1.6370 kJ per kJ of CO2 (95.29% coming from non-renewable sources) and entails specific 

CO2 emissions of 0.0821 kgCO2/MJCO2.  

As pointed out by Szargut et al. [151], unreasonable results could be obtained if the 

apportioning of the exergy consumption over the useful products in the complex chemical 

processes is performed on a mass basis. In fact, this approach could be only acceptable if the 

products are similar (e.g. hydrocarbons distilled from crude oil). The authors also argue that, 

in the case that the production method is the same for all products, the apportionment of 

exergy consumption could be based on the exergy values of the useful products. However, 

since ammonia, fuel gas, CO2, hot water, etc. are produced throughout a series of chemical 

processes, the calculation of the exergy costs and the allocation of the CO2 emissions requires 

of a more detailed study. In this way, the proposed exergy costing allows to analyze more 

rationally the production of the ammonia plant byproducts in terms of their specific exergy 

consumption and environmental impact. For the sake of comparison, other surveys dealing 

with the allocation of the unit exergy and energy costs and the specific CO2 emissions are 

briefly presented next.  
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According to Szargut et al. [151] the Cumulative Exergy Consumption (CExC) and the 

Cumulative Degree of Perfection (CDP) of the ammonia production via the steam reforming 

of natural gas are 30.9 GJ/tNH3 and 64.2%, respectively. Thus, by considering the exergy of 

the ammonia (337.9 MJ/kmol), the extended exergy consumption (1.5574 kJ/kJNH3) and the 

CO2 emissions (0.0879 kgCO2/MJNH3) related to the ammonia production can be calculated. 

Moreover, if an additional electricity consumption of 0.108 kWh per kgNH3 is assumed, the 

CDP would be strikingly reduced to 44.7%. The authors do not report any apportionment of 

the exergy costs or the CO2 emissions among the various byproducts of the plant.  

Kool et al. [209] reported a world’s average energy consumption of the production of 

ammonia via steam reforming process as high as 37.5 GJ/tNH3 (or 1.9250 kJ/kJNH3) whereas 

the amount of CO2 emissions allocated only to the ammonia produced is about 0.1102 

kgCO2/MJNH3. According to the authors, higher values are still possible for coal and oil-fueled 

plants (> 60 GJ/tNH3). It is important to notice that these figures are not rationally calculated 

through a thermoeconomy analysis involving all the plant products, since all the irreversibility 

of the processes is charged to ammonia.  

In fact, various surveys deal differently with the scenario of co-production of ammonia and its 

byproducts. For instance, Davis and Haglund [210] considered the benefits of the surplus 

steam production as a way to replace the combustion of fossil fuels elsewhere in the life cycle 

of the ammonia production, whereas Ahlgren et al. [211] applied an economic allocation 

methodology for the main products of the process (i.e. the nitrogen fertilizer and surplus 

electricity). From a world survey, William and Al-Ansari (2007) calculated an energy-based 

average specific emission of about 0.1063 kgCO2/MJNH3, with minimum values as low as 

0.0831 kgCO2/MJNH3 [212]. Rafiqul et al. [5] reported an energy-based consumption of    

1.7915 kJ/kJNH3 and specific emissions of ammonia production via SMR of about 

0.0975kg/MJNH3 in plants operating back to 1995. Meanwhile, the theoretical minimum 

methane consumption for the chemical process of ammonia production is estimated as 22.21 

GJ/tNH3 (energy-based) or equivalently as 1.1195 kJ/kJNH3, whereas the corresponding CO2 

emissions are reported as 0.0625 kgCO2/MJNH3 [9]. In spite of their relevance, none of those 

studies has allocated the unit exergy costs and CO2 emissions among the various products and 

byproducts by using a rational methodology, misleading the purchasers of the ammonia plant 

co-products to believe they are relying on low energy consumption process with reduced 

emissions.  

Table 6.2 summarizes the thermodynamic properties and exergy costs calculated for selected 

streams in the baseline scenario for the syngas and ammonia production plant of this thesis. 

 

 

 

 



89 

 

Table 6.2. Selected process data calculated for the baseline scenario for the integrated syngas 

and ammonia production plant (1000 tNH3/d), cf. Fig. 6.1 for stream number. 

Nº Stream 
n 

(kmol/h) 

T 

(°C) 

P 

(bar) 

B 

(kW) 

cT 

(kJ/kJ) 

cNR 

(kJ/kJ) 

cCO2 

(kgCO2/MJ) 

1 Cold Process Air 1,690 25 1 0 1.0000 0 0.0000 

2,4,7 Win Air Compression -- -- -- 6677 2.153 2.062 0.0657 

22 NG fuel 516 25 1 119,203 1.1780 1.1310 0.0071 

11 NG feed 1,200 25 35 4054 1.1780 1.1310 0.0071 

12 MP Steam 3,600 350 35 21,250 1.8700 1.7910 0.0571 

25 HP Steam 10,391 460 100 75,505 1.7170 1.6450 0.0524 

30 Boiler Steam 7,151 310 100 41,599 1.4850 1.4250 0.0452 

33 BFW utilities 6,395 297 100 14,477 1.4940 1.4230 0.0777 

36 Cold BFW 6,395 30 100 1,977 1.5590 1.0570 0.0337 

41 Shift Product 6,512 35 35 285,811 1.4940 1.4230 0.0777 

52 DEA makeup water 864 25 1.3 216 1 0 0.0000 

42 Rich DEA 30,224 93 2 1,883,324 1.6260 1.5490 0.0819 

43 Lean DEA 28,187 111 1.37 1,883,394 1.6370 1.5600 0.0821 

56 Win DEA pump -- -- -- 896 2.1530 2.0620 0.0657 

60 Feed gas to Compr. 5,279 35 34.65 277,204 1.6260 1.5490 0.0819 

62/65/68/71 Win Syngas Compr. -- -- -- 9,883 1.8700 1.7910 0.0571 

105 LP Steam 3,997 191 7 16,966 2.1530 2.0620 0.0657 

49 CO2 to Compressor 1,223 35 1.20 6,859 1.6370 1.5600 0.0821 

88 LP Condensate 3,997 109 7 1,882 2.1530 2.0620 0.0657 

83 Ammonia Product 1 1,565 35 190 146,627 1.8090 1.7240 0.0888 

74 Fresh Syngas 5,271 35 200 284,003 1.6530 1.5740 0.0819 

75 Recycle gas to mixer 10,157 35 190 678,809 1.8090 1.7240 0.0888 

93 Feed to circulator 14,478 22 190 874,011 1.7710 1.6870 0.0870 

94 Purge gas 268 35 190 17,883 1.8090 1.7240 0.0888 

91 BFW HRCT 1,646 310 100 4,123 1.8090 1.7240 0.0888 

90 BFW NH3 Loop 756 310 100 1,893 1.8090 1.7240 0.0888 

89 NH3 Loop Steam 1,594 310 100 9,275 1.8090 1.7240 0.0888 

82 Ammonia Product 2 950 -20 190 88,469 1.7710 1.6870 0.0870 

95 Aqua ammonia 131 101 190 2,923 1.8370 1.7480 0.0900 

99 HP H2-N2 mixture 98.5 67 189.6 6,313 1.8370 1.7480 0.0900 

97 LP H2-N2 mixture 51.9 33 71 3,285 1.8370 1.7480 0.0900 

98 Fuel Gas 85.4 12 3 5,115 1.8370 1.7480 0.0900 

92 Steam HRCT 1,646 310 100 9,577 1.8550 1.7740 0.0446 

101 Makeup water 3,600 25 1 900 1.0000 0 0.0000 

107 Wout HP turbine -- -- -- 12,189 1.8700 1.7910 0.0571 

104 Wout MP turbine -- -- -- 11,414 2.153 2.062 0.0657 

86 Win circulator -- -- -- 759 1.8700 1.7910 0.0571 

109 Ammonia 2,516 15 190 235,014 1.7950 1.7110 0.0881 

-- Makeup CW tower 11,631 25 1 2,908 1.0000 0 0 

 

As it can be seen from Table 6.2, due to the large amount of power consumed in the process 

air compression, its related exergy costs and CO2 emissions are among the highest exergy and 

environmental costs in the ammonia plant. A similar exergy-intensive stream is the low 

pressure steam used to supply the duty of the stripper reboiler. Meanwhile, the high and 

medium pressure steam generation present exergy costs of about 1.8000 kJ/kJsteam. In other 

words, HP and MP steam are produced with a rational exergy efficiency of about 55%. 

Furthermore, steam generation (HP, MP and LP steam) also presents the highest ratio of non-

renewable to renewable exergy cost, since the largest exergy reduction of the flue gases occur 
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in the first module of the HRCT. This exergy reduction also explains a higher allocation of 

CO2 emissions to the steam generation process. Clearly, this approach is more rational than 

simply allocating the emissions on the products of the last module of the HRCT. It should be 

also noted that higher exergy costs (15%) are obtained for the power produced in the MP 

steam turbine compared to that produced in the HP turbine. It can be explained by a higher 

contribution of the MP steam turbine condensate (57%) to the heat rejected in the condenser. 

At a first glance, the splitting into renewable an non-renewable costs in a practically fossil-

based process may seem pointless. However, reported data on exergy costs and CO2 emission 

cost of various fuels [186-190] have shown that a small part of the cumulative unit exergy 

costs of natural gas and petroleum derivatives corresponds to renewable sources. Thus, it must 

be accounted for if a fair level playing field for comparative assessments with other syngas 

and ammonia production technologies is intended. For instance, other scenarios, including the 

syngas production by using the steam reforming of ethanol, have earned more attention in 

Brazil, mainly due to its well-established sugar cane ethanol economy [213-217]. Thus, apart 

from the fossil-based ammonia production process, more recent works on biomass-based 

ammonia production may offer a more interesting opportunity to highlight the importance of 

the allocation of the renewable unit exergy costs and CO2 emissions. Finally, it is emphasized 

that, even if more stringent environmental policies may demand an additional amount of 

external exergy consumption (e.g. for abatement of emissions), the presented methodology 

would remain applicable, so that the costs of other externalities can also be included. 

However, post-combustion CO2 capture from the primary reformer stack will remain as the 

greater challenge due to the higher specific stripping exergy compared to pre-combustion CO2 

capture in ammonia plants [33, 84]. 

6.3.Exergy efficiency and exergy destruction 

Figure 6.10 shows the exergy efficiency for some representative components and units of the 

syngas and ammonia production plant. As expected, the input-output efficiencies present a 

reduced sensitivity to the process parameters. For instance, in the chemical absorption system 

of the syngas purification unit, the large mass chemical exergy of the solvent overwhelms the 

influence of other process inputs, such as steam and power, in the calculation of the 

efficiency. This shortcoming is also evident when calculating the exergy efficiency of the 

ammonia converter. For this reason, the causes of the reduced exergy performance as well as 

the suitable alternatives for the processes improvement are discussed next, but at the light of 

the consumed - produced efficiency. 
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Fig. 6.10. Exergy efficiency for representative components and units. 

 
Source: Author. 

- Combustion Furnace and Utility System 

According to Fig. 6.10, the exergy efficiency of the combustion furnace is slightly higher than 

that of the boiler; maybe due to the higher mean thermodynamic temperature within the 

former compared with the steam drum. The principal irreversible phenomena that occur in 

radiant furnaces are the combustion reactions that lead to the diffusion of the species and the 

uncontrolled conversion/dissipation of the chemical exergy into physical exergy.  

Despite the fact that most of the irreversibility owed to chemical conversion is inevitable, 

some exergy losses can still be reduced by preheating the reactants [151]. In the steam boilers, 

the typical large temperature differences between the hot and the cold streams, as well as the 

pressure losses, are among the most important sources of irreversibility. The exergy losses in 

the steam system can be reduced (i) by preheating the boiler feedwater using low-grade heat 

exergy sources (e.g. shift reactors effluents); (ii) by increasing the mean thermodynamic 

temperature of the steam and (iii) by superheating the steam in colder sections of the HRCT.  

Some authors [9] have reported lower exergy efficiencies of the steam generation in a 

standalone combined heat and power production (CHP) plant when compared to the energy 

integration of an steam network to the chemical plant. Actually, the fuel consumption used to 

generate steam in the energy-integrated plant is reported as 10% lower than if steam is 

produced in isolation at the CHP plant. Alternatively, a gas turbine coupled to an autothermal 

reformer (ATR) could be used to provide the heat duty of the reforming process, as well as to 

produce electricity and process steam in a cogeneration system [79, 80]. In this configuration, 

the exergy loss due to the excess steam generation and condensation could be avoided [42].  
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- Primary and Secondary Reformers 

Since the volume of the reacting mixture increases in the primary reforming (nP > nR), the 

exergy efficiency, contrary to the methane conversion, increases with higher reformer 

pressures [69]. Notwithstanding, as the pressure increases, the yield of syngas decreases 

because an increase of the methane slip [25]. To overcome this problem, some authors [69] 

have suggested to perform an incomplete methane conversion, favoring the recycle of the 

unreacted feedstock. However, it entails the utilization of further methods for separating the 

non-reacted gases (e.g. pressure swing absorption) [218]. Other alternatives include the 

increase of the steam to carbon ratio and the reactor temperature, but it implies the increase of 

steam and fuel consumption, and the use of costly high temperature resistant materials.  

As discussed earlier, the use of a pre-reformer upstream of the primary reformer may help to 

cut down the reformer fuel consumption about 5-10%, as well as to widen the alternatives of 

feedstock consumed [69]. Further developments such as the Unmixed Reforming (UMR) 

process [219], the intensified SMR based on the micro-channels reactor technology [26], and 

the chemical looping (CL) reactor producing discrete and pure streams of H2 and N2 [220] 

have been also reported as alternatives for increasing the steam reforming efficiency by means 

of the reduction of the large driving forces involved (conversion, heat transfer and mixing). 

- Syngas Purification 

The throttling process of the high pressure rich amine and the irreversible heat transfer from 

lean DEA to cooling water play an important role in the low exergy performance of the 

absorber unit. Actually, if the effect of DEA cooling and throttling is not included in the 

efficiency calculation, this value could be as high as 62% instead of 18%, as shown in Fig 

6.10. On the other hand, due to the highly irreversible heat exchange processes in the reboiler 

and the reflux condenser, the large amount of low pressure steam consumed drops down the 

exergy efficiency of the desorber unit. According to Leites et al. [69], the irreversibility in the 

absorption process can be minimized by reducing the absorbent circulation rate. Furthermore, 

the feed of two separate lean solvent streams with different optimal CO2 concentrations to the 

absorber column would be preferable over a single lean stream, as it allows an increase in the 

absorptivity of the solution, reducing the heat consumption of conventional flowsheets [69]. 

- Ammonia Converter 

The exergy associated with the unreacted feed or inerts typically constitutes transiting exergy 

in the ammonia reactor [177]. In this way, the large recycle rate and low conversion make its 

exergy efficiency much lower than that of other exothermic reactors. Higher conversions can 

be achieved by using multiple reactor beds with optimized intercooling systems along with 

more active catalysts and increased pressures. This leads to the minimization of the recycle 

rates and thus to both power and cooling savings.  

However, if the converter pressure is increased, the amount of power consumed in the 

circulator and the syngas compressor is also increased, along with the equipment cost. 

Furthermore, the reactor pressure affects the thermodynamics of the ammonia synthesis, since 
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the volume of the reaction decreases as proceeds to equilibrium (
P Rn n ). As a result, the 

reduction of the exergy loss (by reducing the driving force) enters automatically in conflict 

with any attempt to increase the process yield. In fact, by assuming that the heat is 

continuously removed so that ammonia is isothermally produced [25], it can be shown that the 

exergy efficiency increases as the pressure reduces below Po, Eq. (6.1) [69]:  

  ln( )PH CH CH

reactor P R o oB B n n RT P P B                 P Rn n          (6.1) 

This fact is evidently in opposition to Le Châtelier principle, which suggests increasing the 

pressure of a decreasing-volume reaction, whereas decreasing the temperature of an 

exothermic one. To conciliate this dilemma, the classical single bed ammonia converters have 

been superseded by multiple intercooled catalytic beds. Moreover, novel dual pressure 

ammonia loops (e.g. Udhe process) [221], that start the operation at a lower pressures and end 

at higher ones, have been also introduced. Those improvements aim to increase the exergy 

efficiency while maintaining high production rates.  

More recently, the so-called heat and mass exchange technology partially (or completely) 

substitutes the conventional gas-gas heat exchanger at the reactor outlet [142]. Therein, the 

amount of unseparated ammonia recycled to the converter is reduced at the expense of the 

ammonia enrichment of the reactor effluent. Other authors studied the ammonia adsorption in 

a co-current gas-flowing/solids-fixed bed reactor (GFSFBR) [222]. In this process, the 

instantaneous removal of the ammonia produced shifts the equilibrium towards more 

ammonia production.  

- Cryogenic Purge Gas Treatment 

Despite the absence of chemical reactions in the cryogenic purge gas recovery unit, other 

dissipative components lead to an exergy efficiency much lower than expected by the simpler 

input-output definition. Among the most irreversible process in the system are the throttling 

process of the liquid effluent from the cold-box separator [94] and the temperature difference 

between the hot and cold streams in the cryogenic heat exchangers (ranging from 40°C to       

-191°C).  

Despite the fact that the SNF plants contain many exergy conversion systems, there always 

exist some major components that dominate the overall exergy performance, e.g. reformers, 

steam boilers, ammonia converter, reboiler, refrigeration cycle or compression train. These 

components typically present the largest exergy consumption and exergy destruction rates 

[147], as shown in Fig. 6.11. In addition, Fig. 6.12 summarizes the exergy destruction in 

selected components. The total amount of exergy destruction achieves 136.48 MW, whereas 

global exergy consumption is calculated as 405.70 MW. This results in an overall exergy 

conversion efficiency of 66.36%, and in close agreement with an extended exergy analysis for 

ammonia production reported by Szargut et al. [151]. According to Fig. 6.11, almost 59% of 

the exergy destroyed corresponds to the reforming section, which also includes the highly 

irreversible fuel combustion in the reformer furnace. 
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Moreover, CO2 desorption process is one of the main sources of exergy destruction in the 

ammonia plant (13.22%). Lower steam consumption rates could be achieved by using better 

available techniques in gas purification systems, such as less exergy-intensive chemical 

(MDEA) or physical (Selexol, Rectisol) absorption solvents. 

Fig. 6.11. Breakdown of the exergy destruction in the syngas and ammonia production plant. 

Total exergy destruction: 136.48 MW for a 1000 tNH3/day plant. 

 
Source: Author. 

Regarding the ammonia loop, the highly exothermic reaction of ammonia synthesis along 

with the exergy-intensive syngas compression and ammonia refrigeration processes are 

responsible for almost one fifth of the overall exergy destroyed. 

Fig. 6.12. Exergy destruction rates for selected operation units of a 1000 tNH3/day plant. 

 
Source: Author. 

Better reactor catalysts (such as ruthenium-based catalyst operating at lower pressures) and 

waste heat recovery systems, alongside better ammonia refrigeration processes may reduce 

the power consumption, and consequently, exergy destruction in the ammonia loop. Yet, due 

to the dominant effect of the frontend syngas production process, some authors [223] have 



95 

 

reported that, even though the irreversibility in the ammonia reactor unit decreases by more 

than 60%, the overall exergy destruction would be reduced by only 6%. 

6.4.Final considerations 

In this chapter a suitable methodology has been used to address the rational distribution of the 

exergy costs and CO2 emissions among the all streams of the chemical plant, with special 

attention given to the convection section of the primary reformer. In this way, neither the 

product of the last component of the HRCT is overcharged with the total irreversibility, nor 

any unit exergy cost has been left unallocated. The rational production efficiency of ammonia 

is calculated as 55.71%, whereas the specific CO2 emissions of the ammonia produced reach 

0.0881 kgCO2 per MJNH3 (or 1.69 tCO2/tNH3). For the CO2 byproduct, those figures are 61.08% 

and 0.0821 kgCO2/MJCO2, respectively. The methodology proposed could be also applied to 

analyze the production of other byproducts of common chemical plants, such as sulfur 

compounds in refineries, CO2 produced by fermentation processes in sugar cane mills or 

alternatively, the CO2 reinjection in enhanced oil recovery applications [64, 224]. It is worthy 

to notice that this base-case configuration presented deals with a basically fossil-fueled 

ammonia production process. Thus, the renewable fraction of the unit exergy costs, coming 

from the indirect utilization of the electricity mix, might not have been evidenced, were it not 

for an extended exergy costing.   

It is also found that any increase of the driving forces implies higher exergy destruction rates. 

Thus, the minimization of the irreversibility in the industrial ammonia plants is expected to be 

a trade-off between lower exergy destruction rates and higher yield rates. Hence, any choice 

between the conflicting targets will depend ultimately on the availability and price of 

feedstock and project specific conditions. Moreover, more detailed analyses to determine 

enhanced alternatives to mitigate the environmental impact are still required, showing that the 

decarbonization of this sector is still open to improvement. Certainly, the previous results 

allow identifying the most inefficient, energy intensive and environmentally unfriendly 

processes. Thus, they could be regarded as the starting point of the decision-making for the 

thermodynamic and economic optimization of the conventional and alternative production 

routes presented in the next sections at both component, sub-system and plantwide levels. 

Hereunder, Chapter 7 deals with the assessment of the most suitable components for the 

utility systems, with the syngas purification unit playing an special role in the energy 

integration process. The target is the minimization of the operating costs of the chemical plant 

while reducing the overall energy requirements. A careful analysis of the energy integration 

curves along with the use of the exergy method provide the means to select the best 

alternatives among the available energy technologies and find out their optimal operating 

conditions. 
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CHAPTER 7 
 

THE ROLE OF THE SYNGAS PURIFICATION TECHNOLOGY IN 

THE OVERALL ENERGY INTEGRATION 
7. Papers Published and Conferences Attended 

Modern ammonia production plants are equipped with efficient energy integration networks 

able to recover an important fraction of the enthalpy of reaction released by the exothermic 

chemical systems. However, to fully supply the exergy demands of the highly endothermic 

reforming reactions and the syngas purification and compression systems, an additional 

energy consumption, typically provided by means of costly non-renewable resources, is still 

required. Consequently, an optimal energy integration of the reactive components to the 

remaining systems of the plant might allow not only reducing the amount of fuel consumed, 

but also minimizing the process irreversibility by pursuing enhanced heat recovery and power 

generation. Furthermore, the valorization of the plant byproducts (e.g. CO2) may also increase 

the overall efficiency of the process, whereas the reduction of wastes ensures a minimum 

degradation of valuable feedstock.      

On the other hand, the choice of a carbon capture unit based on either physical or chemical 

absorption drastically affects the way in which the waste heat recovery (e.g. combustion air 

preheating) must be performed, and whether one or more energy technologies should or not 

be integrated (e.g. heat pump). Furthermore, the selection among various energy resources, 

such as the import of electricity over the autonomous combined heat and power production 

(CHP), strongly depends on the ratio between the prices of electricity and fuels consumed, as 

well as on the extent of the energy integration. Thus, evidently, a simple trial and error 

approach falls short in efficiently determining the most suitable energy technologies and the 

operating conditions that enable the chemical plant to operate under minimum cost. 

Accordingly, in this chapter, a systematic methodology is used to identify the most suitable 

utility systems (steam network, refrigeration, cogeneration) that satisfy the minimum energy 

requirement (MER) with the lowest energy consumption and operating cost. In addition, the 

exergy analysis is used to determine the potential improvements that may remain hidden to 

the conventional energy integration analysis, regarding the minimization of the avoidable 

exergy losses and the integration of reactive, CHP and syngas purification systems. By 

applying this methodology, the best operating conditions of such systems are identified, as 

well as the opportunities for producing surplus electricity in complex ammonia production 

plants, typically associated to urea and nitric acid production facilities in SNF complexes. 

7.1. Superstructure adopted for the chemical process and the utility system. 

Figure 7.1 shows the simplified layout of an integrated syngas and ammonia production plant 

based on the steam reforming of natural gas. As described in previous chapters, the chemical 

plant is composed of the syngas production unit (feedstock saturator, prereformer, primary 

and secondary reformers and water gas shift reactors), the syngas purification process (CO2 
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removal by either physical or chemical absorption systems and methanator) and the ammonia 

synthesis (multiple reactor beds with intercooling) and separation processes (condensation 

and refrigeration systems). Since these elements are strongly interrelated to each other, it is 

expected the operating conditions of a set of components to be simultaneously affected by the 

performance of the remaining sections of the plant concept, especially the heat and power 

balance of the whole plant. 

Fig. 7.1. Superstructure of the chemical processes, utility systems and resources network in 

the ammonia production plant. 

 
Source: Author. 

According to Fig. 7.1, natural gas is consumed as both feedstock in the reformer and fuel to 

produce a relatively expensive, high temperature hot utility stream in a natural gas-fired 

furnace with combustion air preheating. This utility must be able to supply the heat duty to 

the externally-fired reformer, whereas the residual exergy of the flue gas can be utilized for 

raising and superheating steam, as well as to preheat other process streams.  

It is worthy to notice that, since the flue gas must be cooled down to the stack temperature, 

some of its exergy heat may be available below the pinch temperature, representing so an 

increase in the cold utility consumption and, thus, an avoidable loss. For this reason, two 

different scenarios should be considered. The first one consists of a direct competition of the 

combustion gas with the steam network for satisfying the hot utility streams required at lower 

temperatures. Alternatively, the hot fumes could be used to preheat the combustion air by 
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using the excess heat exergy available below the pinch point. In this way, the air preheating 

defines a cold stream whose target temperature is equal to the utility pinch point. The effect 

of air preheating is an increase of the adiabatic combustion temperature, which translates into 

an increase of the heat exergy available at high temperature [225]. Actually, the reactants 

preheating could be interpreted as a chemical heat pump [226].  

Meanwhile, a mechanical draft cooling tower and a vapor compression refrigeration system 

together with a mechanical vapor recompression (MVR) process supply the cooling and heat 

pump requirements of the whole plant. Cooling water inlet and outlet temperatures are set as 

40°C and 15°C, respectively, and a ratio of power consumed-to-cooling duty of                

0.021 kWel/kWth is assumed for the cooling tower [159]. The refrigeration and heat pump 

systems are defined in terms of their representative exergy efficiency (50%) as shown in 

Eqs.(7.1-7.6):  
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On the other hand, the superstructure of the steam network is composed of a set of 

superheated steam headers and draw-off levels of steam (Fig.7.1) that allows for the recovery 

and distribution of the waste heat along the chemical plant. The choice of the optimal levels 

of steam is performed by inspecting the profile of the grand composite curve of the chemical 

process [227]. Thus, the power can be generated by optimally profiting the thermodynamic 

potential of the waste heat exergy via backpressure and extraction-condensation steam 

turbines. Moreover, as long as electricity can be imported from the grid, the trade-off 

between the additional fuel consumption and the electricity purchase to supply the power 

demand of the whole plant will be strongly influenced by the performance of the 

cogeneration and waste heat recovery systems, as well as by the ratio between the electricity 
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and natural gas costs. This reasoning also applies to the suitability of the integration of a gas 

turbine system with regeneration, aiming to increase the cogeneration efficiency [228].  

Accordingly, a methodology based on the combination of the exergy method [151] and the 

energy integration method [157] is used to assess the performance of the various components 

of the integrated syngas and ammonia production plant operating with different carbon 

capture configurations. Exergy indicators are used for estimating the performance of each 

configuration and some graphical representations allow performing systematic comparisons 

between the different designed setups. Table 7.1 compares the rational exergy efficiency,  

Eq. (7.7), with other exergy efficiency definition, Eqs.(7.8), proposed for evaluating the 

overall exergy performance [206]. It must be noticed that, the rational exergy efficiency is 

higher than the relative one as it accounts for the outlet exergy of other byproducts (CO2, 

purge gas). 

Table 7.1. Plantwide exergy efficiency definitions of the ammonia production plant. 
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B = exergy rate or flow rate (kW), BFW = boiler feedwater, Dest = destroyed. 

7.2. Optimization problem definition 

As it has been exposed hitherto, ammonia production plants are designed in complex formats 

where processes streams are integrated through recycle loops and an extensive heat recovery 

network. Accordingly, the selection among a set of proposed utility units (Fig. 7.1) of the 

most suitable alternatives that minimize the operating cost and the energy requirements is 

better addressed through the solution of a mixed integer linear programming (MILP) problem. 

This framework enables the reshaping of the composite curve of the chemical process, so that 

the operating cost of the ammonia production and the process irreversibility can be reduced. 

7.2.1.  Minimum Energy Requirement 

As discussed in Chapter 5, in order to calculate the minimum energy requirements (MER), 

the contribution of each hot and cold streams to the overall heat balance is combined into the 

respective hot and cold composite curves [229]. These composite curves are shifted away 

from each other through a physical constraint, namely the minimum temperature approach 

ΔTmin, so that  reasonable heat transfer rates can be ensured. Clearly ΔTmin will depend on the 

nature of each stream [157]. Equation (7.9-7.11) shows the optimization problem set to find 

the MER:   

1min
r

r
N

R
R 

                                                                                                                        (7.9) 
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Subject to 

Heat balance of each interval of temperature r   , 1

1

0 1 ..
N

i r r r

i

Q R R r N



            (7.10) 

Feasibility of the solution                                                                             R 0r            (7.11) 

where
 
N is the number of temperature intervals defined, considering the supply and target 

temperatures of the entire set of streams; Q is the heat exchanged between the process 

streams (Qi,r > 0 hot stream, < 0 cold stream) and R is the heat cascaded from higher (r+1) 

and to lower (r) temperature intervals (kW). 

7.2.2. Minimum Operating Cost 

In order to calculate the minimum operating cost of the ammonia plant, the modeling of the 

process flowsheet is separated from the heat integration problem, so that the calculation of 

the mass and energy balances and the complex energy conversions can be handled by the 

process modeler Aspen® Plus. Meanwhile, the determination of the minimum energy 

requirements (MER) and the solution of the energy integration problem is performed by 

using the OSMOSE Lua platform developed by the IPESE group at the École Polytechnique 

Fédérale de Lausanne, Switzerland [121].  

Thus, the first step consists of the identification of a list of all the suitable utility systems 

[steam network, furnace, refrigeration system, heat pump, cogeneration system, etc.] 

based on the analysis of the shape of the grand composite curve (GCC) [227]. Then, the 

computational framework manages the data transfer with the ASPEN Plus® software and 

builds the mixed integer linear programming (MILP) problem described in the Eqs.(7.12-

7.16). This optimization problem minimizes the resources consumption (water, natural gas) 

and, thus, the operating cost of the chemical plant, while satisfying the constraints of the 

MER problem [229]. In this way, the synthesis problem consists of finding the integer 

variables, yw, associated to the existence or absence and the corresponding continuous load, 

fw, of the utility system  that minimizes the objective function given by Eq.(7.12):  

           
2 3 2,

1
,

min

r

N
net imp

OPfeedstock fuel H O power NH COf y

R W

f B c B c V c W c B c m c t


 




            
  (7.12) 

Subject to: 

Heat balance at the temperature interval r     
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1 1
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r i r r r

i
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 


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Existence and load of the utility unit w             
min, max,y y 1 ..f f f N              (7.15) 

Feasibility of the solution (MER)             
1 10, 0, R 0

rN rR R    ;  
exp0, 0prodW W 

   
(7.16) 
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where
 
Nw is the number of units in the set of utility systems; B is the exergy flow rate (kW) of 

the resources going in and out of the plant; c stands for the purchasing cost or the selling price 

(euro per kWh, m
3
 or kg) of the feedstock and electricity consumed or the marketable 

ammonia and CO2 produced; V is the flowrate of water consumed (m
3
/h); q is the 

heating/cooling rates supplied by the utility systems (kW); tOP is the operation time (h);  and 

W is the power produced by either the utility systems, the chemical operation units or 

imported from/exported to the grid (kW).  

It is important to emphasize that the process modeling and simulation of the chemical plant 

alone, including its mass and energy balances, is performed by using Aspen ® Plus software. 

Meanwhile, the utility units shown in Fig. 7.1 are modeled via equation oriented subroutines 

written in the Lua programming language. Therefore, the additional equations required for the 

mass and energy balances of those units rely on the concept of layer (water, natural gas, 

ammonia, power, carbon dioxide, etc.), as shown in Fig. 7.2.  

For instance, according to Eq. 7.14, the overall power generated by the utility systems (steam 

or gas power cycles) should be able to supply the demands of the chemical plant and other 

utility units (refrigeration, heat pump, cooling tower). Otherwise, the balance of the respective 

layer would include the possibility of importing electricity from the grid. Moreover, if a 

surplus of power could be produced at expense of the waste heat exergy available throughout 

the plant, the excess electricity could be sold to the grid, provided that the electricity export is 

economically attractive. Analogously, in the layer of natural gas (or other resource), the 

amount of energy supplied by the vendors is balanced with the fuel or feedstock consumption 

by the chemical plant and utility systems (gas turbine, furnace). In this way, not only the 

balances of the resources consumed (power, natural gas, biomass, water, etc.) and the 

products and byproducts produced (ammonia, biomethane, syngas, hydrogen, CO2, etc.), but 

as well as of the waste heat recovered, can be performed (Fig. 7.2). 

To this end, representative market cost for the water (3.69 euro/m
3
) and natural gas consumed 

(0.032 euro/kWh), as well as the selling prices of ammonia (0.098 euro/kWh) and CO2 

(0.0084 euro/kWh) produced are taken from literature [66, 230, 231]. 
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Fig. 7.2. Definition of the layer concept used in the optimization of the components of the utility systems. 

 
Source: Author. 
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7.3. Optimal operating conditions of the utility systems 

In this section, some graphical representations, proven to be fundamental tools in the optimal 

choice of the most suitable energy technologies and resources consumed, are examined. 

Afterwards, the solution of the optimization problems for the minimum energy requirement 

and operating cost are discussed. Finally, the summary of the main exergy consumption 

remarks is presented. 

7.3.1. Minimum Energy Requirement 

Figures 7.3a-c show the composite (CC) and grand composite (GCC) curves of the chemical 

process of syngas and ammonia production, operating under three different carbon capture 

technologies, namely MDEA, DEA and DEPG absorption systems. The minimum heating and 

cooling requirements, calculated by solving the MER problem, Eqs.(7.9-7.11), are also 

indicated.  

A first inspection of the GCC curves evidences a marked shift of the pinch point temperature 

from about 120ºC in the chemical absorption based (MDEA, DEA) configurations to about 

500ºC in the case of DEPG-based absorption system. The shape of the curves shown in Fig. 

7.3c is inherent to the absence of the reboiler duty in a physical absorption-based syngas 

purification unit. This characteristic entails particular opportunities for the integration of the 

utility systems and demands an appropriate approach in order to fully exploit the 

thermodynamic potential of the excess heat available throughout the chemical plant. Among 

the most interesting opportunities are the reduction of the furnace fuel consumption by 

preheating the combustion air along with the enhancement of the cogeneration potential. 

Additionally, as the process steam generation occurs below the pinch temperature in Fig.7.3c, 

the use of heat recovery steam generators (HRSG) is preferable to the utilization of auxiliary 

fired boilers. Otherwise, the consumption of a high temperature utility source below the pinch 

temperature would lead to an avoidable increase of the cooling requirement and the fuel 

consumed. Accordingly, reduced cooling (18-23%) and heating (40-51%) requirements are 

expected when physical solvents are used for carbon capture purposes compared to chemical 

absorption-based configurations (see Fig. 7.3).  

In the cases of ammonia plants with amine-based purification units (Figs. 7.3a-b), the reboiler 

and condenser streams in the desorption column generate a plateau-like pinch point at low 

temperatures. The desorption process demands an appreciable amount of hot utility, approx. 

3.17 and 3.69 MJ/kgCO2 for MDEA and DEA technology, respectively. For this reason, the 

installation of a mechanical vapor recompression (MVR) unit, that transfers heat across the 

pinch temperature by using the power generated by the cogeneration system, seems to be a 

suitable energy integration approach that might help reducing the demand of the high 

temperature utility. According to Figs.7.3a-c, the target would consist of exploiting the 

opportunity of reactants preheating while avoiding excessive firing in the reformer furnace by 

maximizing the waste heat recovery. It is also recommendable to adjust the levels of pressure 
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of the steam generation depending on the self-sufficient zones depicted in the GCC, and to 

reduce the surplus steam generation whenever it is possible. 

Fig. 7.3. Composite (CC, left) and grand composite (GCC, right) curves for the simulated 

ammonia plants with (a) MDEA-based, (b) DEA-based and (c) DEPG-based carbon capture 

units.  

 

 

 
Source: Author. 

 

The GCCs shown in Fig. 7.3 are not only helpful in devising the most appropriate energy 

technologies of the utility system that better exploit the waste heat recovery of the chemical 

process, but also for envisaging breakthrough approaches in the chemical plant. Figure 7.4 

compares the integration profile of a feedstock saturator with that of a steam boiler. By 

profiting the partial pressure vaporization effect, up to 10-30% of the reforming steam can be 

generated through the saturator unit [166]. The saturator transforms the plateau-like profile of 

the vaporization process into a smoother one, thus facilitating the integration of low-grade 

waste heat available elsewhere in the chemical process [95]. Furthermore, by using a 

prereformer, the endothermic reforming reaction can be carried out at lower temperatures, 

reducing the firing in the reformer duty.  
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In addition, by promoting the process-to-process heat exchange in the self-sufficient zones at 

higher temperatures, instead of raising low pressure steam, the energy degradation arisen with 

the large heat transfer driving forces can be minimized. For instance, according to Fig. 7.4, 

the use of a gas heated reformer in combination with an enriched air blown autothermal 

reformer cold may reduce the exergy destroyed at the frontend syngas production unit, while 

increasing the rate of carbon captured per unit of hydrogen produced [231]. 

Fig. 7.4. T-H profile modifications by means of the incorporation of other energy 

technologies in the chemical system. 

 
Source: Author. 

7.3.2. Minimum operating cost 

After performing the inspection of the GCCs presented in Figs. 7.3a-c, twelve optimal 

ammonia plant configurations are proposed and compared in terms of their exergy demands 

and the potential for their energy integration, when using three carbon capture technologies 

(i.e. MDEA, DEA and DEPG solvent, see Table 7.2). They also operate under different 

scenarios of resources consumption and cogeneration modes (i.e. grid, mixed, and 

autonomous plant powered by either Rankine or Combined cycles). The most suitable utility 

units as well as the operating conditions thereof are determined for each configuration, and 

represented in Figs.7.5a-i, in the so-called Integrated Curves.  

Figures 7.5a-c show the integrated curves for the scenario in which electricity import is 

favored over the autonomous electricity generation in the cogeneration system (GRID mode). 

Since the steam superheating is hindered, the integration of a heat pump (MVR) is enabled to 

balance the heat demand of the chemical absorption carbon capture units. In other scenarios, 

Figs.7.5d-f, denominated MIXED mode, the steam network (0.12, 3, 40, 110 bar, 

superheating 200°C) supplies a larger share of the power consumed, but the utility system 

still imports an important amount of electricity from the grid in order to balance the 

plantwide power requirements. Differently from the GRID mode, in the MIXED mode and 

especially for DEPG-based ammonia plants, there is a strong incentive for recovering as 
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much as possible the excess heat exergy available below the pinch (500°C) in order to 

increase the exergy available above it. It is also noteworthy that, in the MIXED mode, the 

heat pump integration is neglected by prioritizing the use of the surplus steam generated over 

the import of the costly electricity from the grid.  

In a third scenario (AUTO mode, Figs. 7.5g-i), the total power consumption is entirely 

generated by the steam network by maximizing the waste heat recovery along the chemical 

plant and also consuming an important amount of natural gas. Even though this operation 

mode reproduces the typical conditions of modern ammonia plants [206], it is also 

responsible for the large irreversibility associated to the cogeneration system. This problem 

can be thermodynamically overcome by means of the integration of a combined cycle that 

provides the power required by the self-sufficient ammonia plant (AUTO GT, Figs. 7.5j-l). 

Table 7.2 summarizes the optimal process variables calculated for the various configurations 

of the ammonia plant shown in Fig. 7.5a-l. 
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Fig. 7.5. Integrated Composite curves: (a-c) electricity grid import with limited steam superheating (Grid Mode), (d-f) electricity grid import with 

significant steam superheating (Mixed Mode), (g-i) no electricity grid import with Rankine Cycle cogeneration (Auto Mode), (j-l) no electricity grid 

import with Combined Cycle cogeneration (Auto GT Mode), cf. Table 7.2. EE: electricity, Superh: superheating, Preh: preheating. Source: Author 
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Fig. 7.5. Integrated Composite curves: (a-c) electricity grid import with limited steam superheating (Grid Mode), (d-f) electricity grid import with 

significant steam superheating (Mixed Mode), (g-i) no electricity grid import with Rankine Cycle cogeneration (Auto Mode), (j-l) no electricity grid 

import with Combined Cycle cogeneration (Auto GT Mode), cf. Table 7.2. EE: electricity, Superh: superheating, Preh: preheating.  (cont’d)
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Table 7.2. Optimal process variables of the studied ammonia production facilities. 

Process parameter 
MDEA 

Grid 

MDEA 

Mixed 

MDEA  

Auto RC 

MDEA 

Auto GT 

DEA 

Grid 

DEA 

Mixed 

DEA  

Auto RC 

DEA 

Auto GT 

DEPG 

Grid 

DEPG 

Mixed 

DEPG  

Auto RC 

DEPG 

Auto GT 

Cogeneration system Rankine Rankine Rankine Combined Rankine Rankine Rankine Combined Rankine Rankine Rankine Combined 

Electricity import Yes Yes No No Yes Yes No No Yes Yes No No 

Feedstock consumption (GJ/tNH3) 23.52 23.52 23.52 23.52 23.03 23.03 23.03 23.03 23.51 23.51 23.51 23.51 

Utility fuel consumption (GJ/tNH3) 3.28 5.50 10.06 7.02 3.32 6.68 9.34 6.99 3.07 2.55 8.83 6.21 

Utility elect. grid consumption 

(GJ/tNH3) 
2.15 1.15 0.00 0.00 2.04 0.67 0.00 0.00 1.90 1.71 0.00 0.00 

Overall plant consumption (GJ/tNH3) 28.94 30.17 33.58 30.53 28.39 30.38 32.37 30.02 28.47 27.76 32.34 29.72 

Extended plant consumption 

(GJ/tNH3)
 1 

33.28 33.93 36.86 33.52 32.59 33.82 35.53 32.96 32.58 31.67 35.49 32.62 

Rankine cycle power generation 

(GJ/tNH3)
2 

0.44 1.25 2.46 0.72 0.43 1.47 2.18 0.66 0.53 0.70 2.49 0.80 

Brayton cycle power generation 

(GJ/tNH3)
2 

0.00 0.00 0.00 2.01 0.00 0.00 0.00 2.02 0.00 0.00 0.00 1.63 

Chemical  process power demand 

(GJ/tNH3)
3 

1.61 1.61 1.61 1.61 1.61 1.61 1.61 1.61 1.81 1.81 1.81 1.81 

Ancillary power demand (GJ/tNH3)
4 0.98 0.79 0.85 1.12 0.86 0.53 0.57 1.07 0.62 0.60 0.68 0.62 

Cooling requirement (GJ/tNH3)
5 7.14 7.14 7.14 7.14 7.56 7.56 7.56 7.56 5.86 5.86 5.86 5.86 

Heating requirement (GJ/tNH3)
5 3.54 3.54 3.54 3.54 4.36 4.36 4.36 4.36 2.13 2.13 2.13 2.13 

CO2 emissions avoided (tCO2/tNH3) 1.228 1.228 1.228 1.228 1.257 1.257 1.257 1.257 1.237 1.237 1.237 1.237 

CO2 emitted –direct (tCO2/tNH3) 0.174 0.293 0.536 0.374 0.177 0.356 0.497 0.372 0.164 0.136 0.470 0.331 

CO2 emitted – indirect (tCO2/tNH3)
6 0.053 0.047 0.049 0.034 0.051 0.044 0.046 0.035 0.048 0.042 0.043 0.031 

CO2 emitted indirect – EE (%) 69.80 42.42 0.00 0.00 68.4 26.19 0.00 0.00 68.5 70.28 0.00 0.00 

Total fossil CO2 emitted (tCO2/tNH3) 0.228 0.340 0.585 0.408 0.228 0.400 0.543 0.407 0.212 0.178 0.513 0.361 

Operating Incomes7 (euro/tNH3) 516.65 516.65 516.65 516.65 516.90 516.90 516.90 516.90 516.72 516.72 516.72 516.72 

Operating Costs7(euro/tNH3) 297.85 287.10 291.74 265.57 290.85 278.75 281.47 261.26 288.29 278.29 281.05 258.51 

Operating Revenues7 (euro/tNH3) 218.79 229.55 224.91 251.07 226.05 238.15 235.43 255.63 228.43 238.43 235.67 258.21 

Ammonia production (t/day) 950.36 950.36 950.36 950.36 970.45 970.45 970.45 970.45 950.84 950.84 950.84 950.84 

1. Overall  exergy consumption increases if the cumulative efficiency of the electricity grid (55.67%) and natural gas supply (91.09%) are considered as in [188]; 2. Steam pressure levels 110, 25, 2.5 and 0.10 bar, steam 

superh. 200°C, Brayton cycle with regeneration, pressure ratio 20:1; 3. Power consumed by the chemical plant alone; 4. Cooling tower, heat pump and vapor compression refrigeration systems; 5. Heating requirements 

of the chemical processes (energy basis) determined from the composite curves; 6. It considers the indirect emissions due to the upstream supply chains of natural gas (0.0049 gCO2/kJCH4) and electricity (62.09 gCO2/kWh) 

[188, 232]; 7. Operating revenues (only) calculated as the difference between the gross operating incomes minus the operating cost. See Appendix 2 for a detailed discussion on the influence of the share of the capital 

investment in the overall plant revenues. 
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According to Fig. 7.6, the chemical absorption-based ammonia plant configurations present 

the highest overall exergy consumption figures, compared to the DEPG-based plants. 

Meanwhile, the lowest exergy consumption corresponds to the MIXED operating mode 

(partial electricity import and Rankine cycle-powered cogeneration system) by using a DEPG 

absorption unit (27.76 GJ/tNH3, see Table 7.2). In practice, ammonia plants operate in an 

autonomous way in which the waste heat recovered along the plant is maximized to 

simultaneously produce steam and power, thus reducing the external fuel consumption. 

However, the AUTO (autonomous, Rankine cycle-powered) operation modes present the 

worst performance among all the optimized configurations due to the reduced cogeneration 

efficiency, attaining total power consumptions of about 32.27-33.5 GJ/tNH3, or 21% higher 

than the best overall exergy consumption calculated for MIXED modes. The integration of a 

combined cycle (AUTO GT) partly helps to overcome this problem by increasing the 

cogeneration efficiency, which clearly impacts the amount of fuel consumed  in the AUTO 

operating modes (i.e. 25-30% lower). It is also worthy to notice that, when the GRID mode is 

adopted (i.e. minimum steam superheating), the natural gas fuel consumed remains almost 

invariable regardless of the CO2 capture technology used, but a larger amount of electricity is 

consumed instead. As already explained, this follows the integration of a mechanical vapor 

recompression system, restricting the fuel consumption to the supply of the high temperature 

reformer duty. As a conclusion, both electricity import and fuel consumption can be reduced 

by preheating the combustion air and operating in a MIXED mode.  

Fig. 7.6. Plantwide and extended exergy consumption and CO2 emission figures for the 

various configurations studied. 

 
Source: Author 

Additionally, Fig. 7.6 shows the Extended Exergy Consumption that takes into account the 

exergy efficiency of the electricity generation in the grid (55.68%) as well as of the natural 

gas (91.09%) supply chain [188]. Certainly, by including the upstream inefficiencies of the 
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feedstock supply chains into the originally standalone ammonia plant analysis, the panorama 

is worsened as the cumulative irreversibility further impairs the global performance of the 

ammonia production. Actually, the extended exergy consumption can be 14% higher in the 

electricity import cases (larger cumulative losses) and 9.7% higher in the case of the 

autonomous configurations (cf. Table 7.2). Although these figures may not be immediately 

interesting for ammonia producers when evaluating the performance of the plant itself, they 

certainly prove to be useful either for issuing public and environmental policies or carrying 

out decision-makings that aim to holistically compare the impact of the fertilizers sector with 

other industrial sectors in a fair level playing field.  

Table 7.2 also shows the indirect and direct CO2 emissions associated to the ammonia 

production process. The former accounts for the emissions owed to the upstream supply 

chains of natural gas (0.0049 gCO2/kJCH4) and electricity (62.09 gCO2/kWh) [188, 232]. In turn, 

the direct CO2 emissions originate in the furnace of the externally fired primary reformer. On 

the other hand, the avoided CO2 emissions are those produced along the process unit 

reactions and captured by either the physical or chemical absorption system, and 

commercialized after its purification. As it can be observed, the contribution of the electricity 

generation to the indirect emissions can be as high as 70%, indicating that the impact of this 

resource should not be lightly neglected if a broader comparison with other alternative 

hydrogen and ammonia production routes (biomass, solar, nuclear and wind energy) is aimed. 

In spite of this, the electricity import operating modes (GRID and MIXED) are still the ones 

with the lowest associated overall CO2 emissions (0.217 tCO2/tNH3). This is not surprising due 

to the low CO2 footprint associated to the Brazilian electricity mix [58]. Thus, the 

environmental impact of the ammonia production process is a strongly location-dependent 

industrial activity, as it has been also demonstrated by using alternative ammonia production 

routes from biomass gasification [30]. Anyway, the greater challenge will remain in the CO2 

capture from the fumes of the primary reformer furnace, as the desorption energy per ton of 

CO2 is generally increased in post-combustion applications [33, 84]. 

According to Fig. 7.7, the lowest revenue (i.e. highest operating cost) corresponds to the 

MDEA absorption-based ammonia plant operating under the GRID mode. It can be partly 

explained by an intensive import of expensive electricity. However, it is also shown that, 

even if the AUTO mode with Rankine cycle effectively reduces (2-3%) the operating cost 

compared to GRID mode, the same cost is actually higher (1-2%) than in the MIXED mode. 

Thus, although the costly electricity import may actually impair the operating cost of the 

utility system, the overall effect can be eventually compensated by an appropriate integration 

of the cogeneration system as in the MIXED mode. It is also noteworthy that, regardless of 

the absorption solvent used for carbon capture purposes, when the ammonia plant is powered 

by a combined cycle (steam network plus gas turbine system), the operating cost can be 

reduced from 1 up to 13% compared with other configurations, either autonomous or grid-

dependent. For the sake of a more complete comparison, the trade-off between the capital 

cost increase and the operating cost reduction (i.e. the marginal purchasing cost of an 

additional gas turbine system) has been roughly estimated by assuming a specific open cycle 

gas turbine (OGCT) cost of 900 USD/kW incl. IDC [233] or 3.6-4.5 euro/tNH3. This value is 
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less than one fourth of the total reduction (19.7-39.3 euro/tNH3) of the operating costs when a 

combined cycle system is integrated. Then, as a preliminary estimation, there is a net gain in 

the revenues even at expense of the introduction of an OGCT system, because the reduction 

in the respective operating cost offsets its increased capital cost. In this way, the best 

performance in terms of total revenues still corresponds to the ammonia plant powered by a 

combined cycle and using DEPG as the carbon capture solvent. 

Fig. 7.7. Operating revenues for the various configurations studied. 

 
Source: Author 

Fig. 7.8 shows the breakdown of the power generation and consumption amongst the main 

power consumers of the chemical plant as well as the ancillary utility systems (heat pump, 

refrigeration, cooling tower). As expected, the two largest power demands correspond to the 

process air and syngas compression systems, required to operate the ammonia plant at 

elevated pressures. The ammonia refrigeration-separation system is also responsible for about 

one fourth of the overall power consumption. Due to the economy of scale, higher pressures 

allow reducing the size of the plant components per unit of throughput of ammonia produced, 

as well as favors the syngas conversion and ammonia separation. However, the future trend 

points towards the utilization of lower reaction pressures as better catalyst with higher 

activities at milder operation conditions are constantly developed [41]. It must be also noticed 

the effect of the integration of a mechanical vapor recompression  unit (heat pump) on the 

overall power consumption of the utility systems. Namely, a considerable amount of costly 

electricity import and an additional natural gas consumption are required when operating in 

either the GRID mode or the combined cycle-powered AUTO GT mode, respectively. In fact, 

the heat pump consumption is comparable to the total power produced by the Rankine cycle 

alone.  

Finally, the highest power consumption related to the DPEG pumping must be compared to 

that of the amine-based systems. This is a well-known issue related to the DEPG absorption 

systems, i.e. the reduced heating requirement comes at expense of a higher amount of power 

consumed in the circulation pump [130]. Certainly, higher capture rates are desirable to avoid 

the consumption of the valuable hydrogen in the downstream methanator unit, also because 

slipped methane acts an inert in the ammonia loop, increasing the need of a larger purge. 

However, larger capture efficiencies with DEPG requires higher solvent circulation rates, 
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since the solvent capacity is compromised as the temperature increases [234, 235]. In fact, for 

a 90% CO2 capture efficiency, the solvent/CO2 loading ratio can be as high as 5:1, i.e. 

threefold the value when more stringent capture efficiencies (> 95%) are imposed [236]. 

Meanwhile, DEA recirculation rate is set as 716 m
3
/h, with maximum and minimum CO2 

loadings of 0.47 and 0.025 kmolCO2/kmolDEA, respectively. For the case of MDEA, those 

figures are set as 495 m
3
/h, 0.51 and 0.013 kmolCO2/kmolMDEA, respectively. 
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Fig. 7.8. Breakdown of power generation and consumption in each plant configuration shown in Table 7.2. Source: Author 
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Fig. 7.8. Breakdown of power generation and consumption in each plant configuration shown in Table 7.2. (cont’d). Source: Author
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7.4. Exergy analysis of the integrated ammonia production plants 

Figure 7.9 compares the relative and extended relative exergy efficiency of the various 

ammonia plant configurations and operation modes studied. As expected, the integration of a 

combined cycle into a traditionally Rankine cycle-powered ammonia plant increases the 

relative exergy efficiency about 8.8%. Nontheless, the highest relative exergy efficiency still 

corresponds to MIXED operation mode with physical absorption-based syngas purification. 

This behavior is closely followed by the GRID operation modes, regardless of the syngas 

purification system utilized. It is also worthy to notice the appreciable reduction (> 10%) of 

the relative exergy efficiency when a broader scope, i.e. an extended framework that accounts 

for the irreversibilities in the natural gas and electricity upstream supply chains, is considered.  

Fig. 7.9. Plantwide and extended exergy consumption figures for the various configurations 

studied.  

 
Source: Author 

Table 7.3 summarizes the exergy efficiency and the specific exergy destruction, used as 

indicators to rank the performance of the analyzed ammonia plant configurations. It is 

interesting to point out the striking reduction of the overall exergy efficiency when going 

from its pure rational definition up to the extended relative one. In fact, the efficiency drop 

can be as high as 19.3-23.8%, since this broader scope of reduction accounts for both the 

exergy destroyed along the upstream feedstock production stages as well as for the disregard 

of the potential utilization of the ammonia byproducts (CO2, purge).  

Within the same scope, the increase in the exergy destruction may achieve 31% in the AUTO 

and 39% in the AUTO GT operating modes, or as much as 43-77% for the GRID and MIXED 

operation modes. At a first glance, the higher increase in the extended exergy destruction 

could be wrongly attributed to the intensive utilization of the less efficient electricity mix 

(55.67%), if compared to the more efficient natural gas supply chain (91.09%). However, the 

electricity utilization still remains to be the most efficient way of driving the ammonia plant 

configurations studied. In other words, although the electricity import entails the consumption 

of a relatively inefficiently produced input (i.e. grid electricity), the high-grade and readily 



117 

 

available nature of the electricity consumed actually lead to an improved performance of the 

ammonia production process, only comparable to the utilization of a combined cycle (AUTO 

GT) in an autonomous operation mode (Tables 7.3, last column). This fact once again 

emphasizes the importance of the characteristics of the electricity mix in which the chemical 

process is embedded. In the hypothesis that much less efficient electricity mixes were 

considered, the AUTO and AUTO GT operation modes may become more attractive 

alternatives for electricity generation via CHP systems, than importing costly, less efficiently 

and less environmentally friendly electricity from ‘dirtier’ grids. 

Table 7.3. Exergy destruction and exergy efficiencies for the chemical and physical 

absorption-based ammonia production plant configurations. 

Process parameter MDEA Grid MDEA Mixed MDEA Auto RC MDEA Auto GT 

Rational exergy efficiency (%) 78.40 75.21 67.59 74.32 

Extended rational exergy efficiency (%) 68.20 66.88 61.57 67.70 

Relative exergy efficiency (%) 68.67 65.87 59.20 65.09 

Extended relative exergy efficiency (%) 59.73 58.58 53.93 59.29 

Exergy destruction (GJ/tNH3) 6.25 7.48 10.88 7.84 

Extended exergy destruction (GJ/tNH3) 10.58 11.24 14.16 10.83 

1.The exergy efficiency and the specific exergy destruction change if the cumulative exergy efficiency of the electricity grid 

(55.67%) and of the natural gas supply chain (91.09%) are considered as in [188]. 

Table 7.3. Exergy destruction and exergy efficiencies for the chemical and physical 

absorption-based ammonia production plant configurations (cont’d). 

Process parameter DEA Grid DEA Mixed DEA Auto RC DEA Auto GT 

Rational exergy efficiency (%) 79.05 73.88 69.34 74.76 

Extended rational exergy efficiency (%) 68.86 66.36 63.17 68.10 

Relative exergy efficiency (%) 70.00 65.43 61.41 66.21 

Extended relative exergy efficiency (%) 60.98 58.77 55.94 60.31 

Exergy destruction (GJ/tNH3) 5.95 7.94 9.92 7.58 

Extended exergy destruction (GJ/tNH3) 10.15 11.38 13.09 10.51 

1.The exergy efficiency and the specific exergy destruction change if the cumulative exergy efficiency of the electricity grid 

(55.67%) and of the natural gas supply chain (91.09%) are considered as in [188]. 

Table 7.3. Exergy destruction and exergy efficiencies for the chemical and physical 

absorption-based ammonia production plant configurations (cont’d). 

Process parameter DEPG Grid DEPG Mixed DEPG Auto RC DEPG Auto GT 

Rational exergy efficiency (%) 79.69 81.72 70.17 76.35 

Extended rational exergy efficiency (%)1 69.81 71.63 63.92 69.55 

Relative exergy efficiency (%) 69.64 71.59 61.48 66.89 

Extended relative exergy efficiency (%)1 61.01 62.76 56.00 60.93 

Exergy destruction (GJ/tNH3) 5.78 5.08 9.64 7.03 

Extended exergy destruction (GJ/tNH3)
1 9.89 8.99 12.81 9.93 

1.The exergy efficiency and the specific exergy destruction change if the cumulative exergy efficiency of the electricity grid 

(55.67%) and of the natural gas supply chain (91.09%) are considered as in [188].  

Figure 7.10 shows the exergy destruction breakdown among the most representative 

components of the ammonia plant configurations studied. As it can be seen, the primary and 

secondary reformers together are responsible for nearly 26-54% of the total exergy destroyed. 

As expected, the highest exergy destruction share of the utility systems (others) is attained 
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through an intensive utilization of both the steam network and the cogeneration systems (27-

52%), e.g. in both AUTO and AUTO GT operating modes. The ammonia synthesis reactor 

has a contribution to the exergy destruction that may oscillates between 7.8-17.3%, which 

depends on the amount of inerts, the recycling ratio and conversion in the ammonia synthesis 

loop [237]. A marked difference exists between the shares of the exergy destruction 

presented by the carbon capture units analyzed. The amine-absorption carbon capture units 

either by using DEA or MDEA solvent is responsible for one tenth to one fifth of the total 

exergy destruction. Those figures are smaller when physical absorption systems are used 

(<4.6%). Accordingly, the use of carbon capture systems that spare an energy intensive 

desorption process can be effectively used to reduce the contribution of the syngas 

purification to the total  amount of irreversibility in the ammonia plant. 

Fig. 7.10. Exergy destruction breakdown for each plant configuration shown in Table 7.2. 

 
Source: Author. 

The irreversibility associated to the heat exchange network (HEN) of the ammonia 

production plants operating in the AUTO and AUTO GT modes can be graphically 

represented by the Carnot Integrated Curves shown in Fig. 7.11. In this plot, the area 

enclosed by the curves of the utility systems and the chemical plant can be interpreted as the 

exergy destroyed. Thus, the closer the two curves, the lesser the irreversibility in the HEN. 

As expected, due to an upgraded utilization of the exergy heat of the high-grade utility 

produced by the fired furnace, the exergy destruction rate drastically drops when a Combined 

cycle is integrated to the ammonia production unit. The recovery of the exergy embodied in 

the high temperature flue gases is maximized by using the combustion gases to drive the gas 

turbine system, and only thereafter for gas turbine cycle regeneration purposes, process 

streams preheating or steam generation, respectively, instead of using the combustion gases 

for directly producing steam [80, 110].  

Certainly, this modification perturbs the whole power and heat balance, particularly within 

the self-sufficient zones where the cogeneration has benefited from. In other words, since part 

of the excess heat exergy has been used to produce power, additional fuel consumption will 

be required to ensure the balance of the heating demands of the chemical process. In spite of 

this, the integration of a waste heat recovery steam network generally reduces the large 

driving forces related to the process-to-process heat exchange, even at the expense of 

supplementary fuel consumption. For instance, as shown in Figs.7.8a-b, it is preferable to 
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generate a surplus of electricity for driving the heat pump (MVR) system by extracting most 

of the thermodynamic potential in the self-sufficient zones, than directly using waste heat 

from the process to supply the desorption reboiler duty  [238].  

Thus, roughly speaking, due to the technical and metallurgical limitations of the energy 

technologies considered, the use of a gas turbine system becomes advantageous when aiming 

to better exploit the thermodynamic potential at higher temperatures (above 500°C) whereas 

the steam network represents the most suitable alternative for recovering the waste heat 

exergy available at lower ones (300-500°C). Supercritical Rankine cycles or Graz-related 

power cycles may represent also interesting alternatives for utility systems with reduced 

exergy destruction rates, provided that industrial ammonia plants can afford the large capital 

investments. 
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Fig. 7.11. Carnot integrated curves for the AUTO and AUTO GT scenarios shown in Figs. 7.5g-l: (a)MDEA-based, (b)DEA-based, (c)DEPG-

based ammonia plants. is the Carnot factor calculated as 1-(To/T) where To = 298 K 

 
 

Source: Author.  
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7.5. Final considerations 

A systematic methodology based on a mixed integer linear programming (MILP) and a 

modular chemical process simulation approach allows determining the most suitable utility 

systems that satisfy the minimum energy requirement (MER) with the lowest resources 

consumption and cost in a highly integrated syngas and ammonia production plant. Various 

operating scenarios based on the utilization of three types of syngas purification systems, as 

well as several energy resources and cogeneration technologies, have been compared in terms 

of exergy consumption and efficiency as well as optimal operating revenues.  

By using the energy integration method, the most appropriate utility systems and operation 

conditions that maximize the recovery of the thermodynamic potential of the excess heat 

produced along the chemical plant have been identified. This has been possible through the 

development a suitable representation of the energy integration profile for the reactive 

systems, acknowledged as the key components of the energy intensive chemical plant. 

Moreover, an extended exergy analysis has been performed so that a broader insight into the 

major sources of irreversibility can be hierarchized and the exergy destruction in the ammonia 

production can be reduced by proposing the utilization of better energy technologies for 

cogeneration.  

Direct and indirect CO2 emissions generated in the ammonia production process are also 

calculated, allowing for better comparisons with other industrial and chemical process in 

terms of their environmental impact. On the other hand, the valorization of some plant 

byproducts (e.g. captured CO2) simultaneously increased the chemical plant efficiency while 

alleviating its atmospheric burden. As a result, by operating either in a mixed mode (i.e. 

partial electricity import with an improved waste heat recovery and cogeneration systems) or 

in a totally autonomous mode with combined cycle cogeneration systems, along with the use 

of physical absorption syngas purification units, the process irreversibility and operation cost 

can be appreciably reduced, whereas the conventional plant efficiency is increased (ca. 8-

10%). 

Thus, by considering that typical ammonia plants actually operate in autonomous modes with 

no other energy input that natural gas, the gas turbine system is the most rational alternative 

for increasing the exergy efficiency and the reduction of the operating costs in the SNF 

facilities. Accordingly, in the next chapter, a novel approach based on the chemically 

recuperated gas turbine concept is proposed for the production of syngas intended to be fed to 

an industrial ammonia loop. This setup aims to improve the energy integration capabilities at 

higher temperatures and reduce the amount of atmospheric emissions, by intensifying the 

rates of pre-combustion carbon capture. To the author’s knowledge, similar approaches has 

been proposed for expanding the exothermic reactor effluents [239, 240], but none of them 

integrate the chemically recuperated gas turbine concept to the chemical plant in a same 

physical structure, as it has been firstly introduced in this thesis. 
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CHAPTER 8 
 

IMPROVED SYNGAS PRODUCTION AND CARBON CAPTURE BY 

USING A NOVEL CRGT APPROACH 
8. Papers Published and Conferences Attended 

In spite of the large degree of energy integration in the modern syngas production units, the 

highly endothermic reactions of steam methane reforming and the combined steam and power 

generation still require a huge amount of energy that is typically supplied by an expensive 

natural gas-fired furnace at very high temperatures. Since normally only half of the energy 

supplied by the furnace is used to carry out the reforming reactions, the remaining heat 

recovery must be performed in a separate convection train (HRCT).  

Additionally, the high temperature effluent of the secondary reformer is generally cooled by 

producing low temperature steam, increasing the process irreversibility and the losses 

associated to the excessive condensate. Thus, in this chapter, the advantages of introducing a 

chemically recuperated gas turbine (CRGT) concept to simultaneously carry out the 

endothermic chemical reactions and recover the exergy available from the autothermal 

reformer effluent are discussed. In this way, higher temperatures and higher conversions can 

be attained with lower driving forces. The power required by the air compression as well as 

other ancillary systems (e.g. air separation unit, carbon capture system, boiler feedwater 

pumps and recompressor) can also be supplied, while the exergy of the exhaust gases from the 

turbine is used more efficiently than in typical steam generation systems. Thus, more compact 

and integrated syngas production plants can be envisaged [241]. Moreover, by introducing 

more advanced cogeneration features such as air enrichment, process gas reheating and 

incremental levels of pressures in the reaction-driven components, slight energy savings 

together with drastically reduced atmospheric CO2 emissions and irreversibility can be 

achieved in the frontend syngas production section. 

8.1.An overview on the conventional and novel approaches for syngas production.  

The worldwide demand for hydrogen faces an increasing trend, primarily driven by 

hydroprocessing in refineries and the chemical industry [232]. Moreover, its potential use in 

automotive applications will also likely push the production capacity even further [242]. 

Despite the fact that some efforts to produce hydrogen from renewable sources such as solar 

and biomass energy have been considered [243], the cheapest route remains to be the steam 

reforming of natural gas. However, conventional reforming still presents many disadvantages 

regarding the way in which the waste heat recovery is achieved [244]. The customary practice 

consists of the use of a natural gas-fired furnace to supply the energy to the catalytic tubes of 

the primary reformer. Nevertheless, since barely 50% of the exergy in the combustion gases 

can be effectively recovered in the reformer, the conventional reforming process requires the 

installation of an additional convection train (HRCT) for heat recovery purposes [34]. 
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Therein, the waste heat is generally used to raise steam at lower temperatures (< 300 ºC) than 

those found elsewhere in the conversion process, entailing an avoidable irreversibility [245].  

As part of the efforts to improve these shortcomings, this chapter investigates the integration 

of a novel application for the Chemically Recuperated Gas Turbine (CRGT) concept to a 

syngas production plant, intended to supply a typical ammonia synthesis loop (H2/N2 3:1). 

The convenience of a CRGT system lies in the simultaneous existence of both endothermic 

and exothermic chemical conversion technologies in the syngas production units, which could 

be appropriately coupled via gas heated reformers (GHR) and waste heat recovery systems. 

Hence, the readily available exergy of the autothermal reformer effluent could be better 

exploited to produce power, replacing the conventional role of the ATR effluent as a source 

for steam generation. 

The conventional CRGT concept has been previously studied by different authors looking for 

improvements in applications of electricity generation [246-250]. Harvey and Kane [246] 

performed a second law analysis based on an ABB GT26 gas turbine with reheat and 

chemical recuperation via methane steam reforming, achieving a methane conversion close to 

27%. As expected, an improved performance has been obtained at higher temperatures and 

lower pressures in the reformer. Moreover, the exergy destroyed in the heat recovery steam 

generator (HRSG) is reported as threefold that in the reformer, corroborating the fact that the 

generation of steam implies substantially higher exergy destruction rates due to the lower 

temperature involved. Finally, the authors concluded that further parametrical and process 

flowsheet modifications may improve the overall efficiency, e.g. by using dual pressure 

chemically recuperated gas turbine systems with different pressures and steam-to-carbon 

ratios that align the desired levels of pressure in each reformer. Bearing that in mind, 

Carapellucci and Milazzo [247] investigated the differences between one single and two dual 

pressure configurations with an ABB GT24 gas turbine. The dual pressure configurations 

differed in the steam-to-carbon ratio supplied to the reformer, one with the same steam-to-

carbon ratio (S/C) in both reformers, and the other configuration with separately optimized 

S/C ratios. As a results, when the S/C ratios aligned with their optimal levels of pressure, the 

methane conversion, the heat recovery and plant efficiency are enhanced at the same time that 

steam production and power generation are increased. The result is a higher efficiency 

(53.8%) and a power output comparable to that of a combined cycle, which reinforces the 

position of the CRGT cycle as a competitive thermoelectric alternative.  

Kesser et al. [249] built, upon a basic CRGT cycle (i.e. no reheat), two reference cases with 

different compression ratios and compared them with a combined cycle (CC), a steam 

injected gas turbine cycle (STIG) and an open gas turbine system (OCGT). It is found that the 

cycle with chemical recuperation follows closely the performance of the combined cycle, 

presenting the second highest efficiency, whereas the STIG cycle showed the second highest 

specific power generation, rendering it a more attractive, simpler and less costly option than 

an advanced CRGT cycle. Adelman et al. [250] revised various conceptual designs for the 

steam methane reformer in terms of the performance and size of the CRGT system. The 

proposed designs evolved by either adding a preheater, changing the diameter of the catalytic 
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tubes, adding heat transfer intensification methods such as roughness and fins to the tubes, or 

even utilizing different catalyst reactivity, all motivated by the goal to find near-minimum 

catalyst volumes. The results pointed towards higher reforming temperatures as a direct way 

to increase conversion of methane and reduce the complexity and volume of the system.  

Although most of the efforts have been devoted to medium-to-large scale power generation 

systems, decentralized approaches have gained renovated interest. More recently, Nakagaki et 

al. [248] studied the feasibility of a chemical recuperation system applied to microturbines 

(30-300 kW). The study revealed the practicality of the integration of CRGT systems to 

existing power generation systems, either microturbine or MW-class turbines. The 2% Ru 

content catalyst is reported to present the best performance in terms of reaction rates at 

temperatures as low as 350 ºC, whereas conversions as high as 51% have been claimed.  

Differently from the research works reviewed hitherto, based on power generation concepts 

with dedicated combustion chambers, other opportunities for profiting the readily available 

exergy embodied in the exothermic reactor effluents have been thoroughly discussed (e.g. 

partial oxidation combustors, autothermal reformers, methanol and ammonia converters, etc.) 

[25, 240]. Some examples include the implementation of an expansion device that directly 

produces shaft work from the exergy of the ammonia reactor effluent in lieu of using it for 

raising steam [239, 251]. Despite the fact that this approach does not actually render the 

ammonia production unit self-sufficient in terms of power supply, it is reported a reduction of 

the specific power consumed (44-75%) when compared to the utilization of a heat recovery 

steam generator. Furthermore, as this approach represents a more efficient way of profiting 

the thermo-mechanical exergy of the process stream, it also reduces the degradation of the 

thermodynamic potential of the chemical system [252].   

Similarly, Agee et al. [253] described the application of a sub-stoichiometric, simultaneous 

combustion and reforming process of natural gas in order to produce syngas in a methanol 

manufacturing plant. By using the autothermal reformer also as an enriched air combustor, the 

highly exothermal reaction supplies the reforming duty in a single pressurized vessel, whereas 

the expansion of the reactor effluent is able to provide some of the power required for air 

compression and separation purposes. In more advanced technologies, such as partial 

oxidation gas turbines [254], a mixture of methane and steam at high pressure is partially 

oxidized in a catalytic adiabatic reactor that replaces the conventional combustor chamber of a 

OCGT. In this way, the low molecular weight fuel gas produced at high temperature, mainly 

composed of hydrogen and carbon oxides, is expanded to generate mechanical power. 

Henceforth, the produced gas is completely burned in a bottoming cycle so that the reaction 

enthalpy released can be supplied to a downstream chemical process. The specific mechanical 

power produced is reportedly about 6-9% of the LHV of the fuel, which renders the partial 

combustion gas turbine system also a ‘fuel producer’ technology [254]. It must be observed 

that these approaches substantially differ from that one patented more recently by Keller et al. 

[228] in which the cogeneration of hydrogen and power is achieved through the integration of 

two physically separate hydrogen and power generation units. The hydrogen production unit 

comprises a gas heated reformer, followed by a water gas shift reactor and a hydrogen 
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separation unit. These units produce a purified hydrogen stream and a byproduct consisting of 

a hydrocarbon-rich fuel stream. The byproduct stream is burned in a conventional combustion 

chamber of a gas turbine along with an oxygen-rich stream, and eventually used to provide 

heat to the gas heated reformer. This approach has been also reported by Alves and Nebra [80, 

255] who developed the exergoeconomy analysis of the hydrogen production from natural gas 

by using an autothermal reformer and a separate gas turbine cogeneration system. 

In accordance with this brief review, the suitability of the integration of an autothermal 

reformer (ATR) to a chemically recuperated gas turbine (CRGT) concept, in order to exploit 

the exposed advantages of the simultaneous syngas and power production, has not been 

proposed so far. Moreover, it has neither been suggested before as a part of the frontend of an 

ammonia production plant. Thus, in this chapter, exergy is used to minimize the exergy 

destruction rates along the various components of the syngas production units and reduce the 

consumption of the non-renewable methane feedstock, based on four novel proposed 

configurations. As a result, the physical reconfiguration of the chemical plant layout is shown 

to greatly reduce the driving forces and, thus, the irreversibility arisen from the combined heat 

and power production (CHP) system, but more importantly, the net atmospheric emissions. 

8.2.Syngas Production with Thermo-Chemically Recuperated Gas Turbine Systems  

Figures 8.1-8.5 compare the five configurations of syngas production plants studied. The 

conventional system (Fig.8.1) is based on the most common arrangement for hydrogen 

production via SMR [206]. The processes comprises a primary reformer (700-800°C) in series 

with an autothermal secondary reformer (~1000°C), where a fraction of the reformed gas is 

burnt with the aid of enriched air (30-40%) to provide the heat required to further convert the 

methane feed. The air separation unit (ASU) consists of a dual pressure column equipped with 

a condenser-reboiler heat exchanger, whereas the cooling effect is produced by throttling a 

compressed stream of air that exchanges heat with its separate cryogenic fractions (-190°C).  

For the sake of an enhanced hydrogen production, two sequential reactors are used to perform 

the water gas shift reaction at lower temperatures (200-350°C) [25]. Furthermore, in order to 

remove the carbon oxide components present in the syngas, a purification section composed 

of a chemical absorption and a methanation system is considered. In this configuration, the 

waste heat released throughout the chemical process is recovered by using an integrated steam 

network, so that the additional fuel consumption required to supply both the power and heat 

demands of the plant (feed preheating, endothermic reactions, etc.) can be reduced [231]. 

According to Fig. 8.1, the valuable waste heat available at the outlet stream of the secondary 

reformer is indeed used to produce steam, which in turn needs to be further superheated in the 

separate HRCT. The superheated steam is eventually expanded in a steam turbine, supplying 

both the power and steam demands.  
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Fig.8.1. Conventional configuration. Steam network-based utility system. 

  
Source: Author. 

The four novel approaches proposed for the syngas production, based on the chemically 

recuperated gas turbine (CRGT) concept, are illustrated in Figs. 8.2-8.5. Differently from the 

conventional layout (Fig. 8.1), the novel approaches aim to maximize the use of the readily 

available exergy of the high temperature, pressurized effluent of the secondary reformer. This 

is accomplished by chemically recuperating the physical exergy of the expander outlet stream 

to reform a saturated natural gas mixture and simultaneously supplying the total power 

demand of the chemical plant. Due to the characteristics of the chemical recuperation process, 

compared to either the simple combustion air preheating or the steam injection, a higher 

amount of exergy can be embodied in the chemical exergy of the reformed mixture, which 

further increases the efficiency of the waste heat recovery process [246].  

Actually, these four novel approaches (Fig.8.2-8.5) have been conceived by realizing the 

opportunity to exploit the exposed advantages of the CRGT concept, which may lead to more 

compact syngas production systems. Furthermore, even if it could not be immediately evident, 

as the combustion progresses in the same autothermal reactor where the endothermic reaction 

occurs, the large amount of water produced in the combustion process at high temperature 

directly offers an increased amount of steam in the catalytic section, which in turn increases 

the equilibrium conversion of the reformer as the concentration of the reactants increases. 

This is threefold advantageous: (i) The losses associated to the release and condensation of 

the flue gases produced in a separate fired furnace can be reduced [34], as the exergy 

embodied in the water content of the combustion gases can be maximally exploited at higher 

temperatures, rather than producing low-grade superheated steam in the heat recovery 
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convection train (HRCT) of the primary reformer; (ii) As the combustion gases become also 

process gas, the excessive dilution of the carbon dioxide with nitrogen is overcome, thus 

allowing for an easier capture process at the expense of an additional consumption in the 

syngas purification system; (iii) The water produced together with the other reaction products 

allows for a higher power throughput per unit of mass of gas produced, which enables the 

utilization of the expander exhaust gases as the heating medium at the downstream chemically 

recuperated, gas heated methane reformer. 

Fig. 8.2. Single Pressure, Chemically Recuperated Gas Turbine-based configuration (Single 

Pressure GT). 

  
Source: Author. 

Meanwhile, the relationship between the endothermic and exothermic nature of the reactions 

and the variation of the temperature and the molar volume of the reactants can be further 

examined in light of the Le Châtelier and the Counteraction principles, which rule the rates of 

hydrogen production and the extent of process irreversibility, respectively [69, 226]. For 

instance, the reforming process is recognized as an increasing-volume, endothermic reaction 

that proceeds faster at higher temperatures, but whose equilibrium is favored at lower 

pressures. Thus, it is interesting to inquire about the effect of the variation of some selected 

operating parameters (e.g. pressure, temperature and streams composition) as well as of the 

arrangement of the unit components on the overall plant performance. According to this, a 

dual pressure syngas production process, based on the CRGT concept (Fig. 8.3), is performed 

at two decremental levels of pressure, following the overall increase of the molar volume as 

the reaction progresses to equilibrium. It must be noticed that this process layout resembles 

the gas reheat process, already used in conventional gas turbine power systems as it is 

reported to increase the power throughput without increasing the inlet temperature of the 

turbine [246, 247]. 
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Fig. 8.3. Dual Pressure, Chemically Recuperated Gas Turbine-based configuration (Dual 

Pressure GT). 

  
Source: Author. 

Finally, motivated by a suitable combination of the previous energy conversion approaches 

and aiming to improve the energy integration potential of the single and dual pressure CRGT-

based syngas production plants, two additional configurations have been proposed (Fig. 8.4-

8.5). In those approaches, a comprehensive steam network recovers the waste heat along the 

chemical process in order to generate part of the power supply as well as the process steam 

consumed in the reforming, shift reactions and syngas purification. This improvement allows 

for a slight reduction of the fuel consumed that otherwise would be burnt in auxiliary boilers. 

Moreover, it also entails a substantial reduction of the associated greenhouse gas emissions 

and the process irreversibility.   
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Fig. 8.4. Single Pressure, Chemically Recuperated Gas Turbine-based configuration with 

Steam Network (Single CC). 

 
Fig. 8.5. Dual Pressure, Chemically Recuperated Gas Turbine-based configuration with 

Steam Network (Dual CC). 

 
Source: Author. 
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Table 8.1 compares two exergy efficiency definitions, Eqs.(8.1-8.2), proposed for better 

evaluating the overall performance of syngas production plants [206]. It must be noticed that, 

since the exergy of the input and output material flows are much larger than any other exergy 

flow rates, the relative exergy efficiency, Eq.(8.2) may lead to higher values. According to 

this, aiming to differentiate the exergy effectively transformed by the system from the 

untransformed exergy, the consumed-produced exergy efficiency is also calculated by using 

the exergy change of selected streams in the conversion processes. In other words, Eq. (8.1) 

aims to evaluate the extent at which the chemical exergy consumed in the process can be 

recovered in the form of an increased physical exergy of the products, while minimizing the 

system irreversibility. Evidently, the lower the surplus power produced and the higher the 

exergy recovered in the form of reformed mixture, the better the performance of syngas 

production. The relative exergy efficiency, in turn, determines the ratio between the minimum 

exergy required to materialize the syngas to the actual exergy consumption of the syngas 

production unit. 

Table 8.1. Plantwide exergy efficiency definitions of the syngas production systems. 

Definition Formula 

ConsProd 

(8.1) 

 
 

imported

Produced
ConsProd

Consumed

PH PH

outlet inlet Net

CH CH

inlet oulet

B B WB

B B B


 
 


 

Relative  

(8.2) 
4

,

Relative

,

Consumed ideal Syngas

import

Consumed actual CH BFW Net

B B

B B B W
  

 
 

B = exergy rate or flow rate (kW), PH: physical exergy, CH: chemical exergy, ConsProd: Consumed/Produced, BFW: boiler 

feedwater, Dest: destroyed. 

8.3.Optimization problem definition 

Syngas production units are designed in sophisticated ways in which the processes streams are 

interrelated through recycle operations and an intrincate waste heat recovery network. 

Consequently, the numerous design variables involved not only make the search space large 

in magnitude, but their interdependency renders the search for the optimality a complicated 

non-linear problem [146].   

Fortunately, by separating the process flowsheet modeling from the heat integration problem, 

the calculation of the mass and energy balances and the simulation of the complex energy 

conversions can be handled by the modular simulation Aspen® Hysys, whereas the 

determination of the minimum energy requirements (MER) and the solution of the energy 

integration problem is performed by an additional Excel® platform. A systematic SQP 

approach is used to find the optimal solution subject to the technical, thermodynamic and 

operational constraints presented in Table 8.2. 
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Table 8.2. Optimization problem definition. 

Objective functions: Minimum Specific Exergy Destruction (~Minimum Specific Methane 

Consumption) 

 

Subject to the constraints: 

 No net power import. Preferably no net power export. 

 Maximum ATR catalyst temperature, 1,100°C for safe hydrogen operation, due to metallurgical 

limitations at high pressure and to avoid adverse effects on catalyst activity and lifespan.  

 Minimum and maximum primary reformer temperature 330°C-800°C for reasonable catalyst 

activity and methane conversion. 

 Minimum energy requirements satisfied by the waste heat recovery or by the utility system. 

 Maximum operating pressure of reformers, 35 bar. 

 Minimum steam to carbon ratio, S/C = 2.5 to avoid carbon deposition. 

 No carbon oxide components in the purified syngas (ppm levels). 

 Hydrogen production: 6,100 – 6,500 kmol/h 

 Fresh syngas molar composition suitable for ammonia production, H2/N2 ratio about >2.999, inerts 

content (CH4 + Ar) < 10%. 

 

Design Variables: 

 Steam to Carbon ratio, 2.5-6  

 Primary reformer outlet temperature, TSMR, 330-800°C. 

 CH4 fuel to feedstock ratio, 0.1 – 2  

 Oxygen enrichment, 0 – 40% O2 in air 

 Highest Reforming Pressure, 30-35 bar in both conventional and CRGT based configurations. 

 Lowest Reforming Pressure (Expander outlet pressure for CRGT based configurations), 4 bar 

 Split fractions (Enriched air, CH4 feed and CH4 fuel in dual pressure CRGT based configurations), 

0.0 – 1.0 

 Steam split fractions in the steam network (to superheating coil after saturation), 0.0 – 1.0  

 Gas turbine bypass of the autothermal reactor effluent, 0.0 – 1.0 

 Primary reformer bypass of the preheated reactants, 0.0-1.0   

 Steam superheating temperature in the steam network, 380ºC-500ºC 

 Steam to water gas shift reactors, 0-600 kmol/h 

 Normal air molar flow rate, 1,000-4,000 kmol/h 

 CH4 feed molar flow rate, 1,000-2,000 kmol/h 

 

Constants: 

 Compression efficiency (85%). Expander efficiency (90%) 

 Cooling water and boiler feedwater temperatures, 25°C 

 Minimum temperature approach in the HEN (20°C). 

8.4.Optimal operating conditions of the conventional and novel configurations 

Table 8.3 summarizes the optimal process variables calculated for the five configurations of 

the syngas production plant, according to the optimization problem given in Table 8.2. It is 

worthy to notice that, since the high-grade hot utility has been used more efficiently in the 

CRGT-based syngas production plants, compared to the conventional configuration, the 
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specific consumption of natural gas of the proposed layouts is slightly reduced (0.5-2.7%) 

whereas the cooling requirements also decrease (0.5-10.2 %).  

On the other hand, an increased air enrichment is required in the CRGT-based configurations 

in order to provide the minimum exergy heat necessary to carry out the endothermic reactions 

and supply the power demand. Some authors reported no benefits in terms of methane 

conversion in the ATR when an air enrichment beyond 34% O2 is used [256], although the 

recommended values range from 25 to 40% O2 in air [257, 258]. In any case, the extent of air 

enrichment must consider the maximum outlet temperature of the ATR and, preferably, 

should not excessively produce CO2 gas, since it will consume the valuable hydrogen in the 

downstream methanator system. Thus, it is expected that, for a given steam to carbon ratio, 

there exists an optimal oxygen to fuel ratio that results in the highest production of hydrogen 

[259, 260], and also fulfills the overall heat and power requirements of the process.  

Fig. 8.6. Comparison between the specific exergy consumption (left) and specific CO2 

emissions (right) of the syngas production configurations. 

 
Source: Author. 

According to Fig. 8.6, the conventional configuration is not only responsible for the largest 

exergy consumption, but also for the highest specific CO2 emissions. Additionally, depending 

on the effectiveness and the amount of coils in the HRCT, the flue gases leaving the furnace 

stack might be rejected to the environment when a relatively large amount of exergy could be 

still profitable to preheat cold process streams [261, 262]. Moreover, the flue gases from the 

fired furnace are close to atmospheric pressure and, as such, they are not suitable for directly 

producing power. Instead, they are used for steam superheating as well as for preheating feed 

streams. Consequently, the reduction or the elimination of the firing in the primary reformer 

furnace, by means of a bypass of methane to the secondary reformer, may offset the flue stack 

losses and the emissions associated to that technology. 

Meanwhile, in the CRGT-based configurations, the pressurized gases exiting from the 

adiabatic ATR reactor are readily expanded for producing power right before any heat 

exchange process may take place. Moreover, unlike the conventional design, the duty of the 
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gas heated reformer is supplied by a gaseous mixture at higher pressures [81, 158]. These 

features entail desirable operating conditions that partially enable to overcome the main 

disadvantages of the conventional primary reformer.  Actually, in the conventional design, the 

maximum pressure differential and allowable heat flux across the reformer tubes are set by 

the mechanical and metallurgical restrictions. For this reason, the tube diameter cannot be 

arbitrarily enlarged, entailing also a restriction to the revamp of the conventional plant. In 

practice, the primary reformer currently poses the most critical bottlenecks that hinder the 

development of the so-called MEGAMMONIA® plants [29]. Fortunately, the proposed 

configurations shown in Figs. 8.2-8.5 ensure a good heat transfer performance and reduce the 

pressure differential across the catalytic tubes, thus, increasing the process reliability. 

Table 8.3. Main process variables of the syngas production facilities studied. 

Process parameter Conventional 

Single 

Pressure 

GT 

Dual 

Pressure 

GT 

Single 

Pressure 

CC 

Dual 

Pressure 

CC 

CH4 feed (kmol/h) 1,800.0 1,150.0 1,085.0 1,349.0 851.9 

CH4 bypass to ATR feed (kmol/h) 274.7 1,202.0 1,247.0 893.0 1,364.0 

CH4 radiant fired furnace (kmol/h) 612.4 - - -  

CH4 auxiliary boiler (kmol/h) - 450.0 403.4 535.1 439.4 

CH4 slip (kmol/h)
1
 87.1 77.1 148.9 100.1 118.6 

H2 production rate (kmol/h) 6,171 6,498 6,196 6,499 6,185 

Spec. CH4 cons. (kmolCH4/kmolH2) 0.4213 0.4194 0.4174 0.4119 0.4101 

Air molar flow (kmol/h) 2,524 2,610 2,483 2,671 2,448 

Oxygen rich molar flow (kmol/h) 440.0 919.9 911.9 578.4 718.3 

Air enrichment (mol fraction) 30.01 36.86 37.35 31.82 34.80 

Nitrogen rich molar flow (kmol/h)
2
 1,440 2,942 2,984 1,892 2,349 

Steam to carbon ratio –HP 3.000 3.342 3.000 3.000 3.489 

Steam to carbon ratio – MP - - 3.000 - 4.154 

System Pressure – HP  (kPa)
 
 3,500 3,000 3,000 3,000 3,000 

System Pressure – MP (kPa) - - 1,341 - 1,400 

Exhaust Pressure – LP (kPa) - 1,095 600 1,400 900 

Cooling Requirement (kW)
3
 127,559 133,615 124,991 120,560 116,846 

Spec. Cooling Req. (kJ/kmolH2) 74,411 74,022 72,619 66,777 68,007 

Methane conversion (%) 96.76 99.58 96.68 96.39 98.67 

Primary reformer outlet T (°C) - HP 700 728 730 800 519 

Secondary reformer outlet T (°C) - HP 956 994 1089 1079 1052 

Primary reformer outlet T (°C) - MP - - 330 - 769 

Secondary reformer outlet T (°C) - MP - - 900 - 954 

Enriched air split (% to HP line) - - 85.06 - 73.64 

CH4 feed split (% to HP line) - - 94.87 - 4.89 

CH4 fuel split (% to HP line) - - 77.19 - 93.03 

CO2 captured flow rate (kmol/h) 1,981 2,274 2,183 2,141 2,097 

Spec. CO2 captured (kmolCO2/kmolH2) 0.321 0.350 0.352 0.329 0.339 

Spec. CO2 captured (tCO2/tH2) 7.1 7.7 7.8 7.3 7.5 

CO2 emitted flow rate (kmol/h) 612.4 450.0 403.4 535.1 439.4 

Spec. CO2 emitted (kmolCO2/kmolH2) 0.099 0.069 0.065 0.082 0.071 

Spec. CO2 emitted (tCO2/tH2) 2.183 1.523 1.432 1.811 1.563 

Water consumption (m3/h) 97.48 69.40 69.13 73.07 65.90 

Condensate prod (m3/h) 57.93 40.86 34.65 32.47 29.02 
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Process parameter Conventional 

Single 

Pressure 

GT 

Dual 

Pressure 

GT 

Single 

Pressure 

CC 

Dual 

Pressure 

CC 

CH4+Ar content (%)
4
 1.54  1.56 2.44 1.67 2.02 

H2/N2 ratio
4
 molar 3.036 2.999 2.999 3.000 3.075 

1. Methane slip in the product syngas can be recovered and recycled as fuel to the syngas production process; 2. 

97.75% Nitrogen at 27°C, 110 kPa; 3. Cooling water 25-40°C, 60% relative humidity; 4. Ammonia loop feed 

inerts content CH4+Ar, and H2/N2 ratio. 

As it can be also seen from Table 8.3, in the case of the dual pressure configuration with gas 

expansion only (i.e. Dual Pressure GT), the entire primary reforming process as well as most 

of the enriched air-blown partial combustion of the reformed mixture and the additional 

methane feed occur at higher pressures. Meanwhile, the medium pressure ATR is used to 

further convert the slipped methane from the HP reformers. The medium pressure ATR also 

reheats the expanded MP gas in order to increase the power generation, without exceeding the 

maximum allowable catalyst temperature in the ATR. However, when a steam network is 

integrated to the dual pressure configuration (i.e. Dual Pressure CC), the largest share of 

partial oxidation is still performed at the highest temperature and pressure, but most of the 

primary reforming is performed at medium pressure and lower temperature. This can be 

explained by a higher mechanical power required from the HP gas expander of the Dual 

Pressure GT configuration, due to the lack of an integrated waste heat recovery steam network 

(compare Figs. 8.7c and e). In other words, as long as an alternative technology of power 

generation relieves the load on the HP gas expansion system, the methane reforming is 

preferably addressed at a less equilibrium-limited, i.e. a lower pressure operating condition.   

Although in the CRGT-based configurations an appreciable amount of fuel is still required by 

the auxiliary boiler, this consumption is about 12.1-34.6% lower than the fuel consumed in 

the fired furnace of the tubular reformer, due to a higher extent of partial oxidation achieved 

in the exothermic ATR. Furthermore, since the CO2 produced by partial oxidation in the ATR 

is at a higher concentration, the capture process is facilitated compared to the challenging 

post-combustion carbon capture from the flue stack gases leaving the furnace of the externally 

fired primary reformer. As a result, the specific CO2 emissions to the atmosphere in the 

conventional scenario (approx. 2.2 t CO2/t H2) are 21.5-52.4% higher than those obtained for 

the CRGT-based configurations (see Fig. 8.6). Furthermore, regarding the reduced water 

demand in the CRGT-based systems, it can be explained by the reduced S/C ratios necessary 

in the ATR compared to the excess steam required in the conventional tubular reformer. 

Furthermore, it is important to highlight that in the CRGT-based configurations, an additional 

amount of water vapor is produced at high pressure in the ATR through partial oxidation. In 

this way, the surplus water produced at higher temperatures and pressures in the ATR serves 

not only as a means of temperature control, but also as additional process feedstock as well as 

working fluid, unlike the water vapor present in the stack gases.  

Finally, Figs. 8.7a-e details the distribution of the power generated among the various 

consumers in the syngas production plants analyzed. Certainly, since no net export is aimed, 

the optimal solution determines the operating conditions that minimize the surplus power and 

maximize the hydrogen yield. It must be also born in mind that, differently from the 
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conventional case, the CRGT concepts rely on the expansion of the pressurized ATR effluent. 

This features renders necessary the recompression of the syngas produced up to the original 

ATR outlet pressure after the excess water is removed. According to Fig. 8.7b-e, the share of 

power consumption of the post-compression can be as high as 40% of the overall power 

demand and, in some cases, it even surpasses the air compression duty, whereas the third 

largest consumption comes from the energy intensive air enrichment unit (20%) and the 

amine circulation pump (10%).  
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Fig. 8.7. Distribution of the power supply and demand (kW) for the (a) conventional, (b) 

single and (c) dual pressure GT, and (d) single and (e) dual pressure CC configurations. 

 

                 

              

Source: Author. 
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8.5.Energy Integration and Carnot Grand Composite Curves 

Figures 8.8 show the Carnot Grand Composite curves (CGCC) of the conventional and 

CRGT-based syngas production plants, reported in Table 8.3. As discussed in previous 

chapters, the area enclosed between the vertical axis and the CGCC represents the exergy 

destroyed in the heat exchanger network. According to Fig. 8.8, in the conventional 

configuration, a fraction of the exergy of the high-grade hot utility provided by the fired 

furnace is wastefully transferred to the environment. Actually, the flue stack gases leaving the 

convection train lead to an exergy loss equivalent to 6 MW, due to the practical limitations to 

fully recover this exergy. In contrast, in the CRGT-based configurations, the physical exergy 

of the excess reforming steam and the water produced by partial oxidation is mostly recovered 

up to its condensation [34].  

According to Fig. 8.8, in all the configurations, an auxiliary boiler is still needed so that the 

total heating requirement for the steam generation can be balanced. However, regarding the 

CRGT-based configurations with gas expansion only (i.e. single and dual pressure-GT), the 

consumption of the chemical exergy of the fuel to merely produce steam suppose an 

avoidable exergy loss in the system. Effectively, the exergy destruction can be further reduced 

by integrating a heat recovery steam network, i.e. through the utilization of single and dual 

pressure-CC configurations. The resulting CGCCs (Fig. 8.8, right) resemble the combination 

of the conventional and the ‘-GT’ profiles (Fig. 8.8, left). As a result, the plantwide and the 

cogeneration exergy efficiency increase compared to the conventional syngas production unit 

based only on heat recovery steam network [206]. 

Fig. 8.8. Carnot Grand Composite curves (CGCC) for the conventional, single and dual 

pressure GT configurations (left) and for single and dual pressure CC configurations (right). 

 
Source: Author. 

Clearly, in the case of the CRGT-based configurations, the integration of an additional steam 

network entails a trade-off between the chemical recuperation and the combined steam and 
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power generation. In fact, since the exergy available from the ATR effluent is used for power 

generation and heating the GHR, the plantwide steam and power balance is drastically 

affected [257]. Some authors suggested that this is actually a great opportunity to involve 

cheaper, more readily available resources such as coal, or even less pollutant resources, e.g. 

biomass, in order to supply the energy for the steam generation. The import of ‘cleaner’ 

electricity from the grid, may be also considered, obviously depending on the mix and the cost 

of the electricity [263]. In this way, further alternatives for reducing the large driving forces 

and the environmental impact triggered by the utilization of the auxiliary boiler can be 

endeavored. For example, the diversification of the supply chains of the syngas and hydrogen 

derivatives, traditionally dominated by non-renewable energy resources.  

8.6.Exergy analysis of the conventional and proposed syngas production units. 

Figure 8.9 shows the relative and consumed-produced exergy efficiencies calculated for the 

syngas production plants, as defined in Eqs. (8.1-8.2). Since the relative efficiency has been 

defined by using the minimum theoretical exergy consumption required to produce syngas 

from the elements of the environment, it accounts for the maximum potential of exergy 

savings. However, due to the large mass flow rates of the bulk chemical production process 

[55], the relative exergy efficiency is less sensitive than the consumed-produced counterpart. 

Fig. 8.9. Plantwide exergy efficiency of the syngas production plants studied. 

  
Source: Author. 

As a result, the consumed-produced exergy efficiency (9-10%) is a more suitable indicator for 

determining the overall plant performance, along with the cogeneration exergy efficiency 

(Fig. 8.10) and the specific exergy destruction (Fig. 8.11). As expected, the higher degree of 

energy integration between the utility system and the chemical processes in the CRGT-based 

configurations leads to an increased efficiency of the respective cogeneration systems. 

According to Fig. 8.10, the integration of a chemically recuperated gas turbine concept with 

reheat together with an extensive heat recovery steam network (i.e. Dual Pressure CC) 

achieves a cogeneration efficiency of 55%, typical for a combined cycle. This value is 67% 

higher than that of the single pressure-GT configuration, analogous to a standalone open cycle 
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gas turbine (OCGT). The capitalization on the other plant byproducts, such as the marketable 

CO2, potentially used in an associated urea or methanol, should be also included in the 

evaluation of the process efficiency.  

Fig. 8.10. Exergy efficiency of the integrated cogeneration systems in the syngas production 

plants.  

 
Source: Author. 

Figure 8.11 compares the specific exergy destruction obtained for the studied configurations, 

which evidences that the higher the specific consumption, the higher the specific exergy 

destruction. Certainly, an increased fuel consumption often entails a worse utilization of the 

available resources to produce the same amount of product [34]. This explains an increase of 

3-12% of the specific exergy destruction in the conventional system, compared to the CRGT-

based configurations.  

Fig. 8.11. Specific exergy destruction (kJ/kmolH2) for the studied syngas production plants. 

  
Source: Author. 
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Finally, Fig. 8.12 shows the distribution of the overall exergy destruction among the 

components of the conventional syngas production process. As it can be seen, the largest 

shares of exergy destruction correspond to the waste heat recovery steam network and the 

HRCT of the primary reformer, together accounting for 60% of the exergy destroyed in the 

conventional system. If both primary and secondary were also included, the share of exergy 

destruction increases up to 80% of the total irreversibility. 

Figure 8.12 also shows the exergy destruction breakdown of the most representative 

components of the syngas production plants based on the CRGT concept. It is worthy to 

notice that, in all the studied plants, the share of exergy destroyed in the reforming sections is 

relatively similar. Furthermore, the auxiliary boiler used in the CRGT-based configurations 

represents about 40% of the whole irreversibility. Also according to Fig. 8.12, the exergy 

destruction share associated to the reformers in the dual pressure CRGT-based configurations 

is effectively reduced (3-21%) compared to the single pressure CRGT-based systems. This is 

owed to the application of the counteraction principle by operating the reforming sections at 

decremental levels of pressure [69]. Nevertheless, it is worthy to highlight that, in the optimal 

solutions, the lowest gas expansion pressure is not necessarily the atmospheric one, but rather 

an intermediate pressure. Indeed, higher operation pressures in the syngas production may 

lead to the reduction of the power consumption in the downstream syngas compressor train 

installed at the backend ammonia loop [257]. In practice, the natural gas supply is guaranteed 

at high levels of pressure, thus it seems to be preferable to maintain the operating conditions 

of the syngas production at higher pressures. Other benefits of an increased operating pressure 

in the overall plant include smaller reactors, better ammonia conversions, as well as improved 

refrigeration and separation conditions. 

Fig. 8.12. Exergy destruction breakdown for representative components of the studied syngas 

production plants. 

  
Source: Author. 
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Some approaches found in the literature are in the same line of thinking of the subject 

presented in this chapter. As mentioned earlier, the partial oxidation gas turbine (POGT) 

simultaneously produces power and a secondary fuel that usually is a hydrogen-rich gas, 

which renders it well suited for the coproduction of power and chemicals. In this way, like the 

POGT systems, the configurations proposed here may also provide a secondary fuel that can 

be burned in a bottoming cycle (a cogeneration steam cycle, for instance) [264]. Moreover, 

according to some studies [265], the working fluid (fuel gas) provided by the partial oxidation 

reactor has a much higher specific heat than the complete combustion products. Thus, from an 

operational and thermodynamic point of view, more energy per unit mass of fluid can be 

extracted from the POGT expander compared to the typical gas turbine systems. As a result, a 

much smaller compressor is required, one that typically supplies less than half of the air flow 

required in a conventional gas turbine [264]. Other desirable features such as the ultra-low 

NOx emissions are also shared with the steam injected gas turbine systems. 

Thus, as a preliminary conclusion, non-conventional approaches will be worthy to explore, 

considering the limited room for improvement in the reactive components. Actually, the 

energy-intensive nature of the current technical process is mainly due to the large amount of 

exergy consumed in the process air enrichment and compression, syngas recompression, the 

steam generation in auxiliary boilers and the carbon capture systems, from which the highest 

potential of exergy saving are expected [34]. Moreover, it has been also shown that the 

modification of the chemical process layout impacts the whole system irreversibility and 

allows for the minimization of the amount of exergy consumed in the syngas production unit. 

In this way, all the proposed novel configurations prove to be relevant in order to identify the 

opportunities of improvement in the syngas and hydrogen production systems. It is 

nevertheless important to point out that further economic evaluations should be performed in 

order to determine the marginal investment and risk cost involved [266]. However, exergy 

efficiency is not less important even at a cheaper natural gas cost scenario, because higher 

efficiencies are associated to smaller units and utility requirements, thus less operating costs, 

not to mention the striking reduction of the CO2 emissions achieved [34]. 

8.7. Final considerations 

Novel syngas production plants represent interesting applications for improving the exergy 

efficiency and fuel consumption of systems traditionally based on non-renewable resources. 

However, the interrelation between the process parameters, the rearrangement of the new and 

the existing unit operations, as well as the perturbation of the combined steam and power 

production balances render the optimization of these systems a complex non-linear problem.  

In this chapter, five different configurations have been compared, namely a conventional 

syngas production system and four proposed chemically recuperated gas turbine (CRGT)-

based concepts with single and dual levels of pressure. The minimization of the specific 

exergy destruction is considered as the objective function. More sensitive exergy efficiencies 

for both the overall plant and the cogeneration system have been also evaluated. As a result, 

even at optimal operating conditions, the proposed single and dual pressure configurations 
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present a specific exergy destruction ranging from 87.5 to 95.2 MJ/kmolH2. However, those 

values are found to be 3-12% lower than the obtained for the conventional process.  

Moreover, the exergy fuel consumption in the proposed CRGT configurations is estimated as 

0.5-2.7% lower than in the conventional design. Meanwhile, the cooling requirement in the 

proposed setups is substantially reduced (up to 10%) compared to the conventional plant. By 

using a dual pressure configuration, the reacting driving forces in the reforming sections are 

also reduced. Additionally, the integration of a waste heat recovery steam network actually 

leads to a reduction of the exergy losses associated to the consumption of high-grade utility 

streams (e.g. chemical exergy of the fuel) to merely produce steam in the auxiliary boilers.  

Clearly, the minimization of the exergy destruction is not a priori an economic criterion, since 

this task is often achieved at the expense of additional capital investments. However, exergy 

efficiency is not less important, since higher efficiencies are associated to smaller units and 

utility requirements, not to mention the striking reduction of the CO2 emissions (useful in 

credit carbon economies). It is thus necessary to further discuss the relationship between the 

overall exergy destruction, its distribution throughout the chemical process and the economy 

thereof. 

 

Analogously to the analysis that has been developed for the frontend syngas production 

process, in the next two chapters, the effect of the operating parameters and the process 

structure in the optimal configurations of the backend ammonia synthesis loop is thoroughly 

examined in light of the counteraction principle.  
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CHAPTER 9 
 

MODELING AND OPTIMIZATION OF AN INDUSTRIAL 

AMMONIA SYNTHESIS LOOP 
9. Papers Published and Conferences Attended 

In this chapter, the modeling and optimization of an industrial ammonia synthesis loop that 

produces 1,000 tNH3/day is presented. The influence of some critical operation parameters on 

the exergy performance of the overall loop and the major components thereof is analyzed 

through a series of baseline and improved scenarios. It is worthy to notice that, the ammonia 

synthesis is a highly exothermic process, thus, higher per-pass conversions are only achieved 

by using various sequential catalyst beds. Thus, a near-optimum reactor conversion vs. 

temperature profile can be attained by regulating the inlet temperature of each bed. This is 

performed via indirect heat recovery, either by preheating the reactor feed gas or by using 

waste heat boilers.  

Expectedly, by operating close to the line of optimum conversion for each reaction rate, lower 

catalyst volumes may be required. However, the optimal operating conditions of the catalytic 

beds alone do not seem to totally define the optimal performance of the overall ammonia 

loop. Indeed, it will be shown that the optimal design is rather a complex function of the 

standalone equipment performance and the interaction of all the synthesis loop components, 

even though largely influenced by the reactor performance. 

In this chapter, exergy is used to quantify the efficiency and minimize the exergy destruction 

rate along the various components of the ammonia synthesis loop, as well as to optimize the 

process revenue as a function of the most critical operation parameters. Since the proposed 

objective function, namely the exergy destruction minimization, shows to be oversensitive to 

some specific process variables, some graphical maps based on extensive case studies have 

been prepared to illustrate the sharp variation of the objective function with the main process 

variables.  

9.1. Performance indicators proposed for the industrial ammonia synthesis loop.  

According to Fig. 9.1, the ammonia synthesis unit is composed of the makeup syngas 

compressor, the ammonia reactor, the waste heat recovery network, and the condensation and 

separation systems. Since the operating conditions of every component are interrelated to each 

other, the minor modification largely affects the different sections of the plant flowsheet. 

Initiallt, the fresh syngas compressed above 150 bar is fed to the ammonia reactor, where a 

nitrogen conversion between 10-30% is achieved in presence of a magnetite catalyst [41]. In 

order to achieve a higher conversion per pass, the reactor is split into three sequential catalyst 

beds with intercooling, as discussed in previous chapters. The converter performance and, 

consequently, the loop efficiency, are affected by the pressure, temperature and composition 

of the reactor feed, as well as by the amount of inerts and ammonia recycled, the heat removal 
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and the catalyst design. The build-up of inerts (i.e., argon and methane) is controlled by a 

continuous withdrawal of a portion of the hydrogen-rich recycle gas to keep inerts 

concentration down to an acceptable level [70]. This withdrawal is better performed after the 

ammonia bulk removal and before the fresh syngas addition, where the concentration of inerts 

is higher [94]. 

Fig. 9.1. Flowsheet of the industrial ammonia production unit. 

  
Source: [237]. 

Table 9.1 compares the rational exergy efficiency, Eq. (9.1), along with other exergy 

efficiency definitions, Eqs.(9.2-9.4), proposed for evaluating the overall performance of the 

ammonia loop [206]. It must be noticed that, since the exergy of the input and output material 

flows are much larger than the exergy flows (i.e., power), the rational exergy efficiency may 

untruthfully lead to high and similar values.  

Table 9.1. Comparison between the exergy efficiency definitions of the overall ammonia 

synthesis unit. 

Definition Formula 

Rational  

(9.1) 
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1 1

useful output Dest Dest
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PHinput input
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To overcome this problem, an alternative approach has been firstly suggested by Kirova-

Yordanova [19]. The author proposal consists of considering the useful exergy of the material 

output (i.e. ammonia) as transit exergy, subtracting it from the numerator and denominator of 

Eq.(9.2), Table 9.1. However, Eq.(9.2) must be carefully used, since it considers that all the 

outlet material flow is exergy in transit, although a chemical reaction of the makeup syngas 

occurs in the ammonia loop [267]. Equation (9.2) also assumes that all the non-reacted 

nitrogen and hydrogen is recycled back to the ammonia converter and, thus, liquid ammonia, 

methane and argon are the only material exiting the system.  

In an attempt to truly differentiate between the transiting exergy and the consumed exergy, the 

transiting exergy in the utilizable stream should be calculated as the part of the exergy 

entering a unit operation and going through it without undergoing any transformation [268]. 

However, according to Brodyansky et al. [176], apart from the inerts and the purged 

hydrogen-rich gas, the raw material fed to the ammonia synthesis loop has undergone 

chemical transformations. Accordingly, the transit exergy concept is useless in overcoming 

this problem. 

Thus, in the light of the technical limitations of the previous exergy definitions and bearing in 

mind the net exothermic nature of the chemical process [245], an alternative way to calculate 

the loop performance is proposed as shown in Eq.(9.3), Table 9.1. By considering an ideal 

case in which all the exergy input that was neither embodied in the ammonia nor in the off-

gas products is recovered in the form of steam (i.e. the waste exergy recovery is maximized), 

the exergy balance could be written as in Eq.(9.5): 

0

Compressor Circulator Refrigerator0Dest Steam Fresh Syngas Ammonia Purge BFWB B B B B W W W B              (9.5) 

Thus, Eq.(9.5) imposes a limit for the maximum exergy recovery in the form of steam, when 

pressure drop ( Circulator 0W  ) and process irreversibility ( 0DestB  ) tends to zero. It is worthy 

to notice that, since the difference and not the absolute exergy flow rates are written in 

Eq.(9.3), the shortcomings of the exergy efficiency definition of systems with large recycle 

streams can be overcome. This exergy definition relies on the fact that the enthalpy of 

reaction of the ammonia synthesis represents about 8.8% (2.718 MJ/tNH3, energy basis) of the 

overall consumption of the ammonia production plant. For this reason, there is a strong 

incentive in recovering as much as possible this waste heat by maximizing the steam 

generation [41]. Furthermore, unlike the integration scenario in which the high-grade waste 

heat was available at a higher temperature (e.g. at the ATR outlet), the excess heat in the 

ammonia synthesis is available at temperatures closer to the operating conditions of the steam 

boiler. Consequently, the process irreversibility is reduced when steam is generated from this 

source. Thus, it is important to emphasize that the aim of the recovered exergy efficiency, 

Eq.(9.3), is not to merely account for the production of steam, but for the maximization of the 

exergy recovered.  

On the other hand, it may be arguable that the objective of the chemical loop is the ammonia 

production, rather than expending the valuable exergy of the incoming syngas to produce low-
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grade steam. Therefore, a second exergy efficiency definition is proposed, Eq. (9.4), 

calculated as the ratio of the minimum exergy consumption in the ammonia production (i.e. 

the chemical exergy of ammonia, 327,000 kJ/kmol) to the actual exergy consumption of the 

loop. Despite of the physical meaning of Eq.(9.4), the denominator includes the absolute 

exergy values of the material flows, which patially compromises its sensitivity to the loop 

parameters. Anyhow, Eq.(9.4) gives a measure of the deviation from the scenario of minimum 

exergy demand when ammonia is built from the elements of the environment.  

Table 9.2 contrasts the consumed-produced against the rational exergy efficiency definitions, 

proposed for representative components of the ammonia synthesis loop. In Eq.(9.7), the 

efficiency of the synthesis reactor is defined in terms of the increase of the physical exergy of 

the reactor effluent at the expense of a fraction of the chemical exergy of the reactants [69].   

Table 9.2. Comparison of the exergy efficiency definitions for representative equipment.  
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Two approaches have been considered for calculating the exergy efficiency of the 

refrigeration cycle, Eq.(9.8). Differently from the first approach (identified as CP), the second 

definition (i.e. CP2) includes the irreversibility arisen from the finite temperature  difference 

in the evaporator. In this way, the term PH

ProcessGasB  stands for both the inlet and outlet exergy 

flow rate of the refrigerated mixture. 

9.2.Optimization problem definition 

The equilibrium-limited ammonia synthesis is an interesting application for examining the 

difficulties faced in the optimization of chemical processes working under the reaction-

separation-recycle-purge scheme. Notwithstanding, due to the interrelation between the feed 

temperatures and compositions, the reaction kinetics and the arrangement of the catalytic 

beds, the ammonia condensation, and the heat recovery network, finding out the operating 

parameters that optimize the overall performance of the ammonia loop is a formidable task. 
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Considering only the catalytic beds, the kinetics already exhibit a strongly non-linear 

relationship with the reactor temperature. Away from the equilibrium, the kinetics are favored 

by a temperature increase, which also leads to an increase in the conversion [141]. However, 

the reaction rate slows down as approaches to the equilibrium, since the maximum conversion 

decreases at higher temperatures [23, 139]. Industrially, the most widespread strategy to 

increase the per-pass conversion consists of an intercooled, multiple bed ammonia reactor [25, 

269]. Nevertheless, by continuously shifting the reaction away from equilibrium, not only the 

ammonia yield but also the irreversibility of the system are increased, thus, reducing the loop 

efficiency and increasing the utilities demand [69]. Accordingly, the intercooling introduces 

an additional but necessary source of irreversibility, since it simultaneously allows increasing 

the ammonia yield while integrates the chemical plant to the steam network [25, 41].  

Meanwhile, some practitioners purposely increase the reactor space velocity (volumetric flow 

per unit of reactor volume) so that larger ammonia throughputs can be achieved, even at 

expense of a reduced per-pass conversion and reactor temperature [270]. The reasoning 

behind this deliberate increase in the circulation rate lies in the Le Châtelier Principle, which 

attempts to increase the ammonia production by increasing the reacting driving force [142]. 

As expected, the reduction of the per-pass conversion also leads to a reduced amount of per-

pass exergy destruction [69]. However, as it will be shown, it does not necessarily entails the 

reduction of the overall irreversibility in the loop. Moreover, by arbitrarily reducing the 

stoichiometric H2 to N2 ratio of the makeup syngas, whereas keeping the purge gas fraction as 

constant, the circulation rate can be willingly increased but only at the risk of the stability or 

blow-off of the exothermic reactor [270]. Additionally, a prohibitive pressure drop and an 

increase of the circulator power and refrigeration demands may be also triggered. 

Regardless of the previous approaches adopted, according to the Counteraction Principle, the 

large driving forces (-ΔG) or, equivalently, the avoidable exergy losses occurring in the 

standalone chemical reactor may be reduced by applying a counteraction that increases the 

temperature of the exothermic reactor feed [69]. However, it should be also determined the 

effect of this perturbation on the overall ammonia synthesis loop. Table 9.3 details the 

optimization problem formulated for the minimization of the exergy destroyed in the whole 

loop per unit of exergy of useful product by considering that the capital costs are nearly 

constant for a given operating pressure [169, 271]. The solution of this problem allows to 

determine the most suitable approach-to-equilibrium and the best temperature profile along 

the reactor beds of a 1,000 tNH3/day ammonia loop. Since the simulation of chemical 

processes is likely to pose convergence issues due to the snowball effect [142], a smart initial 

guess for the properties of the torn stream is necessary. Furthermore, advanced acceleration 

methods (dominant-eigenvalue) have been preferred over inefficient successive substitution 

methods. A sequential quadratic programming (SQP) tool in Aspen® Hysys is used to solve 

the optimization problem described in Table 9.3. 
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Table 9.3. Optimization problem definition. 

Objective function: Exergy destruction minimization. 

Subject to the constraints: 

 Minimum temperature approach at the gas-gas heat exchanger, 30°C. The enthalpy of reaction of the first bed 

must be enough to raise the temperature of the incoming feed gas, 

 Minimum temperature approach in the waste heat recovery exchangers, 30°C. Avoid temperature cross 

between the process gas and steam,  

 Convergence of the recycle tearing, 

 Composition of inerts (< 15.4%) and ammonia (< 2.6%) in recycled gas are kept down to acceptable levels. 

 Maximum catalyst temperatures, 550ºC. Metallurgical limitations at high pressure, adverse effects on catalyst 

activity and lifespan,  

 Risk of poisoning by even low O2 concentrations sets a practical lower bound to the catalyst temperature, 

290°C. 

Design Variables: 

 Preheating temperature of the feed gas going to the first bed, T1 (290-500°C). 

 Intercooling temperature of the feed gas going to the third bed, T3 (290-420°C). 

 Makeup syngas molar composition (Fresh syngas H2/N2 ratio). 

 Loop pressure (150 bar, 200 bar). 

Constants: 

 For both 150 and 200 bar, reactor volume 1º bed: 29.4m
3
; 2º bed: 29.4m

3
; 3º bed: 39.3m

3
. 

 Reactor void fraction, 0.46 [79, 222]. Catalyst effective diameter, 3mm. Catalyst bulk density, 2300 kg/m
3
, 

 Circulator and refrigerator compression efficiency (85%), 

 Ammonia production rate (1000 metric t/day nominal), 

 Cooling water and boiler feedwater temperatures, 25°C-40°C, 

 The diffusion and hydrodynamics effects are neglected. 

9.3.Base-case and optimal operation conditions 

Table 9.4 summarizes the process variables defined for the base-case and those calculated for 

the optimal operation conditions, according to the optimization problem given in Table 9.3. It 

is worthy to notice that, for both base-case operation pressures, a higher temperature T1 (cf. 

Fig. 9.1) has been purposely selected, promoting so a counteraction effect that aims to reduce 

the local irreversibility in the highly exothermic ammonia reactor. Consequently, a lower 

temperature T3 is chosen, so that, as the ammonia conversion progresses, the reacting driving 

force in the last reactor bed is reduced.  

Yet, it is also evident that, despite the fact that this approach effectively allows for a reduction 

of the share of exergy destruction in the reactor, the overall performance of the ammonia loop 

is not proportionately improved. Indeed, when the base-case operation figures are compared 

with the optimal ones, the power consumption is considerably increased in the former cases. 

As it will be explained along this chapter, the observed behavior follows a more complex 

relationship between the different components of the ammonia unit. 

For instance, the power consumption in the refrigeration system of the base-case design 

operating at 150 bar (SP150) is 69% higher than in the optimal design, whereas the circulator 

power consumption is fivefold the power consumed in the optimal case. This is a direct 

consequence of an increased recycle rate, which reduces the reactor conversion in about 40%. 

For the base-case operating at 200 bar (SP200), the refrigeration power consumption is 
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threefold the power demand of the optimal case, whereas the circulator power consumption 

sharply increases as the reactor conversion is reduced in about 79%. Thus, due to the lower 

nitrogen conversions and larger circulation rates, the worst refrigeration figures occur in the 

base-case operating conditions. On the other hand, the cooling water consumption is reduced 

by increasing the loop pressure and reducing the recirculation flow.  

For the optimal setups of the SP150 and SP200 configurations, the syngas compression 

consumes almost 61% and 75% of the total power supply, respectively, followed by the 

ammonia refrigeration cycle (36% and 24%) and the circulator. Contrarily, in the base-case 

setups, the power consumption of the refrigeration and syngas compression systems are 

comparable. It is important to notice that, the overall power consumption is similar for both 

optimal cases (approx. 13 MW). Moreover, lower amounts of ammonia and inerts are 

recycled to the reactor when operating under the optimal case of the SP200 configuration, 

which reduces the recycle molar flow rate, and thus the refrigeration and the circulator power 

consumption. However, since the power required for makeup syngas compression purposes in 

the optimal case of the SP200 configuration is 21.5% higher than in the SP150 counterpart, 

the latter case remains competitive in terms of both power consumption (only 3.1% higher) 

and economic revenues (vide Table 9.4). 

As a result, the highest exergy consumption corresponds to the base-case of the SP200 

configuration (21.9 MW), whereas base-case scenario operating at 150 bar consumes approx. 

18.9 MW. Given the compressor and circulator efficiencies and the pressure drop throughout 

the loop, some authors reported that a pressure-independent power consumption is obtained 

when operating between 140-315 bar, with a flat minimum between 155 [95] and 220 bar 

[56]. However, those claims should be interpreted with care since they are actually dependent 

on assumed conditions about the catalyst activity and the feed temperatures of each bed. 

Those studies also seem to ignore the relevance of the steam production and its impact on the 

plantwide energy balance [56]. Thus, in the subsequent sections it will be shown that the 

selection of a non-optimal reaction temperature, pressure and feed composition might rather 

entail an increased power consumption and a higher loop inefficiency.  

Table 9.4. Main process variables of the base-case and calculated optimal operating 

conditions for a 1,000 tNH3/day industrial ammonia unit. 

 150 bar (SP150) 200 bar (SP200) 

Process parameter Base-case Optimal Base-case Optimal 

First bed gas preheating temperature, T1 (°C) 450 365 410 310 

Third bed inlet gas temperature, T3 (°C) 340 400 340 380 

Fresh syngas H2/N2 ratio 2.97 2.99 2.83 2.94 

Fresh syngas inerts content (%) 1.25 1.27 1.10 1.22 

Recycle ammonia content (%) 2.38 2.23 2.58 1.90 

Recycle inerts content (%) 13.55 11.40 15.40 8.43 

Recycled reactor feed H2/N2 ratio 2.50 2.89 0.65 2.39 

Recycle molar flow rate (kmol/h) 34,642 20,889 37,998 15,118 

Fresh syngas compression power (kW) 8,140 8,140 9,890 9,890 

Refrigeration power consumption (kW)
1
 8,267 4,883 8,996 3,104 

COP Carnot 4.42 4.42 4.42 4.42 
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 150 bar (SP150) 200 bar (SP200) 

Process parameter Base-case Optimal Base-case Optimal 

COP actual 2.43 2.43 2.43 2.43 

Circulator power consumption (kW) 2,475 489 3,048 108 

Purge gas fraction (%)
2
 7.0 7.0 7.0 7.0 

First bed conversion (%) 10.9 17.5 5.1 20.7 

Second bed conversion (%) 2.3 6.0 0.8 6.5 

Third bed conversion (%) 2.4 5.8 1.0 7.2 

Reactor conversion (%) 15.0 24.9 6.7 31.2 

Waste heat recovery rate (kW)
3
 22,870 27,826 20,686 28,622 

Cooling water - gas condensation (kW)
4
 9,010 9,122 10,880 11,190 

Cooling water – refrigeration cycle (kW)
4
 25,920 15,310 28,200 9,728 

Incomes ($/t NH3)
5
 642.1 649.4 626.1 649.2 

Costs ($/tNH3)
6
 472.1 417.3 440.4 416.6 

Revenues ($/tNH3) 169.9 232.1 185.6 232.6 

Annualized Bare Module Cost ($/tNH3)
7
 73.2 24.1 51.0 26.9 

1. Condenser pressure: 13.6 bar, evaporator pressure: 115.2 kPa. Minimum temperature approach: 5-10ºC; 2. As a 

constant fraction of the total molar flow of the fresh syngas (makeup); 3. Saturated steam at 100 bar; 4. Cooling water 

maximum outlet temperature: 35-40°C; 5. Ammonia price: $32/GJ; 6. Natural gas cost: $9.7/GJ. Annualized bare module 

cost included; 7. Interest rate 6%, lifespan 20 years. CEPCI: 550 (2010) [115, 129]. 

 

As expected, according to Table 9.4, if the circulation rate is increased at constant loop 

pressure and ammonia yield rate, a lower reactor conversion is obtained, with a subsequent 

depart from the equilibrium and an increase the reaction rate [25]. Higher recycle flow rates 

are reported as advantageous when an increase of ammonia plant capacity is aimed to [270]. 

Despite of this, due to an increased circulation rate in the base-case scenarios, a higher 

amount of ammonia is recycled to the reactor, eventually hindering the nitrogen conversion. 

In the latter case, lower separation temperatures would be necessary so that smaller amounts 

of recycled ammonia in the reactor feed stream are obtained [95]. On the other hand, since the 

level of temperature of the waste heat recovery also decreases with a higher recycle rate, 

larger heat exchanger areas and piping sections are required to account for increased flows, 

and also a higher power consumption is needed to overcome these pressure drops.  

As a final remark, it must be observed that the higher the space velocity, the larger the 

separation vessels required for appropriate residence times, which increases the capital costs. 

Furthermore, due to the increased utilities consumption, lower revenues are achieved when 

operating under the base-case conditions. In conclusion, even if the base-case designs are in 

agreement with the counteraction principle applied to the reactor in isolation, the overall loop 

performance is not solely defined by the reactor performance. 

9.4.Reaction kinetics in the intercooled, multiple bed catalytic reactor 

Figures 9.2(a-d) graphically represent the relationship between the kinetics parameters (i.e., 

feed temperature, conversion and reaction rate) and the intercooling operating conditions. The 

kinetics properties correspond to the Montecatini catalyst (cf. Chapter 5). The contours of 

constant reaction rate, as well as the equilibrium and adiabatic operation lines have been 

determined for each one of the operating conditions reported in Table 9.4.  
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It is important to notice that, even a slight deviation from the stoichiometric H2/N2 ratio in the 

makeup syngas fed to the ammonia loop may evolve into an appreciably different H2/N2 ratio 

in the converter feed stream (see Table 9.4) [65]. Such an extreme scenario is appreciated in 

the base-case case shown in Fig.9.2(c), in which the low reactor conversion and large recycle 

rate are responsible for a striking reduction of the calculated H2/N2 ratio of the recycled 

reactor feed (~1). Even though these extremely low H2/N2 operation ratios may not 

immediately represent practical applications, they are interesting for analyzing the effect of 

the variation of some loop parameters (particularly the reactor feed temperature) on the 

feasible window of the operating conditions. Some studies [25] reported a marked dependence 

of the reaction rate on the H2 to N2 ratio. For instance, the maximum reaction rates reportedly 

occur at lower H2 to N2 ratios when the variation with the temperature is found to be almost 

flat. However, at higher H2 to N2 ratios, e.g. close to 3:1, a sharp drop in the reaction rate is 

observed as the temperature falls. This is commonly attributed to a hindered condition of the 

hydrogen absorption at lower temperatures [25]. 

Furthermore, according to Fig. 9.2(a and c), as long as the departure from equilibrium and, 

thus, the reaction rate, are increased, the available enthalpy of reaction and, consequently, the 

temperature of the reactor effluent, are reduced. This drastically affects the heat recovery 

performance as well as the conversion in the second reactor bed. In this way, the base-case 

SP200 configuration represents a thermodynamically and kinetically feasible scenario, but 

also one in which the minimum ignition temperature of the autothermal reactor is barely 

achieved.  

Some important conclusions drawn from the performance of the optimal setups point to the 

fact that the decision-making on the optimum reactor inlet and outlet temperatures is a trade-

off between the approach to and the departure from the equilibrium line [41]. Furthermore, 

even though the reacting driving force is readily modifiable by intercooling the reactor beds, 

the expected outcome of applying the Counteraction principle to the reactor in isolation is not 

necessarily equivalent to that in which the reactor is embedded in a broader, more complex 

thermal systems.  

As it has been shown, the increase of the reacting driving forces in the ammonia converter 

does not always lead to an increased irreversibility of the whole system, since the global 

effect of the finite driving forces in that equipment may be compensated by the enhancement 

of the performance of the integrated chemical unit (enhanced power consumption, cooling 

duty, recycle composition, equipment size, etc.). Conversely, optimal operation conditions for 

the ammonia loop as a whole do not necessarily correspond to an optimal operation condition 

of the ammonia reactor alone [13, 41, 146, 147]. This is a characteristic of highly non-linear 

chemical systems where some changes that are individually detrimental may lead to improved 

performances when overlapped [272]. 

For instance, Sauar et al. [269] applied the principle of equipartition of forces that promots 

close to uniform driving forces along the reactor. The authors aimed to demonstrate the 

relevane of the evaluation of the isoforce operating lines for determining the trade-off 

between the augmentation of the ammonia throughput and the reduction of the entropy 
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generation in the reactor. The procedure attempted to minimize the rate of entropy generation 

for a constant ammonia yield. The authors demonstrated that the optimum operation line 

(minimum entropy generation rate) lies between the line for the equilibrium and the line of 

maximum conversions for each reaction rate. They also suggested that, by operating the 

reactor at 0.95 times the maximum reaction rate, the entropy production rate could be reduced 

by 31%. A smaller reaction rate means that, nevertheless, the reactor should be increased to 

maintain the ammonia yield. 

Fig. 9.2. Conversion vs. Temperature. (a) Base-case 150 bar, (b) Optimal case 150 bar, (c) 

Base-case 200 bar, (d) Optimal case 200 bar. Reaction rates are given in kmol/m
3
-h. 

 

 
Source: Author. 

9.5.Exergy analysis of the base-case and optimized ammonia loop configurations. 

In this section, the exergy performance and some suitable alternatives for improving the 

exergy efficiency are discussed. Figures 9.3 and 9.4 show the exergy destruction rates and the 

exergy destruction breakdown, respectively, for the most representative components of the 

ammonia loop.  

Even though the exergy associated to the unreacted feed or the inerts flows typically 

constitutes transit exergy in the reactor beds [177], the magnitude of those exergy flows 
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fundamentally affects the reactor and, consequently, the performance of the entire loop. In 

fact, due to the large recycle rates and lower per-pass conversions, the exergy destruction in 

the ammonia reactor is appreciably higher than in other industrial exothermic reactors [55, 

186]. Fortunately, although most of the exergy destruction in the chemical process is 

unavoidable, some exergy losses can still be reduced by reducing the internal irreversibility 

associated to the heat transfer (e.g. by preheating the reactants) [151] or by introducing 

configurations running on dual levels of pressure. 

In fact, it is important to highlight that an increase of the reactor pressure entails a reduction 

in the power consumption of the circulator and the refrigeration systems, but only at expense 

of a higher exergy consumed in the makeup syngas compressor. Thus, aiming to reduce the 

syngas compression while maintaining the ammonia yield, dual pressure ammonia loop 

configurations (e.g. Udhe® dual process [221, 273]) have been lately introduced. This setups 

start at a lower operation pressure, only to proceed the conversion process at a subsequent 

elevated pressure. This case is analyzed in more detail in the next chapter. Certainly, non-

conventional approaches will be worthy to explore considering the current limited room for 

improvement in the reactive components. In fact, the highest exergy savings are expected 

from the waste heat recovery and the syngas compression and refrigeration systems [274]. 

Fig. 9.3. Exergy destruction of representative components of the ammonia loop. 

 
Source: Author. 

According to Fig. 9.4, the exergy destruction share of the reactor is effectively reduced when 

a counteraction is applied in order to reduce the reactive driving force. However, a local 

reduction of the exergy destruction seems to be less important when the optimal operating 

conditions of the reactor are rather dictated by its interaction with the remaining energy 

systems. Meanwhile, Fig. 9.5 shows the overall exergy efficiency of the overall ammonia loop 

as defined by Eqs. (9.1-9.4). Higher rational exergy efficiencies are less sensitive to the 

variation of the process parameters. On the other hand, both transit and recovery definitions 

seem to better reflect the true nature of the energy intensive ammonia loop, inasmuch as they 

only take into account the variation of the loop parameters in the evaluation of the process 

performance. 
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Fig. 9.4. Exergy destruction breakdown for representative components of the ammonia loop. 

  
Source: Author. 

Fig. 9.5. Plantwide exergy efficiencies of the base-case and optimal scenarios. 

  

Source: Author. 

 

The transit efficiency definition is nonetheless slightly higher than the recovery efficiency 

since the former assumes that all the non-reacted nitrogen and hydrogen is recycled back to 

the ammonia converter, and only liquid pure ammonia, methane and argon exit the loop. In 

other words, neither the purged offgas nor the low pressure hydrogen-rich stream are 

considered as products. Besides, the term PH

BFWB in Eq.(9.2) is considered as an exergy input, 

and not as transit exergy in the heat recovery steam generator. Actually, the numerator in 

Eq.(9.2) has been originally proposed in terms of the electricity generated in an additional 

energy conversion process, e.g. an associated Rankine cycle [19]. However, in the present 

work, the boundaries of the system studied are restricted to the steam generation process. The 

reason is that the recovery of the reaction enthalpy in the form of steam is actually linked to a 

more complicated combined steam and power generation system in the integrated syngas and 

ammonia production plant. Furthermore, fixed the available header pressure levels in the 

steam network system, there is not necessarily a direct relation between the power cycle 



155 

 

performance and the ammonia loop parameters, since the steam system should be able to 

compensate the deficit in the steam network. Accordingly, the loop performance and the 

steam generation potential are suitably estimated by the recovery efficiency definition. This 

definition attempts to determine the opportunity to ideally recover all the dissipated heat in 

the form of a valuable ammonia unit byproduct, namely, high pressure steam.  

On the other hand, the relative efficiency has been defined by using the minimum theoretical 

exergy consumption required to produce ammonia from the elements in the environment. As 

such, the relative efficiency accounts for the maximum potential of energy savings, including 

the upstream production processes of nitrogen and hydrogen. But, despite its broader scope 

and improved sensitivity compared to the abnormally higher rational efficiency, this indicator 

still copes with the reduced sensitiveness of other efficiency definitions used for evaluating 

the performance of the bulk chemicals production processes with large material flow rates. 

Finally, Figs.(9.6-9.7) depict the exergy efficiencies of representative components of the base-

case and optimized ammonia loop setups for each pressure studied.  

Fig. 9.6. Exergy efficiencies for representative components of the ammonia loop (150 bar). 

 

Source: Author. 

It is interesting to remark the difference in the results obtained from the various exergy 

efficiency definitions for the refrigeration cycle. Since the consumed produced efficiency CP2 

includes the exergy destroyed in the control volume of the evaporator, the exergy efficiency is 

appreciable lower than in the case in which only the exergy of the heat transferred at -30ºC is 

considered. Moreover, it is not surprising that the consumed-produced exergy efficiencies in 

the refrigeration cycle are similar in all the cases, considering that the isentropic efficiency of 

the refrigeration compressors is assumed equal, and the compression ratios were selected to 

reduce the refrigeration power consumption. Regarding the consumed-produced efficiency of 

the ammonia reactor for the base-case scenarios, these value are at least 40% lower compared 

to the optimized cases. 
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Fig. 9.7. Exergy efficiencies for representative components of the ammonia loop (200 bar). 

 

Source: Author. 

Definitely, the experimental validation of the different configurations studied would be 

prohibitively expensive, and for this reason, some figures reported on the exergy efficiency 

and irreversibility are thoroughly discussed. Nielsen et al. [95] reported a significant influence 

of the variation of temperature of the cooling water on the power consumption of the makeup 

syngas compression system, but most critically of the ammonia refrigeration system. In this 

study, a typical 1,000 t/day ammonia synthesis unit operating at 140 bar, with a cooling water 

temperature of 30°C and ammonia product at -33°C has been considered. For the simulated 

case, the maximum exergy loss in the ammonia loop attained 26.7-29.0 MW, of which 67.2% 

are attributed to the ammonia synthesis and separation, and the remaining, to the compressor 

and other ancillary systems. Those values are in agreement with the irreversibility calculated 

in the present work (25-40 MW), which has been also found to be highly dependant on the 

utility consumption and the operation parameters, especially the loop pressure.  

Sorin and Brodyansky [275] presented a thermodynamic optimization method that allows to 

target and reduce the transformed exergy input of the subsystems in the ammonia production 

unit. Those subsystems include the syngas compression, the chemical reactor, the separation 

of the loop products and the recycling of non-reactive components. The analysis also involves 

the combustion of the purge gas. Since the synthesis loop operates at 270 bar, the authors 

analyzed the advantages of reducing the pressure and the suitability of increasing the 

ammonia separation by providing a lower temperature cooling utility. It has been found that, 

by decreasing the system pressure from 270 bar to 150 bar, the efficiency of the original 

system (74.3%) decreases only 2.3%. The calculated efficiency is in close agreement with the 

relative definition of the exergy efficiency presented in this thesis.  

Penkuhn et al. [274] compared the exergy efficiency of two ammonia loop configurations 

(1,600 t/day). The first configuration consists of a three stage adiabatic reactor (200 bar) with 

direct intercooling (quenching) and the second configuration consists of an intercooled reactor 
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(140 bar) that uses Dowtherm A as coolant. The exergy efficiencies reported (90.78% for the 

cold-shot cooled and 96.39% for the indirect cooled case) approach those calculated by the 

rational exergy efficiency, whereas the exergy destroyed is significantly different in both 

designs (39.85 MW for the cold-shot cooled and 15.18MW for the indirect cooled case). As it 

has been shown along this chapter, those results are seemingly a consequence of the careless 

calculation of the exergy efficiency in large-volume chemicals production systems. In other 

words, the imbalance between the material and exergy flow rates is likely to be ignored. The 

authors concluded that the quenching process results in a higher exergy destruction and a 

lower overall exergy efficiency. Moreover, the increase of the heat transfer coefficient reveals 

a slight improvement potential, in spite of the virtually unavoidable nature of the exergy 

destroyed in the reaction system.  

A comparative analysis between a conventional ammonia unit (refrigeration only) and two 

alternative ammonia loops with additional recycled ammonia removal technologies have been 

studied by the Department of Energy of the United States [276]. One alternative includes a 

water stripping process whereas the other uses pressure swing adsorption (PSA). The total 

exergy losses for a 1,000 metric ton per day plant range from 39.2 MW (PSA-based) up to 

41.0 MW (water scrubbing-based), with the conventional loop attaining 39.8 MW. According 

to the authors, the high solubility of ammonia in water renders the water stripping ammonia 

removal more energy intensive and less attractive, unless a fluid with less ammonia solubility 

is used. A more recent assessment [277] also uses water stripping for residual ammonia 

removal. The exergy destroyed in the ammonia loop (250 bar), calculated as 35.5 MW, 

represents almost one-third of the total exergy destroyed in the integrated syngas and 

ammonia production plant. The reduction of the inerts content and lower reactor outlet 

temperatures are envisaged as potential modifications that may drive losses down. Modified 

column designs could be helpful in reducing the amount of exergy destroyed (9.64 MW) in 

the residual ammonia removal system. Again, those figures are in close agreement with the 

irreversibility calculated in the present work (max. 40 MW). Furthermore, in the next chapter 

of this thesis, it will be shown how the integration of a cryogenic purge gas treatment unit 

may help increasing the ammonia loop efficiency by recycling a significant fraction of the 

hydrogen recovered at high pressure back to the synthesis loop. 

 

Radgen and Lucas [278] performed a thermodynamic analysis of a fertilizer complex based 

on the combined pinch analysis and exergy analysis. According to the authors, although the 

pinch analysis is more straightforward as a methodology to predict the effect of the variation 

of a process parameters elsewhere in the ammonia loop, the exergy analysis allows for a more 

general insight of the problem, not only limiting the improvement potentials to the energy 

integration. Withal, the exergy analysis demands a heavier effort as it requires explicitly the 

entropy function of the streams. As a result, for a 1,000 t/day ammonia loop, the total exergy 

destruction rate is calculated as 30.9 MW out of which 82.7% are only due to the syngas 

compression, the steam production and the ammonia synthesis reactor. Other irreversibility 

sources are attributed to the ammonia removal and refrigeration, and the purge gas 

purification systems. Other studies [19] analyzed  the effect of the degree of conversion, the 

approach to equilibrium and the inert content (mol 7% CH4, 3%Ar) on the irreversibility of an 
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ammonia loop operating at much higher pressure (300 bar). The exergy destruction reported is 

as low as 18.06-18.95 MW for a loop with a single bed reactor, provided that no inerts are 

present in the reactor feed. A case study showed that the introduction of 10% of inerts on a 

1,000 tons per day plant causes a marked increment (45.5%) on the exergy destruction rate, 

which is worsened if a poor degree of conversion and relatively high circulation ratio (5.7 kg 

gas/kg NH3) are considered. Certainly, the latter scenario is more likely to occur as an 

appreciable amount of inerts are normally recycled back to the converter together with the 

unseparated ammonia produced and the unreacted syngas. In that case, the exergy destruction 

figures achive values similar to those found in the previous analyses (>25 MW). 

Accordingly, the mentioned research works prove to be relevant in order to estimate the 

opportunities of improvement in the ammonia loop, when compared with the results obtained 

in this work. It is nevertheless important to point out that, unlike the analysis performed in 

this chapter, most of these works do not consider the effect of the variation of other loop 

parameters such as bed intercooling, feed composition and loop pressure, and some of them 

were performed on the basis of energy data and assumed Carnot factors for specific 

temperature levels.   

In summary, the ammonia unit performance is found to be fundamentally determined by the 

reactor parameters, followed by the purge and recycle rates and the refrigeration duty. For this 

reason, in the case that the operating conditions of those systems abruptly change, the other 

parameters are expected to change so that the feasible steady state is achieved again [95]. 

Thus, the chemistry and thermodynamics of the process define a window of possible 

operating conditions at which the ammonia synthesis is possible, and out of which no 

convergence of mass, energy and exergy balances could be obtained [95]. However, as the 

number of independent variables increases in that window, the computational effort for 

exploring the search space increases substantially, particularly for the reactor-separator-

recycle-purge schemes, because of their intricate non-linear characteristics [279].  

Therefore, in order to determine a feasible dominion for the optimization problem, the effect 

of the most important parameters on the loop performance has been evaluated through a series 

of case studies. The most interesting of such case studies is the determination of the exergy 

destruction rate as a function of the inlet temperatures T1 and T3 of the catalytic bed for 

different fresh syngas H2/N2 ratios (Figs. 9.8-9.9). These plots have been used to explore the 

boundaries of the feasible region where the studied parameters satisfy the imposed 

restrictions, so they could be understood as feasible maps of the specific industrial ammonia 

production processes studied. It is important to point out that, differently from the SP150 case 

for which the maps exhibit a similar behavior, the case studies shown for SP200 are highly 

dependent on the H2/N2 ratio. Actually, a marked increase of the exergy destruction is 

observed for the cases in which the fresh syngas H2/N2 ratio is about 2.832 (H2/N2 ~1 in the 

reactor feed stream). Thus, despite the fact that the plots shown in Figs. 9.8-9.9 correspond to 

mathematically feasible solutions of the optimization problem, they must be interpreted with 

care. Those results are highly dependent on the model developed as well as on the correlations 

used for the thermophysical properties and vapor-liquid equilibrium (VLE) calculations, 
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among other modeling limitations. At last, when dealing with exothermic autothermal reactors 

that present instability points (near blow off operation states), the convergence of the overall 

process simulation is hindered, which renders the process synthesis and optimization a 

challenging task.  
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Fig. 9.8. Exergy destruction in the ammonia loop as a function of the inlet temperatures T1 

and T3 of the catalytic bed (Loop pressure: 150 bar). 

 

Source: Author. 
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Fig. 9.9. Exergy destruction in the ammonia loop as a function of the inlet temperatures T1 

and T3 of the catalytic bed (Loop pressure: 200 bar). 

 
Source: Author. 
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9.6. Final considerations 

The interrelation between the kinetic, thermodynamic and technical operation parameters of 

the industrial ammonia synthesis unit has been examined by using both the Counteraction and 

the Le Châtelier Principle. Two different suitable approaches have been proposed in order to 

calculate the exergy efficiency of large volume chemicals production, as in the case of the 

ammonia production process. In fact, that kind of systems struggles to fit into an holistic and 

convenient exergy efficiency definition due to the dominance of the exergy of the material 

streams compared to the exergy associated to the power and heat consumption. Furthermore, 

as long as the chemical exergy is internally converted into other forms of exergy and exported 

in the form of steam, purge gas and ammonia product, the application of the transit exergy 

concept becomes inapplicable.  

On the other hand, even at optimal operating conditions, the ammonia synthesis reactor, the 

syngas compression, the ammonia refrigeration and the waste heat recovery system are 

together responsible for about 26 MW of exergy destruction, with the largest figures 

corresponding to the base case condition at 200 bar (38.8 MW). The exergy destruction 

breakdown shows that the ammonia converter and the refrigeration system are together 

responsible for more than 71-82% of the overall irreversibility in the ammonia loop. Better 

catalysts with higher activities and higher reaction rates at lower pressures, and enhanced 

converter designs (dual pressure systems) along with an improved waste heat recovery system 

with more efficient refrigeration processes must be pursued if higher yield and lower exergy 

destruction rates are aimed.  

Moreover, it has been found that, although an increase in the driving forces may imply higher 

exergy destruction rates according to the Counteraction Principle, by solely increasing the 

reacting driving forces in the ammonia converter, the whole system irreversibility is not 

necessarily increased. This is explained by the fact that the global effect of the finite driving 

forces in that equipment may be compensated by the enhancement of the performance of the 

integrated chemical unit. Thus, the minimization of the large amount of exergy consumed in 

the industrial ammonia units is rather a trade-off between lower exergy destruction rates and 

higher ammonia yields. Finally, a series of case studies, that prove to be useful to figure out 

the feasible dominion of the problem of the minimization of the exergy destruction, are also 

presented.  

In the next chapter, the application of the Counteraction principle to the decreasing-volume 

ammonia synthesis reaction aims to reduce the overall irreversibility in the industrial 

ammonia production unit. To this end, the makeup syngas compression, the reactants 

conversion and the ammonia refrigeration and separation are performed at incremental levels 

of pressure, which in turn reduces the utilities consumption and enhance the hydrogen 

recovery from the purge gas.  
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CHAPTER 10 
 

SINGLE AND DUAL PRESSURE AMMONIA PRODUCTION UNITS: 

THE COUNTERACTION PRINCIPLE 
10. Papers Published and Conferences Attended 

Higher per-pass conversions can be achieved by withdrawing the enthalpy of reaction of the 

ammonia synthesis before the reactants have attained the equilibrium. Notwithstanding, any 

increase of the reactive driving force (-ΔG) and, thus, the reactor conversion, also increases 

the irreversibility in that component. On the other hand, the reactor yield cannot be arbitrarily 

increased by solely increasing the reacting driving force, since the loop capacity may 

eventually come up against its practical limits. Accordingly, an alternative way of increasing 

the process capacity consists of producing an additional amount of ammonia outside the main 

synthesis loop [221, 273]. 

For instance, the installation of a pre-converter, i.e., an upstream, once-through ammonia 

reactor in series with the main ammonia loop, has been already proposed [95]. Analogously, a 

post-converter, i.e., a downstream purge gas converter, has been also suggested for revamping 

a 25 years old ammonia plant, but at the expense of a high capital cost [24]. However, since in 

both alternatives the sequential reaction stages operated at the same level of pressure, the 

potentials related to the reduction of the process irreversibility and the makeup syngas power 

consumption remained underexploited.  

Meanwhile, in the Uhde Dual Pressure Process
TM

 [221, 273], the total ammonia production is 

split into an upstream, once-through conversion process at low pressure and other more 

compact, conventional synthesis loop at high pressure. According to some authors, the dual 

pressure system has been conceived to take advance of the economy of scale, since the 

potential reduction of the investment cost is about 20% by doubling the size of a single 

pressure train [41]. More recently, Lippman et al. [273] reported that, based on the same 

depreciation rate, feedstock and manufacturing costs, the specific ammonia production cost is 

11% lower in a 3300 tNH3/day plant integrating the Dual Pressure System if compared with a 

conventional 2000 tNH3/day plant. Furthermore, by using a cryogenic purge gas treatment unit, 

a increase of 5% in the capacity of the ammonia unit has been reported (or the equivalent of 

feedstock economy) [41, 70].  

Thus, in this chapter, the introduction of an additional catalytic once-through converter into an 

industrial ammonia synthesis unit is simulated. Exergy is used to quantify the efficiency and 

minimize the irreversibility generated in the various components of the ammonia synthesis 

loop, while looking for attractive economic revenues, as a function of the most critical 

operation parameters. Three unit configurations are analyzed: two are based on single 

pressure loops (SP150, SP200), whereas the other (DP) operates at two incremental levels of 

pressure (83/200bar). The dual pressure process aims to spotlight the relevance of the 

Counteraction Principle for driving the system irreversibility down and offset the unfavorable 
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effects of the bed intercooling, considering the decreasing-volume equilibrium of the reactive 

mixture. Finally, the performance of an ammonia loop integrated to a cryogenic hydrogen 

recovery unit is compared with other unit that spares the purge gas treatment process. 

10.1. Description of the single and dual pressure ammonia synthesis units.  

Figures 10.1 and 10.2 show the flowsheets of the two types industrial ammonia unit analyzed. 

In the first configuration (Fig. 10.1), the ammonia synthesis is entirely achieved in a single 

pressure loop (cf. Ch. 9), where the unconverted mixture is recycled back to the reactor 

composed of three sequential catalytic beds. Meanwhile, in the dual pressure unit depicted in 

Fig. 10.2, the ammonia production occurs in two sequential conversion sections with 

incremental levels of pressure. In the first section, the fresh syngas is compressed up to 83 bar 

in an intercooled compressor. Next, the syngas is partially converted in a multiple bed once-

through reactor, where about 18% of the overall amount of ammonia is produced. Then, 60% 

of the ammonia is condensed and separated out from the gas, whereas the remaining syngas is 

further compressed up to 200 bar and fed to the high pressure synthesis loop [41]. One benefit 

of the early removal of ammonia is that, after the first ammonia conversion stage, the volume 

of the gas handled is reduced and, consequently, the amount of circulated gas is also reduced. 

Besides, as it will be discussed in more detail later, by gradually increasing the pressure of a 

decreasing-volume reaction, the synthesis of ammonia can be performed in a more efficient 

way [69].   

Fig. 10.1. Single pressure ammonia synthesis flowsheet, cf. Table 10.1 and 10.2 for stream 

properties. 

 
Source: [226]. 
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Again, in both configurations, the loop efficiency is affected by the reactor pressure, the feed 

temperature and composition, the amount of inerts and recycled ammonia, as well as the heat 

removal and the catalyst design [280]. The build-up of inerts (argon, methane) in the loop is 

controlled by a continuous withdrawal of a portion of the hydrogen-rich recycle gas to keep 

the concentrations down to acceptable levels [70].  

Fig. 10.2. Dual Pressure Ammonia Synthesis flowsheet, cf. Table 10.3 for stream properties. 

 
Source: [226]. 

In older ammonia plants, this purge gas has been typically used as supplemental fuel for the 

primary reformer [107]. However, since its valuable hydrogen content represents readily 

available feedstock for ammonia synthesis, and in view of the considerable amount of exergy 

that has been consumed to produce and compress the makeup mixture up to the loop pressure, 

in modern applications, hydrogen is preferably recovered and recycled to the synthesis loop 

[102]. Among various recovery processes, cryogenics can achieve a higher hydrogen recovery 
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efficiency (99.5%), while operating at higher pressures and larger flow rates [104]. Amongst 

the main advantages of the purge gas treatment process, shown in Figs. 10.1-10.2, are (i) the 

removal of the inerts from the ammonia loop with a reduced loss of valuable hydrogen, (ii) 

the enhancement of the reactivity of the system, which in turn reduces the size of the 

equipment, and (iii) the reduction of the power consumption in the syngas circulator and the 

refrigeration systems, since hydrogen and nitrogen are recovered at elevated pressures [94]. 

According to some studies, the hydrogen recovery could be used to increase the production 

about 4% or the equivalent energy savings on the original production capacity [281].  

Accordingly, the purge gas is initially water scrubbed to remove ammonia, otherwise it would 

solidify in the cold box [102]. Ammonia can be distilled out of the aqueous mixture [22] or 

directly applied as a fertilizer [107]. Meanwhile, the moisture in the ammonia-free purge gas 

is removed by means of molecular sieves [22, 97]. In the cryogenic section, an auxiliary 

ammonia refrigeration system along with the heat recovery exchangers [94, 95] cool down the 

mixture to temperatures about -190°C, suitable to separate almost all the methane and argon 

contained in the purge gas stream [94]. Due to mechanical limitations on the brazed aluminum 

plate fin heat exchanger (PFHE), the recovery of the H2-N2 mixture from the purge gas is 

preferably carried out at pressures below 90 bar [97]. After the separation of the vapor 

(basically N2 and H2) and the liquid phases (mostly argon and methane), the vapor is reheated, 

and then the major part is recompressed at essentially the same pressure of the makeup 

syngas. The separated liquid phase is reheated and used in the plant fuel system. Meanwhile, 

the uncompressed fraction of the hydrogen-rich gas could be either externally recompressed 

and recycled to ammonia loop [104] or used as fuel in the ammonia plant [103]. 

Table 10.1-10.3 summarizes some thermodynamic properties of the process streams shown in 

the Figs. 10.1 and 10.2. 

 

Table 10.1. Selected process data of the ammonia synthesis unit operating at 150 bar 

(1,000 tNH3/day), cf. Figure 10.1 for stream number. 

Nº Stream 
n 

(kmol/h) 

T 

(°C) 

P 

(bar) 

B
CH

 

(kW) 

B
PH

 

(kW) 

N2 

(%) 

H2 

(%) 

NH3 

(%) 

CH4 

(%) 

Ar 

(%) 

1 Makeup syngas 5,282.0 35.1 34.7 265,469 12,927 25.0 73.6 0.0 1.0 0.4
1
 

2 W compr. total -- -- -- -- 8,193 -- -- -- -- -- 

3 Fresh syngas 5,362 35.9 150.8 270,836 18,825 24.8 74.0 0.0 1.0 0.2 

4 To 2° separator 22,660 -20.0 147.2 1,477,609 80,025 20.9 59.6 9.4 7.9 2.2 

5 W loop refrig. -- -- -- -- 4,890 -- -- -- -- -- 

6 Recycled syngas 20,979 22.4 147.2 1,326,707 73,057 22.5 64.4 2.2 8.5 2.4 

7 W circulator -- -- -- -- 498 -- -- -- -- -- 

8 To ATHE 20,979 254.2 150.8 1,326,707 84,026 22.5 64.4 2.2 8.5 2.4 

9 Bed 1 feed 20,979 365.0 150.8 1,326,707 94,013 22.5 64.4 2.2 8.5 2.4 

10 Bed 1 outlet 19,335 494.6 149.7 1,312,839 100,885 20.2 57.1 10.9 9.2 2.6 

11 Bed 2 feed 19,335 384.7 149.7 1,312,839 88,945 20.2 57.1 10.9 9.2 2.6 

12 Bed 2 outlet 18,861 422.9 148.6 1,309,138 90,748 19.4 54.8 13.7 9.4 2.7 

13 Bed 3 feed 18,861 400.0 148.6 1,309,138 88,367 19.4 54.8 13.7 9.4 2.7 

14 Bed 3 outlet 18,446 433.8 147.2 1,305,968 89,963 18.8 52.7 16.2 9.6 2.7 

15 BFW inlet 3,997 110.1 100.0 999 1124 -- -- -- -- -- 

16 Steam outlet
2
 3,997 310.0 100.0 999 12,909 -- -- -- -- -- 
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Nº Stream 
n 

(kmol/h) 

T 

(°C) 

P 

(bar) 

B
CH

 

(kW) 

B
PH

 

(kW) 

N2 

(%) 

H2 

(%) 

NH3 

(%) 

CH4 

(%) 

Ar 

(%) 

17 To gas-gas HE 18,446 300.0 147.2 1,305,968 77,133 18.8 52.7 16.2 9.6 2.7 

18 Purge gas 284 30.0 147.2 19,838 982 19.6 55.2 12.3 10.0 2.9 

19 NH3 Product 2,544 -2.6 147.2 233,816 4,456 0.2 0.4 98.3 1.1 0.0 

20 Flashed NH3 8 8.6 80.0 756 14 0.2 0.2 98.8 0.8 0.0 

21 Aquammonia
3
 162 75.9 80.0 2,415 23 -- -- 16.6 -- -- 

22 Purge to refrig. 249 10.0 79.6 16,722 757 22.4 62.9 0.0 11.4 3.3 

23 W cryo. refrig -- -- -- -- 36 -- -- -- -- -- 

24 To cold box  249 -30.0 79.6 16,722 769 22.4 62.9 0.0 11.4 3.3 

25 To cryo. Sep. 249 -190.0 79.6 16,722 1,328 22.4 62.9 0.0 11.4 3.3 

26 Expanded liquid 89 -197.1 1.0 6,899 478 52.0 7.7 0.0 31.8 8.5 

27 HP H2-N2 mixture 87 87 232.0 5,344 338 6.1 93.3 0.0 0.2 0.4 

28 W expander -- -- -- -- 89 -- -- -- -- -- 

29 LP H2-N2 mixture 74 30.0 80 5,344 225 6.1 93.3 0.0 0.2 0.4 

30 Fuel Gas 89 -26.7 1.0 6,899 3 52.0 7.7 0.0 31.8 8.5 

1. Included 0.2% water; 2. Vapor fraction 0.29; 3. Aqueous solution 83.4% water. 

Table 10.2. Selected process data of the ammonia synthesis unit operating at 200 bar, 

(1,000 tNH3/day), cf. Figure 10.2 for stream number.  

Nº Stream 
n 

(kmol/h) 

T 

(°C) 

P 

(bar) 

B
CH

 

(kW) 

B
PH

 

(kW) 

N2 

(%) 

H2 

(%) 

NH3 

(%) 

CH4 

(%) 

Ar 

(%) 

1 Makeup syngas 5,282 35.1 34.7 264,574 12,927 25.2 73.4 0.0 1.0 0.41 

2 W compr. Total -- -- -- -- 9,954 -- -- -- -- -- 

3 Fresh syngas 5,421 36.2 200.0 273,712 20,206 24.7 74.1 0.0 1.0 0.2 

4 To 2° separator 16,206 -20 198.7 982,612 60,927 21.1 65.2 6.5 5.5 1.7 

5 W loop refrig -- -- -- -- 3,090 -- -- -- -- -- 

6 Recycled syngas 15,412 11.6 198.7 911,877 57,281 22.2 68.5 1.8 5.7 1.8 

7 W circulator -- -- -- -- 101 -- -- -- -- -- 

8 To ATHE 15,412 241.9 200.0 911,877 64,309 22.2 68.5 1.8 5.7 1.8 

9 Bed 1 feed 15,412 310.0 200.0 911,877 68,414 22.2 68.5 1.8 5.7 1.8 

10 Bed 1 outlet 13,731 496.9 199.6 897,816 74,705 18.8 58.6 14.3 6.3 2.0 

11 Bed 2 feed 13,731 429.3 199.6 897,816 69,333 18.8 58.6 14.3 6.3 2.0 

12 Bed 2 outlet 13,305 477.7 199.2 894,570 71,120 17.8 55.7 17.9 6.6 2.0 

13 Bed 3 feed 13,305 380.0 199.2 894,570 63,748 17.8 55.7 17.9 6.6 2.0 

14 Bed 3 outlet 12,873 430.0 198.7 891,367 65,364 16.8 52.4 21.9 6.8 2.0 

15 BFW inlet 3,997 110.1 100.0 999 1,124 -- -- -- -- -- 

16 Steam outlet
2
 3,997 310.0 100.0 999 13,466 -- -- -- -- -- 

17 To gas-gas HE 12,873 300.0 198.7 891,367 56,547 16.8 52.4 21.9 6.8 2.0 

18 Purge gas 312 30.0 198.7 20,527 1,151 19.4 60.7 9.8 7.7 2.4 

19 NH3 Product 2,570 15.0 198.7 235,915 4,637 0.4 0.7 97.7 1.2 0.0 

20 Flashed NH3 11.5 -2.6 80.0 1,057 19.2 0.1 0.2 99.1 0.6 0.0 

21 Aquammonia3 118.9 52.5 80.0 1,739 10 0.0 0.0 16.2 0.0 0.0 

22 Purge to refrig. 281.5 10.0 79.6 17,786 855.6 21.5 67.3 0.0 8.5 2.7 

23 W cryo. refrig -- -- -- -- 40 -- -- -- -- -- 

24 To cold box  282 -30.0 79.6 17,787 869 21.45 67.3 0.0 8.5 2.7 

25 To cryo. Sep 282 -195.0 79.6 17,786 1,527 21.45 67.3 0.0 8.5 2.7 

26 Expanded liquid 89 -199.1 1.0 5,867 500 57.6 7.7 0.0 26.6 8.1 

27 HP H2-N2 mixture 146 83.2 225.1 9,121 564 4.8 94.9 0.0 0.1 0.2 

28 W expander -- -- -- -- 144 -- -- -- -- -- 

29 LP H2-N2 mixture 46 34.0 79.6 2,880 140 4.8 94.9 0.0 0.1 0.2 
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30 Fuel Gas 89 12.5 1.0 5,867 0.1 57.6 7.7 0.0 26.6 8.1 

1. Included 0.2% water; 2. Vapor fraction 0.34; 3. Aqueous solution 83.8% water. 

Table 10.3. Selected process data of the ammonia synthesis unit operating at dual 

pressure 83/200 bar, (1,000 tNH3/day), cf. Figure 10.3 for stream number.  

Nº Stream 
n 

(kmol/h) 

T 

(°C) 

P 

(bar) 

B
CH

 

(kW) 

B
PH

 

(kW) 

N2 

(%) 

H2 

(%) 

NH3 

(%) 

CH4 

(%) 

Ar 

(%) 

1 Makeup syngas 5,282 35.1 34.7 264,574 12,927 25.2 73.4 0.0 1.0 0.4
1
 

2 W compr. Total -- -- -- -- 8,516 -- -- -- -- -- 

3 OTR feed preheat 5,276 35.0 83.2 264,598 16,209 25.3 73.5 0.0 1.0 0.2 

4 OTR Bed 1 feed 5,276 290.0 83.2 264,598 19,455 25.3 73.5 0.0 1.0 0.2 

5 OTR Bed 1 outlet 4,751 466.9 83.1 259,918 21,638 22.5 65.0 11.1 1.2 0.2 

6 OTR Bed 2 feed 4,751 370.0 83.1 259,918 19,285 22.5 65.0 11.1 1.2 0.2 

7 OTR Bed 2 outlet 4,591 425.6 83.0 258,647 19,984 21.5 62.1 15.0 1.2 0.2 

8 OTR Bed 3 feed 4,591 370.0 83.0 258,647 18,687 21.5 62.1 15.0 1.2 0.2 

9 OTR Bed 3 outlet 4,497 402.9 82.9 257,923 19,084 20.9 60.2 17.4 1.3 0.2 

10 To OTR refrig 4,497 46.0 82.9 257,923 13,708 20.9 60.2 17.4 1.3 0.2 

11 W refrig OTR -- -- -- -- 827 -- -- -- -- -- 

12 OTR NH3 product 474 5.0 82.9 42,559 752 0.1 0.2 98.6 0.1 0.0 

13 To loop Syngas 4,023 5 82.9 216,033 12,338 23.4 67.3 7.8 1.3 0.2 

14 Fresh syngas 4,170 36.1 199.3 197,090 15,477 22.8 68.2 7.5 1.3 0.2 

15 To 2° separator 8,467 -20.0 199.3 562,287 31,737 19.9 59.1 10.0 8.3 2.7 

16 W loop refrig -- -- -- -- 2,022 -- -- -- -- -- 

17 Recycled syngas 7,763 19.2 199.3 498,763 28,819 21.7 64.5 1.9 9.0 2.9 

18 W circulator -- -- -- -- 42.9 -- -- -- -- -- 

19 To ATHE 11,933 257.2 200.0 723,500 50,466 22.1 65.7 3.9 6.3 2.0 

20 Bed 1 feed 11,933 350.0 200.0 723,500 55,145 22.1 65.7 3.9 6.3 2.0 

21 Bed 1 outlet 10,831 505.0 199.8 714,475 59,545 19.2 57.2 14.5 6.9 2.2 

22 Bed 2 feed 10,831 413.0 199.8 714,475 53,775 19.2 57.2 14.5 6.9 2.2 

23 Bed 2 outlet 10,444 468.6 199.6 711,544 55,363 18.1 53.8 18.7 7.2 2.2 

24 Bed 3 feed 10,444 400 199.6 711,544 51,227 18.1 53.8 18.7 7.2 2.2 

25 Bed 3 outlet 10,162 441.1 199.3 709,467 52,329 17.2 51.1 22.0 7.4 2.3 

26 BFW inlet 3,997 110.1 100.0 999 1,124 -- -- -- -- -- 

27 Steam outlet
2
 3,997 310.0 100.0 999 14,426 -- -- -- -- -- 

28 To gas-gas HE 10,162 300.0 199.3 709,467 44,668 17.2 51.1 22.0 7.4 2.3 

29 Purge gas 292 30.0 199.3 19,384 1,076 19.9 59.1 10.0 8.3 2.7 

30 NH3 Product 2,107 13.8 199.3 194,283 3,831 0.3 0.7 97.5 1.4 0.1 

31 Flashed NH3 11 -2.6 80.0 1,010 18 0.1 0.2 99.1 0.7 0.0 

32 Aquammonia
3
 118 53.2 80.0 1,638 10 0.0 0.0 15.4 0.0 0.0 

33 Purge to refrig. 263 10.0 79.5 16,789 799 22.1 65.6 0.0 9.3 3.0 

34 W cryo. refrig -- -- -- -- 40 -- -- -- -- -- 

35 To cold box  263 -30 79.5 16,789 811 22.1 65.6 0.0 9.3 3.0 

36 To cryo. sep. 263 -190 79.5 16,789 1,384 22.1 65.6 0.0 9.3 3.0 

37 Expanded liquid 85 -198 1.0 5,953 457 55.1 8.2 0.0 28.3 8.4 

38 HP H2-N2 mixture 146 73.2 215.0 8,954 556 6.3 93.1 0.0 0.2 0.4 
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39 W expander -- -- -- --  -- -- -- -- -- 

40 LP H2-N2 mixture 32.0 33.0 79.5 1,965 97.3 6.3 93.1 0.0 0.2 0.4 

41 Fuel Gas 85 19.4 1.0 5,953 0.1 55.1 8.2 0.0 28.3 8.4 

1. Included 0.2% water; 2. Vapor fraction 0.41; 3. Aqueous solution 84.6% water. 

10.2. Exergy efficiency definition of the industrial ammonia units. 

The same exergy efficiency definitions presented in Table 9.1 of the Chapter 9 of this thesis 

are used to evaluate the overall performance of the ammonia production units operating under 

the single and dual pressure configurations. In the same way, the proposed exergy efficiency 

definitions for representative components of the industrial ammonia units are equivalent to 

those presented in Table 9.2 of the Chapter 9, with exemption of an additional exergy 

efficiency, defined exclusively for the cryogenic purge gas treatment unit, Eq. (10.1): 

2 2 2 2

CryoPG

PH PH PH

Low Pressure H N High Pressure H N Fuel Gas
mixture mixture

PH

Ammonia Free Scrubbing Aux.
Purge Gas Water Refrigerator

B B B

B B W


  


 

                                  (10.1) 

Since no chemical reactions occur in the treatment unit, the efficiency is calculated as the 

ratio of the physical exergy recovered in the high and low pressure hydrogen and methane-

rich streams to the total exergy consumed, including the power used in the auxiliary 

refrigeration system. 

10.3. Counteraction principle and the application to the ammonia synthesis 

As stated earlier, the variation of the loop pressure strongly affects the thermodynamics and 

economics of the ammonia synthesis. For example, higher loop pressures increase the 

ammonia equilibrium conversion and, thus, the waste heat recovery available for steam 

generation. Higher pressures also allow reducing the refrigeration power and improve the 

ammonia separation, reducing so the equipment size. Notwithstanding, higher operating 

pressures also demand an increased syngas compression power [69, 134].  

On the other hand, if ammonia synthesis is carried out at lower pressures (and consequently, 

lower temperatures), the enthalpy of reaction is not anymore available for high pressure 

steam generation and, as such, the utility of this low-grade waste heat is doubtful [74]. 

However, by reducing the loop pressure, the overall irreversibility in the reactor is also 

reduced, in accordance with the Counteraction Principle. Clearly, the decision-making leads 

to diametrically opposite objectives [69], namely the reduction of the exergy losses by 

reducing the driving forces of the process and the increase of the process yield by increasing 

them. This can be better illustrated if all the reaction enthalpy is considered as isothermally 

removed at T0 during ammonia production. In fact, the exergy efficiency of an exothermic 

isothermal reactor, in which the number of moles is reduced along the conversion process, 

can be written as in Eq. (10.2): 

  ln( )
, for

P R o P RPH CH

p P RCH

n n RT P P
B B n n

B



    


            (10.2)  
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Accordingly, the exergy efficiency increases as the pressure is reduced, since the exergy of 

the products exceeds the exergy of the reactants [69]. To tackle this dilemma, different 

solutions can be envisaged, including (i) the reduction of the exergy losses by keeping the 

reactions from running into completion [69], shifting the multiple bed reactor away from 

equilibrium by producing high pressure steam, while (ii) introducing a novel dual pressure 

ammonia loop (e.g. Udhe Dual Process
TM

), that operates by starting at lower pressures and 

proceeding at higher ones. For this reason, the Counteraction principle proves to be useful to 

drive the process irreversibility down by using incremental levels of pressure in the ammonia 

production processes. Meanwhile, the reduction of the recycle rates allows cutting down the 

energy required in the circulation and refrigeration systems. 

10.4. Operation conditions of the single and dual pressure ammonia synthesis units. 

Table 10.4 compares the processes parameters of the single and dual pressure configurations 

of the ammonia synthesis units studied. For the single pressure configuration at 150 bar 

(SP150), the total power consumed in refrigeration is about 69% higher than that of the dual 

pressure system (DP). The circulation power consumption is also considerably higher, as a 

direct consequence of a larger recycle flow rate and a higher loop pressure drop. The reactor 

conversion in the SP150 setup is also reduced in about 20.2% compared with the DP system, 

producing thus a drop in the amount of steam generated. Yet, in spite of the lower inerts 

content of the recycled stream in the loop of the DP system, the higher amount of ammonia 

recycled, compared with the SP200 configuration, slightly reduces the reaction conversion. 

Anyway, since an important percentage of the inerts and the ammonia converted in the low 

pressure section of the DP configuration is withdrawn ahead of reaching the loop, the 

compression power consumed in the fresh syngas compressor is significantly reduced, along 

with the recycle rate and the cooling water requirement. It is also worthy to notice that, even 

though an additional refrigeration stage is required downstream the once-through reaction 

section, the addition of a low pressure ammonia separation system in the DP unit reduces the 

refrigeration duty required in the loop by 58.6% and 34.6% compared with the SP150 and 

SP200 configurations, respectively. Thus, the advantage of the DP system over the SP150 

and SP200 configurations does not only rely on the economic point of view (an improved 

investment and feedstock economy and higher revenue), but also on the increased efficiency 

and reduced environmental impact.  

Furthermore, despite the fact that, for any scenario, similar amounts of fuel gas are produced 

(26.5%-31.7% CH4, 52%-57.5% N2 and 8.0%-8.5% Ar), the highest hydrogen recovery rates 

do occur for the DP configuration. For instance, in the DP case, the proportion of hydrogen-

rich stream recovered at basically the same loop pressure is 80.2%, while for the SP150 and 

SP200 setups, those figures are appreciable lower (53.9% and 75.9%, respectively). In this 

way, the use of a cryogenic purge gas treatment unit in combination with a dual pressure 

reaction system helps improving the utilization of the exergy of the natural gas consumed in 

the ammonia production process. Alternatively, in order to increase the overall efficiency of 

the system, argon, nitrogen and methane may be further separated by any suitable method. 
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Table 10.4. Main process parameters of the various configurations studied. 

 Single Pressure (SP) Dual Pressure (DP) 

Process parameter 150 bar 200 bar 83-200bar 

Once-through reactor inlet temperature TOT (ºC) -- -- 290 

First bed gas preheating temperature, T1 (°C) 365 310 350 

Third bed inlet gas temperature, T3 (°C) 400 380 400 

Once-through reactor pressure drop (bar) -- -- 0.32 

Loop reactor pressure drop (bar) 3.6 1.3 0.70 

Makeup syngas H2/N2 ratio 2.94 2.91 2.91 

Fresh syngas H2/N2 ratio 2.99 3.00 2.99 

Inerts mole fraction (%) 1.40 1.40 1.40 

Makeup syngas water molar fraction (%) 0.2 0.2 0.2 

Recycle ammonia composition (%) 2.22 1.81 3.88 

Recycle inerts composition (%) 10.86 7.43 8.29 

Recycled reactor feed H2/N2 ratio 2.86 3.08 2.98 

Recycle molar flow rate (kmol/h) 20,979 15,412 11,933 

Fresh syngas compression power (kW) 8,193 9,954 8,516 

Once-through refrigeration power (kW)
1
 -- -- 827 

Loop refrigeration power (kW)
2
 4,890 3,090 2,022 

Cryo. Auxiliary refrigeration power (kW) 35.6 39.7 39.4 

COP Carnot refrigeration 4.42 4.42 4.42
3
 

COP actual refrigeration 2.43 2.43 2.43
3
 

Circulator power consumption (kW) 498 101 42,9 

Purge gas fraction (%) 7.0 7.0 7.0 

Once-through reactor conversion (%)
4
 -- -- 29.3 

Loop reactor first bed conversion (%)
4
 17.4 24.5 20.9 

Loop reactor second bed conversion (%)
4
 6.1 8.2 9.3 

Loop reactor third bed conversion (%)
4
 5.7 9.1 7.5 

Reactor conversion (%)
4
 26.8 37.1 33.6 

Waste heat recovery rate (kW)
5
 28,379 29,518 31,482 

Cooling water – gas condensation (kmol/h)
6
 9,373 11,280 8,928 

Cooling water – refrigeration cycle (kmol/h)
6
 16,636 10,569 11,968

7
 

Scrubbing water consumption (kmol/h)
8
 135 100 100 

Aqua ammonia production (m
3
/h)

9
  2.25 2.28 2.25 

High P, H2-rich recovered stream (kmol/h)
10

 86.8 146.2 145.9 

Low P, H2-rich recovered stream (kmol/h) 74.0 46.2 32.0 

Fuel gas production (kmol/h)
11

 88.64 89.2 85.1 

Incomes ($/tNH3)
12

 637.2 644.5 643.4 

Costs ($/tNH3)
13

 403.1 402.7 397.8 

Revenues ($/tNH3) 234.1 241.8 250.8 

Annualized Bare Module Cost ($/tNH3)
14

 23.8 26.3 25.8 

1. Condenser pressure: 13.6 bar, evaporator pressure: 424.4 kPa. Minimum temperature approach: 5ºC. 2. Condenser 

pressure: 13.6 bar, evaporator pressure: 115.2 kPa. Minimum temperature approach: 5-10ºC; 3. Except for the once-through 

section refrigeration, whose values are COPactual =  5.2 and COPCarnot = 10.9; 4. Reactor conversion   as defined in Ch. 5; 5. 

Saturated steam as 100 bar; 6. Cooling water maximum outlet temperature: 35-40°C; 7. Condenser water cooling duty: 57% 

loop refrigeration, 42% once-through refrigeration, 1% cryogenic unit auxiliary refrigeration; 8. Water at 30ºC and 79.5 bar; 

9. Ref. [107]; 10. Hydrogen recovery efficiency > 93.11 % - 94.92%; 11. Methane 26.5%-31.7%, Nitrogen 52%-57.5%; 
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Argon 8.0%-8.5%; 12. Ammonia price: $32/GJ; 13. Natural gas cost: $9.7/GJ. Annualized bare module cost included; 14. 

Interest rate 6%, lifespan 20 years. CEPCI: 550 (2010) [115, 129]. 

According to Table 10.4, in the SP150 and SP200 configurations, the makeup syngas 

compression consumes almost 56.7% and 75.5% of the power supply, respectively, followed 

by the refrigeration cycles (39.8% and 23.7%, respectively) and the circulator (< 3.4%). It is 

also important to notice that the total power consumption (compression, refrigeration and 

circulation) in the DP configuration reaches only 10.6MW, i.e. 24.1% and 35.9% lower than 

in SP150 and SP200 configurations, respectively. It is also striking that, even if an important 

amount of the makeup syngas must still be compressed to levels of pressure comparable to 

those of SP200 system, the total exergy consumption required in the syngas compression 

train of the DP design is almost the same that the consumed in the SP150 system. In this way, 

the more favorable kinetic and equilibrium conditions and ammonia separation characteristics 

at higher pressures can be exploited, whereas the losses associated to the compression and the 

safety and control issues related to the high operating pressures can be minimized. 

Some authors claim that given the compressor and circulator efficiencies and the pressure 

drop in the loop, a pressure-independent power consumption exists between 140 and 315 bar, 

with a flat minimum at 155 - 220 bar [56, 95]. Those claims are partially in agreement with 

the results shown in Table 10.4 for the SP scenarios (9% difference). However, the overall 

power consumption, including the makeup syngas and refrigeration compressors and the 

circulator, is rather 19%-25% higher in the SP units compared to the DP setup.  

10.5. Reaction kinetics in the intercooled, multiple bed catalytic reactor 

The plots of conversion vs. temperature shown in Fig. 10.3 graphically represent the 

relationship between the kinetics parameters (temperature, pressure, conversion and reaction 

rate) and the intercooling system of the industrial ammonia production unit. These figures are 

based on the characteristics of the Montecatini catalyst, reported in Chapter 5. The contours of 

the constant reaction rates, the approach to the equilibrium and the adiabatic reactor lines have 

been determined for each one of the configurations studied (Table 10.4). Due to safety issues 

and the metallurgical limitations associated to the hydrogen-rich operation conditions at high 

pressure, the maximum reaction temperature is limited to 550ºC. Moreover, due to the risk of 

poisoning by even a small O2 content, the practical lower bound of the catalyst temperature is 

set about 290°C [95]. 

Although the avoidable exergy destruction in the reactor is generally small, the importance of 

a combined study of the reactor kinetics and its exergy efficiency lies rather on the fact that 

the exergy destroyed in the remaining components (compressor, exchangers, separators, etc.) 

strongly depends on the reactor performance [163, 274]. In fact, fixed the production capacity, 

the specific exergy consumption in the whole loop depends on the reactor space velocity and 

the conversion rate which, in turn, depends on the catalyst activity, the reactor size and the 

recycled stream composition. Thus, the lower the space velocity, the closer the equilibrium 

may be attained, entailing a lower conversion rate. On the other hand, by increasing the 

circulation rate, a higher yield of ammonia could be achieved but only at expense of a lower 

conversion per pass, reducing the reactor irreversibility [221]. However, the circulation rate 
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cannot be increased indefinitely, since the ignition temperature of the autothermal converter 

could not be ensured, not to mention the increased exergy losses due to an excessive pressure 

drop. Lower per-pass conversion also needs larger equipment and, thus, higher capital costs. 

Accordingly, Figs. 10.3(a-d) can be used to analyze the temperature profile that allows the 

various setups to attain not only a higher conversion rate but also a reduced irreversibility 

associated to the reacting driving force. Thus, even though the adiabatic reaction lines in Fig. 

10.3 closely follow the locus of maximum conversion rates, the irreversibility arisen from the 

higher conversions is compensated by an enhanced performance of the integrated chemical 

plant. 

Fig. 10.3. Conversion vs. Temperature plots. The contours of constant reaction rates are 

given in kmol m
-3 

h
-1

; (a) Single pressure 150 bar; (b) Single pressure 200 bar; Dual 

pressure: (c) once-through 83 bar; (d) loop 200 bar. 

 
Source: Author. 

It is also important to emphasize that, although a once-through ammonia converter working at 

a higher pressure may allow reducing the required catalyst volume, the concentration of the 

reagents would be so high, or equivalently, the amount of inerts entering such system would 

be so low (compared to the 8% inert + 2.5% ammonia content in the SP reactor feed), that an 

auxiliary ammonia injection system would be required to moderate the exit temperatures, due 
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to extremely high conversion rates [221, 273]. However, this system would introduce another 

source of irreversibility, not only because ammonia would be mixed to the reacting system, 

but also because it inevitably would trigger some hindering effects in the reactor conversion 

and the ammonia separation performance. Fortunately, the low pressure once-through reactor 

is thermodynamically limited to an acceptable temperature, avoiding the need of the ammonia 

injection.  

Finally, it is worthy to notice that, differently from other reactor schemes that use direct cold 

shot [136] or autothermal reactors [282], the indirect cooling system depicted in Figs. 10.1-

10.2 has gained preference as it allows producing high pressure steam. Other works discussed 

the advantage of a Dowtherm cooled-reactor system [274, 283], but according to Johannessen 

et al. [284], a cooled-reactor would result more difficult to control and increase the capital 

cost. Theoretically, the optimal configuration would consist of a separated adiabatic reactor 

operating in reaction-mode followed by a diathermic reactor operating in heat-exchange-

mode [285]. Yet, in practice, the near-optimal solution comprises one or more adiabatic 

reactor stages with intercooling, as adopted in this thesis [285]. In this way, more complex 

control problems can be avoided, and the search of an improved design can be simplified. 

10.6. Exergy analysis of the single and dual pressure ammonia synthesis units. 

Figure 10.4 shows the overall exergy efficiency of the SP and DP pressure configurations, as 

defined in Table 9.1, Chapter 9.  

Fig. 10.4. Plantwide exergy efficiencies for the various ammonia production configurations. 

  
Source: Author. 

The rational efficiency (> 91%) is found to be less sensitive to the variation of the process 

parameters and, thus, it is not shown in Fig. 10.4. On the contrary, both transit and recovery 

definitions reflect better the effect of the variation of the loop parameters on the performance 

of the chemical process. However, since the transit exergy efficiency definition inaccurately 

considers the ammonia product as if it were transit exergy, the loop performance and steam 

generation potential are more suitably estimated by using the recovery efficiency.  

As expected, the DP configuration based on a stepwise, increased reactor conversion and a 

lower recycle rate outperforms the SP setups, wheres a high pressure steam generation is also 

achieved. On the other hand, the relative efficiency, even though lower than the abnormally 
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high rational definition, still copes with the issues related to the exergy definition of large-

volume chemical production processes.  

Meanwhile, Fig. 10.5, shows the exergy efficiency calculated for representative components 

of the various analyzed layouts. The loop reactor efficiency remains almost invariable for all 

the configurations, but with the highest figures corresponding to the DP scheme. The main 

irreversible phenomena that occur in the ammonia converter are related to the highly 

irreversible reactions and the uncontrolled conversion of the chemical exergy of the reactants 

into the physical exergy of the products. Thus, very high circulation rates and low per-pass 

conversions in the ammonia reactor compromise the exergy efficiency. Despite the fact that 

most of the irreversibility due to chemical conversion is inevitable, performing the chemical 

reaction at lower pressures without attaining the completion may help increasing the reactor 

efficiency.  

It also remarkable the different results obtained from the two exergy efficiency definitions for 

the refrigeration system. In fact, since the consumed-produced efficiency CP2 includes the 

exergy destroyed in the control volume of the evaporator, the exergy efficiency is appreciable 

lower. Regarding the syngas compressor, the consumed-produced exergy efficiency is quite 

similar for any configuration. Moreover, it is not surprising that the exergy efficiencies in the 

refrigeration cycle are similar in all the cases, considering that the isentropic efficiency of the 

refrigeration compressors is equal and the compression ratios are selected to reduce the 

power consumption. Finally, even though no chemical reactions are present in the cryogenic 

purge gas recovery unit, other dissipative components lead to a lower exergy efficiency.The 

throttling process of the cold box liquid effluent (whereby it partially vaporizes generating the 

refrigeration effect), the large temperature differences between the feed and exit streams in 

the cryogenic heat exchangers (ranging from 40°C to -191°C), and the auxiliary refrigeration 

system [94] are examples of those components. 

Accordingly, more sensitive exergy performance calculations can be achieved if the targets of 

the system and the role of the loop parameters are unequivocally defined, especially in the 

case of systems with large mass flow recycle streams. In the same way, a better understanding 

of the system irreversibility can be achieved by identifying the main components tasks, with 

the reactor performance playing the most important role in the ammonia loop. Figure 10.6 

depicts a mechanical heat pump analogy of the exothermic adiabatic reactor, where the 

mechanical work substitutes the chemical work. This representation helps to visualize the 

extent in which the chemical exergy in the system can be totally or partially transformed in 

order to increase the physical exergy of the reactants [140, 169].  
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Fig. 10.5. Consumed-produced exergy efficiency of representative components of the 

ammonia production units: (a) single pressure 150 bar, (b) single pressure 200 bar, (c) dual 

pressure configuration. 

  

 
Source: Author. 

According to Fig. 10.6, the recovery of chemical exergy of the reactants can be maximized 

by using a set of van’t Hoff equilibrium boxes devised to carry out the reaction reversibly. 

Therein, the chemical species interact only with the ambient, exchanging heat and generating 

a net amount of work [178]. The maximum exergy recovery entails the full exploitation of 

the energy of the chemical reaction (Gibbs free energy) and the energy of mixing in a lesser 

extent [286]. Thus, if the reactor operation is performed reversibly, the variation of the 

chemical exergy equals the variation of the physical exergy between the reactants and 

products. To this end, a set of reversible heat pumps, operating at infinitesimal temperature 
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differences between the ‘evaporator’ and ‘condenser’, TH and TL, ensures the reversible 

conditions of the whole system. Equivalently, provide that no irreversibility occurs, the 

reactor exergy efficiency equals the unity. 

Fig. 10.6. Exothermic reactor represented as a chemical exergy-driven heat pump. Q’, Q’’ 

and Q’’’ represent the reversible heat rates transferred to the ambient at the reference 

temperature for calculating the maximum net chemical work done by the species (W’, W’’ 

and W’’’) in a set of van’t Hoff equilibrium boxes. 

 
Source: Author. 

However, in actual reactors, the chemical exergy consumed in the system is not entirely 

transformed into an equivalent form of work (i.e. variation of physical exergy) due to the 

spontaneous change in composition, unrestrained diffusion, pressure drop and heat transfer 

between species. In fact, the exergy destroyed in the reactor shown in Fig. 10.6 is accounted 

for the continuous release of the enthalpy of reaction in the uncontrolled form of internal 

energy, followed by the heat transfer from the hot products to the fresh reactants [140]. A 

mechanical analogy of such disordered transfer modes, in opposition to a reversible heat 

pump, would be an electric heater or a mechanical stirrer used to partially convert the 

chemical exergy of the reactants into exergy of heat available at high temperature TH. The 

increase of the physical exergy by using the latter methods cannot be used to reverse the 

chemical reaction in the van’t Hoff box, differently from the case of the reversible heat pump, 

because the energy quality has been degraded. Bringing back the system to the initial state 

would require a footprint in the ambient, or equivalently, more fuel is required to reverse the 

chemical process. Certainly, this represents a deeper insight of the exergy analysis when 

compared with the First law analysis. 

Thus, on the one hand, the contribution of the reaction process to the exergy destruction 

relies, on the equilibrium approach: the more complete the reaction, the higher the exergy 
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destruction [69]. On the other hand, the irreversibility associated to the heat exchange and the 

pressure drop depends the total conversion per pass: the higher the conversion, the lower the 

recycle flow rate of the unreacted syngas and the inert build-up. Moreover, since a large 

portion of the exergy entering the reactor is neither transformed nor destroyed throughout its 

volume, this transit also modifies the reactor performance. Consequently, the amount of 

exergy consumed in the condensation, refrigeration and circulation systems is also affected, 

not to mention the effect on the increased pressure drop, higher equipment sizes and space 

velocities. Lower conversions also lead to increased hydrogen content in the purge stream, 

and thus to a higher exergy destruction rate in the purge gas treatment. All in all, to an 

improper feedstock utilization. 

According to some authors, the exergy destruction owed to the highly exothermic chemical 

reaction processes can be calculated by using the Eq.(10.3) [245, 285]: 

 , 0 0 0 0

gen

dest react out out in in

VC VC

dS G
B T T n S n S T dz T r dz

dt T



                       (10.3) 

where –ΔG/T is the reactive driving force. Eq. (10.3) integrates the contributions of the local 

entropy generation rates along the control volume, assuming local equilibrium conditions 

[284]. Denbigh [245] and Hinderink et al. [169] estimated the reactor irreversibility for the 

ammonia oxidation and hydrogen production processes, respectively, in a chemical reactor 

operating at constant pressure and temperature by using Eq.(10.4):   

reaction
dest o gen o

reaction

G
B T S T

T


                                       (10.4) 

Equation (10.4) is called ‘unavoidable lost work’ or ‘dissipated energy’ and can be used only 

for a constant reaction temperature Treaction. However, in the adiabatic reactor studied in this 

chapter, both pressure drop and temperature variations occur. Therefore, the maximum work 

given by the Gibbs energy function is not equivalent to the maximum potential work 

attainable when the system achieves the equilibrium with the ambient, namely, its exergy. 

Thus, a further understanding about the relation between the reactor parameters and the 

exergy destroyed on it can be achieved by considering the combined energy and entropy 

balance of a set of partially reversible fuel cell and heat pump. It can be demonstrated that the 

total irreversibility in the system is given by Eq.(10.5): 
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        (10.5) 

where the term in brackets represents the exergy recovered as work after accounting for the 

irreversibility present in the fuel cell and the actual heat pump. Thus, the combined efficiency 

of the mechanical analogy of the chemical reactor shown in Fig. 10.6 is calculated as: 
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     (10.6) 
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where the reactor conversion   reduces as the temperature increases [133] and its relation 

with the equilibrium constant 
PK is given by Eq.(10.7):  
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          (10.7) 

where ia is the activity of the species i (cf. Ch. 5). 

Some conclusions can be withdrawn from Eqs. (10.5-10.7). First and foremost, it is important 

to notice that, for the adiabatic reactor, the temperatures TH and TL in Eq. (10.5) cannot vary 

independently since, as long as the inlet temperature TL increases, the outlet temperature TH 

also increases, but at expense of a decrease of the reactor conversion  , and thus, of the 

available enthalpy of reaction. Additionally, as the inlet temperature TL is reduced to the 

lowest allowable limit, the first term in the right hand side of Eq. (10.5) increases because the 

conversion of the adiabatic reaction increases, Eq. (10.7). However, the second term inside 

the brackets of Eq. (10.5) also is also reduced, which makes the total exergy destroyed 

dependent on the highest temperature TH attained. This temperature may vary depending on 

the recycle rate of inerts, ammonia and reactants, as well as on the approach to equilibrium. If 

the mixture is shifted away from equilibrium, i.e. if the reactor outlet temperature TH is 

reduced after the first conversion bed, the reactor conversion can be further increased 

elsewhere in a second bed. Then, the chemical exergy available can be further exploited, but 

not without triggering more exergy destruction. 

 

On the other hand, if the reactor inlet temperature TL is increased (e.g. by preheating the 

reactor feed), not only the second term inside the brackets of Eq. (10.5) increases, but also the 

conversion-related term reduces, and the exergy destroyed is also reduced. Thus, were it not 

for the reactant preheating, the exergy recovered at high temperature would have a lower 

exergy value due to the reduced chemical conversion. This idea is the basis of the 

Counteraction principle applied to an exothermic reactor. Accordingly, there should be an 

intermediate optimal temperature that keeps the exergy destruction to the minimum, while 

guaranteeing the required reaction conversion [69]. Finally, as the reactor inlet temperature 

eventually approaches the reaction outlet temperature in the last reactor beds, the reactor 

conversion vanishes and the catalytic bed becomes a letdown system (i.e. pressure drop 

only). In this way, the pressure-related share of the physical exergy is degraded. Anyway, 

differently from Eq. (10.4), the pressure drop related irreversibility can still be accounted for 

by using the proposed Eq. (10.5). It is also noteworthy that, if the reactor pressure is 

increased, the activity coefficient of ammonia reduces while the respective coefficients of 

nitrogen and hydrogen increases, thus shifting the per-pass conversion to the product 

equilibrium. Pressure drop losses are generally around 5% of total reactor losses [19] and 

have been reduced so far by using different radial-axial gas flow reactor configurations [95]. 

Figure 10.7 compares the chemical exergy consumed ( CHB ) and the exergy efficiency at 

which this exergy is converted into physical exergy ( PHB ) in the different beds of the 
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various industrial ammonia units analyzed. The reactor bed conversion and the autothermal 

heat exchanger (ATHE) performance are also represented.  

Fig. 10.7. Consumed-produced (CP) efficiency of the reactor beds, and its relation with the 

individual bed  and overall reactor conversion and the autothermal heat exchanger (ATHE) 

performance. 

 
Source: Author. 

 

Regarding the first reactor bed, the conversion in the SP200 setup is 29% higher than that of 

the SP150 scenario, whereas the exergy consumption is slightly higher and the irreversibility 

is somehow lower. Higher reaction conversions are also attained for the subsequent catalyst 

beds of SP200 at slightly higher exergy efficiency. The most remarkable difference comes 

from the ATHE responsible for preheating the inlet stream of the first reactor bed. For SP150 

configuration, the exergy destroyed in the ATHE is almost twofold due to an increased molar 

flow in the reactor feed (27%). The lower conversion and increased recycle rates of SP150 

are indeed responsible for the largest heat transfer irreversibility associated. In the case of the 
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DP configuration, both the reactor conversion and the chemical exergy consumption are 

reduced if compared with the SP200 case. As a result, the large driving forces are reduced 

while improving the exergy efficiency of the exothermic beds. 

Figure 10.8 and 10.9 show the breakdown of the percentage and detailed exergy destruction 

rate for representative components of the industrial ammonia production units. According to 

Fig. 10.8, the introduction of an additional once-through reactor in the DP system increases 

the share of the reaction-based irreversibility about 16%, if compared with SP150 and SP200 

configurations.  

Fig. 10.8. Exergy destruction breakdown for representative components of the ammonia 

production units: (a) single pressure 150 bar, (b) single pressure 200 bar, (c) dual pressure 

configuration. 

 
Source: Author. 

However, according to Fig. 10.9, despite the increment of the share of irreversibility due to 

the introduction of an separate once-through reaction section, the overall exergy destruction 

rate in the DP system is much lower (3.7-15%) than in the SP configurations. Consequently, 

the effect of locally increasing the exergy destruction rate in the reactive components of the 

DP configuration is offset by a more uniform distribution of the irreversibility within the 

whole unit. This is a consequence of the application of the Counteraction principle to a 

chemical conversion process of a mixture that reduces its volume. Moreover, the incremental 

pressures reduce the power consumption by lowering the makeup syngas compression and 

the refrigeration duty (e.g., avoidable losses), as more efficient conversions are carried out at 

lower pressures.  
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Fig. 10.9. Exergy destruction of representative components of the ammonia production units: 

(a) single pressure 150 bar, (b) single pressure 200 bar, (c) dual pressure configuration. 

  

 
Source: Author. 

 

Alternatively, better conversions at lower pressures and higher overall reactor efficiencies 

could be obtained if a set of low temperature catalysts were developed and suitably distributed 

along the reactor beds. In this way, improved conversion rates at different bed temperatures 

and compositions could be obtained [5, 22, 41]. Notably, it would be also desirable to perform 

the reaction under resisted conditions [245], so that the chemical exergy can be maximally 

exploited. Unfortunately, this is a practical shortcoming in large-scale industrial applications, 
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because it would require slow enough, quasi-reversible conditions [169] or a strict coupling 

between thermal and chemical driving forces, which is often impracticable [286]. 

10.7. Combined exergy and energy integration analysis 

Since the saturated steam is generated at a temperature of only 310°C, lower than that of the 

ammonia reactor effluent (> 430°C), the heat recovery steam generator (HRSG) contributes 

to the degradation of the chemical exergy of the reactants. This condition is better appreciated 

in the Carnot composite curves (CCC, left) and Carnot grand composite curves (CGCC, 

right) shown in Figs. 10.10a-c, for the heat exchanger network (HEN) of the industrial 

ammonia production units analyzed. 

Firstly, a wider span of the enthalpy flow rate is observed in the CCC of the SP150 setup, 

indicating larger heat transfer rates between the process streams and, thus, increased exergy 

destruction rates in the HEN, compared to the SP200 and DP arrangements. Furthermore, 

according to Figs. 10.10a-b, the plateaus, corresponding to the level of temperature of the 

evaporator and the condenser in the refrigeration cycle, point out a source of irreversibility in 

the ammonia condensation and separation processes. The latter can be tackled by carrying out 

the refrigeration process at different pressures, as in the case of the DP ammonia loop 

configuration (Fig. 10.10c). On the other hand, a large thermodynamic potential can be 

envisaged in all the cases, regarding the exploitation of the self-sufficient zones represented in 

the CGCCs (Figs.10.10a-c, right). 

Actually, in order to profit from this potential, some authors proposed the expansion of the 

ammonia reactor effluent in gas expanders, in lieu of the typical utilization of steam boilers 

[239]. As a result, the authors reported that, although this modification does not necessarily 

render the ammonia production unit self-sufficient in terms of power demand, it is claimed 

that expansion process would profit in more efficient way the thermo-mechanical exergy 

embodied in the reactor effluent. Since the exergy of the heat is transformed directly into 

work, the exergy losses related to the heat transfer driving forces and associated to the 

condensation of the steam turbine could be avoided [239]. As a conclusion, non-conventional 

approaches are reportedly worthy to be explored, considering the current limited room for 

improvement in the reactive components.  

In fact, the highest exergy saving potentials are expected from the reevaluation of the high 

temperature gas-gas heat exchangers, responsible for 1500 to 2800kW of exergy destroyed, 

followed by the improvement of the syngas compression train [274] and a reduction of the 

costly refrigeration. Consequently, the current energy-intensive operationg of the technical 

process is mainly due to the large exergy consumption of the makeup syngas compression, 

refrigeration and circulation systems together (10.6 -14.4 MW). A benefit of the DP system is 

that the makeup gas is incidentally refrigerated in the way to the high pressure loop. Since the 

compressor operates at lower temperatures than in the SP200 case, less exergy is consumed 

and destroyed, even compensating the pressure drop throughout the additional once-through 

converter [221]. 
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Fig. 10.10. Carnot composite curves (CCC; left) and Carnot grand composite curves 

(CGCC; right) for the ammonia production units. The Carnot factor is calculated as (To/T)-1 

if T<To. 

 
Source: Author. 

Finally, it should be noticed that a large amount of the power consumed eventually ends up in 

the cooling water and dissipated to the environment. However, both thermodynamic and 

economic restrictions often render any attempt to recover this low-grade heat exergy (< 360 

K) impracticable, as summarized in Table 10.5: 
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Table 10.5. Cooling duty and total exergy associated at selected heat transfer temperatures. 

 SP150 SP200 DP 

Cooling duty (kW) 34,120 31,639 28,373 

Exergy associated at 360 K  (kW) 1,902 2,114 1,720 

Exergy associated at 300 K  (kW) 210 195 175 

Exergy dissipation share    

Compressor intercooling (%) 42.0 51.2 46.0 

Refrigeration condenser (%) 27.4 15.7 21.8 

CW for first separator (%) 30.6 33.1 32.2 

Thus, since these losses are not anymore recovered, they are considered as exergy destroyed. 

As a final remark, it is pointed out that the intercooling system of the multistage syngas 

compressor accounts for 790-1082 kW out of 1700-2100 kW of the exergy destroyed through 

the cooling utility, as shown in Table 10.5 (i.e. 42-51%). This loss could only be eliminated if 

ammonia loops were redesigned to operate at lower pressure and temperatures. Moreover, 

refrigeration is expensive and its use should be minimized favoring the use of cooling water 

when applicable. 

10.8. The role of the purge gas treatment unit 

For the sake of comparison, the results of this chapter are compared against the overall exergy 

destruction found for the best case scenarios of the SP150 and SP200 setups, reported in 

Chapter 9 for which the valuable hydrogen contained in the purge gas was neither recovered 

nor recycled to the ammonia loop.  

As expected, by extending the boundaries of the thermodynamic system to encompass a 

cryogenic purge gas treatment unit, the overall irreversibility of the ammonia synthesis unit 

increases about 2.2 and 2.4% for the SP150 and SP200 configuration, respectively. However, 

by considering the total exergy destruction rate in the DP configuration (23,628 kW), this 

value is found to be considerably lower than those reported for those best case scenarios 

without purge gas recovery, or 13.0% and 9.8% lower, respectively. This highlights the 

potential benefits of using a cryogenic purge gas treatment unit in terms of exergy destruction 

minimization. It must be pointed out that the nitrogen recovery is less attractive than 

hydrogen, since hydrogen recovery along with syngas production with ratios of H/N < 3.0 

allow transferring some of the primary reformer duty to the secondary reformer [33]. 

Consequently, the current bottlenecks of the large capacity reformers, used for hydrogen 

production in MEGAMMONIA ® plants, can be partly overcome [35]. 

10.9. Final considerations 

Exergy analysis is used to demonstrate the application of the Counteraction principle for 

reducing the irreversibility arisen from the lower conversions in the ammonia synthesis. By 

introducing an additional once-through reactor operating at lower pressure, the exergy losses 

have been driven down, whereas the amount of waste heat recovered has been increased. As a 

result, the introduction of a dual pressure process increases the overall exergy performance of 
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the ammonia unit in more than 10.1%. Moreover, the circulation rates are also reduced, which 

in turn cuts down the exergy consumption in the condensation and refrigeration systems and 

impacts the equippment sizing and the overall production cost. The syngas compressor, 

ammonia converter, the waste heat recovery and ammonia refrigeration systems are found to 

be responsible for about 80-86% of total irreversibility in the ammonia loop, which varies 

from 23.8MW for DP design up to 27.2MW for SP150 design. 

Other non-conventional approaches are still worthy to be explored, considering the current 

limited room for improvement in the reactive components. Among the largest energy saving 

potentials are the reevaluation of the high temperature gas-gas heat exchangers, and the 

compression train and refrigeration systems. The challenge is thus to keep the rate of reaction 

at acceptable levels, whereas the effective driving forces are lowered and the net power input 

is reduced.  

Regarding the use of non-conventional approaches, in the last chapters of this thesis, a 

combined exergy analysis and energy integration study attempts to determine the best 

operating parameters and the operating modes that minimize the reduction of the syngas and 

ammonia production costs, by using biomass as the energy source. The effect of the partial 

and total substitution of the natural gas by these renewable resources, in terms of both 

efficiency and environmental impact, are discussed. In the last chapter, the upgrade of the 

organic residues of the sugar cane biorefineries is briefly evaluated to determine the best 

options of upgraded products, either synthetic natural gas or hydrogen, intended to be used as 

feedstock in a separate ammonia production unit.  
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CHAPTER 11 
 

SYNGAS AND AMMONIA PRODUCTION FROM BIOMASS 
11. Papers Published and Conferences Attended 

The pursuit of alternative energy sources for the synthetic fertilizers sector has recently earned 

renewed interest due to increasing concerns regarding the marked dependence of the world 

economy on non-renewable energy resources and also motivated by the more stringent 

environmental regulations. The decarbonization of this productive sector, responsible for 

about 2% of the global energy consumption [42], might help not only improving the carbon 

footprint of these fundamental commodities, but also reducing their dependence on the 

international market prices, traditionally dominated by the main natural gas producers.  

Accordingly, in this chapter, the use of biomass gasification for partially or totally replacing 

the use of methane in the integrated syngas and ammonia production plant is compared with 

the performance of the conventional route. However, by undertaking novel designs, additional 

or totally different demands can be created. Consequently, the optimal integration approach 

between the new chemical plant and the alternative utility systems must be updated, so that 

the power and steam requirements remain satisfied. To this end, a systematic framework that 

allows selecting the most suitable utility systems (refrigeration, waste heat recovery and 

cogeneration) that satisfy the minimum energy requirements with the lower operating cost, is 

adopted. Moreover, exergy analysis is used to identify the potential improvements that may 

remain hidden to the energy integration analysis. 

11.1. Biomass as a source of hydrogen for ammonia production 

The global supply of nitrogen fertilizers faces an increasing trend estimated in 176.5 million 

of tons in 2018 [45]. However, in the same year, the production of these inorganic chemicals, 

of which ammonia is an staple intermediate feedstock, involved an intensive generation of 

atmospheric emissions of about 353 million tCO2. In order to palliate the environmental 

impacts that nitrogen fertilizers production is responsible for, several efforts have been 

addressed to incentivize the partial or total decarbonization of the ammonia supply chain.  

Alternative pathways of hydrogen production, such as solar or wind energy, used for 

electrolyzing the water and for separating the nitrogen from air (cryogenic distillation, 

selective membranes, etc.), have been widely proposed [243]. However, as concerns the most 

promising alternative energy resources for hydrogen production, the thermochemical 

conversion routes of biomass have shown to be the most interesting opportunity to capitalize 

on the underexploited biomass potential in tropical countries [30].   

The earliest example of pressurized steam/oxygen-blown, fluidized-bed biomass gasification 

technology (140 MW) coupled to an ammonia synthesis unit used to run on peat and saw dust 

(originally designed for heavy oil gasification) in the Kemira Oy ammonia plant in Oulu, 

Finland, during the late eighties [287]. Eventually, due to its limited competitiveness in a 

volatile ammonia price market, the plant had to be shut down [288]. Hitherto, the main 
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drawbacks of the biomass-based ammonia synthesis remain related to the high investment 

risk, the biomass availability and the scale-up of the gasification concept [289], as it may not 

fully compete with current fossil-based commercial production capacities well above        

1000 tNH3/day. For the sake of comparison, ‘handier’ coal feedstock generally allows for 

gasification capacities from ten to one hundred times larger (>2000MWth) than those of 

biomass gasification plants (< 170 MWth).  

In spite of this limitations, it is expected that larger pressurized biomass gasifiers may help 

increasing the performance of biomass conversion processes [289]. Furthermore, it must be 

acknowledged that large scale biomass conversion systems are not without precedent, 

especially in Brazil, where the estimated national production capacity of bagasse in sugarcane 

mills has already surpassed 190 million tons per year [230]. In fact, the largest sugarcane 

mills have throughputs between 0.5 to 1 million tons per year of bagasse, equivalent to the 

biomass required to operate a 1000 t/day ammonia plant (1.8-2.7 tBiomass/tNH3) [30, 289, 290], 

even when the productive season covers typically less than half of a year [130, 230].  

Additionally, unlike the well-established infrastructure and the mature technology of the 

conventional routes of ammonia production based on fossil fuels, better solutions for the 

supply management, energy conversion processes, as well as enhanced reliability and 

profitability of the renewable resources are still necessary to guarantee their competitiveness 

[289]. Fortunately, the technology is revisited when the access to fossil resources such as 

natural gas and coal is limited, mainly due to scarcity or unstable international prices [291]. 

Moreover, more stringent environmental regulations along with increasing concerns about the 

marked dependence on imported fertilizers, which renders the nation vulnerable to volatile 

international markets, have led the government and research institutions to seek for the 

utilization of the readily available bagasse feedstock in the production of hydrogen and other 

commodities traditionally based on fossil fuels [292-294]. Certainly, there are well-known 

applications for the residual bagasse, but gasification represents a more efficient and 

environmentally friendly alternative compared to current direct bagasse combustion. The 

economic aspects are also relevant, as the average price of bagasse oscillates around 15-20 

USD per ton of wet biomass, 40% lower than the cost of the amount of available residue in 

the United States [295]. It makes bagasse one of the cheapest lignocellulosic agricultural 

byproduct [230, 296], not to mention that the transportation costs represent also a competitive 

advantage, as the bagasse is concentrated and available on site [295].  

Some authors performed the energy and environmental analysis of the ammonia production 

via biomass gasification [115, 290], either considering its integration to other chemical 

facilities (e.g. Kraft pulp mill) or conditioning its operability to an external electricity supply. 

However, a more interesting scenario in the middle term should rather consider the energy, 

economic and environmental benefits of the use of the fairly available and affordable 

sugarcane bagasse to partially or totally replace the natural gas in the nitrogen fertilizers 

production facilities (FAFEN). This study is motivated by a broader assessment that projects 

to enable an integration of the Sao Paulo state natural gas distribution system to the State’s 

sugar cane mills, as the former strategically goes through the area where the mills settle. 
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Accordingly, in the following sections, by applying a systematic approach, an exergy and 

energy integration assessment of the most suitable technologies and parameters that minimize 

the utility systems operating costs of a conventional and various alternative syngas and 

ammonia production plants is discussed. 

11.2. Natural gas and Biomass-based Ammonia Production Plants 

Figure 11.1 shows the simplified layout of the conventional configuration of the ammonia 

production plant analyzed in previous chapters. Therein, a mixture of saturated natural gas 

(steam-to-carbon ratio, S/C 3:1) is firstly fed to an adiabatic prereformer, where heavier 

hydrocarbons are partially decomposed into hydrogen and carbon oxides at relatively lower 

temperatures (< 600°C) [69]. Next, an endothermic primary reformer (SMR, 700-800°C) in 

series with an autothermal reformer (ATR, 1000°C) is used to convert most of the methane 

feed [231]. The primary reforming is by far the most exergy-intensive processes, needing to 

outsource the energy required from a radiant furnace that sustains the reactions occurring in 

the catalytic tubes [72]. Meanwhile, in the secondary reformer, a portion of the reformed 

mixture is burnt with air in order to provide the energy to the endothermic reactions as well 

as to attain a H2/N2 ratio 3:1, suitable for ammonia production [25]. Downstream of the 

reforming sections, a set of high temperature (350°C) and low temperature (200°C) water gas 

shift reactors are used to further increase the hydrogen production by using the water and CO 

content in the reformed gas [25]. 

Fig.11.1. Conventional natural gas-fueled ammonia production plant. 

 

Source: [231] . 
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produced [206]. The purified syngas is then compressed up to 200 bar and fed to a synthesis 

loop, where the H2/N2 mixture is partially converted into ammonia through a series of 

catalytic beds indirectly cooled, in order to shift the equilibrium conversion towards higher 

ammonia yield [226]. The reactor performance and, consequently, the loop efficiency are 

affected not only by the reactor operating conditions (feed pressure, temperature and 

composition, heat removal and catalysts design), but also by the amount of inerts (i.e., argon 

and methane) and ammonia recycled. Accordingly, most of the produced ammonia must be 

separated by using cooling water (25-40°C) and a vapor compression refrigeration system (-

30°C). Moreover, in order to prevent the built up of inerts in the loop, a portion of the 

hydrogen-rich gas is continuously purged, whereas the rest of the unreacted mixture is 

recycled to the converter beds. 

Meanwhile, Fig. 11.2 shows the process superstructure used to determine the performance of 

the ammonia production by using the gasification of sugar cane bagasse. The bagasse 

ultimate composition (mass) is set as 46.70%C, 6.02% H, 44.95% O, 0.17% N, 0.02% S and 

2.14% Ash, whereas proximate analysis (mass) is considered as 50% moisture (as-received), 

14.32% fixed carbon, 83.54% volatiles, and ash in balance [294]. The large moisture content 

of bagasse is reduced to about 10% in a rotary dryer that consumes the power and heat 

supplied by the utility systems, as well as the heat recovered from the gasifier effluents [297]. 

Bagasse must be also chipped by means of an energy intensive process that may require 

between 1 to 3% of the total energy embodied (LHV basis) in the biomass consumed [290]. 

In the gasification step, the carbonaceous materials in the bagasse are converted into a 

gaseous mixture called syngas, rich in CO, H2, CO2 and CH4, among other components [297]. 

This gas can be used as process feedstock or can even provide the combined heat and power 

required by the chemical processes, more efficiently than biomass combustion. It is thus not 

surprising that gasification has gained renewed interest worldwide mainly for the production 

of chemicals including fertilizers, liquid fuels as well as power and gaseous fuels [291]. 

However, the variable biomass composition and its relatively high moisture content, along 

with the complex gasification operation conditions strongly influence the process yield, the 

energy requirement and, consequently, the efficiency of the chemical process [298, 299]. 
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Fig. 11.2. Superstructure used in the process synthesis and optimization of the utility systems of the biomass-based ammonia production plant. 

 Source: Author. 
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The Battelle Columbus Laboratory (BCL) indirect gasifier operating at atmospheric pressure, 

shown in Fig. 11.2, avoids the dilution with nitrogen of the syngas produced, as the 

combustion and gasification processes occur in a separate double column system [300]. 

Steam is used as the gasification medium (steam-to-biomass ratio 0.75), whereas the 

combustion with air of a fraction of the char produced in the bagasse pyrolysis step supplies 

the heat required by the endothermic drying, pyrolysis and reduction reactions. After the 

syngas produced leaves the gasifier, a thermal catalytic cracking of the tar produced is 

performed [32]. Then, the syngas is cooled down to 400ºC and scrubbed with water, in order 

to remove the impurities that may affect the downstream equipment, and then compressed to 

35 bar. As syngas still contains methane and carbon monoxide, an autothermal reforming and 

a water gas shift reaction process, analogous to that described in the conventional process of 

ammonia production, help increasing the hydrogen content, simultaneously producing more 

CO2. Henceforth, the hydrogen-rich syngas can be either sent to purification for ammonia 

production, or used in the utility system to generate electromechanical power or to supply the 

heat exergy to the chemical process. 

Also according to Fig. 11.2, the various alternatives of utility systems available for supplying 

the power and heat demands of the chemical plant include syngas or natural gas-fired 

furnaces and gas turbine systems, a cooling tower, a vapor-compression refrigeration system, 

as well as the resources consumed (e.g. natural gas, biomass, water, electricity). The cooling 

water inlet and outlet temperatures are set as 40°C and 25°C, respectively, and a cooling 

tower power-to-cooling duty ratio of 0.021 kWel/kWth is assumed [159]. The refrigeration 

system is, in turn, defined in terms of its exergy efficiency (50%) and the evaporator and 

condenser temperatures [231]. Additionally, the waste heat available throughout the chemical 

processes is recovered by using an integrated steam network, so that the amount of fuel and 

cooling water, necessary to balance the power and steam demands of the chemical plant (feed 

preheating, endothermic reactions), can be reduced [231]. The steam network superstructure 

is composed of a set of superheated steam headers and draw-off levels of steam. The choice 

of the optimal levels of steam generation is performed by examining the profile of the Grand 

Composite Curve (GCC) of the chemical process [227]. In this way, more power can be 

generated by optimally profiting the thermodynamic potential of the waste heat exergy via 

backpressure and condensation steam turbines. 

In order to perform the material and energy balances of the bagasse pretreatment processes 

(drying and chipping), a FORTRAN subroutine is implemented in Aspen® Plus. The amount 

of moisture removed in the rotary dryer 
2H O removedm  (kg/h) is calculated in terms of the initial 

bagasse moisture 
2H O, As-received  (%), the desired bagasse moisture at the inlet of the gasifier 

2H O, Dried bagasse  (%) and the feed mass rate of the wet bagasse, 
Wet bagassem (kg/h), according to 

Eq.(11.1):  

2

2 2 2

2

H O, As-received

H O removed H O, As-received H O, Dried bagasse Wet bagasse

H O, Dried bagasse

1-
m  = × ×m

1-


 



 
 

 
 

            

(11.1) 



193 

 

On the other hand, gasification is modeled and simulated as a series of interrelated drying, 

pyrolysis, reduction and combustion processes, as shown in Fig.11.3.  

Fig. 11.3. Modeling and simulation steps of the twin circulated bed BCL bagasse gasifier. 

 Source: Author. 
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2
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500 500

CO

T T   
    
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CO     (%vol. of gas)          (11.5) 

2

2
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T T   
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4

2

v  = 168.64 214.47 62.51
500 500

CH

T T   
     
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2

2

v  =234.97 257.01 72.50
500 500

H

T T   
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   
                           

H2

     

 (%vol. of gas)          (11.8) 

Additionally, aiming to correct the underestimation of the tar and methane produced (a well-

known shortcoming of the non-stoichiometric equilibrium methods [297]), the approach-to-

equilibrium temperatures for the char gasification and water gas shift reactions are adjusted to 

reflect the actual composition of the syngas produced in the BCL gasifier [303, 304]. 

Meanwhile, the ratio of specific chemical exergy to the lower heating value is calculated by 

means of the correlation proposed by Szargut et al [151], for solid fuels with the specified 

mass ratios, Eq.(11.9): 

1.0438 0.1882 0.2509 1 0.7256

 =

1 0.3035

H H

CH
C C

O

C

y y

y yb

yLHV

y



 
     

 


                      

(11.9) 

where the bagasse lower heating value (LHV, kJ/kg) is estimated based on the correlations 

reported by Channiwala et al. Eq.(11.10) [172]: 

 =349.1 1178.3 100.5 103.4 15.1 21.1 0.0894C H S O N Ashes HLHV y y y y y y hlv y            
(11.10) 

and yi are the mass fractions of carbon (C), hydrogen (H), sulfur (S), oxygen (O), nitrogen 

(N) and ashes (A) in the dry biomass, and hlv is the enthalpy of evaporation of water at 

standard conditions (2442.3 kJ/kg). The so-calculated lower heating value and chemical 

exergy of dry bagasse are equal to 17.3 and 19.5 MJ/kg, respectively.  

Some performance indicators for each ammonia plant configuration are proposed to allow for 

systematic comparisons between the different designed setups, based on totally and partially 

natural gas-fueled, and totally biomass fueled ammonia plants with and without electricity 

import. Table 11.1 compares the overall rational exergy efficiency, Eq. (11.11), with other 

exergy efficiency definition, Eqs.(11.12), proposed for evaluating the overall performance of 

chemical production plants [206]. It must be noticed that, the rational exergy efficiency is 

higher than the relative one as it accounts for the outlet exergy of other byproducts (CO2, 

purge gas). 
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Table 11.1. Plantwide exergy efficiency definitions of the ammonia production plants. 

Definition Formula Eq. 

Rational 

 
4

,

Rational 1 1
useful output Dest Dest

Import

input input CH Bagasse BFW Net

B B B

B B B B B W
     

  
 

(11.11) 

Relative 

 
4

,

Relative

,

consumed ideal Ammonia

import

consumed actual CH Biomass BFW Net

B B

B B B B W
  

  
 

(11.12) 

B = exergy rate or flow rate (kW), BFW = boiler feedwater, Dest = destroyed 

11.3. Optimization problem definition 

As it has been shown hitherto, ammonia production plants are designed in complex ways in 

which the chemical units and the processes streams are interrelated through recycle loops and 

an extensive waste heat recovery network. Moreover, as long as electricity can be imported 

from the grid, the trade-off between an additional fuel consumption in the cogeneration 

system and the electricity purchase, both used to supply the power demand of the whole 

plant, will be strongly influenced by the performance of the cogeneration and waste heat 

recovery systems [228], as well as by the ratio between the cost of the electricity and fuels 

consumed [168]. Furthermore, since the conventional process flowsheet is drastically 

modified when alternative energy resources are considered, additional or totally different 

demands may be created. This requires a complete redesign of the energy integration 

approach between the new chemical units and the redefined utility systems, so that the power 

and steam requirements remain satisfied. 

For instance, biomass can be chosen to either totally or partially replace the natural gas as 

feedstock, as fuel or as both, opening an opportunity to the diversification of the input of 

these chemical systems, depending on the availability and cost of the energy resources. In 

this way, cheaper energy resources such as bagasse may be favored over more expensive 

energy demands [305]. Moreover, by importing electricity in lieu of generating it in the 

utility systems, the energy, economic and environmental impacts are transferred to the 

outside of the battery limits. Thus, depending on the natur of the electricity mix, it may bring 

more energy and environmental benefits than using natural gas [188]. All these new features 

render the determination of the optimality a cumbersome task. It must be also noticed that the 

energy integration method alone falls short to put on evidence the exergy destruction in the 

heat exchanger network and reveal the potential for reducing the inherent driving forces by 

rationally performing the waste heat recovery and power generation. Fortunately, the 

selection of the most suitable alternatives of a set of proposed energy technologies for the 

utility systems allows reshaping the integrated curves of the chemical process aiming to 

minimize the exergy destruction. This procedure relies on an efficient mathematical 

programming approach in which all the potential energy technologies, resources and 

production routes are included in a comprehensive superstructure.  

By separating the chemical process simulation from the energy integration problem, the 

calculation of the mass and energy balances and the simulation of the complex energy 

conversion systems can be handled by using the Aspen® Plus modeler [119]. Meanwhile, the 
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determination of the minimum energy requirements (MER) and the solution of the energy 

integration problem is performed by using the OSMOSE Lua platform developed by the 

IPESE group at the École Polytechnique Fédérale de Lausanne - EPFL, Switzerland [121]. 

In order to calculate the minimum energy requirement (MER), the contribution of each hot 

and cold streams to the overall heat balance is combined into the respective hot and cold 

composite curves [229]. These composite curves are shifted away from each other through a 

physical constraint, namely the minimum temperature approach Tmin, so that reasonable 

heat transfer rates can be ensured. Tmin will depend on the nature of each stream [157]. 

Equations (11.13-11.15) shows the optimization problem set to find the MER:   

1min
r

r
N

R
R 

                                                                                                                          (11.13) 

Subject to 

Heat balance of each interval of temperature r  , 1

1

0 1 ..
N

i r r r

i

Q R R r N



        (11.14) 

Feasibility of the solution                                                                               R 0r        (11.15) 

where
 
N is the number of temperature intervals defined by considering the supply and the 

target temperatures of the entire set of streams; Q is the heat exchanged between the process 

streams (Qi,r > 0 hot stream, < 0 cold stream) and R is the heat cascaded from higher (r+1) 

and to lower (r) temperature intervals (kW). 

This framework allows to determine the most suitable utility systems (steam network, 

refrigeration system, heat pump, cogeneration system) and their operating conditions, that 

satisfy the minimum energy requirement (MER) with the lowest resources consumption 

(water, natural gas and bagasse) and optimal operating cost [229]. The computational 

framework manages the data transfer with the ASPEN Plus® software and builds the mixed 

integer linear programming (MILP) problem described in the Eqs.(11.16-11.20) that 

minimizes the operating cost of the chemical plant. In other words, the optimization problem 

consist of finding the integer variables, yw, associated to the existence or absence of a given 

utility unit,  and its corresponding continuous load, fw, that minimizes the objective 

function given by Eq.(11.16):  

           
4 3 2,

1
,

min

r

N
import

OPCH Biomass Water Power NH COf y

R W

f B c B c V c W c B c m c t


 




            
  (11.16) 

Subject to: 

Heat balance of temperature interval r      
, , 1

1 1

0 1 ..
N N

r i r r r

i

f q Q R R r N


 





 

         (11.17) 

Balance of produced/consumed power            
exp

1

0
N

net imp

chemical
units

f W W W W


 


            (11.18) 

Existence and size of the utility unit w             
min, max,y y 1 ..f f f N            (11.19) 

Feasibility of the solution (MER)    
1 10, 0, R 0

rN rR R   
  
and  

exp0, 0prodW W 
  
(11.20) 
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where
 
Nw is the number of units in the set of utility systems; B is the exergy flow rate (kW) of 

the resources going in and out of the plant; c stands for the purchasing cost (euro per kWh, m
3
 

or kg/h) of the feedstock and electricity consumed or the selling price of the marketable 

ammonia and CO2 produced; V is the flowrate of the water consumed (m
3
/h); q is the 

heating/cooling rates supplied by the utility systems (kW); tOP is the operation time (h); W is 

the power produced by either the utility systems, the same chemical process or imported 

from/exported to the grid (kW). It is important to emphasize that the process modeling and 

simulation of the chemical plant alone, including its mass and energy balances, is performed 

by using Aspen ® Plus software. Meanwhile, the utility units shown in Fig. 11.2 are modeled 

via equation oriented subroutines written in the Lua programming language. Therefore, the 

additional equations required for the mass and energy balances of those units rely on the 

concept of layer (water, natural gas, biomass, syngas, ammonia, power, carbon dioxide, etc.) 

as shown in Fig. 11.4. 

Thus, according to Eq.(11.18), the overall power generated by the utility systems (steam or 

gas power cycles) should be able to supply the demands of the chemical plant and other utility 

units (refrigeration, heat pump, cooling tower). Otherwise, the balance of the respective layer 

considers the possibility of importing electricity from the grid. Moreover, if a surplus power 

could be produced at expense of the waste heat exergy available throughout the plant, the 

excess electricity could be sold to the grid provided that its export is economically attractive. 

Analogously, in the layer of natural gas (or other resource), the amount of energy supplied by 

the vendors is balanced with the fuel or feedstock consumption by the chemical plant and the 

utility systems (gas turbine, furnace). In this way, not only the balances of the resources 

consumed (power, natural gas, biomass, water, etc.) and the products and byproducts 

produced (ammonia, syngas, hydrogen, CO2, etc.), but as well as of the waste heat recovered, 

can be performed (cf. Fig.11.4). To this end, representative market cost for the water (3.69 

euro/m
3
), bagasse (0.0056 euro/kWh) and natural gas consumed (0.032 euro/kWh), as well as 

the selling prices of ammonia (0.098 euro/kWh) and CO2 (0.0084 euro/kWh) produced are 

taken from sorted literature [66, 230, 231].  
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Fig. 11.4. Concept of layer used in the optimization of the utility systems. W: power, NG: Natural Gas, BIOM: Biomass, SG: Syngas. 

 
Source: Author
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11.4. Optimal senarios of the conventional and alternative routes of ammonia 

production. 

In this section, the energy consumption remarks and the performance of the optimized 

ammonia production setups are presented. First, it is important to notice that, unlike the 

conventional route that only consumes methane, in the alternative configurations studied, the 

biomass-derived syngas is used as the main process feedstock for hydrogen production. 

Meanwhile, natural gas can be still consumed in the fired furnace for balancing the heating 

requirements in the alternative ammonia production facilities. Natural gas can be also fed to a 

gas turbine system in order to supply the power required to drive the compressors and pumps, 

as well as the cooling tower and the vapor compression refrigeration systems.  

As concerns the cases of total substitution of natural gas, a fraction of the biomass-derived 

syngas is consumed instead of importing natural gas, which directly affects the ammonia 

yield and, most importantly, the overall balance of the combined heat and power production 

of the plant. The decision making is therefore not a trivial problem, as it involves the iterative 

adjustment of the energy integration results [238]. Thus, by using a systematic optimization 

framework, the waste heat available for cogeneration purposes can be thoroughly exploited, 

whereas minimizing the operating cost of the plant and maximizing the total amount of 

ammonia produced.  

Accordingly, apart from the conventional case using only natural gas as both feedstock and 

fuel (see Fig. 11.1), thirteen additional scenarios have been tested in which the biomass-

derived syngas is used as the main feedstock for ammonia production, but the input to the 

utility systems varies according to economic and environmental targets. These scenarios 

combine the utilization of the various energy resources in the utility systems (i.e. imported 

natural gas, electricity from the grid, as well as produced syngas) along with the integration 

of either a Rankine or a Combined cycle. However, only six out of all the combinations 

considered are found to be independent optimal solutions, namely: 

Conventional case: the natural gas imported is used as both feedstock and fuel, without 

electricity import;  

WF-RC-EE case: No gaseous fuels are consumed in the utility systems, thus the imported 

electricity along with the optimized steam network and Rankine cycle are responsible for the 

combined heat and power production; 

NG-RC-no EE case: Only imported natural gas is consumed as fuel in the utility systems, 

whereas the optimized steam network and a Rankine cycle provide the required heat and 

power demands, without any electricity import required; 

NG-CC-no EE case: Analogously to the previous case, except for the consumption of the 

natural gas imported in a more efficiency Combined cycle that supply the required heat and 

power demands of the chemical plant; 

SG-RC-no  EE case: Differently from the previous cases, here a fraction of the gasification 

syngas is consumed as fuel whereas an optimal steam network and a Rankine cycle provide 

the required heat and power demands, without the need of electricity import; 
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SG-CC-no EE case: Similar to the previous case, except for the integration of a Combined 

cycle. 

In other words, by enabling the natural gas turbine system (e.g. combined cycle) while the 

electricity import is not allowed (see case NG-CC-noEE), the optimization solution is found 

to be equivalent to that of another scenario in which, even if the electricity consumption is 

now enabled, the optimizer solution still favors the natural gas consumption in a combined 

cycle over the import of costly electricity from the grid (i.e. NG-CC-EE). Table 11.2 

summarizes the results of the optimal process variables for the considered scenarios of 

ammonia production. 

According to Fig. 11.5 (see also Table 11.2), the non-renewable exergy consumption in the 

conventional case achieves 32.34 GJ/tNH3, with combined CO2 emissions (i.e. in the fumes 

and the raw syngas) of 1.75 tCO2/tNH3, out of which 29.3% are not captured and, thus, emitted 

to atmosphere (cf. Fig. 11.6). The source of these emissions is related to the use of natural gas 

in the fired furnace of the primary reformed. Nevertheless, the conventional case presents the 

lowest exergy consumption among all the analyzed configurations, due to the higher 

operating pressures of the primary reformer when compared to the atmospheric gasification 

processes.  

Fig. 11.5. Plantwide and extended exergy consumption figures for the various configurations 

studied. 

 

Source: Author 

In fact, in the biomass-based setups, the water-scrubbed syngas must be further compressed, 

not to mention the large amoung of exergy consumed in the bagasse treatment process, which 

renders the biomass-based route more power intensive (see Fig. 11.7). The conventional case 

also presents the lowest overall power consumption (2.49 GJ/tNH3), 60% lower than the 

highest power consumption figure (6.4 GJ/tNH3) corresponding to the case in which only 

syngas is used as the fuel source for the combined heat and power generation (SG-RC-no 

EE).Thus, it is not surprising that the SG-RC-noEE case also accounts for the highest overall 

exergy input (57.32 GJ/tNH3).  
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From Table 11.2, it is also evidenced that even for a higher specific consumption of 

feedstock, cheaper biomass input allows for a lower operating cost and, thus, higher 

operating revenues, than if the utility system were fueled with costly natural gas. It explains 

why the lowest amount of operating revenues corresponds to the conventional case, in which 

natural gas is used as both feedstock and fuel. As a conclusion, the use of cheaper energy 

resources  as well as the diversification of the energy inputs to the ammonia plant may serve 

not only for reducing the amount of emissions produced but also increasing the revenues 

obtained, even at expense of lower efficiencies [305]. 

Fig. 11.6. Overall and detailed (biogenic and fossil, directly and indirectly emitted, and 

avoided) CO2 emissions for the various configurations studied.  

 
Source: Author  

Additionally, Table 11.2 shows the Extended Exergy Plant Consumption that takes into 

account the exergy efficiency of the electricity generation (55.68%), as well as of the natural 

gas (91.09%) and bagasse (86.13%) supply chains [188]. Certainly, by adding the upstream 

inefficiencies in the feedstock supply chains into the originally standalone ammonia plant 

analysis, the panorama is worsened as the exergy destroyed in the feedstock acquisition 

further impairs the global performance of the production process. This increase in the overall 

exergy consumption is not negligible, varying from 15.3-17.9% in the case of the biomass-

based routes, but as low as 9.7% in the case of the conventional route. Although these figures 

may not be immediately interesting for ammonia producers when evaluating the performance 

of the plant itself, those figures certainly prove to be useful to public policy and decision-

makers in both environmental and benchmarking frameworks, since they allow to holistically 

compare the impact of the fertilizers sector with other industrial sectors from a fair level 

playing field.  
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Table 11.2. Optimal process variables of the studied ammonia production facilities. WF: no fuel, NG: Natural Gas fuel, SG: Syngas fuel, EE: Electricity 

consumption, RC: Rankine cycle, CC: Combined cycle, no-EE: No electricity import. 

Process parameter Conventional WF-RC-EE NG-RC-no EE NG-CC-no EE SG-RC-no EE SG-CC-no EE 

Feedstock input Natural Gas Biomass Biomass Biomass Biomass Biomass 

Utility system input Natural Gas Electricity Natural Gas Natural Gas Syngas Syngas 

Cogeneration system Rankine Rankine Rankine Combined Rankine Combined 

Feedstock consumption (GJ/tNH3) 23.51 47.04 47.04 47.04 57.32 51.66 

Utility fuel consumption (GJ/tNH3) 8.83 0.00 6.90 2.91 6.7910 3.0510 

Utility electricity consumption (GJ/tNH3) 0.00 1.41 0.00 0.00 0.00 0.00 

Overall plant consumption (GJ/tNH3) 32.34 48.45 53.95 49.95 57.3210 51.6610 

Extended plant consumption (GJ/tNH3)
 1 35.49 57.15 62.19 57.81 66.55 59.98 

Rankine cycle power generation (GJ/tNH3)
2 2.49 4.22  5.73 4.32 6.40 4.53 

Brayton cycle power generation (GJ/tNH3)
2 0.00 0.00 0.00 1.33 0.00 1.43 

Chemical  process power demand (GJ/tNH3)
3 1.81 4.88 4.88 4.88 5.56 5.19 

Ancillary power demand (GJ/tNH3)
4 0.68 0.75 0.85 0.77 0.84 0.77 

Cooling requirement (GJ/tNH3)
5 5.86 10.92 10.91 10.92 10.95 10.93 

Heating requirement (GJ/tNH3)
5 2.13 0.00 0.00 0.00 0.00 0.00 

Fossil CO2 emissions avoided (tCO2/tNH3)
6 1.237 0.000 0.000 0.000 0.000 0.000 

Fossil CO2 emitted –direct (tCO2/tNH3) 0.470 0 0.368 0.155 0.000 0.000 

Fossil CO2 emitted – indirect (tCO2/tNH3)
7 0.043 0.227 0.236 0.217 0.246 0.222 

CO2 emitted indirect – EE grid (%) 0.00 10.74 0.00 0.00 0.00 0.00 

CO2 emitted indirect – Nat. Gas (%) 100.00 0.00 14.33 6.58 0.00 0.00 

CO2 emitted indirect – Bagasse (%) 0.00 89.26 85.67 93.42 100.00 100.00 

Total fossil CO2 emitted (tCO2/tNH3) 0.513 0.227 0.604 0.372 0.246 0.222 

Biogenic CO2  emissions avoided (tCO2/tNH3)
6 0.000 2.503 2.503 2.503 2.503 2.503 

Biogenic CO2 emitted – direct (tCO2/tNH3) 0.000 0.000 0.000 0.000 0.569 0.256 

Total atmospheric emissions (tCO2/tNH3) 0.513 0.227 0.604 0.371 0.816 0.478 

Overall CO2 emissions balance8 0.513 -2.276 -1.899 -2.131 -1.687 -2.025 

Biomass consumption (tBagasse/tNH3) -- 2.41 2.41 2.41 2.94 2.65 

Gasifier syngas production (GJ/tNH3) -- 31.06 31.06 31.06 37.8510 34.1110 

Operating Incomes9 (euro/tNH3) 516.72 529.34 529.34 529.34 529.98 529.63 

Operating Costs9(euro/tNH3) 281.05 107.59 124.73 90.31 79.53 71.67 

Operating Revenues9 (euro/tNH3) 235.67 421.75 404.62 439.04 450.45 457.96 

Ammonia production (t/day) 950.84 1119.22 1119.22 1119.22 918.4510 1019.1410 

1. Overall  exergy consumption increases if the extended efficiency of the electricity grid (55.67%), natural gas (91.09%) and bagasse (86.13%) supply are considered as in 

[188]; 2. Steam pressure levels 110, 25, 2.5 and 0.10 bar, steam superh. 200°C, Brayton cycle with regeneration, pressure ratio 20:1; 3. Power consumed by the chemical plant 

alone; 4. Cooling tower and vapor compression refrigeration systems; 5. Heating requirements of the chemical processes (energy basis) determined from the composite curves; 

6. CO2 emissions captured through the physical absorption system; 7. It considers the indirect emissions due to the upstream supply chains of natural gas (0.0049 gCO2/kJCH4), 

electricity (62.09 gCO2/kWh) and residual bagasse (0.0043 gCO2/kJBagasse) [188, 232]; 8. Consider overall CO2 emitted (either fossil or biogenic) minus biogenic CO2 captured; 9. 

Operating revenues (only) calculated as the difference between the gross operating incomes minus the operating cost. See Appendix 2 for a detailed discussion on the influence 

of the share of the capital investment in the overall plant revenues; 10. It considers bagasse as the only energy input of the ammonia plant, thus the utility fuel consumption is a 

fraction of the syngas produced. It also reduces the amount of ammonia produced.  
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Furthermore, the indirect emissions related to the supply chains of the electricity, natural gas 

and bagasse (production, distribution, etc.) have been included in the calculation of the actual 

CO2 fossil emitted in Table 11.2 [188, 232]. Such indirect contribution is not negligible and 

reveals environmental issues that otherwise may remain hidden if electricity imported is 

considered as an emissions-free input. For instance, the indirect emissions of the bagasse 

supply are the largest share of indirect emissions (85-100%) in the biomass-based route (0.23 

tCO2/tNH3). This value is on average fivefold the indirect emissions associated to the 

conventional route (0.043 tCO2/tNH3) and can be explained by the large amount of bagasse 

required, which not only takes a toll to the efficiency of the overall plant, but proportionally 

increases the indirect emissions produced too.  

On the other hand, the direct emissions are derived from the combustion of natural gas or raw 

syngas (with an important biogenic CO2 content), used to supply the combined heat and 

power production. The avoided emissions are related to the carbon capture system in the 

syngas purification section. Since direct biomass-derived emissions are considered as neutral 

emissions [191], the difference between the biogenic CO2 captured and the overall CO2 

emitted is considered as the balance of CO2 emissions (see Table 11.2). The negative value 

indicates an overall positive impact in the depletion of CO2 present in the atmosphere, 

meaning that for each ton of ammonia produced, between 1.7 to 2.3 tons of CO2 are 

withdrawn from the environment. This is in close agreement with reported literature [115]. 

As a result, the indirect emissions from the bagasse utilization are not only offset by the 

captured biogenic emissions, but also the scenario of a ‘greener’ Brazilian electricity import 

(WF-RC-EE) leads to the best results in terms of overall exergy consumption and CO2 

emissions among the partially and totally renewable routes analyzed in Table 11.2.  

 

 

 

 

 

 

  



204 

 

Fig. 11.7. Power consumption breakdown of the selected scenarios, EE: electricity, superh.: steam 

superheating, (a) Conventional, (b) WF-RC-EE, (c) NG-RC-no E, (d) NG-CC-no EE,(e) SG-RC-no EE, (f) SG-

CC-no EE, see Table 11.2. Source: Author. 
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11.5. Combined exergy and energy integration analysis 

Figure 11.8a-f show the integrated curves corresponding to the simulated scenarios described 

in Table 11.2.  

Fig. 11.8. Integrated composite curves. EE: electricity, superh.: steam superheating, (a) Conventional, 

(b) WF-RC-EE, (c) NG-RC-no E, (d) NG-CC-no EE,(e) SG-RC-no EE, (f) SG-CC-no EE, cf. Table 11.2 

.  

Source: Author. 
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As it can be observed, the bagasse-based ammonia production designs, Figs. 11.8 (b-c) 

present a higher potential of heat recovery due to the excess heat exergy available throughout 

the whole chemical plant. This is profited by integrating a steam network that recovers and 

then supplies the heat required, either by preheating process streams or by raising steam (used 

as both process reactant and power fluid).  

On the other hand, the reduced excess heat exergy available in the conventional case (Fig. 

11.8a) must be compensated by an increased consumption of fuel in the utility system, about 

21 to 84% higher than in the cases (b-c). In spite of this fact, the share of exergy destruction 

in the natural gas-fired furnace and the primary reformer together (6.7 GJ/tNH3) is still much 

lower than the sum of the irreversibility comprised in the bagasse treatment (chipping, 

drying, scrubbing), gasification and syngas compression processes together, according to Fig. 

11.9 and Table 11.3. Actually, the latter irreversibility accounts for approx. 16.2 GJ/tNH3 or 

60-80% of the exergy destroyed in the bagasse-based ammonia production setups. The 

gasifier itself is responsible for half of the exergy destruction in the plant and, as the char 

combustion process is inevitable, there is a small room for reducing its contribution to the 

total process irreversibility. However, as concerns the drying, chipping and cold syngas 

cleaning (water scrubbing), and compression processes, better technologies for the removal 

of the bagasse moisture, hot catalytic cleaning of the syngas and increased gasifier pressures 

may help reducing the amount of avoidable exergy destroyed in the frontend of biomass-

based ammonia production plants [32]. 

Fig. 11.9. Exergy destruction breakdown for the selected scenarios, EE: electricity, superh.: 

steam superheating, (a) Conventional, (b) WF-RC-EE, (c) NG-RC-no E, (d) NG-CC-no 

EE,(e) SG-RC-no EE, (f) SG-CC-no EE, see Table 11.2. 

 
Source: Author. 

The calculated plantwide rational efficiencies shown in Table 11.3 are in close agreement 

with those reported for the thermo-environonomic optimization of two biomass and natural 

gas-based ammonia production plants with electricity import [115]. 
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Table 11.3. Exergy destruction and exergy efficiencies for the studied configurations 

Process parameter Conventional 
WF-RC 

-EE 

NG-RC 

-no EE 

NG-CC 

-no EE 

SG-RC 

-no EE 

SG-CC 

-no EE 

Rational exergy efficiency (%) 70.17 47.87 42.99 46.43 40.46 44.89 

Extended rational exergy 

efficiency (%)1 
63.92 40.58 37.29 40.12 34.85 38.67 

Relative exergy efficiency (%) 61.47 41.02 36.85 39.79 34.67 38.47 

Extended relative exergy 

efficiency (%)1 
56.00 34.78 31.96 34.38 29.86 33.14 

Exergy destruction (GJ/tNH3) 9.64 25.26 30.75 26.75 34.13 28.47 

Extended exergy destruction 

(GJ/tNH3)
1 

12.81 33.96 39.00 34.61 43.36 36.79 

1.Overall  exergy consumption increases if the cumulative efficiency of the electricity grid (55.67%), natural gas 

(91.09%) and bagasse (86.13%) supply are considered as in [188]. 

It is also worthy to notice that, according to the calculated extended exergy efficiency (see 

Fig. 11.10), the standalone ammonia plant efficiency (i.e. not extended) are appreciably 

reduced (8.9-15.2%) due to the incorporation of the irreversibility present in the upstream 

feedstock supply chains. These figures are of course dependent on other process externalities 

such as the transportation and distribution infrastructure, the production efficiency of the 

energy resources as well as the composition of the electricity mix concerned. It is important 

to mention other scenarios which recently have earned attention in Brazil to mitigate the 

fossil fuel consumption in the ammonia production process, which consider the syngas 

production by using the steam reforming of ethanol, encouraged by a well-established 

sugarcane ethanol economy [213-217]. 

Fig. 11.10. Comparison between the relative and extended relative exergy efficiency of the 

various conventional and alternative ammonia production plant configurations. 

 
Source: Author. 

As a final remark, from a sustainability point of view, lower electricity selling prices promote 

the integration of improved energy conversion systems, since in this way the fuel 

consumption in the ‘internal’ cogeneration systems attempts to compensate the improved 

‘external’ standalone cogeneration system (i.e. waste heat is upgraded to useful input). 
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Paradoxically, higher purchasing electricity and natural gas prices are also necessary to 

encourage the rational transformation of the waste heat exergy into mechanical power by 

using cogeneration (since imported electricity cost becomes prohibitively high). At the end, 

the relative prices of electricity and fuels (natural gas and bagasse) play an important role 

when determining the pathway that must follow the economic process optimization. That 

explains why better solutions in terms of exergy efficiency or reduced environmental impact 

are not necessarily meant to be as well the most profitable ones [168], as it has been found 

from the calculated operating revenues. 

11.6. Final considerations 

A conventional natural gas-based ammonia production plant is compared with a series of 

alternative biomass-based ammonia production facilities, aiming to reduce the amount of non-

renewable exergy consumed, whereas increasing the operating revenues. The combined 

energy integration and exergy analyses performed allowed spotting the best alternatives of 

utility systems that increase the revenues, while maximize the recovery of the available waste 

heat exergy.  

As a result, the exergy efficiencies of the natural and biomass-based ammonia production 

plants averaged 65.8% and 41.3%, whereas the overall emission balance varies from 0.5 to     

-2.3 tCO2/tNH3, respectively. The negative values point towards the environmental benefits 

brought about the production of chemicals through the use of alternative energy sources such 

as biomass. However, in the short to medium terms, the global production of these important 

commodities are foreseen to remain dominated by the use of the non-renewable natural gas 

resources, especially coal and natural gas. Yet, further efforts on research and development of 

more efficient conversion technologies of renewable energy sources must look towards the 

introduction of alternative ammonia production routes at larger scales in the SNF industry, in 

spite of the current high investment risk and less mature energy conversion technologies of 

biomass. 

Moreover, electricity import, whether available, may help reducing the irreversibility in the 

biomass-based ammonia production, as well as reducing the overall CO2 emissions. However, 

higher operating revenues are rather achieved by totally replacing the natural gas input and 

avoiding the electricity import, favoring the consumption of the syngas produced in a 

combined power cycle for supplying the heat and power demands. Finally, it must be noticed 

that by defining an extended plant consumption and efficiency concepts, the whole effect of 

the production process, including the inefficiencies of upstream feedstock supply chain can be 

evaluated. The results show to be strongly dependent on the indirect emissions, the energy 

resources used (natural gas, electricity or bagasse) and the ratio of the price of electricity to 

natural gas adopted. 

In the next chapter, the upgrade of the organic residues of the sugar cane biorefineries is 

further evaluated to determine the best options of upgraded products, either synthetic natural 

gas or hydrogen, intended to be used as feedstock in a separate ammonia production unit, 

provided that the nitrogen byproduct of a nearby oxygen separation plant is available.  
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CHAPTER 12 
 

UPGRADING BIOMASS RESIDUES TO HYDROGEN AND SNG 

USED AS FEEDSTOCK FOR SNF PRODUCTION 
12. Papers Published and Conferences Attended 

As it has been shown in Chapter 11, the decarbonization of the synthetic nitrogen fertilizers 

(SNF) sector fundamentally relies on the availability of a large amount of inexpensive 

biomass resources [289]. In that regard, the demand might be suitably satisfied by means of 

the readily concentrated, residual organic material derived from sugar cane biorefineries. This 

approach is twofold advantageous, since those residues might be upgraded to feedstock and 

fuels used to supply the utility requirements in the SNF plants. Additionally, the capitalization 

on these waste effluents may reduce the energy consumption and the cost related to the 

treatment thereof. Hence, the global processes efficiency can be increased, while economical 

revenues from wastes, that otherwise would be disposed, can be obtained.  

The main residues of the sugarcane industry are bagasse and vinasse. A fraction of the former 

is commonly used to provide the combined heat and power requirements of the sugarcane 

mill, whereas the excess bagasse is discarded [306]. Meanwhile, the vinasse is typically used 

in fertigation of the sugar cane crops [307]. The average quantity of residues generated by an 

sugarcane ethanol distillery is estimated as 474 m³/h of vinasse and 7.4 kg/s of excess bagasse 

[232, 306, 308]. In light of this, enhanced conversion routes for these substances may bring 

about economic and environmental benefits, especially in the fertilizers sector, as long as the 

syngas, methane and hydrogen produced from alternative resources could replace the costly 

non-renewable natural gas used in the conventional route. Two biological and thermal 

conversion processes, namely anaerobic digestion and biomass gasification have gained 

recent interest due to their suitability to transform organic residues into value-added products.  

Thus, in this chapter, the performance of different scenarios of the production of alternative 

feedstock intended to be used in SNF plants is evaluated. The process flowsheet integrates the 

anaerobic digestion and gasification with both Rankine and combined cycle cogeneration 

systems that provide the utility requirements of the chemical plant. As a result, the highest 

exergy efficiencies were obtained for the synthetic natural gas (SNG) production, whereas the 

highest irreversibility is due to the vinasse disposal, since anaerobic digestion cannot fully 

convert organic wastes. The bagasse gasification and the utility systems are also responsible 

for an important amount of exergy destroyed. 

12.1. Various SNF feedstock production from the upgrade of biomass residues  

Figure 12.1 shows the detailed superstructure used for each one of the feedstock production 

routes, including the energy resources, the integrated utility systems and the chemical plants 

for hydrogen, SNG and syngas production. The studied configurations were designed to be 

self-sufficient in terms of power and heat supply. This has been possible by using purified 
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syngas or SNG as fuels (without electricity import) and integrating two different cogeneration 

systems based on either a waste heat recovery steam network or a combined cycle. The 

superstructure shown in Fig. 12.1 also comprises syngas and SNG-fired furnaces, a cooling 

tower and a vapor compression refrigeration system.  

Fig. 12.1. Detailed superstructure of the various production routes of upgraded feedstock . 

 
Source: Author. 
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The bagasse gasification process (GASIF, Figs. 12.1-12.2) is similar to that described in the 

previous chapter, where a twin fast circulating bed gasifier that uses steam and air as 

gasifying and combustion agents, respectively, is utilized to produce a raw H2/CO-rich 

stream. Next, a syngas purification system, comprising a downstream tar catalytic cracker and 

a water scrubbing column, is used to remove the impurities that may affect the downstream 

equipment. The syngas is then compressed to 30 bar and a water gas shift conversion process 

is used to produce a further amount of hydrogen at the expense of the CO present in the gas. 

At this point, the hydrogen-rich syngas can be converted to either biomethane, hydrogen or 

used in the utility system to produce power. The production of pure hydrogen by using 

biomass-derived syngas (GASIFH2, Fig. 12.1-12.2) continues through a series of physical 

CO2 absorption (with an auxiliary reboiled column) and pressure swing adsorption units that 

deliver a pressurized hydrogen with 99% purity, suitable to be transported and used as 

feedstock in a separate SNF plant. On the other hand, if SNG production from biomass 

gasification is intended (GASIFCH4, Fig. 12.1-12.2), the hydrogen, CO and CO2 present in 

the syngas at the required stoichiometric molar fractions are converted into methane in three 

sequential methanator reactor beds, which operate between 250ºC to 700ºC. The methanation 

reactions are exothermic and, thus, an intercooler system is required to avoid the fast catalyst 

deterioration. SNG may be henceforth fed to a downstream associated SNF plant. 

Fig. 12.2. SNG and hydrogen production routes. 

 
Source: Author. 

In the following, a brief description of the vinasse treatment process is presented. A detailed 

assessment can be found in the works of Nakashima and Oliveira Junior [307, 309]. Since the 

vinasse separated in the ethanol distillation column is at relatively high temperatures (60ºC) 

and presents a low pH (3.75-5) [308], it must be mixed with a recycled digestor effluent for 

pH correction and cooled down to 35°C [310]. This temperature is suitable for biogas 

production via anaerobic digestion (ANAD, 12.1-12.2) [311]. In order to produce SNG, the 

biogas is desulfurized using a cold sodium hydroxide solution [309], whereas the remaining 

biogas impurities, mainly CO2, are removed by using a physical absorption process with an 

auxiliary reboiled column, similar to that used in the gasification route. Since the overhead 
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gas of the auxiliary desorption column still contains methane, it can used as fuel gas to 

provide the utility requirements of the overall system. In the hydrogen production via vinasse 

anaerobic digestion (ANADH2, Fig. 12.1-12.2), the SNG produced is further reformed by 

using steam (S/C ratio 3.0) similarly to the SMR process in the conventional natural gas-

fueled route. Two sequential high and a low temperature water gas shift reactors are used to 

increase hydrogen yield. The additional CO2 produced is removed again by using physical 

absorption and pressure swing adsorption systems. At last, the purified hydrogen is 

compressed (200 bar) for being transported and fed to a separate SNF plant.  

Equations 12.1-12.2 are used to calculate the plantwide exergy efficiency as well as the 

exergy efficiency of the utility system for the various waste upgrading routes studied: 

 delivered

recovered

Q

net
utility Q
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W B
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





                                           (12.1) 

high grade feedstock
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B
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
                                              (12.2) 

where Bbiomass residues, Bfuel gas, and Bhigh-grade feedstock correspond to the exergy of the biomass 

waste effluent from the biorefinery, the intermediate fuel consumed in the utility systems, and 

the upgraded gas that can be used as feedstock in an associate SNF plant. Meanwhile, 

recovered, delivered

QB  stands for the heat exergy recovered by the utility system and distributed 

throughout the chemical plant. The net power produced Wnet by the utility system is used to 

drive the syngas compressors and other ancillary components, without electricity import.  

12.2. Optimization problem definition 

The following optimization problem is formulated to assess the most suitable utility systems 

that satisfy the minimum energy requirement (MER) with the lowest resources consumption 

and optimal operating revenues. The computational framework OSMOSE  Lua® manages the 

data transfer with Aspen ® Plus software and builds the mixed integer linear programming 

(MILP) problem described in the Eqs.(12.3-12.6) that maximizes the operating revenues of 

the chemical plant, while satisfying the constraints of the MER problem. The solution consists 

thus of the size factors, fw, and the integer variables, yw, that determines the existence of each 

utility unit w that minimizes the objective function given by Eq.(12.1): 
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where
 
Nw is the number of units in the set of utility systems; B and c stand, respectively, for 

the exergy flow rate (kW) and costs (euro per kWh, m
3
 or kg/h) of the residues consumed (or 

selling prices of the H2 and SNG produced); V is the flowrate of water consumed (m
3
/h); Q 

and q are the heat exchanged between the process streams (Qi,r > 0 hot stream, < 0 cold 

stream), and the heating/cooling supplied by the utility systems (kW), respectively; tOP is the 

operation time (h); and R is the heat cascaded from higher (r+1) and to lower (r) temperature 

intervals (kW).  

Additional equations for the mass and energy balances on each stream layer (water, biomass, 

upgraded products), along with the equations for modeling each one of the different energy 

technologies of the utility systems, are included in the optimization problem, analogously to 

the procedure explained in Chapter 7, Fig. 7.2. Representative market prices for the water 

(3.03 euro/m
3
), bagasse (0.0056 euro/kWh), vinasse (0.0006 euro/kWh) as well as the selling 

prices of the upgraded SNG (0.032 euro/kWh) and hydrogen (0.072 euro/kWh), are taken 

from sorted literature [66, 230, 231]. 

12.3. Optimal operating conditions of the upgrading processes of the biorefinery 

residues. 

The main exergy consumption and production remarks for each analyzed case are 

summarized in Table 12.1 and briefly discussed next. According to those results, the biomass 

route produces higher amounts of upgraded hydrogen and SNG, partly explained by an 

incomplete conversion of the vinasse in the anaerobic digestion compared with the bagasse 

gasification. This difference is nonetheless offset when SNG is the desired product, since the 

anaerobic digestion readily produces a valuable methane-rich stream, whereas the gasification 

process relies on further purification and methanation processes.  

Meanwhile, the use of a more efficient Combined cycle reduces the fuel consumption of the 

utility systems, which slightly increases the amount of exported SNG product (6%). However, 

a thorough evaluation of the gas turbine integration may show that the marginal investment 

cost may eventually outweigh this thermodynamic advantage. For this reason, an effectively 

integrated steam network could be more favorable for supplying the total electricity demand 

by using the waste heat exergy recovered throughout the chemical plant together with an 

additional consumption of syngas or SNG.  

On the other hand, the hydrogen production scenario seems to be more favorable in terms of 

higher operating revenues, even for utility fuel consumptions comparable to those of the SNG 

production routes. Ammonia can be then produced in a downstream synthesis loop (See 

Chapter 9 and 10) provided that the nitrogen byproduct of a nearby oxygen separation plant is 

available [81], so that the hydrogen logistics can be simplified. Thus, the choice of the most 

favorable upgraded feedstock will be necessarily subject to the available infrastructure for 

storage and transportation, as well as to other economic criteria [31]. 
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Table 12.1. Exergy consumption and production remarks for each production route shown in 

Figs. 12.1-12.2 

 Upgraded product 

 CH4 CH4 H2 H2 

Cogeneration cycle 
Combined  

cycle 

Rankine  

cycle 

Combined  

cycle 

Rankine  

cycle 

Overall biomass consumption      

As vinasse (MW) 69.1 

72.3 As bagasse (MW) 

Overall fuel consumption     

Gaseous fuel fed to utility system 
Purified  

syngas 

Purified 

syngas 

Purified 

syngas 

Vinasse-

derived SNG 

LHV (MJ/kg) 14.3 14.3 14.3 48.1 

Molar flow rate (kmol/h) 

[Exergy (MW)] 

110  

[6.9] 

188  

[11.8] 

116  

[7.3] 

46  

[10.7] 

Fraction of the overall syngas or SNG 

produced (%) 
14.45 24.77 15.26 37.49 

Exported product
 
     

Biomass route contribution (%) 0.54  0.51 0.58 0.72 

Vinasse route contribution ( %) 0.46 0.49 0.42  0.28 

Total exported product (kmol/h) 

[Exergy (MW)] 

266 

[62.3] 

249 

[58.2] 

695 

[48.2] 

670 

[45.7] 

Operating Revenues (euro/h)  1,569 1,438 2,990 2,806 

It is worthy to notice that, the scenarios presented in Table 12.1 mostly rely on the use of the 

purified syngas as the fuel consumed in the utility system over the SNG utilization. This 

circumstance can be explained by the fewer conversion steps that lead to a lower exergy cost 

of the upgrading process of vinasse to SNG, in comparison to the more intricate gasification 

process combined with methanation. In other words, the best solutions for SNG production 

prioritize the utilization of the vinasse anaerobic digestion, whereas a fraction (14.5-24.8%) of 

the intermediate syngas produced in the gasification process is used as the only fuel input to 

the utility system.   

This trend drastically changes in the case of the hydrogen production route. Indeed, the choice 

of the fuel consumed seemingly depends on the type of the cogeneration plant that is 

integrated. For instance, by introducing a more efficient combined cycle in the H2 production 

route, the optimum solution only consumes 15.3% of the syngas produced. In contrast, when a 

cogeneration system based solely on a steam network is operated, the fraction of vinasse-

derived SNG used as fuel in the utility system can be as much as 37.5% of the total SNG 

produced. This situation is related to the higher energy requirements (compression, reforming, 

purification, etc.) of the hydrogen production route via vinasse-derived SNG, which leads the 

optimal solutions to prioritize the gasification route. In this way, provided that more efficient 

cogeneration systems are integrated, the energy intensive conversion of the vinasse-derived 

SNG to H2 is preferred. However, as soon as less efficient cogeneration systems are 

considered, the utilization of SNG as the fuel of the utility system can be justified. Clearly, 

this leads to a penalty on the efficiency of the utility system due to an increased consumption 

of fuel, and consequently to the lowest overall exergy efficiency among the upgrading routes 

studied (see Fig. 12.3). 
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Fig. 12.3. Overall and utility system exergy efficiency in the various upgraded SNG and 

hydrogen production routes 

  
Source: Author. 

Figure 12.4 evidences a major concentration of exergy destruction in the anaerobic digestion, 

the gasification and the utility systems. Since the SNG production by using a combined cycle 

has the lowest exergy requirements in terms of both heat and power, the irreversibility in the 

utility system and, consequently, in the overall plant is the lowest. On the other hand, 

regardless of the cogeneration process used, the more numerous hydrogen production steps 

introduce further sources of irreversibility, more precisely about 9.3% of the overall exergy 

destroyed in the H2 production routes (see GASIFH2 and ANADH2, Fig. 12.4).  

Accordingly, the exergy analysis points toward the syngas and biomethane production 

processes as the ones facing the most important challenges for upgraded syngas, hydrogen 

and SNG production, intended to be used in a downstream industrial ammonia loop. 

According to Nakashima and Oliveira Junior [307], the treated vinasse effluent has a high 

concentration of inert material that is discarded in the sugarcane crops. Thus, the exploitation 

of vinasse organic inerts (e.g. concentration and combustion) could significantly reduce the 

exergy destruction in the routes analyzed. As concerns the gasification process, a significant 

part of the energy of the biomass (3% of the LHV) [290] must be still internally consumed in 

the syngas production, which significantly reduces the yield of syngas and the value-added 

products. In this regard, higher gasification pressures may lead to reduced power consumption 

in the syngas compression and, consequently, lower exergy destruction in the utility systems 

[32].  
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Fig. 12.4. Exergy destruction breakdown in the various SNG and hydrogen production routes 

(cf. Fig.12.1 for conventions). 

 
Source: Author. 

The corresponding integrated curves indicating the location of the various utility and chemical 

energy conversion systems of the studied SNG and hydrogen production routes are illustrated 

in Figs. 12.5 a-d.  

Fig. 12.5. Integrated curves of the various production routes for SNG (a) without and (b) with 

the integration of a combined cycle. The corresponding figures of hydrogen production are 

shown in (c) and (d). 

 
Source: Author. 
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12.4. Final considerations  

Various scenarios for upgrading the main sugarcane residues into value-added products, 

namely synthetic natural gas and hydrogen, have been examined in terms of operating 

revenues, fuel consumption, exergy efficiency and exergy destruction. To this end, an exergy 

analysis and energy integration study is performed in order to determine the best combination 

of chemical processes and utility systems that allow reducing the process irreversibility. 

Among the scenarios studied, SNG production presented the highest exergy efficiency due to 

the lower exergy consumption and simpler conversion route. Nevertheless, higher revenues 

can be obtained by producing hydrogen at comparatively similar exergy efficiencies. The 

integration of a combined cycle leads to slight efficiency gains, which may eventually offset 

by increased marginal investment costs, which must be further analyzed in future works. 

 

Technically and thermodynamically enhanced chemical conversion processes for biomass 

pretreatment, gasification and syngas purification, along with improved vinasse treatments  

are key issues for the efficient and economic production of alternative, high-grade feedstock 

useable in associate synthetic nitrogen fertilizers plants. Meanwhile, the pursuit of the 

decarbonization of the SNF sector will remain an active and open field of research. 
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CHAPTER 13 
 

CONCLUSIONS AND SUGGESTIONS FOR FUTURE WORKS 
13. Expected results 

In this thesis, a systematic methodology is proposed and applied for the process synthesis and 

optimization of the facilities of a highly integrated syngas and ammonia production plant as 

part of a synthetic nitrogen fertilizer (SNF) complex. The mathematical modeling, simulation 

and optimization framework considers the actual operational constraints and the limitations of 

industrial ammonia production plants, but also attempts to propose novel approaches in light 

of the limited room for improvement in the old-fashioned, existing facilities. Nevertheless, the 

limited knowledge of the most advanced commercially available technologies and operating 

conditions (know-how) is admittedly recognized as the chief barrier in the development of this 

thesis. 

For this reason, initially, the most recent developments on the energy savings and energy 

integration processes in the chemical industry of SNF have been reviewed. Next, a baseline 

flowsheet including the most representative processes existing in the SNF plants is adopted. 

Then, a set of potential improvements that entails a reduction of the production costs and an 

increase of the exergy efficiency of the conventional unit is outlined. The developments and 

modifications suggested for the improvement of the different sections of the baseline design 

are ranked through the conception and proposition of indicators for the exergy, economic and 

environmental performance. For instance, an appropriated methodology has been proposed to 

address the rational distribution of the exergy costs and CO2 emissions among the streams of 

the chemical plant, with special attention given to the convection section of the primary 

reformer. The exergy efficiency of ammonia is calculated as 55.71%, whereas the specific 

CO2 emissions of the ammonia produced reach 0.0881 kgCO2 per MJNH3 (or 1.69 tCO2/tNH3). 

For the CO2 byproduct, those figures are found to be 61.08% and 0.0821 kgCO2/MJCO2, 

respectively.  

Furthermore, from the analysis of the baseline flowsheet, a directly proportional correlation 

between the increased exergy destruction rate and larger driving forces in the chemical 

process has been evidenced. Thus, since the irreversibility in real ammonia production 

facilities cannot be totally eliminated (because reasonable product yields and reduced 

equipment sizes are desirable), any improvement in the performance of an industrial ammonia 

production plant must be always considered a trade-off between lower exergy destruction 

rates and higher yield rates. For this reason, different process synthesis and optimization 

techniques, including heuristic, thermodynamic and algorithmic methods have been used to 

find out the best process flowsheet configurations that operate under various pathways of 

energy and material inputs and satisfy the specified targets. 

For instance, the study of the intricate relationship between the chemical plant and the utility 

systems has been better evaluated by using a systematic methodology based on a mixed 
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integer linear programming (MILP) and a modular chemical process simulation approach. 

This procedure allowed for the determination of the most suitable utility systems that satisfy 

the minimum energy requirement (MER) with the lowest resources consumptions and 

operating cost. This has been possible thanks to a thorough characterization of the energy 

integration curves of the chemical process, but especially of the reactive systems. Three 

different types of syngas purification units, namely chemical and physical absorption systems, 

have been also employed. As a result, by operating under various scenarios of energy inputs 

(electricity, natural gas, biomass) and cogeneration systems (steam network, combined cycle), 

the most appropriate utility systems and operation conditions, that maximize the recovery of 

the thermodynamic potential associated to waste heat exergy produced along the chemical 

plant, have been identified. 

Furthermore, the calculation of the direct and indirect CO2 emissions generated in the optimal 

configurations of ammonia production allowed for better comparisons with other industrial 

and chemical process in terms of the environmental impact. As a result, by operating either in 

a mixed mode (i.e. by means of a partial electricity import along with an improved waste heat 

recovery and cogeneration system) or in a totally autonomous mode with a combined cycle-

based cogeneration system, together with the use of physical absorption-based syngas 

purification unit, the process irreversibility and the operation cost can be reduced, whereas the 

efficiency of the conventional plant is increased (ca. 8-10%). Thus, by considering the current 

autonomous operation mode (i.e. no electricity import) of most of the moderns ammonia 

production plants, the integration of a combined cycle is the most rational alternative for 

increasing the exergy efficiency and maximizing the process revenues in the SNF facilities. 

By considering (i) the highly irreversible nature of complete combustion and (ii) the associate 

stack losses in both the fired furnace of the primary reformer and in the combustion chamber 

of the gas turbine, along with (iii) the exergy losses associated to the excess steam generation 

and its subsequent condensation; four novel approaches, based on the chemically recuperated 

gas turbine concept (CRGT), have been proposed for the production of syngas, intended to be 

fed to a backend industrial ammonia loop. These novel setups were aimed to improve the 

energy integration capabilities at higher temperatures and reduce the amount of atmospheric 

emissions, by intensifying the rates of pre-combustion carbon capture. Five different 

configurations have been compared, namely a conventional syngas production system and 

four proposed configurations based on the chemically recuperated gas turbine (CRGT) 

concept, with single and dual levels of pressure. As a conclusion, even at optimal operating 

conditions, the proposed single and dual pressure configurations presented a specific exergy 

destruction ranging from 87.5 to 95.2 MJ/kmolH2, although 3-12% lower than those found for 

the conventional process. Moreover, the exergy fuel consumption in the proposed CRGT 

configurations has been estimated as 0.5-2.7% lower than in the conventional design. 

Meanwhile, the cooling requirement in the proposed setups is substantially reduced (up to 

10%) compared to the conventional plant. It is thus verified that by using a dual pressure 

configuration that aims to generate a counteraction in the reactive components, the reacting 

driving forces can be effectively reduced. However, the most striking characteristic of these 

proposed setups has been their capability of cutting down up to 25% the specific atmospheric 
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CO2 emissions, compared to the conventional case. To the author’s knowledge, similar 

approaches has been proposed for expanding the exothermic reactor effluents, but none of 

them have integrated the CRGT concept to the chemical and cogeneration plant in a same 

physical structure. 

Proceeding from these reasonings, the interrelation between the kinetic, thermodynamic and 

technical operation parameters of the backend industrial ammonia synthesis unit has been also 

examined by using both the Counteraction principle and the Le Châtelier Principle. Two new 

different approaches have been proposed to calculate the exergy efficiency of industrial 

processes that cope with relatively large material exergy flow rates, compared to other exergy 

flow rates (e.g. power). As a result, even at optimal operating conditions, the ammonia 

synthesis reactor, the syngas compression, the ammonia refrigeration and the waste heat 

recovery network were together responsible for about 26 MW of exergy destruction in 

backend ammonia production unit (1,000 tNH3/day), with the largest figures related to the base 

case operating condition at 200 bar (38.8 MW). Furthermore, the exergy destruction 

breakdown shows that the ammonia converter and the refrigeration system were together 

responsible for more than 71-82% of the overall irreversibility in the ammonia loop. More 

importantly, it has been found that, despite the fact that increased driving forces may imply 

higher exergy destruction rates in the reactor beds, by solely increasing the reacting driving 

forces in the ammonia converter, the whole system irreversibility has not been necessarily 

increased. Indeed, the global effect of the finite driving forces in that particular equipment 

was seemingly compensated by the enhancement of the performance of the integrated 

ammonia loop (namely, lower circulation rates, higher reactor conversions and reduced power 

consumption for recycling and refrigeration purposes).  

On the other hand, by introducing an additional once-through conversion section operating at 

a lower pressure (83 bar) in series with the main ammonia loop, the exergy losses have been 

driven down by 13%, whereas the extent of recovery of the waste heat from the enthalpy of 

synthesis reaction has been also increased. As a result, the implementation of a dual pressure 

configuration increased the overall exergy efficiency of the industrial ammonia unit up to 

30%, by significantly reducing the compression demand. In spite of these advantages, the 

syngas compressor, the ammonia converter, the waste heat recovery and the ammonia 

refrigeration systems were still responsible for about 80-86% of total irreversibility in the 

backend industrial ammonia unit, which varies from 23.8MW for the dual pressure up to 

27.2MW for the single pressure (150 bar) configuration, respectively. Consequently, it could 

be expected that the development of better catalyst that operate at lower or gradual levels of 

pressure bring about a reduction of the power consumption in the ammonia loop. However, 

since a decrease of the loop pressure entails a reduction of the available waste heat from the 

synthesis reactor, the overall steam and power generation balance may be drastically 

modified. Accordingly, the design and integration of advanced catalytic reactors into the 

conventional production facilities should be thoroughly evaluated including the secondary 

effects. 
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In the last chapters of this thesis, the minimization of the operating costs in the ammonia 

production processes that use an inexpensive, readily concentrated source of biomass from 

sugar cane mills has been addressed. Actually, this analysis has been motivated by the 

underexploited biomass potential in the tropical countries as well as due to the more stringent 

environmental regulations in the SNF industry. A detailed evaluation of the economic and 

environmental impacts of the partial or total substitution of the natural gas in conventional 

ammonia production plants permited the calculation of the exergy efficiencies of natural and 

biomass-based ammonia production routes, averaging 65.8% and 41.3%, respectively. 

Meanwhile, the overall CO2 emission balance attained 0.5 to -2.3 tCO2/tNH3, for the fossil and 

alternative production routes, respectively. Yet, the current high investment risk and less 

mature renewable energy conversion technology compared with the mature infrastructure of 

the coal and petrochemical industry hinder the integration of alternative ammonia production 

routes at larger scales in the near-medium term. In the meantime, electricity import, whether 

available, may help reducing the irreversibility in the biomass-based ammonia production 

plants, as well as reducing the overall CO2 emissions, provided that the domestic electricity 

generation carries reduced indirect CO2 emissions and higher generation efficiencies. 

Notwithstanding, the highest operating revenues can be rather achieved by totally replacing 

the natural gas input and avoiding the electricity import, favoring the consumption of the 

gasification syngas produced in a combined power cycle for supplying the heat and power 

demands of the chemical plant and the utility systems.  

All in all, as concerns the natural gas substitution by using biomass and ‘greener’ electricity 

sources, the results showed to be strongly dependent on the indirect emissions, the energy 

resources used (natural gas, electricity or bagasse) and the ratio of the price of electricity to 

natural gas. Furthermore, technically and thermodynamically enhanced chemical conversion 

processes for biomass pretreatment, gasification and syngas purification, along with improved 

vinasse treatments are found to be key issues for the efficient and economic production of 

alternative, high-grade feedstock useable in associate synthetic nitrogen fertilizers plants. 

Meanwhile, the pursuit of the decarbonization of the SNF sector will remain an active and 

open field of research. 

*** 

 

Some general recommendations can be issued from the main results obtained in this thesis: 

-  Advanced energy integration approaches that allow for increased waste heat recovery and 

improved cogeneration are unfortunately not costumary practices in the conservative chemical 

and industrial sector. However, due to the reduced room for the energy consumption cutdown 

and, thus, the overall efficiency increase, the exploration of breakthrough approaches for 

energy conversion technologies, arrangements and energy resources will become necessary, at 

least for elucidating the truly thermodynamic and technological potentials available in modern 

ammonia production facilities.  

- The combined application of the exergy method and other physical principles based on the 

Second Law of the Thermodynamics along with economic and extended environmental 



222 

 

analyses prove to be useful when comparing the utilization of various energy resources and 

operation modes in complex chemical production plants. This approach also reflects the true 

impact of the chemical production facilities on the market and the natural environment in 

which they operate (and viceversa).  

 

- Despite of lower exergy efficiencies and, consequently, increased exergy consumption, 

alternative energy resources may help reducing the fossil fuel dependence and intensive CO2 

emissions of the SNF industry, as well as increasing the operating revenues given the large 

biomass potential in tropical countries. However, in the near term, the most likely scenario 

might rather consists of the combined use of the available renewable and fossil energy 

resources to achieve a more competitive position in the volatile international market. 

*** 

Certainly, the various aspects presented in this thesis can be questioned, improved, extended 

or used to derive other subjects of study in the Laboratory of Environmental and Thermal 

Engineering (LETE) research group and in the scientific community in general. Indeed, the 

variety of processes, operating conditions, arrangements and uncertainties associated mantain 

this field of research under constant development. Some additional suggestions for futures 

research work can be summarized but not limited to: 

 

- Energy integration and economic analyses of the integration of the syngas and ammonia 

production facilities and associated urea plants. Urea plants generally consume the carbon 

dioxide captured from the reforming, partial oxidation and shift reactions. However, since in 

the conventional ammonia production process, the CO2 captured falls short to completely 

supply the total amount of CO2 required as feedstock, the integration of the novel approaches 

with enhanced energy consumption and CO2 absorption rates may help increasing the 

availability of this input in the urea unit.  

 

- Detailed economic evaluation and equipment design of the novel approaches proposed for 

the production of syngas and ammonia by using either non-renewable and alternative energy 

resources. Although a detailed quantification of the investment costs and financial risk is not 

mandatory in order to assess the thermodynamic and environmental potential, they may 

certainly contribute to a more insightful decision-making on the commercial feasibility of the 

breakthrough proposed configurations.  

 

- Preliminary assessment of the potential of decarbonization of the chemical and industrial 

sector through the upgrade of alternative energy resources, such as the residues of sugar 

cane biorefineries, and the integration of the existing infrastructure of fossil fuels distribution. 

The mapping of the localization of the Sao Paulo’s natural gas pipelines superposed to the 

analysis of the distribution of the mains sugar cane mills can be used to project the building of 

the future ammonia production plants aiming to partially (or totally) replace the natural gas 

utilization in the manufacturing of synthetic nitrogen fertilizers. 
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 - Evaluation of the production of alternative energy carriers/transportation fuels such as 

methanol, synthetic natural gas and ammonia by integrating the novel approaches proposed in 

this thesis and the Second Law Analysis, including the Counteraction principle. 

 

- Sensitivity analysis of the uncertainty associated to the market prices of the resources 

consumed, since it may disclose radically different optimal configurations when the ratio 

between the electricity and the fuel prices becomes numerically comparable to the 

cogeneration efficiencies of the existing and revamped utility systems. 
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APPENDIX 1 
 

ALGORITHMIC METHODS USED IN PROCESS SYNTHESIS AND 

OPTIMIZATION OF CHEMICAL PROCESSES  
1. Papers Published and Conferences Attended 

The classification of the optimization problems is quite important from both computational 

and methodological points of view, as there are specific methods that provide more efficient 

solutions of a particular class of problems. Thus, in this section, an overview of the most 

common numerical methods used in optimization of chemical processes, broadly classified in 

deterministic and stochastic, is briefly presented [99].  

The deterministic methods rely on pattern or lattice search procedures that may require direct 

evaluations of the objective function, calculation of gradients or even determination of second 

order derivatives [116]. These methods can be further classified according to the type of 

problems that can deal with, e.g. linear or non-linear; sequential approaches (i.e. successive 

solution of approximate subproblems); constrained or unconstrained; single or multivariable; 

involving either integer or continuous variables, or even a mixture of both.  

Some methods like the Nealder Mead simplex (Fig. A1.1) and the univariate search are 

examples of direct search deterministic methods that proceed from an initial guess towards 

the optimum without requiring derivative calculations or other assumptions on the form of the 

objective function [312]. Since direct search methods allows handling discrete decision 

variables, topological changes in the structure of the process synthesis can be handled by 

using these methods [116].  

Fig. A1.1. Graphical representation of the Nelder Mead method. 

 
Adapted from source: [313]. 

Among the most traditional deterministic methods is the calculus method, based on the 

calculation of the Lagrange multipliers . Thus, the optimization problem can be addressed as 
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the solution of a system of non-linear equations written in terms of the multipliers  and the 

independent variables x. The system of non-linear equations results from the application of 

the Karush-Kuhn-Tucker (KKT) stationary conditions to the Lagrangian of the optimization 

problem, given in Eq.(A1.1), along with the complementary conditions for the multipliers and 

the constraints [312]. However, in order to determine whether the KKT conditions are 

sufficient, further analyses based on the positive definiteness of the Hessian matrix may be 

still required. 
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Some deterministic methods, applicable to unconstrained non-linear problems, are based on 

indirect search procedures and can be divided into zeroth, first (gradient-based) and second 

(hessian-based) order. The zeroth order methods rely on the calculation of the so-called 

Powell’s conjugated directions, whereas the first and second order methods are based on the 

calculation of the first and second derivatives of the objective function [112]. The search 

starts from a suitable initial point and, based on a direction and step length criteria properly 

defined for each method, the search moves towards the point that presents the largest 

improvement of the objective function [312]. For instance, in the steepest descent method 

(first order), the direction of the next step is given by the gradient vector of the objective 

function calculated at the current point (Fig. A1.2). Moreover, the step length is determined 

by minimizing the local value of the objective function. Sometimes the gradient vector and 

hessian matrix might be obtained numerically rather than analytically, thus, multimodal 

functions can make these methods unstable [116].  

Fig. A1.2. Steepest descent method applied to the function 2 2( , ) 3 2 2 2F x y x y xy x y    

 
Source: Author. 
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Among the methods used for solving constrained optimization problems, more specifically 

those in which the objective function as well as the constraints are linear functions of the 

independent variables (i.e. a linear programming problem), the simplex method is a widely 

used and efficient scheme. This method searches along the boundary of the feasible domain 

from one vertex (given by the constraints), to the next until the optimum is obtained [116].  

In the case of nonlinear constrained optimization problems, the generalized reduced gradients 

and projected gradient methods, as well as the feasible direction methods can be used [312]. 

In these methods, the initial guess or starting point is in the feasible domain. Then, the search 

is moved to the constraint and obtain a point on the constraint. From this point, the search is 

moved tangentially to the constraint. Since by doing this the trial point violates the constraint, 

the next step is used to bring the point back to the feasible region [116]. Other methods, 

known as penalization methods and augmented lagrangian methods convert the constrained 

problem to an unconstrained one by modifying the search space (Fig. A1.3 right) [314]. This 

methods uses penalty parameters r, that modify a composite unrestricted function due to the 

violation of the constraints, Eq.(A1.2). The larger the violation, the higher the penalty. The 

composite function is then optimized using any of the techniques applicable for unconstrained 

problems [116].  
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Fig. A1.3. Penalization method with r = 1 (left) and r = 10 (right) applied to the extended 

function  
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Other numerical methods, used for the solution of constrained non-linear optimization 

problems, are based on sequential (linear or quadratic), local approximations of the original 
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non-linear problem around the current iterate. Thus, either linear or quadratic programming 

can be used to solve the local optimization problem. For instance, in the sequential linear 

programming (SLP) method, the objective and constraints are linearized about the initial 

point, so that the local problem fits the linear programming (LP) format [112]. After an 

improved solution is locally obtained by using, e.g. the simplex method, the procedure is 

repeated until the fitness function is not further improved (Fig. A1.4).  

Fig. A1.4. Sequential linear programming (SLP) method applied to the optimization of the 

objective  function 2 2

1 2 1 2( ) 4 2f x x x x   x  subject to the constraints: 

2 2

1 1 1 2 2( ) 9 0g x x x x    x  and 2 2

2 1 2 1 2( ) 7 2 0g x x x x    x . 

 
Source: Author. 

 

Meanwhile, in the sequential quadratic programming (SQP) approach, the objective function 

is locally approximated as a quadratic function, whereas the restrictions are suitably 

linearized, according to Eq. (A1.3).  
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In this way, the optimization problem takes the form of a quadratic programming problem, 

Eq.(A1.4), to be solved in each iteration by using, e.g. augmented lagrangian methods. 

Indeed, if it were not for the presence of constraints, the SQP approach would resemble the 

application of the Newton method for the numerical solution of nonlinear algebraic systems of 

equations [99]. 
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More recently, the structural process synthesis of complex chemical plants has taken 

advantage of robust optimization methods that can deal with mixed integer linear (MILP) and 

non-linear programing (MINLP). Branch and Bound and Outer Approximation approaches 

are examples of them [146]. In the former, the exhaustive evaluation of the integer variables is 

avoided by using a relaxed problem and using a decision tree that stands for all the potential 

solutions, either feasible or unfeasible (Fig. A1.5). This collection of nodes can be linked so 

that an unique path from any initial to final node represents the combination of the integer 

variables that enable or disable certain components and interconnections within the process 

flowsheet. Moreover, the main hypothesis consists of the idea that the relaxed model (point 1, 

Fig A1.5) holds the bound of the original mixed integer optimization problem. Thus, the other 

nodes are investigated either breadth first or depth first, until they are found to be inferior or 

they prove to be the optimal solution [99]. Since some infeasible nodes will not need to be 

further examined, a fathoming of the branch eliminates implicitly large groups of potential 

solutions without explicitly evaluating them [111]. 

Fig. A1.5. Breadth first (left) and depth first (right) searches used in the solution of MILP and 

MINLP problems with the Branch and Bound method 

 
Source: Author. 

Notwithstanding, the conventional deterministic methods often fail to find the optimal 

solution if the objective function is not continuous and smooth, or has many local extrema 

[315]. In fact, non-convex models with local optima and combinatorial explosion are the 

likeliest problems encountered in the optimization of complex chemical plant flowsheets 

involving integers variables [117]. Therefore, there has been a considerable development in 

optimization methods that include stochastic techniques, which use randomness to guide the 
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search and allow intermediate deterioration of the objective function [99]. In this way, they 

are less prone to be stuck in a local optimum than deterministic methods. These methods can 

handle problems in which the derivatives would be cumbersome to calculate, causing the 

deterministic methods to fail [99].  

For instance, in the genetic algorithm, populations of strings (the analogy of chromosomes) 

are created to represent a set of parameters (e.g. temperature, pressure, concentration, etc.), so 

that basic operations of natural genetics (i.e., reproduction, crossover and mutation) can be 

used in the search procedure [316]. Differently from deterministic approaches, genetic 

algorithms move from one set of points (population) to another set of points [317]. Other 

stochastic methods are often called global search metaheuristic methods due to the use of a 

set of heuristics combined with random search [318]. For instance, in the simulated annealing 

the probability that the objective function deteriorates is initially high, but as the temperature 

is gradually reduced, the probability of accepting new deteriorated solution is lower. At the 

end, when the temperature has been decreased enough, the rejection of non-optimal solutions 

is at its highest likelihood [314]. 

In summary, heuristics, thermodynamics and algorithmic approaches have been widely 

applied in process synthesis and optimization, but they are not exempt of some drawbacks. 

The first two do not have any guarantee that the optimum solutions are actually found, since 

the optimum configuration may be one that is currently unknown. Furthermore, they do not 

provide a global framework for synthetizing a variety of systems that are composed of 

different types of major components (chemical plants, heat recovery networks and utility 

plant) [146]. Meanwhile, the last one requires a significant computational effort and, 

inevitably, depends on and is restricted by the initial superstructure [111]. Thus, heuristics 

could be used in a preliminary screening to eliminate non-promising alternatives or generate 

good estimates; whereas thermodynamic approaches could be used to develop bounds or 

eliminate energy inefficient alternatives. In fact, the utilization of the heuristic and 

thermodynamic approaches for the improvement in isolation of the most important 

components represents rather a good starting value for a broader iterative optimization of the 

total plant [146, 148]. In turn, the algorithmic approaches could be useful to automatically 

generate integrated flowsheets.  

By considering the pervasive impact of the chemical production processes in the economic, 

energetic and environmental systems in which are contained, it is coherent to question 

whether the best solution in terms of economics simultaneously optimizes the other facets. 

Certainly, the economic performance represents an important criterion, but the chemical 

process must be also designed as a part of a sustainable industrial activity [99]. In other 

words, the chemical systems should not compromise the ability of the ecosystem to maintain 

the natural cycles that hold the species and provide society with the goods and services. 

Accordingly, the consumption of raw materials and the production of wastes should be 

minimized by performing the process as efficiently as it is economic and practicable.  

However, when two or more optimization criteria are simultaneously imposed, different 

solutions can be acceptable, depending on the particular target that is assumed. For this 
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reason, the multi-objective optimization appears as an attempt to reconcile the decision 

making perspectives by conveniently displaying a set of optimal solutions that are not 

dominated by the remaining solutions, known as Pareto optimal set. Therefore, the optimal 

solution may not be unique and is ‘optimal’ only in the strict mathematical sense. Thus, the 

expert human intervention is needed to weigh the alternatives and reach a final decision [149]. 

On the one hand, the thermodynamic criterion attempts to minimize the entropy generation 

(or exergy destruction) along the various components of the process. It can be achieved by 

means of the integration of the energy systems and the reduction of the avoidable losses 

derived from large driving forces. On the other hand, the thermoeconomy optimization use 

performance criteria also based on costs engineering and economy, looking towards the 

minimization of the costs of production. These costs may include initial investment costs, 

marginal revamping costs, operational costs, and so forth. Regarding the environmental 

optimization, some authors have proposed the exergy as an measure of the deviation from 

environmental conditions and for the renewability assessment [319]. Yet, exergy is not 

necessarily related to other undesirable environmental burdens, e.g. toxicity, greenhouse gas 

emissions, etc. 

It is also important to notice that the industrial processes are often required to operate under 

variable feedstock supply and cost, catalyst and equipment performance, as well as variable 

environmental and commercial factors along the plant lifespan. Thus, a process configuration 

found to be optimum for certain conditions may not be reliable when operating under 

different specifications. Accordingly, sometimes it is recommended to accomplish an analysis 

of sensitivity of the optimum to determine the rate at which the objective function changes as 

one of the decision variables is changed. Such perturbations show the sensitiveness of the 

objective function, allowing to determine the control precision required or the penalty for 

failure to control the variable within the imposed restrictions.  

Consequently, the selection of the adequate design variables, and the objective and constraint 

functions is fundamental for the success of the optimization process. In fact, as the number of 

independent variables increases, the computational effort for solving the optimization problem 

increases, particularly for thermodynamic systems, due to the complicated non-linear 

characteristics [279]. Therefore, it is desirable to focus in the dominant variables rather than 

considering all that might affect the solution. Additionally, the determination of more flexible 

constraints would be advantageous for reducing or increasing the value of the objective 

function. 
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APPENDIX 2 
 

AN OVERVIEW OF THE INVESTMENT AND OVERALL COSTS OF 

THE AMMONIA PRODUCTION 
2. Papers Published and Conferences Attended 

In the following, an overview on the investment and overall production costs in the integrated 

syngas and ammonia production plants is firstly introduced. Next, a sensitivity analysis on the 

effect of the share of the capital investment in the overall plant revenue for the conventional 

and alternative production routes, studied in Chapters 7 and 11, are dicussed.   

A2.1. Investment and operating cost of conventional and alternative production routes: 

A literature review. 

The reported investment costs present a marked dependence on the technology and the nature 

of the energy resources selected, as well as on the individual economic data assumed in each 

study (interest rate, year of analysis, plant lifespan, among others). 

- Review on the investment costs of the conventional and alternative ammonia production 

plants. 

In an early study of the World Bank [22], an economic assessment of a 1500 t/day ammonia 

plant included different scenarios of existing and new plants settled in developed, developing 

or remote locations. The estimated capital costs range from 170 to 350 million dollars (1998), 

which after updated and annualized (20 years, 6% interest rate, CEPCI 550) are equivalent to 

overall ammonia plant costs between 38.28-78.8 US dollars/tNH3, respectively. Those values 

certainly contrast to the investment cost reported by Seddon [320] equal to 1000 million 

dollars (2006) for a 2320 tNH3/day ammonia yield, or currently equivalent to about 100 US 

dollars/tNH3. In other study, Bartels [64] reports the investment cost of an ammonia synthesis 

plant based on the various hydrogen production scenarios presented by Rutkowski [321]. The 

study compared the capital cost of four ammonia production pathways via natural gas 

reforming (2004 tNH3/day) and coal gasification (1563 tNH3/day) with and without taking into 

account the capital cost of the carbon capture system (CCS). In the case of the SMR-based 

configurations, the updated investment costs range from 72.79 to 81.53 US dollars/tNH3, with 

the difference corresponding to the approximate cost of the CCS (8.74 US dollars/tNH3). In the 

case of the ammonia production plant based on coal gasification, the respective figures for the 

capital costs can be as high as 146.61 - 175.50 US dollars/tNH3. Accordingly, the CSS would 

represent between 11-16% of the overall investment cost of the integrated syngas and 

ammonia production facility [64].  

Based on more recent data, Bartels [64] tabulated the variation of the total investment cost of 

an industrial ammonia plant based in the conventional SMR showing that the capital cost 

reduces from 100.78 US dollars/tNH3 for 1000 tNH3/day yield rate up to 79.07 US dollars/tNH3 

for a 2200 tNH3/day plant. These figures apply for an ammonia production facility that does 
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not integrate either a gas turbine or an air separation unit; otherwise, they may increase up to 

146.46-186.67 US dollars/tNH3, with the lower figures corresponding to a 2200 tNH3/day 

ammonia yield due to the economy of scale. The share of the investment cost of the ammonia 

synthesis loop alone and the air separation unit (ASU) are, in turn, estimated as being 20-30% 

and 20% of the overall ammonia plant cost, respectively [64]. These results agree with the 

values estimated by Appl [218] after updated for an ammonia production plant (1800 

tNH3/day) based on natural gas steam reforming (85.58 US dollars/tNH3) and coal gasification 

(171.16 US dollars/tNH3).  

Regarding the ammonia production via biomass gasification, the research works of Mann 

(736 tNH3/day) [322], and Padró and Pusche (1022 tNH3/day) [323] apud Bartels [64] can be 

used to estimate the investment cost of the entire ammonia production facility including a gas 

turbine and an auxiliary ASU. After updated from 2005 and 1992 US dollars, respectively, the 

reported figures vary between 194.67 - 241.98 US dollars/tNH3. Furthermore, the share of the 

investment cost of the Haber-Bosch ammonia loop alone is reportedly to be at least 50-52% of 

the overall investment cost of the plant. Similarly, Arora et al [30] calculated the capital cost 

of a small scale 120 tNH3/day ammonia production plant, based on the gasification of wood, 

straw and bagasse, ranging between 127.66 - 237.09 US dollars/tNH3. However, unlike the 

works of Mann and Padró and Pusche, in the Arora’s research work, the gasifier cost and gas 

conditioning account for about 70-80% of the overall investment cost, whereas the ammonia 

loop barely contributes to 10% of the overall investment cost. Indeed, the share of investment 

cost of the ammonia loop alone is reportedly comparable to the respective shares of the ASU 

and the utility system [30]. This fact highlights the large uncertainty that the calculation of the 

capital cost of unconventional ammonia production plants reported in the literature cope with. 

Meanwhile, despite of the expensive figures exhibited by the biomass-based industrial 

ammonia plants, the highest investment costs actually arise from the utilization of water 

electrolysis powered by alternative energy technologies such as wind farms and photovoltaic 

panels. For instance, based on the studies of hydrogen production reported by Glatzmaier et al 

[324], Bartels estimated a total capital cost of approximately 1438.17 US dollars/tNH3 for a 7 

tNH3/day ammonia production plant when an interest rate of 15% and 20 years lifespan is 

considered [64]. The ammonia synthesis loop alone represents again close to 48% of the 

overall plant cost. Certainly, the lower ammonia yield rate is responsible for the highest 

capital cost that the solar ammonia production is responsible for. Meanwhile, the research 

works of Levene et al [325] apud Bartels can be used to estimate the updated investment cost 

of an ammonia production plant based on the water electrolysis by using the electricity 

harvested from wind farms. Anyway, in spite of a slightly reduced investment cost of the 

wind-based ammonia production (970.23 US dollars/tNH3) compared to the solar-driven 

designs, most of these alternative energy conversion systems remains to be uncompetitive 

when compared to either the natural gas, coal or even biomass-based ammonia production 

configurations.  
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- Review on the overall production (operating plus investment) costs of the conventional and 

alternative ammonia production plants. 

Several authors reported the overall cost of the ammonia production for both natural gas and 

biomass-based routes. Maung et al [326] estimated the overall costs of the ammonia 

production based on the use of both flared and conventional natural gas as US dollars 400-

600/tNH3. In other words, for a conventional ammonia plant configuration, the average 

investment cost (100 US dollars/tNH3) corresponds from one fifth to one fourth of the overall 

ammonia production cost. These values are in close agreement with those obtained in Chapter 

4, 9 and 10 of this thesis. On the other hand, the utilization of biomass brings about a marked 

increase of the overall ammonia production costs compared to an scenario of natural gas 

consumption. This can be explained by a strong dependency on the economy of scale and the 

cost of the biomass consumed as feedstock, which may sharply vary from US dollar 20 for 

bagasse up to 260 for wood per ton of dry biomass (tdb) [327].  

For instance, Gilbert et al [289] evaluated the ammonia production based on the gasification 

of wood in a 1200 tNH3/day plant, obtaining a production cost of only 500 US dollars/tNH3 for 

a relatively low biomass feedstock cost of 60 USD/tdb. Meanwhile, the work of Andersson 

and Lundgren [290] suggests an overall production cost as high as 750-1150 US dollars/tNH3 

for a biomass feedstock cost of 70-200 USD/tdb [30, 327]. Interestingly, Andersson and 

Lundgren’s figures show not only of a twofold production cost but they also correspond to 

half of the ammonia throughput (700 tNH3/day) of the Gilbert’s calculations (1200 tNH3/day). 

As a conclusion, Gilbert’s findings points towards the halving of the total production cost by 

barely doubling the ammonia yield rate. Additionaly, the production cost of Andersson and 

Lundgren are similar to those reported by Tock and Maréchal (970 US dollars/tNH3), when 

gasified wood (70-200 USD/tdb) is used to produce about 1190 tNH3/day at a relatively low 

interest rate (6%) for investment calculation purposes.  

Sarkar et al [328] apud Arora [30] calculated the highest ammonia production cost for a 2000 

tNH3/day production plant based on gasification of wood chips as being equal to 2000 US 

dollars/tNH3. More recently, Arora et al [327] estimated an overall production cost of about 

1150 US dollars/tNH3 for the small scale ammonia production from biomass when a relatively 

expensive (100 USD/tdb) and high interest rate is assumed (15%). Later, Arora et al [30] 

calculated the total production cost of a small scale ammonia plant (120 t/day) based on the 

gasification of different types of biomass feedstock. The authors concluded that the 

investment cost contributes to 35%, 45%, and 52% of the total ammonia production cost in 

the case of wood, straw, and bagasse feedstock, respectively. The remaining costs correspond 

to the sum of the operation and maintenance costs, as well as the cost of the electricity and 

biomass consumed, among other expenses.  

A2.2. Influence of the investment cost share on the overall production revenues in the 

conventional and alternative ammonia production routes.  

As it has been shown, the reported data about the overall and investment costs of modern 

ammonia production plants may present noticeable divergences between the studies. 
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Nonetheless this information is still relevant for estimating the effect of the investment cost 

share on the overall ammonia production revenues, as shown in Fig. A2.1. In this figure, the 

‘net’ revenue (REV) curves are calculated as the difference between the gross incomes 

(INCO) and the overall production expenditure (TOEX i.e. the sum of investment,CAPEX, 

and operating, OPEX, costs) as a function of the CAPEX-to-TOEX ratio (share %): 

%
REV = 1

1 %

share
INCO OPEX

share

 
  

 
                                         

(A2.1) 

Thus, the intercepts of the revenue curves with the vertical axis (euro/tonNH3) stand for the 

case in which only the operating costs are considered, i.e. when the investment cost share is 

not under scrutiny. Those values have been reported as operating revenues in Table 7.2 and 

Table 11.2 and may be interpreted as upper bounds for the achievable revenues in retrofitted 

n-th plants (existing, operational and mature plants).  

Fig. A2.1. Influence of the investment cost share on the overall production revenues for the 

various configurations studied. 

 

The rectangular demarcated zones in Fig. A2.1 enclose the representative intervals in which 

the share of the investment cost (CAPEX/TOEX) is assumed to vary, according to the 

reviewed literature. For the conventional case, an investment cost share between 10-30% of 

the overall ammonia production cost is in strong agreement with the reported values of 

investment cost, ranging between 80-210 euro/tonNH3. As a result, if the investment costs of 

the grassroot ammonia production plants are considered, an important reduction of about 50% 

of the operating revenues, shown in Table 7.2, is expected.  
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Meanwhile, the investment cost contribution of the alternative ammonia production plants is 

here assumed to be higher due to factors related with less mature, energy intensive biomass 

pretreatment and syngas purification technologies, economy of scale of the gasification of 

renewable energy resources and the investment risk, as discussed in Chapters 11 and 12. 

Thus, the investment cost share interval is assumed varying from a typical 50% contribution 

up to the worst case scenario in which the overall revenues become null, in order to guarantee 

at least a positive value. In this way, the maximum investment costs is assumed to be 

comparable to the maximum operating revenues (400-450 euro/tonNH3), which is close to 

some values reported in the available literature [30]. Thus, from these assumptions, if the 

investment cost share exceeds 75-85% of the overall cost, the alternative scenarios studied are 

not anymore profitable, due to the incapacity of the productive system to compensate the 

annualized investment cost. In any case, as concerns the alternative ammonia production 

configurations studied in Chapter 11, the utilization of more efficient cogeneration systems 

(e.g. combined cycles) that consume syngas derived from inexpensive bagasse for combined 

heat and power production is expected to increase the process revenues, as long as the costly 

natural gas and electricity consumption are spared. 

However, according to Fig. A2.1, the advantage offered by a less expensive feedstock 

(bagasse) may be still offset by an increment of the investment cost associated to a more 

complex gasification and treatment processes, characteristic of the current biomass energy 

conversion systems. This fact reinforces the idea that, even though an abundant and cheap 

feedstock brings about benefits in terms of both operating costs and environmental impact, the 

investment and risk costs along with economy of scale still represent important challenges to 

be adressed for achieving the decarbonization of the SNF sector. 
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APPENDIX 3 
 

PAPERS PUBLISHED AND CONFERENCES ATTENDED 
3. Papers Published and Conferences Attended 

 Papers published in international journals. 

- FLÓREZ-ORREGO, D.; OLIVEIRA JR, S. On the efficiency, exergy costs and CO2 

emission cost allocation for an integrated syngas and ammonia production plant. Energy 

(Oxford), v. 117, Part 2, Pages 341-360, 2016. 

- FLÓREZ-ORREGO, D.; OLIVEIRA JR, S. Modeling and optimization of an industrial 

ammonia synthesis unit: An exergy approach. Energy (Oxford), v. 137, 15, pp 234-250, 

2017. 

- FLÓREZ-ORREGO, D.; OLIVEIRA JR, S. Exergy assessment of single and dual pressure 

industrial ammonia synthesis units. Energy (Oxford), v. 141, pp 2540-2558. 2017. 

- FLÓREZ-ORREGO, D. HENRIQUES, I. B., NGUYEN, T., MENDES DA SILVA, J., 

MADY, C.E., PELLEGRINI, L.F., GANDOLFI, R., VELÁSQUEZ, H., BURBANO, J.C., 

LATTOUF, R., DE OLIVEIRA JUNIOR, S. The contributions of Prof. Jan Szargut to the 

exergy and environmental assessment of complex energy systems, Energy (Oxford), v.161, 

pp. 482-492. 2018. 

- SANTOS, R.G.; FARIA, P. R.; FLÓREZ-ORREGO, D.; SANTOS, J.J.C.S.; SILVA, 

J.A.M., Thermoeconomic Modeling for CO2 Allocation in Steam and Gas Turbine 

Cogeneration Systems, Energy (Oxford), v.117, Part 2, pp 590-603. 2016. 

 Papers submitted to international journals. 

- FLÓREZ-ORREGO, D., SHARMA, S., OLIVEIRA JR, S., MARECHAL, F., Combined 

Exergy Analysis and Energy Integration for Design Optimization of Nitrogen Fertilizer 

Plants.  Frontiers in Energy Research.  

FLÓREZ-ORREGO, D, NASCIMENTO SILVA, F., OLIVEIRA JUNIOR, S., Syngas 

Production with Thermo-Chemically Recuperated Gas Turbine Systems: An Exergy Analysis 

and Energy Integration Study. Energy  (Oxford). 

- OROZCO LOAIZA, C., MAYA LOPEZ, J., VELASQUEZ ARREDONDO, H.I. FLÓREZ-

ORREGO, D. Exergy analysis of the Colombian energy matrix: A view from its economic 

sectors and energy resources, International Journal Of Sustainable Energy Planning And 

Management. 
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- NASCIMENTO SILVA, F., FLÓREZ-ORREGO, D, OLIVEIRA JUNIOR, S. 

Oxycombustion Gas Turbine for Increased Efficiency in Offshore Platform Applications, 

Energy Conversion and Management. 

- FLÓREZ-ORREGO, D, OLIVEIRA JUNIOR, S., MARECHAL, F. Comparative Exergy 

and Technoeconomic Assessment of Fossil and Biomass-Based Routes for Hydrogen and 

Ammonia Production, Energy Conversion and Management. 

- NAKASHIMA, R., FLÓREZ-ORREGO, D, OLIVEIRA JUNIOR, S. Integration of 

Anaerobic Digestion and Biomass Gasification for combined Hydrogen, Biomethane and 

Power Production, Journal Of Power Technology. 

- SILVA ORTIZ, P., FLÓREZ-ORREGO, D., OLIVEIRA JUNIOR, S., MARÉCHAL, F.,  

MACIEL FILHO, R. Exergetic, Environmental And Economic Assessment Of Sugarcane 

First-Generation Biorefineries, Journal Of Power Technology. 

 Technical contributions to the proceedings of international conferences.  

- FLÓREZ-ORREGO, D.; OLIVEIRA JR, S. On the Allocation of the Exergy Costs and CO2 

Emission Cost for an Integrated Syngas and Ammonia Production Plant. 28th International 

Conference on Efficiency, Cost, Optimization, Simulation and Environmental Impact of 

Energy Systems, ECOS 2015, Pau, France, June 29th - July 3rd, 2015. 

- FLÓREZ-ORREGO, D.; OLIVEIRA JR, S. Exergy Modeling and Optimization of an 

Ammonia Production Plant. 29th International Conference on Efficiency, Cost, Optimization, 

Simulation and Environmental Impact of Energy Systems, ECOS 2016, Portoroz, Slovenia, 

June 19th- 23rd, 2016. Best Conference Paper Award. 

- FLÓREZ-ORREGO, D.; OLIVEIRA JR, S, Exergy Assessment of Single and Dual Pressure 

Ammonia Production Plants, International Conference on Contemporary Problems of 

Thermal Engineering - CPOTE 2016, Gliwice, Poland, September 14-16, 2016. 

- FLÓREZ-ORREGO, D.; SHARMA S.; OLIVEIRA JR, S.; MARECHAL, F. Combined 

Exergy Analysis and Energy Integration for Design Optimization of Nitrogen Fertilizer 

Plants. 30th International Conference on Efficiency, Cost, Optimization, Simulation and 

Environmental Impact of Energy Systems, ECOS 2017, San Diego, United States of America, 

July 2nd – 6th, 2017. 

- FLÓREZ-ORREGO, D, NASCIMENTO SILVA, F., OLIVEIRA JUNIOR, S., Syngas 

Production with Thermo-Chemically Recuperated Gas Turbine Systems: An Exergy Analysis 

and Energy Integration Study. 31th International Conference on Efficiency, Cost, 

Optimization, Simulation and Environmental Impact of Energy Systems, ECOS 2018, 

Guimaraes, Portugal, June 17th – 22nd , 2018. 

- FLÓREZ-ORREGO, D., NGUYEN, T., SILVA, J.A.M., OLIVEIRA JR, S. The 

contributions of Prof. Jan Szargut to the exergy and environmental assessment of fuels and 
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chemicals production, 31th International Conference on Efficiency, Cost, Optimization, 

Simulation and Environmental Impact of Energy Systems, ECOS 2018, Guimaraes, Portugal, 

June 17th – 22nd, 2018. 

- OROZCO LOAIZA, C., MAYA LOPEZ, J., VELASQUEZ ARREDONDO, H.I. FLÓREZ-

ORREGO, D. Exergy analysis of the Colombian energy matrix: A view from its economic 

sectors and energy resources, 31th International Conference on Efficiency, Cost, 

Optimization, Simulation and Environmental Impact of Energy Systems, ECOS 2018, 

Guimaraes, Portugal, June 17th – 22nd, 2018. 

- NASCIMENTO SILVA, F., FLÓREZ-ORREGO, D, OLIVEIRA JUNIOR, S. 

Oxycombustion Gas Turbine for Increased Efficiency in Offshore Platform Applications, 

International Conference on Contemporary Problems of Thermal Engineering - CPOTE 2018, 

Gliwice, Poland, 18th - 21st September 2018. 

- FLÓREZ-ORREGO, D, OLIVEIRA JUNIOR, S., MARECHAL, F. Comparative Exergy 

and Technoeconomic Assessment of Fossil and Biomass-Based Routes for Hydrogen and 

Ammonia Production, International Conference on Contemporary Problems of Thermal 

Engineering - CPOTE 2018, Gliwice, Poland, 18th - 21st September 2018. 

- NAKASHIMA, R., FLÓREZ-ORREGO, D, OLIVEIRA JUNIOR, S. Integration of 

Anaerobic Digestion and Biomass Gasification for combined Hydrogen, Biomethane and 

Power Production, International Conference on Contemporary Problems of Thermal 

Engineering - CPOTE 2018, Gliwice, Poland, 18th - 21st September 2018 

- SILVA ORTIZ, P., FLÓREZ-ORREGO, D., OLIVEIRA JUNIOR, S., MARÉCHAL, F.,  

MACIEL FILHO, R. Exergetic, Environmental And Economic Assessment Of Sugarcane 

First-Generation Biorefineries, International Conference on Contemporary Problems of 

Thermal Engineering - CPOTE 2018, Gliwice, Poland, 18th - 21st September 2018. 

 Other conferences and seminars attended. 

- 15th Brazilian Congress of Thermal Sciences and Engineering - ENCIT 2014, November 

10-13, 2014, Belem, PA, Brazil. Oral Presentation. 

- 27th International Conference on Efficiency, Cost, Optimization, Simulation and 

Environmental Impact of Energy Systems, ECOS 2014, Turku, Finland, June 15-19. Oral 

Presentation. 

- FAPESP-NERC’s Workshop on Sustainable Gas Futures, February 25, 2015, FAPESP, São 

Paulo. Attendee.  

- Summer Workshop – Petroleum and Natural Gas Resources PRH19/PRH04, March 3-5, 

2015, University of Sao Paulo. Attendee  



267 

 

- Introduction to Optimization Technics, Webinar - Engineering Simulation and Scientific 

Software – ESSS, São Paulo, Brazil, March, 17 and 24,2015. Attendee 

- 13th Science and Engineering Fair – FEBRACE, University of Sao Paulo - LSI-EPUSP, 

March, 2015. Referee 

- 28th International Conference on Efficiency, Cost, Optimization, Simulation and 

Environmental Impact of Energy Systems, ECOS 2015, Pau, France, June 29th to July 3rd, 

2015. Oral Presentation 

- 14th Science and Engineering Fair – FEBRACE, University of Sao Paulo - LSI-EPUSP, 

March, 2016. Referee 

- 29th International Conference on Efficiency, Cost, Optimization, Simulation and 

Environmental Impact of Energy Systems, ECOS 2016, Portoroz, Slovenia, June 19th- 23rd, 

2016. Oral Presentation 

- 30th International Conference on Efficiency, Cost, Optimization, Simulation and 

Environmental Impact of Energy Systems, ECOS 2017, San Diego, United States of America, 

July 2nd – 6th, 2017. Oral Presentation 

- Conference on Contemporary Problems of Thermal Engineering - CPOTE 2016, Gliwice, 

Poland, September 14-16, 2016. Oral Presentation 

- Graduate course on Fundamentals of Biofuels Production, June-December, 2016, PRH/ANP 

44, Federal University of Sao Paulo, Brazil. Attendee  

- Graduate course on Modeling, Optimization, Design and Analysis of Integrated Energy 

Systems (Dec. 13-16, 2016), École Polytechnique Fédérale de Lausanne, Switzerland. 

Attendee 

- Seminar on the state of art of the energy storage and the introduction of renewable energy 

sources, energy and Environment Institute, University of São Paulo, March, 19-20, 2018, 

ANEEL PD-00061-0054/2016, Attendee 

- 31th International Conference on Efficiency, Cost, Optimization, Simulation and 

Environmental Impact of Energy Systems, ECOS 2018, Guimaraes, Portugal, June 17th – 

22nd , 2018. Oral Presentation 

- Sao Paulo School of Advanced Science on Renewable Energies, July 23rd – August 3, 2018. 

University of Sao Paulo, Brazil. Participant 
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 Fellowships and Recognitions.   

- Swiss Government Excellence Fellowship for Young Scientists and Artists, 

PhD Research Scholarship (12 months) 

2016-2017 

- Outstanding Contribution in Reviewing, Energy (Oxford), Elsevier, 

Amsterdam, The Netherlands. 

2016 

- Outstanding Contribution in Reviewing, Journal of Cleaner Production, 

Elsevier, Amsterdam, The Netherlands. 

2017 

 Awards. 

- Best Conference Paper Award - ECOS 2016 - 29
th

 Conference on Energy, 

Cost, Optimization and Simulation of Energy Systems, Portoroz, Slovenia 

2017 

 Peer Review Activities. 

Journal of the Faculty of Sciences – National University of Colombia,  International 

Journal of Hydrogen Energy, Applied Energy, Journal of Cleaner Production, Energy Journal, 

International Journal of Electrical Power and Energy Systems Engineering 
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