30" International Conference on Efficiency, Cost, Optimisation, Simulation and Environmental Impact of Energy Systems - ECOS 2017
July 2" — 6", 2017, San Diego, California.

Combined Exergy Analysis and Energy Integration for the
Optimization of Nitrogen Fertilizer Plants

Daniel Flérez-Orrego?, Shivom Sharma®, Silvio de Oliveira Junior®, Frangois Maréchal

) a¢ polytechnic School, University of Sao Paulo, Brazil, 2daflorezo@usp.br* CA, °soj@usp.br,
abd Ecole Polytechnique Fédérale de Lausanne, Switzerland, Pshivom.sharma@epfl.ch, %francois.marechal@epfl.ch

Modern ammonia production plants are equipped with efficient energy integration networks able to recover an
important fraction of the enthalpy of reaction released by the exothermic chemical systems. However, to fully
supply the exergy demands of the highly endothermic reforming reaction, the syngas purification and
compression systems, an additional energy consumption, typically provided by means of costly non-renewable
resources, is still required. Consequently, an optimal energy integration of the reactive components to the
remaining systems of the plant might allow not only reducing the amount of fuel consumed, but also minimizing
the process irreversibility by pursuing enhanced heat recovery and power generation. Furthermore, the
valorization of the byproducts (e.g. CO2) may also increase the overall efficiency of the process, whereas the
reduction of wastes ensures a minimum degradation of valuable feedstock. On the other hand, the choice of a
carbon capture unit based on either physical or chemical absorption drastically affects the way in which the
waste heat recovery (e.g. combustion air preheating) must be performed, and whether one or more energy
technologies should or not be integrated (e.g. heat pump). Furthermore, the selection among various energy
resources, such as the import of electricity over the autonomous combined heat and power production (CHP),
strongly depends on the ratio between the prices of electricity and fuels consumed, as well as on the extent of
the energy integration. Thus, evidently, a simple trial and error approach falls short in efficiently determining the
most suitable energy technologies and the operating conditions that enable the chemical plant to operate under
minimum cost. Accordingly, in this work, a systematic methodology is used to identify the most suitable utility
systems (cooling, refrigeration, and cogeneration) that satisfy the minimum energy requirement (MER) with the
lowest energy consumption and operating cost. In addition, the exergy analysis is used to identifying potential
improvements that may remain hidden to conventional energy integration analyses, regarding the minimization
of the avoidable exergy losses and the integration of reactive, CHP and syngas purification systems. By
applying this methodology, the best operating condition and size of such systems are identified, as well as the
opportunities for producing surplus electricity in complex ammonia production plants, typically associated to
urea and nitric acid production facilities in SNF complexes.
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1. Introduction

Despite the increasing domestic production [1, 2], more than 60% of the nitrogen fertilizers consumed
in Brazil must still be imported [3]. This leaves the country vulnerable to variations of prices in the
international markets, including oil and natural gas prices, shipping costs and logistical problems at
ports [4]. In fact, fertilizers industry is the segment that has contributed the most (25%) towards the
total deficit in the Brazilian chemical sector [5]. The main technological and economic lags are owed
to the use of old existent plants relying on less efficient practices and conversion technologies. Thus,
aiming to reduce the foreign dependence of the Brazilian fertilizers sector to only 13% by 2020 [6], the
government has contemplated further investments in the construction of new (or revamping old) plants
[3, 5-7]. On the other hand, the manufacture of SNF is an energy intensive industry that fundamentally



depends on the consumption of large amounts of non-renewable resources, contributing further to the
environmental strain already associated to extensive farming. Consequently, SNF plants have deserved
an increased legal surveillance in the last years, having to comply with more stringent controls of
atmospheric emissions and waste production. Thus, in order to fulfill the new regulations, SNF
research and technology has undergone radical developments in terms of both design and equipment,
most of them focused on the reduction of the power and feedstock demands, the improvement of the
waste heat recovery network, and the design of better and more active catalysts.

Worrell and Blok [8] calculated the energy savings in the manufacturing of several nitrogen fertilizers,
including ammonia, by considering the theoretical minimum energy consumption using the steam
methane reforming route. The authors suggested that profitable energy savings would be only obtained
by means of technical breakthroughs, such as higher ammonia conversions at lower pressures and
more efficient heat exchange systems. Later, Kirova-Yordanova [9] discussed whether a standalone
combined heat and power production (CHP) system would be more efficient than thermally integrating
the chemical plant to a waste heat recovery system for supplying the required plant utilities. The author
concludes that the decision-making is strongly dependent on the efficiency of the chemical plant
equipment and the CHP system. However, an enhanced integration of the steam network with the
chemical plant might actually lead to a 10% lower energy consumption compared to a standalone CHP
unit [10]. Also according to Kirova-Yordanova [11], the exergy consumption in the ammonia synthesis
loop is highly dependent on the designed setup, and at least 61% of the destroyed exergy comes from
the ammonia converter. As a result, the best way to reduce energy consumption and, thus, to improve
the overall exergy efficiency of the ammonia unit, is by means of the maximum recovery of the
enthalpy of the reaction at a higher level of temperature for high pressure steam generation.

Panjeshahi et al. [12] studied the retrofitting opportunities of an existing ammonia plant based on
suitable modifications of the existing heat exchanger network, especially in the reformer convection
train, which is separately considered as a hot threshold problem. The Carnot grand composite curve
derived from a combined pinch and exergy analysis was used to determine the extent of the integration
of the refrigeration cycle already in use, a well as to suggest the most appropriate temperature levels
that reduce the system irreversibility and shaft power consumption. Leites et al. [13] determined the
causes of the thermodynamic irreversibility in chemical reactors and other industrial chemical
processes in the ammonia plants based on the counteraction principle. It is shown that conflicting
objectives may arise from the minimization of the process irreversibility while simultaneously aiming
to increase the driving forces, with special attention to reactive separation and exothermic reactors.
Sorin and Paris [14] used the exergy load distribution method in a typical hydrogen production unit
using steam methane reforming. It is found that a small reduction (15°C) in the high temperature shift
reactor produces a 2% increase in hydrogen yield at the expense of 1.4% of the exportable steam,
without requiring any equipment modifications. In spite of this comprehensive research on energy
integration and optimization achieved so far, the minimum theoretical consumption in ammonia plants
is still much lower (18-21GJ/tnHs) than the best figures reported (28-31 GJ/tnws) [15], which vary
widely with local conditions and project-specific requirements [10, 16]. Thus, according to the



European Roadmap of Process Intensification (Pl - PETCHEM), the potential benefits in the ammonia
production sector are significant. In the short to mid-term (10-20 years), an increase of 5 percent in the
overall energy efficiency is expected, whereas 20 percent higher energy efficiency is envisaged in the
long term (30-40 years) [17]. Other studies [18] are less optimistic and estimate more moderate
improvement rates than those experienced over the 1991-2003 period. For instance, the improvement
in the fuel consumption is predicted to be 35% lower than during the previous decade. Despite those
promising figures, it must be born in mind that any additional room for efficiency increase or reduced
environmental impact might not come about but through breakthrough approaches [19, 20], including
radical diversification of the energy resources in the fertilizers sector [21-23]. Moreover, non-
conventional approaches for the enhanced integration have not been fully industrially exploited so far
mainly due to technical or economic aspects. These attempts include more active catalyst operating at
lower temperatures [24], monolith reactors [25], low-grade temperature heat valorization, thermally
coupled [26] or in situ adsorption reactors [27] and reactor effluent expansion [28, 29]. Although it
could take too long for those systems to be commercially accomplished, only by studying novel
configurations, a deeper insight into the thermodynamic limitations that the reduction of the energy
consumption in ammonia plants copes with could be seized. However, new components and facilities
also require high initial capital investments, whereas retrofitting the old ones poses several challenges
in terms of off-design and increased operational flows. In fact, retrofitting existing plants is a
troublesome enterprise as these facilities already consist of complexly integrated setups coupled via
mass and energy flows, and recycling streams. This circumstance renders the overall system analysis
not only large in magnitude, but also the interdependencies lead to a complex non-linear problem.

Accordingly, in order to compare the benefits of revamping or substituting the outdated technologies, a
systematic framework is required. Papoulias and Grossman [30-33] presented a strategy based on the
mixed-integer linear programming (MILP) for the optimal synthesis of a chemical plant explicitly
accounting for the interactions among the chemical plant and the utility systems. Later, Maréchal and
Kalitvenzeff [34] and Maréchal et al. [35] also proposed a mathematical programming strategy to
determine the most suitable energy sources and utility systems for a chemical plant employing a MILP
approach, this latter used in this paper. Thus, an extended assessment encompassing the feedstock
supply chain and conversion stages in an integrated syngas and ammonia production plant is
performed. The utility systems and their operating loads that minimize the operating costs of a steam
methane reforming (SMR) based ammonia production plant are determined. In addition, the exergy
analysis is used to identify potential improvements that may remain hidden to the conventional energy
integration analysis, especially as it comes to the integration of reactive systems and combined heat
and power production (CHP).

2. Plantwide process description

Figure 1 shows the simplified layout of an integrated syngas and ammonia production plant based on
the steam reforming of natural gas. The chemical plant is composed of the syngas production unit
(feedstock saturator, prereformer, primary and secondary reformers and water gas shift reactors), the
syngas purification process (CO> removal by either a physical or a chemical absorption system and a



methanator), and the ammonia synthesis (multiple reactor beds with intercooling) and separation
processes (condensation and refrigeration systems). Since these elements are strongly interrelated to
each other, it is expected the operating conditions of a set of components to be simultaneously affected
by the performance of the remaining sections of the plant concept, especially the heat and power
balance of the whole plant.

2.1. Chemical process units
According to Fig. 1, the natural gas feedstock fed to the primary reformer is mixed to the process
steam in typical steam to carbon ratios (S/C) between 2.5-4.0, depending on the feedstock used, the
purge gas recovery, the reformer capacity, the shift operating conditions and the plant steam balance
[36]. Steam can be produced either by means of standalone auxiliary boilers or through heat recovery
steam generators that recover the waste heat produced along the chemical plant. A special device
called saturator simultaneously saturates the natural gas while injects and vaporizes the process water.
The saturated syngas is then sent to an adiabatic reactor located upstream of the primary reformer
called prereformer [15]. Therein, the reactions (R.1-R.2) are partially achieved at lower temperatures
(< 600°C) than in the primary reformer, thus converting the heavier hydrocarbons and alleviating the
firing at the reformer’s furnace [13]. Since the prereformer is slightly endothermic, the mixture must
be reheated previously to its conversion in the primary reformer. Some authors reported a reduction of
up to 10% of the natural gas consumption when a prereformer is used [13, 37, 38]. The primary
reforming is by far the most exergy-intensive processes, requiring a thermal duty above 50 MW [39]
for a typical 1000 tnna/day plant. This duty is generally supplied by a radiant combustion furnace
capable of sustaining the highly endothermic reactions occurring in the catalytic tubes, whereas the
residual exergy of the flue gas can be utilized for raising and superheating steam, as well as to preheat
other process streams [40]. High temperatures and moderate pressures, as well as a fairly larger steam
to carbon ratios (SC > 3) favor the equilibrium of the methane reforming reaction (R.1), reduce the
methane slip and avoid the carbon deposits on the catalyst.

CH, +H,0 — CO +3H, AHZ,, = 206 kJ mol ™ R.1

CO+H,0>CO,+H, AHS,, =—41kJ mol ™ R.2

A lined secondary reformer is used to introduce the nitrogen into the process stream (N2/Hz = 3:1) by
partially burning the reformed mixture from the primary reformer with air, setting both the required
stoichiometry and heat balance. Process air compression accounts for about one third of the total
power consumed in the plant [39]. Next, the secondary reformer effluent is cooled down to a feed
temperature suitable for the high and low temperature water gas shift reactors, where an additional
amount of hydrogen is produced at the expense of the CO and water content in the syngas (R.2). The
CO2 produced is commonly removed by scrubbing the syngas with chemical absorption agents like di-
ethanol (DEA) and methyl di-ethanol (MDEA) amines or physical absorption agents, such as dimethyl
ethers of polyethylene glycol (DEPG).
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Fig. 1. Superstructure of the chemical processes, utility units and resources network of an integrated
syngas and ammonia production plant.

Figure 2 compares the two chemical and physical absorption units analyzed in this work. In the
chemical absorption systems, the solvent is regenerated by stripping out the CO2 gas using either
waste heat or low pressure steam. Despite its lower rate of CO. absorption and, consequently,
higher solvent recirculation rates, MDEA has lower desorber energy requirements and improved
chemical stability, and allows for higher acid gas loadings and solution strengths than DEA. Thus,
the addition of primary (MEA) or secondary amines (DEA) helps increasing significantly the rate of
absorption without compromising the desirable MDEA properties [41]. On the other hand, in the
physical absorption case, the CO2 can be flashed off from the CO.-rich solvent by gradually
reducing its pressure, which eliminates the need for a reboiler and an overhead condenser.
Moreover, hydraulic expanders can be used to recover the power needed to recompress the
separated CO2 gas. Since the remaining carbon oxides (0.32% mol CO, 600 ppm CO>) in the syngas
after the CO. removal are poisonous to ammonia catalyst, part of the hydrogen produced is used to
convert them into inert methane in a methanator [38].
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Fig. 2. Chemical (left) and physical (right) absorption carbon capture systems.

Finally, the syngas is compressed above 150 bar and fed to an ammonia synthesis loop composed of an
exothermic reactor and a condensation-separation system. Higher nitrogen conversion per pass (10-
30%) can be achieved by controlling the inlet temperature of three sequential catalytic beds, where the
reaction (R.3) takes place [42]:

N, +3H, — 2NH, AHZ, =-92 kJ mol™ R.3

The reactor performance and, consequently, the loop efficiency are affected by the reactor operation
conditions (feed pressure, temperature and composition, heat removal and catalysts design), as well as
by the amount of inerts (i.e., argon, methane, water) and ammonia recycled. Thus, in order to avoid the
build-up of inerts and keep them down to an acceptable level, a continuous withdrawal of a portion of
the hydrogen-rich recycled stream is performed [38]. This is suitably achieved after the ammonia bulk
removal and before the fresh syngas addition, i.e. where inert content is higher [43]. Finally, since
ammonia condensation is not completely satisfactory by only using water or air cooling, the ammonia-
rich gas is refrigerated to -20°C by using a vapor compression refrigeration system.

2.2. Utility systems

In order to achieve the reforming process, natural gas is not only consumed as both feedstock in the
reformer and but also to produce an expensive, high-grade hot utility in a natural gas-fired furnace
equipped with combustion air preheating. It is worthy to notice that, since the flue gas must be cooled
down to the stack temperature, some of its exergy heat may be available below the pinch temperature,
representing so an increase in the cold utility consumption and, thus, an avoidable loss. For this reason,
two different scenarios should be considered. The first one consists of a direct competition of the
combustion gas with the steam network for providing the hot utility streams required at lower
temperatures. Alternatively, the hot fumes could be used to preheat the combustion air by using the
excess heat exergy available below the pinch point. In this way, the air preheating defines a cold
stream whose target temperature is equal to the utility pinch point. The effect of air preheating is an
increase of the adiabatic combustion temperature, which translates into an increase of the heat exergy
available at high temperature [44]. Actually, the reactants preheating could be interpreted as a
chemical heat pump [45]. Meanwhile, a mechanical draft cooling tower and a vapor compression
refrigeration system together with a mechanical vapor recompression (MVR) process supply the



cooling and heat pump requirements of the whole plant. Cooling water inlet and outlet temperatures
are set as 40°C and 25°C, respectively, and a cooling tower power-to-cooling duty ratio of 0.021
KWel/kWhn is assumed [46]. The refrigeration and heat pump systems are defined in terms of their
representative exergy efficiency (50%) as shown in Egs.(1-6):
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On the other hand, the steam network superstructure is composed of a set of superheated steam headers
and draw-off levels of steam (Fig.1) that allows for the recovery and distribution of the waste heat
along the chemical plant. The choice of the optimal levels of steam is performed by inspecting the
profile of the grand composite curve (GCC) of the chemical process [47]. Thus, the power can be
generated by optimally profiting the thermodynamic potential of the waste heat exergy via
backpressure and extraction-condensation turbines. Moreover, as long as electricity can be imported
from the grid, the trade-off between the additional fuel consumption and the electricity purchase to
supply the power demand of the whole plant will be strongly influenced by the performance of the
cogeneration and waste heat recovery systems, as well as by the ratio between the electricity and the
natural gas costs. This reasoning also applies to the suitability of the integration of a gas turbine system
with regeneration, aiming to increase the cogeneration efficiency [48]. Finally, in the mechanical vapor
recompression systems (MVR) shown in Fig. 1, the enthalpy of condensation of a compressed stream
is used to boil up the column bottom, instead of consuming a high-grade utility stream (e.g. steam).
According to some authors, the power consumed by the MVR can be as small as 10-15% of the boiling
or condensation duty (in an energy basis) [161].



3. Methodology

A methodology based on the combination of the exergy method [49] and the energy integration [50] is
used to assess the performance of the various components of the integrated syngas and ammonia
production plant operating with three different carbon capture configurations. In the following, the
procedure proposed for integrating the reactor profile to the remaining energy systems is presented.
Next, the optimization problem for calculating the minimum energy requirement and minimum
operating cost is defined. Finally, the exergy indicators used for estimating the performance of each
configuration, which allow performing systematic comparisons between different designed setups, are
proposed.

3.1. Process modeling

The complex mass and energy interactions between the multicomponent chemical systems in the
ammonia production plants are analyzed by using Aspen Plus® v8.8 software and the semi-empirical
Peng-Robinson-Boston-Mathias equation of state and the Redlich-Kwong with Soave modifications.
In the case of the chemical absorption unit, the Electrolytic Non-Random Two Liquid (ENRTL-RK)
method is used for taking into account the strongly non-ideal liquid properties, Henry components and
the dissociation chemistry present in the reactive absorption-desorption systems. Moreover, in order to
assess the thermodynamic properties in the physical absorption system, the perturbed chain statistical
associating fluid theory (PC-SAFT) is adopted.

3.1.1. Energy integration profile of endothermic and exothermic reactors

The waste heat available below the pinch may become available above the pinch through the
preheating of the reactants, which results in an increase of temperature at the reactor outlet (e.g. gas
turbine combustors, ATRs, furnaces, etc.). The reaction-driven components represent the most
important energy conversion systems among the chemical process as they transform the raw materials
into value-added products. Indeed, the reactors fundamentally determine the design and performance
of the remaining unit operations [51, 52], and the chemical reactions rates and equilibrium conversions
are interrelated with the heat recovery and transport rates. Thus, the reactor performance is directly
related to the balance of steam and power generation, which directly affects the energy consumption
profile. Actually, reactors are responsible for the lion’s share of exergy destruction among all the
chemical production processes. In typical 1000 t/day ammonia plants, up to 120 MW of heat must be
dissipated through the cooling water, either for enhancing the reactor yield or due to safety and
reliability issues.

For this reason, an adequate representation of the T vs. H profile within any chemical reactor
susceptible to energy integration is necessary [35]. This becomes especially true when trying to
identify the opportunities for energy recovery and combined heat and power production. However, the
reactor profiles are often neglected or misinterpreted, as discussed by Glavic et al. [53]. Most of the
energy integration analyses only consider the reactor feed and effluents as simple cold or hot process
streams that need to be heated up to (or cooled from) a representative reactor temperature. For
instance, some studies arbitrarily assume that the temperature and duty in the radiant furnace is



constant, thus simplifying the integration problem of an endothermic reactor into a threshold problem
that presents only cooling requirements [54]. This clearly ignores the existence of a reaction-driven
chemical utility that should be adequately integrated along with other hot and cold utility streams, so
that the overall energy consumption in the system can be minimized [55]. Previously, some authors
[56] suggested decoupling the contribution of the reaction enthalpy and the heat actually transferred.
The endothermic reactor was virtually coupled with a fictitious heat exchange that allowed calculating
the feed preheating and the reaction enthalpy separately. However, depending on the extent of the
endothermic duty required, that approach may lead to the calculation of an infeasible fictitious
temperature profile that fail to represent the reactor performance in an energy integration process.
Other studies [57, 58], which decompose the reformer unit into its representative components (i.e. fuel-
steam mixing, reforming, heat transfer and combustion), have found that, in order to reduce the
irreversibility, the temperatures of the hot utility (combustion gases) and the reformed mixture must be
better matched. It can be achieved by using more or less excess air, which eventually creates a trade-
off between the exergy destruction in the combustion process or in the waste heat recovery system
[58].

According to Fig. 3, the reactor unit can be thermodynamically decomposed into its functions in order
to better approximate the detailed T-H profile on the inside thereof. The reactor functions can be listed
as the (i) development of the reaction enthalpy (release or absorption of chemical energy); (ii) transfer
of the reaction enthalpy to the products; (iii) heat transfer from (to) the hot (cold) products to (from)
the fresh reactants; and (iv) exchange between the reactor and the surroundings[53]. In this way, by
successfully integrating the reactor profiles to the remaining energy conversion systems, neither the
heat recovery opportunities nor the alternatives for the reduction of irreversibility will remain hidden
or missing.

H (kW) H (kW)

(@) (b)
Fig. 3. Thermodynamic decomposition of chemical reactors for energy integration purposes: (a)
endothermic, (b) exothermic reactor. Adapted from [53].



Figure 4 depicts the strategy used for the determination of the endothermic reactor profile in which the
arrows indicate the direction of the heat transfer. The reactor feed is initially heated up to the reactor
inlet temperature (Tin). Then, the mixture is assumed to virtually attain the overall reactor outlet
condition (Toutgiobal). However, due to the endothermic nature of the system, the temperature falls
down to an intermediate temperature (Txnbed,i) Standing for the reaction temperature that the mixture
would attain if no additional heat would be supplied to continue the endothermic reaction. Only then,
the reactive mixture is allowed to perform an isothermal endothermic reaction that increases the
enthalpy of the reactants proportionately to the reaction enthalpy at the operating temperature
(Trxnbed,i). After this partial conversion process has been achieved, the remaining reactive mixture
repeats the aforementioned procedure until the global reactor outlet temperature and composition is
attained.

The described approach allows decoupling the reaction and heat transfer processes and can be
extended to calculate the optimal temperature profile of the reactor that reduces the irreversibility
along thereof. It is worthy to notice that, by decomposing the reformer in its thermodynamic functions,
the whole resembles a series of prereformer units with reheating. This scheme helps identifying the
potential energy savings in the reformer duty. For instance, this approach may be helpful in deciding
whether using hot gas effluents from the secondary reformer to heat the primary reformer tubes (Gas
Heated Reformer concept, GHR), thus reducing the consumption of natural gas [59, 60].
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Fig. 4. Determination of the T-H profile for an endothermic reactor.

Figure 5 compares the traditional (coarse) and the proposed representation of the endothermic
reformer [34]. The coarse reactor profile considers the reactor feed stream as a cold stream (580°C)
required to be preheated up to the reactor operating (outlet) temperature (approx. 790°C). Next, the
reaction is assumed to evolve isothermally while consuming the reaction enthalpy required by the
reforming process. The total enthalpy of reaction is the same that the actual reformer and, thus, the
energy requirement of the process is satisfied. However, many integration shortcomings may come
about when the reactor profile is aimed to be integrated (heated) by using, for instance, a lower-grade
temperature source (e.g. the waste heat from the plant).

In contrast, when a detailed profile is represented, it allows for a better approximation of the operating
conditions throughout the reactor. It also helps to analyze the effect of the main reactor parameters
(e.g. temperature, composition, conversion, etc.) on the whole process integration, since the reaction
temperature can be considered as a decision variable [51]. Interestingly, an endothermic reactor can be
compared with a heat engine in which a portion of the high temperature exergy heat provided by the



fuel is chemically converted into ‘shaft’ work (or embodied exergy into the reformed mixture), while
the remaining fraction is irremediably destroyed [53].
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Fig. 5. Coarse and detailed representation of an endothermic reactor: T-H profile.

Analogously, the exothermic adiabatic reactor (Fig. 6) can be considered as a heat pump wherein the
mechanical work input is equivalent to the chemical work (i.e. the variation of the chemical exergy of
the reactants), which increases the physical exergy of the reactor product [26, 53]. In this way, the
exothermic reactor differs in the representation of the endothermic reactor, since now the chemical
utility provides a “free-ride’ (or internal preheating) to the process stream.
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Fig. 6. Determination of the T-H profile for an exothermic reactor.

Finally, the last step of the integration of the reactor profile consists of the determination of the best
alternative to recover as much as possible the enthalpy of reaction embodied in the reactor effluent. For
the sake of comparison, the reaction enthalpy of the ammonia synthesis is about 8.8% (2.718 MJ/tnhz)
of the total energy consumption of the integrated ammonia production plant [42], which clearly
renders mandatory the recovery of this excess heat.



3.2. Optimization problem definition
As it has been exposed hitherto, ammonia production plants are designed in complex formats where

processes streams are integrated through recycle loops and an extensive heat recovery network. Indeed,
were it not for a suitable methodology that systematically deals with the process synthesis and
optimization, the determination of the best configurations may become an overwhelming, not to say
impossible task in a reasonable time frame. For this reason, the selection among a set of proposed
utility units (Fig. 1) of the most suitable alternatives that minimize the operating cost and the energy
requirements is better addressed through the solution of a mixed integer linear programming (MILP)
problem. This framework enables the reshaping of the composite curve of the chemical process, so that
the operating cost of the ammonia production and the process irreversibility can be reduced.

3.2.1. Minimum energy requirement

In order to calculate the minimum energy requirement (MER), the contribution of each hot and cold
streams to the overall heat balance is combined into the respective hot and cold composite curves [61].
These composite curves are shifted away from each other through a physical constraint, namely the
minimum temperature approach ATmin, SO that reasonable heat transfer rates can be ensured. Clearly
ATmin Will depend on the nature of each stream [50]. Equation (7-9) shows the optimization problem
set to find the MER:

minRy, ., (7)

Subject to

Heat balance of each interval of temperature r iQm +R,,,—R =0 vVr=1.N (8)
i=1

Feasibility of the solution R, >0 9)

where N is the number of temperature intervals defined by considering the supply and the target
temperatures of the entire set of streams; Q (kW) is the heat exchanged between the process streams
(Qir > 0 hot stream, < 0 cold stream) and R is the heat cascaded from higher (r+1) and to lower (r)
temperature intervals (kW).

3.2.2. Minimum operating cost

In order to calculate the minimum operating cost of the ammonia plant, the modeling of the process
flowsheet is separated from the heat integration problem, so that the calculation of the mass and energy
balances and the complex energy conversions can be handled by the process modeler Aspen® Plus
[62]. Meanwhile, the determination of the minimum energy requirements (MER) and the solution of
the energy integration problem is performed by using the OSMOSE Lua platform developed by the
IPESE group at the Ecole Polytechnique Fédérale de Lausanne, Switzerland [63]. Thus, the first step
consists in the identification of a list of all the suitable utility systems [ = steam network, furnace,
refrigeration system, heat pump, cogeneration system, etc.] based on the analysis of the shape of the
grand composite curve (GCC) [47]. Then, the computational framework manages the data transfer
with the ASPEN Plus® software and builds the mixed integer linear programming (MILP) problem
described in the Egs.(10-14).This optimization problem minimizes the resources consumption (water,



natural gas and electricity) and, thus, the operating cost of the chemical plant while satisfying the
constraints of the MER problem [61]. In other words, the optimization problem consist of finding the
integer variables, yw, associated to the existence or absence, and the corresponding continuous load
factor, fw, of the utility system and resource « that minimizes the objective function given by Eq.(10):

import
min ( fw ’ B .C)NG,feedstock +( fcu ’ B ’ C)NG,fueI +( fw V .C)HZO +( fw W ’ C)net,power . ‘top (10)
;,Y,V)\//w _( f, B C)NH3 _( fo- m'C)CO2
Subject to:
N, N
Heat balance at the temperature interval r Z f.0,, + ZQLr +R,-R =0 Vr=1.N (11)
=1 i=1
N(U
Power balance consumed and produced DEW, + DT W + W, -W,,, =0 (12)
=1 chemtical
Existence and load of the utility unit w finoYo < T, <f Y, Vo=1.N, (13)
Feasibility of the solution (MER) R =0 R, ,=0 R >0; W, >0 W, >0 (14)

where Ny is the number of units in the set of utility systems; B is the exergy flow rate (kW) of the
resources going in and out of the plant; c stands for the purchasing cost or the selling price (euro per
kWh, m3 or kg) of the feedstock and electricity consumed or the marketable ammonia and CO;
produced; V is the flowrate of water consumed (m3/h); q is the heating/cooling rates supplied by the
utility systems (kW); top is the operation time (h); and W is the power produced by either the utility
systems, the chemical operation units or imported from/exported to the grid (kW). It is important to
emphasize that the process modeling and simulation of the chemical plant alone, including its mass
and energy balances, is performed by using Aspen ® Plus software. Meanwhile, the utility units shown
in Fig. 1 are modeled via equation-oriented subroutines written in the Lua programming language.
Therefore, the additional equations required for the mass and energy balances of those units rely on the
concept of layer (water, natural gas, ammonia, power, carbon dioxide, etc.) as shown in Fig. 7.

For instance, according to Eq.(12), the overall power generated by the utility systems (steam or gas
power cycles) should be able to supply the demands of the chemical plant and other utility units
(refrigeration, heat pump, cooling tower). Otherwise, the balance of the respective layer includes the
possibility of importing electricity from the grid. Moreover, if a surplus of power could be produced at
expense of the waste heat exergy available through all the plant, the excess electricity could be sold to
the grid, provided that the electricity export is economically attractive. Analogously, in the layer of
natural gas (or other resource), the amount of energy supplied by the vendors is balanced with the fuel
or feedstock consumption by the chemical plant and utility systems (gas turbine, furnace). In this way,
not only the balances of the resources consumed (power, natural gas, water, etc.) and the products and
byproducts produced (ammonia, syngas, hydrogen, CO>, etc.), but also of the waste heat recovered,
can be performed (Fig. 7). To this end, representative market cost for the water (3.69 euro/m®) and
natural gas consumed (0.032 euro/kWh), as well as the selling prices of ammonia (0.098 euro/kWh)
and CO> (0.0084 euro/kWh) produced are taken from literature [64-66].
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3.2.3. Exergy efficiency definition

The combination of the First and Second Laws of Thermodynamics led to the concept of exergy,
which is defined as the maximum work that can be obtained by means of reversible processes from a
thermodynamic system that interacts with the components of the environment (P, = 1atm,T,=298.15
K) until the dead state equilibrium is attained [49]. Since exergy can be considered as a measure of the
departure from the environmental conditions, it serves not only for defining indicators to assess the
performance of chemical processes, but also as an indicator of environmental impact.

In this work, a methodology based on the combination of the exergy method [49] and the energy
integration [50] is used to assess the performance of the various components of the integrated syngas
and ammonia production plant, operating under different carbon capture configurations. Exergy
indicators are used for estimating the performance of each configuration, whereas some graphical
representations allow performing systematic comparisons between the different setups. Table 1
compares the rational exergy efficiency, Eq. (15), with the relative exergy efficiency definition,
Egs.(16), proposed for evaluating the overall performance of ammonia production plant [39]. It must
be noticed that, the rational exergy efficiency is expected to be higher than the relative one as it
accounts for the outlet exergy of other byproducts (CO., purge gas).

Table 1. Plantwide exergy efficiency definitions of the ammonia production plants.

Definition Formula Equation
Rational . Buseful,output 1 BDest -1 BDest 15
MRational = B -+ B - B B W Import (15)
input input CH, + BFW + Net
Relative n _ Bcons.umed, ideal BAmmonia (16)
Relative — - import
Bconsumed, actual BCH4 + BBFW +WNet

B = exergy rate or flow rate (kW), BFW = boiler feedwater, Dest = destroyed.

4. Results and discussion

In this section, some graphical representations, proven to be fundamental tools in the optimal choice of
the most suitable energy technologies and resources consumed, are examined. Henceforth, the solution
of the optimization problems for the minimum energy requirement and operating cost are discussed.
Finally, the summary of the main exergy consumption remarks is presented.

4.1. Energy Integration and Minimum Energy Requirements

Figures 8a-c show the composite (CC) and grand composite (GCC) curves of the chemical process of
syngas and ammonia production, operating under three different carbon capture technologies, namely
MDEA, DEA and DEPG absorption systems. The minimum heating and cooling requirements,
calculated by solving the optimization problem, Egs.(7-9), are also indicated.



A first inspection of the GCC curves evidences a marked shift of the pinch point temperature from
about 120°C in the chemical absorption based (MDEA, DEA) configurations to about 500°C in the
case of DEPG-based absorption system. The shape of the curves shown in Fig. 8c is inherent to the
absence of the reboiler duty in a physical absorption-based syngas purification unit. This characteristic
entails particular opportunities for the integration of the utility systems and demands an appropriate
approach in order to fully exploit the thermodynamic potential of the excess heat available throughout
the chemical plant. Among the most interesting opportunities is the reduction of the furnace fuel
consumption by preheating the combustion air along with the enhancement of the cogeneration
potential. Additionally, as the process steam generation occurs below the pinch temperature in Fig.8c,
the use of heat recovery steam generators (HRSG) is preferable to the utilization of auxiliary fired
boilers. Otherwise, the consumption of a high temperature utility source below the pinch temperature
will lead to an avoidable increase of the cooling requirement and fuel consumed. Accordingly, reduced
cooling (18-23%) and heating (40-51%) requirements are expected when physical solvents are used for
carbon capture purposes compared to chemical absorption-based configurations.

In the cases of ammonia plants with amine-based purification units (Figs. 7.3a-b), the reboiler and
condenser streams in the desorption column generate a plateau-like pinch point at low temperatures.
The desorption process demands an appreciable amount of hot utility, approx. 3.17 and 3.69 MJ/kgco2
for the MDEA and DEA technology, respectively. For this reason, the installation of a mechanical
vapor recompression (MVR) unit, which transfers heat across the pinch temperature by using the
power generated by the power generated by the cogeneration system, seems to be a suitable energy
integration approach that might help reducing the demand of the high temperature utility. According to
Figs.8a-c, the target would consist of exploiting the opportunity of reactants preheating while avoiding
excessive firing in the reformer furnace by maximizing the waste heat recovery. It is also
recommendable to adjust the levels of pressure of the steam generation depending on the self-sufficient
zones depicted in the GCC, and to reduce the surplus steam generation whenever it is possible. As it
can be seen, the GCCs shown in Fig. 8 are not only helpful in devising the most appropriate energy
technologies of the utility system that better exploit the waste heat recovery of the chemical process,
but also for envisaging breakthrough approaches in the chemical plant.
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Figure 9 compares the integration profile of a feedstock saturator with that of a steam boiler. By
profiting the partial pressure vaporization effect, up to 10-30% of the reforming steam can be
generated through the saturator unit [56]. The saturator transforms the plateau-like profile of the
vaporization process into a smoother one, thus facilitating the integration of low-grade waste heat
available elsewhere in the chemical process [67]. Furthermore, by using a prereformer, the



endothermic reforming reaction can be carried out at lower temperatures, reducing the firing in the
reformer duty.

In addition, by promoting the process-to-process heat exchange in the self-sufficient zones at higher
temperatures, instead of raising low pressure steam, the energy degradation arisen with the large heat
transfer driving forces can be minimized. For instance, the use of a gas-heated reformer in combination
with an enriched air blown autothermal reformer may reduce the exergy destroyed at the frontend
syngas production unit, while increasing the rate of carbon captured per unit of hydrogen produced.
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chemical system.

4.2. Minimum Operating Cost and Exergy Consumption Remarks

After performing the inspection of the GCCs presented in Section 4.1 - Figs. 8a-c, twelve optimal
ammonia plant configurations are proposed and compared in terms of their exergy demands and the
potential for their energy integration, when using three different carbon capture technologies (i.e.
MDEA, DEA and DEPG solvent, see Table 2). They also operate under different scenarios of
resources consumption and cogeneration modes (i.e. grid, mixed, and autonomous plant powered by
either Rankine or Combined cycles). The most suitable utility units as well as the operating conditions
thereof are determined for each configuration, and represented in Figs.10a-i, in the so-called Integrated
Curves. Figures 10a-c show the integrated curves for the scenario in which electricity import is favored
over the autonomous electricity generation in the cogeneration system (GRID mode). Since the steam
superheating is hindered, the integration of a heat pump (MVR) is enabled to balance the heat demand
of the chemical absorption carbon capture units. In other scenarios, Figs.10d-f, denominated MIXED
mode, the steam network (0.12, 3, 40 and 110 bar, superheating 200°C) supplies a larger share of the



power consumed, but the utility system still imports an important amount of electricity from the grid in
order to balance the plantwide power requirements. Differently from the GRID mode, in the MIXED
mode and especially for DEPG-based ammonia plants, there is a strong incentive for recovering as
much as possible the excess heat available below the process pinch (500°C) in order to increase the
exergy available above it. It is also noteworthy that, in the MIXED mode, the heat pump integration is
neglected by prioritizing the use of the surplus steam generated over the import of the costly electricity
from the grid.

In a third scenario (AUTO mode, Figs. 10g-i), the total power consumption is entirely generated by the
steam network by maximizing the waste heat recovery along the chemical plant and also consuming an
important amount of natural gas. Even though this operation mode reproduces the typical conditions of
modern ammonia plants [39], it is also responsible for a large amount of irreversibility associated to
the cogeneration system. This problem can be thermodynamically overcome by means of the
integration of a combined cycle that provides the power required by a self-sufficient ammonia plant
(AUTO GT, Figs. 10k-1). Table 2 summarizes the optimal process variables calculated for the various
configurations of the ammonia plant shown in Figs. 10a-I.

MDEA DEA DEPG
base base base
1000 /. ke utilities 4 L. utilities 7 utilities
T(Q T(°0) i TrQ / RS Secondary
a00 / £ / . Reformer
.J > “r‘ ’_,_'_._2 7 =
;"‘ _l—'_ﬁi_ngry / J f" —,_:—'_'_'J,\
09 f—d Reformer /5 | / I
VA S A\ Waste Heat
-ﬁ;} = —]\ - . =
200 |-Heat Pump N Heat Pump A Process Steam No Heat
_—— — Pump
o T ——— 7_' i A p— — e - i F— — s
20000 -20000 10000 O 10000 20000 30000 40000 -40000 30000 -20000 10000 O 10000 20000 30000 20000 -10000 0 10000 20000 30000 40000
H [kw] H [kw] H [kw]
Conditions: EE grid, Steam superh. 50°C, No air preh. Conditions: EE grid, Steam superh. 50°C, No air preh. Conditions: EE grid, Steam superh. 50°C, No air preh.
(a) (b) (c)
MDEA DEA DEPG
base base base ———
° /. ° b I 9 utilities
1000 -T(C) wiles TeC Fired Furnace e HJ'C) T
/ Duty / s
200 y / =
ﬁ,_:—'_/ ﬁ ;J“. ; Primary
600 |/ PR | . ("
/ { Waste Heat / Steam ( A Reformer
400 ,,,_B‘?ff‘_’fw "\"‘-\S\uperheatin‘é"' o —SE S k‘::ff\’_"”"'f'-—7.,,,_777_77_777
iy e : S
“‘:‘ ] o ) 2
200 | NoHeat Pump NS No Heat Pump S Process Steam
e | e S i . O
0 e o e —
-40000 -30000 -20000 -10000 O 10000 20000 30000 40000 -50000 -40000 -30000 -20000 10000 0 10000 20000 30000 -20000  -10000 0 10000 20000 30000 40000
H [kw] H [kw] H [kWw]

Conditions: EE grid, Steam superh. 200°C, No air preh. Conditions: EE grid, Steam superh. 200°C, No air preh. Conditions: EE grid, Steam superh. 200°C, Air preh. 580°C
(d) (e) ()



MDEA

DEA DEPG
base base base
1000 ukilities L uhilities / 1 utilities
o i = o 7 o, 7 N
TeQ Fired Furnace T(°C) Secondary T(Q) %
500 Duty b Reformer 7 N
600 1 — / i
i ( B Steam i
S— g, M— "~ Superheatin
400 ~ S R N g o p g L
~ N g .
200 Desorber Duty Desorber Duty No Desorber Duty
—— e
a — T e e
60000 -40000  -20000 0 20000 40000 60000 40000 -20000 0 20000 -g0000  -6U000 40000 -20000 0 20000 40000
H [kw] H [kw] H [kw]

Conditions: No EE grid, Steam superh. 200°C, No air preh.  Conditions: No EE grid, Steam superh. 200°C, No air preh. Conditions: No EE grid, Steam superh. 200°C, Air preh. 580°C

() (h) (i)

MDEA DEA DEPG

base

1000 [T(C) / L utilities

base

L TCQ / : ilities

. base
TrO ]/ : ilities

800

‘.‘"‘ f Gas Turbine ‘;“‘ L / ‘l‘ ﬁ
/ ; Integration /
500 | { L /

j}. Ammonia synthesis Waste Heat
¢ Intercoolin
a00 | s __Recovery
~
200 |- Heat Pump Heat Pump I Steam g
p—— e —— Condenser © T ——____Refrigeration
o | B
-50000 -40000 -30000 -20000 -10000 0 10000 20000 30000 40000 -60000 -40000 20000 0 20000 40000 -30000 -20000 -10000 0 10000 20000 30000 40000
H [kw] H [kw] H [kw]
Conditions: No EE grid, Steam superh. 200°C, No Conditions: No EE grid, Steam superh. 200°C, No Conditions: No EE grid, Steam superh. 200°C, furnace
furnace air preh., Gas turbine regeneration 500°C furnace air preh., Gas turbine regeneration 500°C air preh. 580°C, Gas turbine regeneration 500°C
(i) (k)

U

Fig. 10. Integrated Composite curves: (a-c) electricity grid import with limited steam superheating (Grid
Mode), (d-f) electricity grid import with significant steam superheating (Mixed Mode), (g-i) no electricity grid
import with Rankine Cycle cogeneration (Auto Mode), (j-1) no electricity grid import with Combined Cycle
cogeneration (Auto GT Mode), see Table 2. EE: electricity, Superh: Steam superheating, Preh: Air Preheating.
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Table 2. Optimal process variables of the studied ammonia production facilities

Process parameter MDEA MDEA MDEA MDEA DEA DEA DEA Auto DEA DEPG DEPG DEPG Auto DEPG
P Grid Mixed Auto RC Auto GT Grid Mixed RC Auto GT Grid Mixed RC Auto GT
Cogeneration system Rankine Rankine Rankine Combined Rankine  Rankine Rankine ~ Combined  Rankine Rankine Rankine Combined
Electricity import Yes Yes No No Yes Yes No No Yes Yes No No
Feedstock consumption (GJ/tyws) 23.52 23.52 23.52 23.52 23.03 23.03 23.03 23.03 23.51 23.51 23.51 23.51
Utility fuel consumption (GJ/tnws) 3.28 5.50 10.06 7.02 3.32 6.68 9.34 6.99 3.07 2.55 8.83 6.21
th;IJI/Itty f)'e‘:t' grid consumption 2.15 115 0.00 0.00 2.04 0.67 0.00 0.00 1.90 171 0.00 0.00
NH

?G"Je/;zua;"am consumption 28.94 30.17 33.58 30.53 28.39 30.38 32.37 30.02 28.47 27.76 32.34 29.72
(Eéjft’lij)dlp'a”t consumption 33.28 33.93 36.86 3352 3259 33.82 3553 32.96 3258 3167 35.49 32,62
?gg‘/‘t‘:‘:;fyc'e power generation 0.44 1.25 246 0.72 0.43 147 218 0.66 053 0.70 2.49 0.80
(BGrgl/):tNir:)gycle power generation 0.00 0.00 0.00 201 0.00 0.00 0.00 2.02 0.00 0.00 0.00 1.63
Chemical process power demand

3 P P 1.61 1.61 1.61 1.61 1.61 161 161 1.61 1.81 181 1.81 181
(GIltara)
'(“G”JC/'t'J:)% power demand 0.98 0.79 0.85 112 0.86 053 057 1.07 0.62 0.60 0.68 0.62
Cooling requirement (GJ/typs)° 7.14 7.14 7.14 7.14 7.56 7.56 7.56 7.56 5.86 5.86 5.86 5.86
Heating requirement (GJ/tnuz)® 3.54 3.54 3.54 3.54 4.36 4.36 4.36 4.36 2.13 2.13 2.13 2.13
CO; emissions avoided (tcoz/tnmz) 1.228 1.228 1.228 1.228 1.257 1.257 1.257 1.257 1.237 1.237 1.237 1.237
CO, emitted —direct (tcoo/tnms) 0.174 0.293 0.536 0.374 0.177 0.356 0.497 0.372 0.164 0.136 0.470 0.331
CO, emitted — indirect (tcoo/tnns)® 0.053 0.047 0.049 0.034 0.051 0.044 0.046 0.035 0.048 0.042 0.043 0.031
CO, emitted indirect — EE (%) 69.80 42.42 0.00 0.00 68.4 26.19 0.00 0.00 68.5 70.28 0.00 0.00
Total fossil CO; emitted (tcoz/tnms) 0.228 0.340 0.585 0.408 0.228 0.400 0.543 0.407 0.212 0.178 0.513 0.361
Operating Incomes’ (euro/typs) 516.65 516.65 516.65 516.65 516.90 516.90 516.90 516.90 516.72 516.72 516.72 516.72
Operating Costs’(euro/tyms) 297.85 287.10 291.74 265.57 290.85 278.75 281.47 261.26 288.29 278.29 281.05 258.51
Operating Revenues’(euro/tyuz) 218.79 229.55 22491 251.07 226.05 238.15 235.43 255.63 228.43 238.43 235.67 258.21
Ammonia production (t/day) 950.36 950.36 950.36 950.36 970.45 970.45 970.45 970.45 950.84 950.84 950.84 950.84

1. Overall exergy consumption increases if the cumulative efficiency of the electricity grid (55.67%) and natural gas supply (91.09%) are considered as in ref. [68]; 2. Steam pressure levels 110, 25, 2.5 and 0.10 bar, steam superh.
200°C, Brayton cycle with regeneration, pressure ratio 20:1; 3. Power consumed by the chemical plant alone; 4. Cooling tower, heat pump and vapor compression refrigeration systems; 5. Heating requirements of the chemical
processes (energy basis) determined from the composite curves; 6. It considers the indirect emissions due to the upstream supply chains of natural gas (0.0049 gcoz/kJcHa) and electricity (62.09 gco2/lkWh) [68, 69]; 7. Operating cost
calculated as the difference between the gross operating incomes minus the operating cost by using representative prices of water, electricity, natural gas, ammonia and carbon dioxide, see section 3.2.2.
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According to Fig. 11, the chemical absorption-based ammonia plant configurations present the highest
overall exergy consumption figures, compared to the DEPG-based plants. Meanwhile, the lowest
exergy consumption corresponds to the MIXED operating mode (partial electricity import and Rankine
cycle-powered cogeneration system) by using a DEPG absorption unit (27.76 GJ/tnns). In practice,
ammonia plants operate in an autonomous way in which the waste heat recovered along the plant is
maximized to simultaneously produce steam and power, thus reducing the external fuel consumption.
However, the AUTO (autonomous, Rankine cycle-powered) operation modes present the worst
performance among all the optimized configurations due to the low cogeneration efficiency, attaining
total power consumptions of about 32.27-33.5 GJ/tnHs, or 21% higher than the best overall exergy
consumption calculated for MIXED modes. The integration of a combined cycle (AUTO GT) partly
helps to overcome this problem by increasing the cogeneration efficiency, which clearly affects the
amount of fuel consumed in the AUTO operating modes (i.e. 25-30% lower). It is also worthy to
notice that, when the GRID mode is adopted (i.e. limited steam superheating), the natural gas fuel
consumed remains almost invariable regardless of the CO capture technology used, but a larger
amount of electricity is consumed instead. As already explained, this follows the integration of a
mechanical vapor recompression system, restricting the fuel consumption to the supply of the high
temperature reformer duty. As a conclusion, both the electricity import and the fuel consumption can
be reduced by preheating the combustion air and by operating in a MIXED mode.

Fig. 11. Plantwide and extended exergy consumption and CO. emission figures for the various
configurations studied.
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Additionally, Fig. 11 shows the Extended Exergy Consumption that takes into account the exergy
efficiency of the electricity generation in the grid (55.68%) as well as of the natural gas (91.09%)



supply chain [68]. Certainly, by including the upstream inefficiencies of the feedstock supply chains
into the originally standalone ammonia plant analysis, the panorama is worsened as the cumulative
irreversibility further impairs the global performance of the ammonia production process. Actually, the
extended exergy consumption can be 14% higher in the electricity import cases (larger cumulative
losses) and 9.7% higher in the case of the autonomous configurations (cf. Table 2). Although these
figures may not be immediately interesting for ammonia producers when evaluating the performance
of the plant itself, they certainly prove to be useful for either issuing public and environmental policies
or carrying out decision-makings that aim to holistically compare the impact of the fertilizers sector
with other industrial sectors in a fair level playing field.

Table 2 also shows the indirect and direct CO2 emissions associated to the ammonia production
process. The former accounts for the emissions owed to the upstream supply chains of natural gas
(0.0049 gco2/kJchHa) and electricity (62.09 gco2/kWh) as reported in ref. [68, 69]. In turn, the direct CO-
emissions originate in the fired furnace of the externally heated primary reformer. On the other hand,
the avoided CO2 emissions are those produced along the process unit reactions and captured by either
the physical or chemical absorption systems, and commercialized after its purification. As it can be
observed, the contribution of the electricity generation to the indirect emissions can be as high as 70%,
indicating that the impact of this resource should not be lightly neglected if a broader comparison with
other alternative hydrogen and ammonia production routes (biomass, solar, nuclear and wind energy)
Is aimed. In spite of this, the electricity import operating modes (GRID and MIXED) are still the ones
with the lowest associated overall CO2 emissions (0.217 tonCO,/tonnwks). This is not surprising due to
the low CO; footprint associated to the Brazilian electricity mix [68, 69]. Thus, the environmental
impact of the ammonia production process is a strongly location-dependent industrial activity, as it has
been also demonstrated by using alternative ammonia production routes from biomass gasification [21,
70, 71]. Anyway, the greater challenge will remain in the CO. capture from the fumes of the primary
reformer furnace, as the desorption energy per ton of CO: is generally increased in post-combustion
applications [72, 73].

In addition, according to Table 2, the lowest revenue (i.e. highest operating cost) corresponds to the
MDEA absorption-based ammonia plant operating under the GRID mode. It can be partly explained
by an intensive import of expensive electricity. However, it is also shown that, even if the AUTO
mode with Rankine cycle effectively reduces (2-3%) the operating cost compared to GRID mode, the
same cost is actually higher (1-2%) than in the MIXED mode. Thus, although the costly electricity
import may actually impair the operating cost of the utility system, the overall effect can be eventually
compensated by an appropriate integration of the cogeneration system as in the MIXED mode. It is
also noteworthy that, regardless of the absorption solvent used for carbon capture purposes, when the
ammonia plant is powered by a combined cycle (steam network plus gas turbine system), the operating
cost can be reduced from 1 up to 13% compared with other configurations, either autonomous or grid-
dependent. For the sake of a more complete comparison, the trade-off between the capital cost increase
and the operating cost reduction (i.e. the marginal purchasing cost of an additional gas turbine system)
has been roughly estimated by assuming a specific open cycle gas turbine (OGCT) cost of 900



USD/KW incl. IDC [74] or 3.6-4.5 euro/tnnz. This value is less than one fourth of the total reduction
(19.7-39.3 euro/tnnz) of the operating costs when a gas turbine system is integrated. Then, as a
preliminary estimation, there is a net gain in the revenues even at expense of the introduction of an
OGCT system, because the reduction in the respective operating cost offsets its increased capital cost.
In this way, the best performance in terms of total revenues still corresponds to the ammonia plant
powered by a combined cycle and using DEPG as the carbon capture solvent.

Fig. 12 depicts the breakdown of the power generation and consumption amongst the main power
consumers of the chemical plant as well as the ancillary utility systems (heat pump, refrigeration,
cooling tower). As expected, the two largest power demands correspond to the process air and syngas
compression systems, required to operate the ammonia plant at elevated pressures. The ammonia
refrigeration-separation system is also responsible for about one fourth of the overall power
consumption. Due to the economy of scale, higher pressures allow reducing the size of the plant
components per unit of throughput of ammonia produced, as well as favors the syngas conversion and
ammonia separation. However, the future trend points towards the utilization of lower reaction
pressures as better catalyst with higher activities at milder operation conditions are constantly
developed [42]. It must be also noticed the effect of the integration of a mechanical vapor
recompression system (heat pump) on the overall power consumption of the utility systems. Namely, a
considerable amount of costly electricity import and additional natural gas consumption are required
when operating in either the GRID mode or the combined cycle-powered AUTO mode, respectively.
In fact, the heat pump consumption is comparable to the total power produced by the Rankine cycle
alone.

Finally, the highest power consumption related to the DPEG pumping must be compared to that of the
amine-based systems. This is a well-known issue related to the DEPG absorption systems, i.e. the
reduced heating requirement comes at expense of a higher amount of power consumed in the
circulation pump [75]. Certainly, higher capture rates are desirable to avoid the consumption of the
valuable hydrogen in the downstream methanator unit, also because slipped methane acts an inert in
the ammonia loop, increasing the need of a larger purge. However, larger capture efficiencies with
DEPG require higher solvent circulation rates, since the solvent capacity is compromised as the
temperature increases [76, 77]. In fact, for a 90% CO. capture efficiency, the solvent/CO> loading ratio
can be as high as 5:1, i.e. threefold the value when more stringent capture efficiencies (>95%) are
imposed [78]. Meanwhile, DEA recirculation rate is set as 716 m%h, with maximum and minimum
CO2 loadings of 0.47 and 0.025 kmolCO2/kmolpea, respectively. For the case of MDEA, those figures
are set as 495 m%/h, 0.51 and 0.013 kmolCOz/kmolwmpea, respectively.
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4.2. Exergy efficiency and Exergy Destruction Analyses

Figure 13 compares the relative and extended relative exergy efficiency of the various ammonia plant
configurations and operation modes studied. As expected, the integration of a combined cycle into a
traditionally Rankine cycle-based ammonia plant increases the relative exergy efficiency about 8.8%.
Nonetheless, the highest relative exergy efficiency still corresponds to MIXED operation mode with
physical absorption-based syngas purification unit. This behavior is closely followed by the GRID
operation modes, regardless of the syngas purification system utilized. It is also worthy to notice the
appreciable reduction (> 10%) of the relative exergy efficiency when a broader scope, i.e. an extended
framework that accounts for the irreversibilities in the natural gas and electricity upstream supply
chains, is considered.
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Fig. 13. Plantwide and extended exergy consumption figures for the various configurations studied.

Table 3 summarizes the exergy efficiency and the specific exergy destruction, used as indicators to
rank the performance of the analyzed ammonia plant configurations. It is interesting to point out the
striking reduction of the overall exergy efficiency when going from its pure rational definition up to
the extended relative one. In fact, the efficiency drop can be as high as 19.3-23.8%, since this broader
scope of reduction accounts for both the exergy destroyed along the upstream feedstock obtainment
stages as well as for disregarding the potential utilization of the ammonia byproducts (COz2, purge).

Within the same scope, the increase in the exergy destruction may achieve 31% in the AUTO and 39%
in the AUTO GT operating modes, whereas as much as 43-77% for the GRID and MIXED operation
modes. Thus, at a first glance, the higher increase in the extended exergy destruction could be wrongly
attributed to the intensive utilization of the less efficient electricity mix (55.67%), if compared to the
more efficient natural gas supply chain (91.09%). However, the electricity utilization still remains as
the most efficient way of driving the ammonia plant configurations studied. In other words, although
the electricity import entails the consumption of a relatively inefficiently produced input (i.e. grid
electricity), the high-grade and readily available nature of the electricity consumed actually lead to an



improved performance of the ammonia production process, only comparable to the utilization of a
combined cycle (AUTO GT) in an autonomous operation mode (Table 3, last column). This fact once
again emphasizes the importance of the characteristics of the electricity mix in which the chemical
process is embedded. In the hypothesis that much less efficient electricity mixes were considered, the
AUTO and AUTO GT operation modes may become more attractive alternatives for electricity
generation via integrated CHP systems, than importing costly, less efficiently and less environmentally
friendly electricity from ‘dirtier’ grids.

Table 3. Exergy destruction and exergy efficiencies for the chemical and physical absorption-based ammonia
production plant configurations

Process parameter MDEA Grid  MDEA Mixed MDEA Auto RC MDEA Auto CC
Rational exergy efficiency (%) 78.40 75.21 67.59 74.32
Extended rational exergy efficiency (%) 68.20 66.88 61.57 67.70
Relative exergy efficiency (%) 68.67 65.87 59.20 65.09
Extended relative exergy efficiency (%) 59.73 58.58 53.93 59.29
Exergy destruction (GJ/tnHsz) 6.25 7.48 10.88 7.84
Extended exergy destruction (GJ/tnH3) 10.58 11.24 14.16 10.83

1.The exergy efficiency and the specific exergy destruction change if the cumulative exergy efficiency of the electricity grid (55.67%) and of
the natural gas supply chain (91.09%) are considered as in ref. [68].

Table 3. Exergy destruction and exergy efficiencies for the chemical and physical absorption-based ammonia
production plant configurations (cont’d)

Process parameter DEA Grid DEA Mixed DEA Auto RC DEA Auto GT
Rational exergy efficiency (%) 79.05 73.88 69.34 74.76
Extended rational exergy efficiency (%) 68.86 66.36 63.17 68.10
Relative exergy efficiency (%) 70.00 65.43 61.41 66.21
Extended relative exergy efficiency (%) 60.98 58.77 55.94 60.31
Exergy destruction (GJ/tnns) 5.95 7.94 9.92 7.58
Extended exergy destruction (GJ/tnHz) 10.15 11.38 13.09 10.51

11.The exergy efficiency and the specific exergy destruction change if the cumulative exergy efficiency of the electricity grid (55.67%) and of
the natural gas supply chain (91.09%) are considered as in ref. [68].

Table 3. Exergy destruction and exergy efficiencies for the chemical and physical absorption-based ammonia
production plant configurations (cont’d)

Process parameter DEPG Grid DEPG Mixed  DEPG Auto RC DEPG Auto GT
Rational exergy efficiency (%) 79.69 81.72 70.17 76.35
Extended rational exergy efficiency (%)* 69.81 71.63 63.92 69.55
Relative exergy efficiency (%) 69.64 71.59 61.48 66.89
Extended relative exergy efficiency (%)* 61.01 62.76 56.00 60.93
Exergy destruction (GJ/tonnwz) 5.78 5.08 9.64 7.03
Extended exergy destruction (GJ/tonnha)! 9.89 8.99 12.81 9.93

1.The exergy efficiency and the specific exergy destruction change if the cumulative exergy efficiency of the electricity grid (55.67%) and of

the natural gas supply chain (91.09%) are considered as in ref. [68].
Figure 14 shows the exergy destruction breakdown among the most representative components of the
studied ammonia plant configurations studied. As it can be seen, the primary and secondary reformers
together are responsible for nearly 26-54% of the total exergy destroyed. As expected, the highest
exergy destruction share of the utility systems (others) is attained through an intensive utilization of



both the steam network and the cogeneration systems (27-52%), e.g. in both AUTO and AUTO GT
operating modes. The ammonia synthesis reactor has a contribution to the exergy destruction that may
oscillates between 7.8-17.3%, which depends on the amount of inerts, the recycling ratio and
conversion in the ammonia synthesis loop [79]. A marked difference exists between the shares of the
exergy destruction presented by the carbon capture units analyzed. The amine-absorption carbon
capture units by either using DEA or MDEA solvent are responsible for one tenth to one fifth of the
total exergy destruction. Those figures are smaller when physical absorption systems are used (<4.6%).
Accordingly, the use of carbon capture systems that spare energy intensive desorption processes can be
effectively used to reduce the contribution of the syngas purification system to the total amount of

irreversibility in the ammonia plant.
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Fig. 14. Exergy destruction breakdown in each plant configuration shown in Table 2.

The difference between the irreversibility associated to the heat exchange network (HEN) of the
ammonia production plants operating under the AUTO and AUTO GT modes can be graphically
represented by the Carnot Integrated Curves shown in Fig. 15a-b. In this plot, the area enclosed by the
curves of the utility systems and the chemical plant can be interpreted as the exergy destroyed. Thus,
the closer the two curves, the lesser the irreversibility in the HEN. As expected, due to an upgraded
utilization of the exergy heat of the high-grade utility produced by the fired furnace, the exergy
destruction rate drastically drops when a Combined cycle is integrated to the ammonia production unit.
The recovery of the exergy embodied in the high temperature flue gases is maximized by using the
combustion gases to drive the gas turbine system, and only thereafter for gas turbine cycle regeneration
purposes, process streams preheating or steam generation, respectively, instead of using the
combustion gases for directly producing steam [80, 81].

Certainly, this modification perturbs the whole power and heat balance, particularly within the self-
sufficient zones where the cogeneration has benefited from. In other words, since part of the excess
heat exergy has been used to produce power, additional fuel consumption will be required to ensure
the balance of the heating demands of the chemical process. In spite of this, the integration of a waste
heat recovery steam network generally reduces the large driving forces related to the process-to-
process heat exchange, even at the expense of supplementary fuel consumption. For instance, as shown
in Figs.15a-b, it is preferable to generate a surplus of electricity for driving the heat pump (MVR)



system by extracting most of the thermodynamic potential in the self-sufficient zones, than directly
using waste heat from the process to supply the desorption reboiler duty [82]. Roughly speaking, due
to the technical and metallurgical limitations of the energy technologies considered, the use of a gas
turbine system becomes advantageous when aiming to better exploit the thermodynamic potential at
higher temperatures (above 500°C) whereas the steam network represents the most suitable alternative
for recovering the waste heat exergy available at lower ones (300-500°C). Supercritical Rankine cycles
or Graz-related power cycle may represent also interesting alternatives for utility systems with reduced
exergy destruction rates and post-combustion CO> emissions, as long as the industrial ammonia plants
investors can afford large initial capital investments.
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Fig. 15. Carnot integrated curves for the AUTO and AUTO GT scenarios shown in Figs. 10g-I:
(a)MDEA-based, (b)DEA-based, (c)DEPG-based carbon capture ammonia plants. @ is the Carnot
factor calculated as 1- (To/T) where To = 298 K.

5. Conclusions

In this work, a systematic methodology based on a mixed integer linear programming (MILP) and
modular chemical process simulation approach allows determining the most suitable utility systems
that satisfy the minimum energy requirement (MER) with the lowest resources consumptions and
operating cost in a highly integrated syngas and ammonia production plant. Various operating
scenarios based on the utilization of three types of syngas purification systems, as well as several
energy resources and cogeneration technologies have been compared in terms of exergy consumption
and efficiency as well as optimal operating revenues. By using the energy integration method, the most
appropriate utility systems and their operation conditions, that maximize the recovery of the
thermodynamic potential of the excess heat produced along the chemical process, have been identified.
This has been possible through the development a suitable representation of the energy integration
profile for the reactive systems, acknowledged as the key components of the energy intensive chemical
plant. Moreover, an extended exergy analysis has been performed so that a broader insight into the
major sources of irreversibility can be hierarchized and the exergy destruction in the ammonia
production can be reduced by proposing the utilization of better energy technologies for cogeneration.




Direct and indirect CO, emissions produced in the ammonia production process are also calculated,
allowing for better comparisons with other industrial and chemical process in terms of their
environmental impact. On the other hand, the valorization of some plant byproducts (e.g. captured
CO2) simultaneously increased the chemical plant efficiency, while mitigating its environmental
burden. As a result, by operating either in a mixed mode (i.e. partial electricity import with an
improved waste heat recovery and cogeneration systems) or in a totally autonomous mode with
combined cycle cogeneration systems, along with the use of physical absorption syngas purification
units, the process irreversibility and operating cost can be appreciably reduced, whereas the
conventional plant efficiency is increased (ca. 8-10%). Thus, by considering that typical ammonia
plants actually operate in autonomous modes with no other energy input that natural gas, the
integration of the gas turbine system is the most rational alternative for increasing the exergy
efficiency and the reduction of the operating costs in the SNF facilities.
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