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Notation 

Explanations of acronyms used within text 

acronyms meaning units 

bbl barrel [-] 

DW dry weight [-] 

EROEI energy return on energy invested [-] 

FPA flat-panel-airlift  [-] 

HT hydrothermal [-] 

HTG see SCWG [-] 

LCA life cycle analysis [-] 

LHV lower heating value kJ g
-1

 

m
3
 cubic meter at 0 

o
C and 0.1 MPa for gases m

3
 

PBR photobioreactor [-] 

Pc critical pressure of water (22.06 MPa) MPa 

PWS pressurized water scrubbing  [-] 

RP raceway ponds [-] 

SCWG supercritical water gasification [-] 

SNG synthetic natural gas  [-] 

Tc critical temperature of water ( 647.096 K) K 



Notation v 

TS total solids (dry) % 

wt% weight percent % 

Greek letters 

symbol meaning units 

COuH ,  lower heating value of carbon monoxide MJ m
-3

 

62, HCuH
 

lower heating value of ethane MJ m
-3

 

2u,HH
 lower heating value of hydrogen MJ m

-3
 

4,CHuH
 

lower heating value of methane MJ m
-3

 

    high pressure pump efficiency % 

fan  fan efficiency % 

ss  energy efficiency for the self-sufficient process % 

el  conversion efficiency of SNG to electric power  % 

heaterpre  pre-heater efficiency % 

heaterersup  super-heater efficiency % 

HTG  gross energy hydrothermal gasification efficiency % 

process  overall gross thermal energy efficiency of the process  % 

λ pipe friction factor [-] 

   
  gas flow velocity m s

-1
 



Notation vi 

    kinematic viscosity of flue gas m
2
 s

-1
 

     flue gas density  kg m
-3

 

Roman symbols 

symbol meaning units 

closs 

fraction of water and biomass leaving the hydrothermal plant 

through the salt separator 

% 

     optimal pipe diameter of flue gas pipes m 

EPC effective energy required for slurry preconcentration MJ m
-3

 

EFS effective energy required for slurry dewatering MJ m
-3

 

EBF reference energy input belt-filter MJ m
-3

 

EC reference energy input 3-chamber centrifuge MJ m
-3

 

ESNG energy content in final product gas TJ 

Ealgae energy content microalgae biomass TJ 

Eelectric electric energy demand TJ 

)(
2 SCWGOH Th

 
enthalpy of water in the hot reactor effluent at 30 MPa  kJ kg

-1
 

)(
2 SPOH Th

 
enthalpy of water at salt separator temperature at 30 MPa  kJ kg

-1
 

            enthalpy of water at 293.15 K and 30 MPa kJ kg
-1

 

             
enthalpy of water at 293.15 K and 0.1 MPa kJ kg

-1
 

Kwoodh 293,  
enthalpy of wood at 293.15 K at 0.1 MPa 

o
C kJ kg

-1
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)( SPwood Th  enthalpy of wood at salt separator temperature and 0.1 MPa
 

kJ kg
-1

 

lFG length flue gas network lFG 

Max_TSBF maximum achievable TS content for chosen belt filters % TS 

        maximum achievable TS content for chosen centrifuge % TS 

 ̇     mass flow rate of the catalytic reactor influent/effluent kg s
-1

 

SPOHm ,2


 
water mass flow rate entering the salt separator kg·s

-1
 

SPBMm ,


 
biomass mass flow rate entering the salt separator (kg·s

-1
) kg s

-1 

SCWGorgm ,


 
mass flow of organic material entering the catalytic reactor kg s

-1
 

SCWGOHm ,2


 
water mass flow rate entering the catalytic reactor (kg·s

-1
) kg s

-1
 

outSPinorgm ,,


 

mass flow rate of inorganic material (here N & P) leaving 

the SCWG plant through the salt separator 

kg s
-1

 

outSPslagm ,,


 

mass flow rate of organic material leaving the SCWG plant 

through the salt separator 

kg s
-1

 

outSPOHm ,,2


 

mass flow rate of water leaving the SCWG plant through the 

salt separator 

kg s
-1

 

 ̇        harvested microalgae slurry flow rate entering belt filters m
3
 h

-1
 

 ̇   preconcentrated algal slurry flow rate entering centrifuges m
3
 h

-1
 

     total discharge pressure Pa 

heaterpreQ 


 
heat flow rate taken up by the cold feed stream kJ·s

-1
 

heatererQ sup


 
heat flow rate required by the super-heater kJ·s

-1
 



Notation viii 

TSBF desired TS content after preconcentration % TS 

TSFeed desired TS content in the feed for SCWG after dewatering % TS 

 ̇    volumetric flue gas flow m
3
 h

-1
 

4CHV
 

volumetric methane flow rate for the super-heater m
3
·s

-1
 

 ̇   volumetric hydrogen flow rate for the super-heater m
3
·s

-1
 

 ̇   volumetric carbon monoxide flow rate for the super-heater m
3
·s

-1
 

 ̇     volumetric ethane flow rate for the super-heater m
3
·s

-1
 

WFG fan power W 

WBF power consumption belt filter W 
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1 Introduction 

Microalgae use inorganic carbon and sunlight as carbon and energy source, both abundant 

natural resources. The use of microalgae would thus lower dependency on fossil fuels such 

as coal, petrol and natural gas. In addition, microalgae haven been put forward to capture 

CO2 from industrial or atmospheric sources and thus may even qualify for carbon dioxide 

credits [1,2]. 

Microalgae are claimed to have substantially higher biomass productivities per area than 

terrestrial energy crops such as corn, colza, soybean, jatropha and oil palms and therefore 

are more suitable for the production of liquid fuels like biodiesel [3,4]. They are believed 

to reach productivities between 45-120 tonne of dry biomass per hectare per year and an 

oil yield higher than 58’700 L ha
-1

 a
-1

 based on an algal lipid content of 30% [3-5]. 

Moreover, microalgae do not need agricultural land and thus do not compete directly with 

food production compared to terrestrial energy crops who may contribute to the increase of 

world food prices [6,7]. Life cycle analysis (LCA) of microalgae cultivation showed that 

their eutrophication potential is significantly lower than for energy crops due to better 

runoff control of fertilizer [8]. Microalgae thus seem to be an ideal replacement for fossil 

fuels in the future as they are lacking many disadvantages which are commonly attributed 

to first and second generation biofuel technologies. 

However, recent studies showed that the production of microalgae biomass requires large 

amounts of fertilizer, water, construction materials, electrical energy for mixing RP and 

PBR, water and flue gas transport as well as electrical energy for drying and harvesting of 

microalgae [8-10]. The production of chemical fertilizer was singled out as a main factor 

concerning environmental burden of algal fuels with respect to its greenhouse gas 

emissions, human and marine ecosystem toxicity potential as well as for the emission of 
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acidifying substances [8,10]. In addition it has been identified that lipid extraction from 

microalgae consumes 90% of process energy if the lipids are obtained by dry extraction 

and 70% in the case of wet extraction, leading to the conclusion that such a system for 

purely energy generation would not yield a positive energy balance [10,11]. 

In order to reduce environmental impact and energy consumption from employing 

chemical fertilizer in microalgae production, as well as improve the economic viability of 

biofuels from microalgae, recycling of nutrients is a key issue. One way to achieve this is 

to obtain the nutrients from renewable sources like wastewater or anaerobic digestion 

effluent [8,12,13]. However, important additional infrastructure would be required to 

deliver the waste streams to the algae production facilities and may increase the risk of 

contamination of the microalgae cultures by bacteria or other unwanted microorganisms. In 

addition, there is a limited potential to recover efficiently nutrients.  

Little reliable information is available concerning the economics of microalgae large scale 

production. Depending on the production methods, the location and the capital costs, the 

estimates for production costs of one kilogram of biomass can vary widely. Estimates for 

production costs for microalgae vary from 30 - 70 $ kg
-1

 in closed photobioreactors [14]. 

The costs for microalgae biomass from raceway ponds show even larger variations and can 

range from 0.24 $ kg
-1

 up to 15 $ kg
-1 

[15]. Consequently, the estimates for one barrel of 

microalgae biodiesel vary in the same order of magnitude, and are estimated to be 

currently non-competitive with petroleum and may only by economically at a biodiesel 

cost of 237 $ bbl
-1

 in combination with additional revenues, for example by selling pure 

proteins from algal biomass [15-17]. Clearly, future algal biomass costs need to go from 

the 10-100 € price range suitable for the production of pharmaceuticals, cosmetics, fine 

chemicals and food down to below 1 € kg
-1

 for purely energy use [18]. 
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 Principles of catalytic supercritical water gasification of 1.1

biomass 

Biomass conversion in supercritical water for energetic as well as chemical synthesis 

purposes is a well-established field of research making use of the unique properties of 

water above its critical point at Tc= 647.1 K and pc=22.1 MPa [19]. Water at supercritical 

conditions is structurally different from ambient liquid water, as the numbers of hydrogen 

bonds that exist at ambient conditions in liquid water are significantly reduced. This 

change in number of hydrogen bonds is associated with a decrease in the dielectric 

constant of water to values similar of an apolar organic solvent such as THF 

(tetrahydrofuran), diethylether or hexane [20]. Supercritical water has therefore high 

miscibility for organic molecules and gases, making it thus possible to achieve tar and 

coke-free gasification of biomass, as tar and coke-precursors are dissolved in supercritical 

water. Furthermore, supercritical water supplies hydrogen atoms through the water-gas 

shift reaction which ultimately contributes to the production of a methane rich gas. 

Supercritical water is therefore not only the reaction medium but also a reactant.  
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2 Methodology 

 Technological model and performance metrics 2.1

Fig. SI 2 gives an overview of the flowsheet of the combined microalgal cultivation and 

catalytic hydrothermal gasification process (SunCHem process). It is assumed that the 

carbon dioxide is provided from a combustion source such as a coal power plant, cement 

plant, biogas plant with a combined heat and power plant (CHP) or a petrochemical 

refinery. The dry flue gas at 0 
o
C and 0.1 MPa is composed of 15% CO2 and 85% N2 [2]. 

The emissions of oxides of nitrogen and sulphur (NOx, SOx) and of volatile metals are not 

considered in the model. It is assumed that the flue gas is transported to the algal cultures 

after internal flue gas treatment. Flue gas is transported with axial centrifugal fans from the 

carbon dioxide source to the algal bioreactors by a network of welded carbon-steel pipes. 

Fan power     is given by equation (2.1) with a fan efficiency      of 85% [21]: 

           ̇      ⁄  (2.1) 

Where  ̇   is the volumetric flue gas flow rate given in Table SI 1 and      the total 

discharge pressure.      is calculated with equations (2.2) - (2.4): 

      (        ⁄ )       
  ⁄  (2.2) 

         √  
 
⁄  (2.3) 

           
    ⁄  (2.4) 

Where λ – pipe friction factor, ƖFG – length of pipe network,     – pipe diameter,     – 

flue gas density (          kg m
-3

) [22],    
  – gas flow velocity and     – the 
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kinematic viscosity of flue gas (          mm
2
 s

-1
) [22]. The optimal pipe diameter     

is obtained by equation (2.5) and was calculated to be 2.57 m in the base case scenario 

[21]: 

            ̇  
       

       (2.5) 

Pipe length ƖFG is calculated based on the required footprint area for microalgae cultivation 

and 20% additional area taking in account additional space required for infrastructure such 

as buildings and roads. A circular plant layout is assumed for all three microalgae 

cultivation systems with the flue gas source, the SCWG plant and the dewatering units in 

the center as shown in Fig. SI 1. The RP/PBR are positioned around the center and are 

organized in modules of 100 ha size. They are connected with the control and processing 

units via flue gas and water pipes. The pipe network is designed according to a coarse 

distribution network, i.e., two circular pipes covering the cultivation area and connected 

with the flue gas source in the center of the facility; transport the flue gas from the source 

to the cultivation ponds (see Fig. SI 1). Power required for fine distribution of the flue gas 

is not explicitly considered in the model, but is assumed to be included in the power 

consumption for RP and PBR air blowers (see Table SI 1). 
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Fig. SI 1 Layout of the microalgae cultivation site with the SCWG plant in the center. 

Adapted from [23] 

Photobioreactors (PBR) consist either of open ponds or closed PBR. Three different 

microalgae production scenarios are evaluated: raceway ponds (RP), tubular PBR or flat 

panel air lift PBR (FPA-PBR). The base parameters chosen for the three different 

microalgae cultivation systems based on 25% CO2 absorption are given in Table SI 1. The 

assumed annual aerial surface biomass productivity (t ha
-1

 a
-1

) determines the size of the 

three microalgae cultivation systems (Table SI 1). The generic algal biomass composition 

is assumed to be C1H1.64O0.41N0.13P0.02 based on data from the ECN Phyllis database [24], 

with a lower heating value (LHV) of 21.904 kJ g
-1

 TS algae. The ash content of the 

microalgae is represented by phosphorus and nitrogen. Sulphur is not considered in the 

model because it is presently not considered a limited resource like phosphorus. The ash 

free LHV is slightly higher than the LHV of dry biomass, but both values only differ by 
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2.5% for the generic microalgae. C, H, O, N and P mass balances were calculated with 

help of equation (2.6): 

           
          

                
 
  
→                               (2.6) 

The closed PBR are not actively cooled, as they are cultivated with thermophilic algal 

species and because we believe that actively cooled PBR’s are not suitable for large-scale 

algae production due to the large amounts of heat, which need to be removed to keep the 

broth temperature between 298 K and 308 K. For a column reactor located at Merced, CA, 

USA, it has been calculated that 18 TJ a
-1

 respectively 5.5 TJ a
-1

 of heat need to be 

removed [25]. This means significant capital and operation costs associated with 

temperature control. Thermophiles can grow at temperatures ranging from 315 K to 348 K 

and therefore are suitable for closed PBR as algal broth temperature can reach between 313 

K - 323 K during summer months [26-29]. For example Chlorogleopsis sp., a thermophilic 

cyanobacteria, can grow very well at 323 K with a maximum carbon assimilation rate of 20 

- 45 mg L
-1 

d
-1

, at 200 μmol m
-2

 s
-1

, at 5% CO2 level and a flow rate of 0.002 L L
-1

 min
-1

 

(liter gas per liter medium) [25]. The accumulation of lipids is no issue in the SunCHem 

process, compared with other algal biomass derived biofuels, allowing for much greater 

flexibility for choice of microalgae species as well as cultivation conditions.  

Power consumption required to keep the microalgae in suspension and assure proper 

liquid/gas mass transfer during the growth phase is based on literature review and personal 

communications [30-32]. For FPA-PBR the power consumption lies between 100-130 W 

m
-3

 [33,34]. Power consumption is expressed as watt (W) per cubic meter (m
3
) reactor 

volume. This simplification allows to compare easily the specific power input of different 

RP/PBR designs.  
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Nevertheless, the required cultivation volume depends on the reactor type and thus is a 

function of the volumetric algal biomass productivity specific to each RP/PBR design. 

Volumetric productivity (g L
-1

 d
-1

) and biomass concentration (g L
-1

) for the three different 

RP/PBR systems are based on literature review and personal communications [30-32]. 

Volumetric algal productivity of FPA-PBR’s is presently in the range of “0.8 – 1.2 g L
-1

 d
-1

 

and biomass concentration may range from 8 - 16 g L
-1

 depending on solar radiation and 

conditions of PBR operation” [33].Their base case values are shown in Table SI 1. 

Table SI 1 Base case assumptions for three different cultivation systems based on 25% CO2 

uptake 

Key parameters RP Tubular PBR FPA-PBR

FG (m
3 

s
-1

) 75 75 75

Flue gas CO2 vol. fraction (vol.%) 15 15 15

CO2 up take by  microalgae  (%) 25 25 25

Harvesting concentration RP/PBR (g L
-1

) 0.5 3.8 8.0

Reactor volume RP/PBR (m
3
) 4'492'131 181'307 309'053

Volumetric productivity (g L
-1

 d
-1

) 0.06 1.36 0.80

Surface producitivity PBR’s (t ha
-1

 a
-1

)
1

38.5 75.1 79.0

Footprint PBR for 25% CO2 uptake (km
2
)
1

27.0 13.8 13.1

Illuminated RP/PBR area (km
2
)
2

22.5 14.5 16.2

Occupied land area/Volume ratio (m
2 

m
-3

)
1

5.0 63.5 35.4

Illuminated RP/PBR area to volume ratio (m
2
 m

-3
)
2

5.0 80.0 52.5

Harvesting ratio (%) 11.0 35.9 10.0

Power consumption RP/PBR (W m
-3

)
3

3.7 2'500 100

Length of coarse CO2 distribution network Ɩ (km) 20.6 14.7 14.4

Energy consumption dewatering: Belt filter EBF (MJ m
-3

)
4

0.29 0.29 0.29

Energy consumption dewatering: Centrifuge EC (MJ m
-3

)
4

3.60 3.60 3.60

1
 Here m

2 
is used for the land area occupied by the PBR, similar for ha and km

2
. 

2
 Here m

2
 is used for the illuminated PBR area, similar for km

2
.

3 
Power required for air blowers and pumps per m

3
 PBR volume for proper gas/liquid mixing and mass transfer.

4 
The power cosumption is linearized in order to take in account the change in inlet biomass concentration.

 

Daily production period is 10h per day with a fixed average productivity rate over the 

entire period. Harvesting and dewatering takes place over 24 h in order to avoid peak 

flows. The plant is assumed to operate 350 days per year. The assumption of continuous 

harvesting of algal biomass is crucial because pumping the harvested slurry consumes 
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energy and thus pressure drop needs to be kept to a minimum. Large peak flows can cause 

very high energy consumption rates [35]. 

Microalgae are dewatered with belt filters and centrifuges to a TS content between 5 to 30 

% required for SCWG of microalgae. Energy input for the belt filters and centrifuges are 

linearized based on algae harvesting concentration according to equations (2.7) and (2.8): 

     
   

        
      (2.7) 

     
  

       
        (2.8) 

With EPC – the effective energy required to preconcentrate the algal slurry for the 

centrifuges with belt filers (MJ m
-3

), EFS – the effective energy input required to dewater 

the algal slurry to the desired feed concentration for SCWG (MJ m
-3

), EBF and Ec – the 

assumed reference energy input to preconcentrate/dewater an algal slurry with belt filters 

or centrifuges (EBF = 0.29 MJ m
-3

, Ec = 3.6 MJ m
-3

) [27,36], Max_TSBF and Max_TSC – the 

maximum achievable TS content for the chosen belt filter or centrifuge equipment 

(Max_TSBF = 9.5% TS, Max_TSC = 20% TS), TSBF and TSFeed – are the desired TS content 

after preconcentration and algal slurry dewatering (% TS). 

Power required for preconcentration WBF and dewatering Wc of the algal slurry with the 

belt filters and centrifuges is subsequently calculated by equations (2.9) and (2.10): 

      ̇           (2.9) 

     ̇       (2.10) 

Where  ̇       – is the harvested microalgae slurry flow rate for the belt filters and  ̇   – 

the flow rate of the preconcentrated microalgae slurry entering the centrifuges. The flow 
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rate of  ̇       can be up to ~200 times higher than the flow rate  ̇   entering the 

centrifuges. Such a preconcentration step is necessary as the dry solid content of algal 

biomass in the harvested algal broth is usually below 1% TS and therefore the algal broth 

needs to be preconcentrated before dewatering the slurry to the desired final solid content 

by costly and energy intensive centrifugation. Belt filters, however, are only suitable for 

harvesting relatively large microalgae species such as C. proboscideum or S.platensis. A 

collection of different types of belt filters and centrifuges, including their energy 

consumption and relative harvesting cost, has been published by Grima et al. and Mohn 

[27,36]. State of the art dewatering technology achieves today up to >99% biomass 

recovery [37]. Therefore, with a microalgae optimized for dewatering, this value is 

plausible as any assumed significant loss of biomass in mass cultivation of microalgae 

would be unreasonable with respect to the longterm viability of such a process. Algal 

harvest efficiency is thus assumed here to be 100%.  

The permeate from the filtration and centrifugation step, containing a large fraction of the 

nutrients, is recycled and reused for algal cultivation without further treatment. The 

remaining microalgae slurry is stored in tanks to ensure 24 hours continuous operation of 

the SCWG plant. Storage capacity is designed to last for a maximum of 4 days at 293.15 

K. We expect 4 days to be a reasonable maximal storage time to minimize material losses 

due to anaerobic digestion of algal biomass, which requires significant longer retention 

times and temperatures [38]. 

The algal slurry is pumped with a high pressure pump to the desired pressure of 30 MPa. 

Power input for the high pressure pump     is given by equation (2.11): 

      (                         ) ( ̇        ̇     )    ⁄  (2.11) 
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With             and              – the enthalpy of water at 293.15 K and 30 MPa, 

respectively at 0.1 MPa (kJ kg
-1

),  ̇       and  ̇      – the mass flow rates of water and 

biomass being pumped (kg s
-1

),     – is the mechanical pump efficiency of the high 

pressure pump. The same enthalpy has been assumed for the biomass and water mass flow 

rates, due to the lack of information of the physical properties of algal biomass at 30 MPa 

and 293.15 K. By attributing the same enthalpy to the biomass as for the water, a 

conservative approach is being made, because the algal biomass can be considered to be a 

fully incompressible solid. 

Heat from the reactor effluent is used to preheat the algal slurry to a temperature of 643.15 

K. Water evaporation is avoided by heating the slurry up under high pressure, i.e. above 

the critical pressure of water at 22.1 MPa.  

Heat recovery from the hot reactor effluent to the pre-heater is calculated with equation 

(2.12): 

 ̇           is the heat flow rate transferred from the hot reactor effluent to the cold feed 

stream in the pre-heater (kJ s
-1

),  ̇     – the mass flow rate of the catalytic reactor 

influent/effluent (kg s
-1

),     (     ) – the enthalpy of water in the hot reactor effluent 

(kJ kg
-1

),             – the enthalpy of water at 293.15 K (kJ kg
-1

), which is the assumed 

inlet temperature of the algal biomass slurry.             – the pre-heater efficiency 

calculated with AspenPlus® (Aspentech 2006, USA). All the enthalpies are at a pressure of 

30 MPa. The enthalpies of the product gases are neglected. 

  ̇            ̇     (    (     )             )             (2.12) 
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Fig. SI 2 Flowchart of the combined microalgae cultivation and catalytic supercritical water gasification process (SunCHem process)
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In a next step the slurry is superheated in the salt separator to the supercritical state. At 

these conditions, the nutrients precipitate because the fluid exhibits a very low solubility 

for salts [39-41] The salt separator (SP) consists of a reverse flow gravity separator, where 

the salt brine leaves at the bottom ( ̇              ̇             ̇          ) and the 

organic phase at the top of the SP ( ̇        , see Fig. SI 2). The salt brine is cooled and 

treated with an ultrafiltration unit so that it can be recycled to the PBR. The organic 

material leaving the SP with the salt brine is removed in the ultrafiltration unit and can be 

recycled back to the hydrothermal gasification process. It may be possible to directly feed 

the nutrient concentrate to the PBR. To be on the safe side however, salt separator effluent 

conditioning by ultrafiltration was assumed necessary. Table SI 2 gives the key parameters 

used to design the ultrafiltration unit [42,43]. 

Table SI 2 Ultrafiltraton unit 

Key parameters ultrafiltration unit Value

Operating pressure (kPa) 525

Energy consumption (MJ m
-3

) 10.8

Rate of flux (m
3 

m
-2 

d
-1

) 0.61

Capital cost membrane (€ m
-2

) 842

Membrane replacement costs (€ m
-2

 a
-1

) 105  

The salt separator is the hottest part in the SCWG process, which consequently requires 

that a fraction of the product gas (methane), has to be burned to supply enough heat to 

drive the SCWG. The salt separator is heated by the hot flue gas leaving the burner. The 

net overall process efficiency of the SCWG plant is expected to reach 60–70%, defined as 

the lower heating value of the net methane produced to the lower heating value of the TS 

content fed to the SCWG plant. The main parameters of the SCWG plant are shown in 

Table SI 3. 
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Table SI 3 Summary of the main parameters for the SCWG part 

Key parameters SCWG Value

Feed concentration: TS Feed  (% TS) 20

FeedSCWG (kg s
-1

) 14.3

ṁBM,SP  (kg s
-1

) 2.9

ṁH2O,SP  (kg s
-1

) 11.4

ṁ inorg,SP,out  (kg s
-1

) 0.3

ṁ slag,SP,out  (kg s
-1

) 0.3

ṁH2O,SP,out  (kg s
-1

) 1.1

ṁ SCW G (kg s
-1

) 12.6

c loss  (%) 10.0

η pre-heater  (%) 72

η super-heater  (%) 89.3

T pre-heater  (K) 643

T SP (K) 723

T SCW G (K) 703

Pressure (MPa) 30  

Equation (2.13) calculates the heat required by the super-heater (or salt separator) 

 ̇             in kg s
-1

: 

 ̇             
 ̇       (    (   )            )  ̇      (     (   )            )  ̇          

             
  (2.13) 

Where  ̇       – the  water mass flow rate entering the SP (kg s
-1

),  ̇      – the biomass 

mass flow rate entering the SP (kg s
-1

),     (   ) – the enthalpy of water at SP 

temperature and 30 MPa (kJ kg
-1

),             – the enthalpy of water at 293.15 K and 30 

MPa (kJ kg
-1

),  ̇           – the heat flow transferred in the pre-heater (kJ s
-1

),      (   ) 

and             are the enthalpies of wood at 293 K and at salt separator temperature. Both 

enthalpies are at a pressure of 0.1 MPa. The enthalpies of wood were used in place of the 

enthalpies of algal biomass, which are not precisely known. Indeed, the change of enthalpy 

for biological material at different reaction conditions compared to the change of enthalpy 

for water is small. Thus, it is a reasonable assumption to assume the same enthalpy for 

algal biomass as for wood. For example the apparent heat capacity for shrimps (wH2O = 

80%) is 3.63 J g
-1

 K
-1

 whereas the value used in this work is 1.2 J g
-1

 K
-1

 for dry wood 

[44,45].               – the super-heater heat transfer efficiency calculated with 
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AspenPlus® (Aspentech 2006, USA) and defined as the heat flow transferred from the hot 

flue gases from the process burner to the fluid inside the salt separator (super-heater). 

The remaining fluid stream containing the organic fraction and water is gasified and 

converted to methane and CO2, with small amounts of H2, CO, C2H6 in the catalytic 

reactor. 

The mass flow rate  ̇     (kg s
-1

) entering the catalytic reactor is expressed by equation 

(2.14): 

 ̇      ̇          ̇         ( ̇       ̇      )(       )   ̇             (2.14) 

Where  ̇         is the mass flow rate of organic material after the SP in kgs
-1

,  ̇         

– the water mass flow rate after the SP (kg s
-1

),  ̇       – the water mass flow rate 

entering the SP (kg s
-1

),  ̇      – the biomass mass flow rate entering the SP (kg s
-1

),       

– the fraction of water and biomass which leaves the SCWG plant through the SP and 

 ̇             – the mass flow rate of inorganic material (here N and P) leaving the SCWG 

plant through the SP (kg s
-1

). The organic material leaving the SCWG plant through the 

SP, shown as organic-slag in Fig. SI 2, is not further considered in the model. Of course, it 

would be technically feasible to recycle the organic slag to the SCWG unit. Therefore, this 

part of the organic feed is lost and thus the model underestimates the biomass conversion 

efficiency. Indeed, by setting       to zero, biomass conversion efficiency >70% could be 

reached. However, a conservative value for           was assumed because 

experimental work with model organic compounds in a continuous laboratory scale plant 

showed that            [46]. 

A heat loss leading to a reactor exit temperature TSCWG 20 K lower than the salt separator 

temperature TSP was assumed. The gas composition leaving the isothermal catalytic reactor 
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was calculated with AspenPlus® (Aspentech 2006, USA) using Gibbs free energy 

minimization and based on the elemental composition of the algal biomass. A variant of 

the Peng-Robinson equation of state was used (called PR-BM in AspenPlus®) The 

AspenPlus® model assumes that the nutrients N and P are separated in the salt separator, 

i.e., before gasification as     and    
  . In summary, the elemental composition of the 

biomass changes in the SP as indicated by equation (2.15):  

                                                              (2.15) 

Equation (2.16) gives the equilibrium composition, calculated by AspenPlus®, of the final 

product gas after the hydrothermal catalytic reactor as a function of temperature “T”, 

pressure “p” and biomass concentration “c” in the feed (             (     )): 

           ( )      ( )      ( )      ( )     ( )     ( )       ( ) (2.16) 

The methane flow rate to the gas burner is calculated with equation (2.17): 

  ̇    
 ̇             ( ̇          ̇          ̇            )

      
 (2.17) 

 ̇    is the volumetric methane flow rate for the super-heater in m
3
 s

-1
,  ̇    ̇    ̇     – the 

volumetric hydrogen, carbon monoxide and ethane flow rate for the super-heater (m
3
 s

-1
), 

 ̇             – the required heat flow rate to be provided to the super-heater to reach the 

desired temperature in the SP (kJ s
-1

) and                            – the lower heating 

values of methane, hydrogen, carbon monoxide and ethane (kJ m
-3

). These components 

(CH4, H2, CO and C2H6) are internally separated from the product gas and valorized in the 

gas burner for heat supply in the SP (see also Fig. SI 2).  
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The gross energy efficiency       (%) of converting algal biomass into methane is 

expressed by equation (2.18): 

       
    
      

     (2.18) 

Where      is the energy contained in the final product gas and        the energy 

contained in the feedstock (algae) both variables being expressed in TJ a
-1

.        is 

calculated based on the lower heating value of microalgae on a dry matter basis (see 

above).  

In case of a totally self-sufficient process, electricity required for the microalgae 

cultivation and for the SCWG plant auxiliaries (e.g. pumps) needs to be produced by 

converting part of the SNG into electricity in a modern combined cycle gas turbine 

(CCGT). For state of the art CCGT a power production efficiency of         can be 

assumed [47]. The energy efficiency for the self-sufficient SunCHem process is expressed 

through the energy return on energy invested (EROEI) performance indicator. The EROEI 

is defined according to equation (2.19): 

 
      

                      

               
 

    
         
   

 
(2.19) 

Where           is the sum of all power requirements for the SunCHem process (see 

“Table 1 Energy return on energy invested (EROEI) for RP, tubular PBR and FPA-PBR” 

in the main article) for a detailed list of process units taken in consideration. 

By cooling the catalytic reactor effluent, the water is condensed out and the remaining CO2 

is separated by pressurized water scrubbing (PWS) from the methane in a concentrated 

form (enrichment factor of 800-1000 compared to the inlet CO2 concentration), which may 
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be fed to an underground store [48]. Alternatively, the CO2 can be used for microalgae 

cultivation.  

Capital cost for PWS is calculated based on 713 € m
3
 h

-1
 throughput of treated raw gas and 

power consumption is assumed to be 0.54 MJ m
-3

 raw gas [49]. The loss of methane gas in 

the PWS unit is considered to be 0 %, although PWS units usually have a methane loss 

between 1-2 %, depending on the operation conditions. However, the waste gas stream 

from the PWS separation unit can be used to provide the required process heat for the 

SCWG plant.  

CO2 sequestration or internal recycling was not taken into account although shown in Fig. 

SI 2. 

 Economic model and performance metrics 2.2

The investment costs of the algal biomass cultivation systems are estimated through rating 

and costing of the major process equipment and are based on literature data and personal 

communications from manufacturers [12,15,32,43,50,51]. The material costs to build one 

FPA-PBR photosynthetic unit are 25% of the total investment costs of a fully equipped 

FPA-PBR microalgae production facility and “one hectare of a fully equipped FPA-PBR 

costs about 1.5 M€” [52]. Cost estimations for the SCWG gasification plant were based on 

Gasafi et al. [53], adjusted with a scaling factor of 0.6 based on the throughput of the HTG 

plant. Nutrient costs are taken into account in order to replace some of the nitrogen and 

phosphorus lost during the recycling process. A recycling efficiency for nutrients of 25% is 

assumed in the base case. However, we think that this value represents a rather low 

recycling value because mostly only organic material is supposed to be removed in the 

ultrafiltration unit. Furthermore, it has been shown, that with a salt separator consisting of 

a reverse flow gravity separator, salts could be recovered with efficiencies between 80 - 
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97% [39-41] For estimating direct and indirect costs and other expenditures, ratio factors 

were assumed based on delivered equipment costs, which include the most basic features 

of a microalgae cultivation stage, i.e., the material to build the raceway ponds or PBR, the 

paddle wheels, the air blowers and pumps to keep the algal broth in suspension or the 

nutrients pumps, but not the axial air blowers to transport the flue gas and the pumps to 

transport the alga forth and back to the dewatering units. These were accounted for 

separately. Ratio factors for flue gas transport, RP/PBR and biomass storage were based on 

Grima et al. [27], for all the other components ratio factors from Gasafi et al. were used 

[53]. Depreciation is calculated with a period of 15 years. Insurance costs are assumed to 

be 0.5% of the yearly depreciation. Similar assumptions were made for tax cost and 

interest rate for debt capital which amount to 20%, and 6%, respectively, of the yearly 

depreciation (based on 100% debt capital). 

A summary of the assumptions made to calculate the overall economic performance is 

given in Table SI 4. The numbers of employees required per 100 ha are based on Norsker 

et al. [54] and Weissman et al. [55]. The catalyst used in our experimental work and 

published in several articles is a commercial catalyst from BASF with 2 weight percent 

Ruthenium on an activated carbon support [48]. A detailed overview of obtained results for 

the construction and production costs of the SunCHem process at different scenarios is 

given in Table SI 5. 
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Table SI 4 Economic assumptions 

Parameter Unit

Delivered equipment costs RP/PBR (includes 

cultivation units, air blowers, paddle wheels and pumps)

Raceway ponds € ha
-1

20'000 -

Tubular PBR € ha
-1

460'000 -

FPA-PBR € ha
-1

460'000 -

Investment costs RP/PBR
SCWG plant and 

other infrastructure

Installation cost % 40 39

Instrumentation and control % 15 13

Piping % 40 31

Electrical % 10 10

Buildings % 20 39

Yard improvements % 10 10

Service facilit ies % 20 55

Engineering and supervision % 30 32

Land % 0 6

Running costs

Maintenance (% from investment costs) % 4 4

Contractor's fee (% from investment costs) % 5 10

Contingency (% from investment costs) % 6 15

Depreciation a 15 15

Insurance (% from depreciation) % 0.5 0.5

Debt service, 100% equity (% from depreciation) % 6 6

Tax (% from depreciation) % 20 20

General plant overheads (% from maintenance and 

labor costs)
% 55 55

Raw materials

Culture medium phosphorus € t
-1

1000 -

Culture medium nitrogen € t
-1

800 -

Catalyst (lifetime 1 year) € t
-1

400'000

Water € m
-
³ 1 1

Utilities

Power € GJ
-1

30.6 30.6

Labor

Workers
Persons per 

100 ha
7 -

Salary € h
-1

20 20

Operational hours h a
-1

8'400 8400

Supervision % 20 20

Payroll charges % 25 25

Value
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Table SI 5 Overview construction and production costs for the SunCHem process: Base, optimistic and very optimistic scenarios 

Construction costs culture system (€ ha
-1

) 64'602 1'485'846 1'485'846 35'531 817'215 817'215 6'460 148'585 148'585

Construction costs culture system incl. harvesting & 

storage (€ ha
-1

)
416'911 1'605'414 1'564'837 265'531 912'712 887'675 210'615 244'119 222'882

Construction costs SCWG (€ ha
-1

) 14'360 28'018 29'454 18'722 36'529 38'402 22'234 43'382 45'607

Construction costs SunCHem process (€ ha
-1

) 442'814 1'655'955 1'617'970 301'376 982'651 961'200 255'508 331'712 314'967

Labour costs (€ ha
-1

 a
-1

) 27'342 27'342 27'342 27'342 27'342 27'342 27'342 27'342 27'342

Total production costs (€ ha
-1

 a
-1

) 97'931 477'622 276'014 74'854 269'872 175'069 62'153 98'245 71'303

Production costs of algal biomass (€ kg
-1 

TS) 2.42 6.24 3.38 1.21 2.30 1.39 0.75 0.59 0.39

Production costs SNG (€ GJ
-1

) 194 484 266 90 167 103 53 43 30

Algae culture and harvesting % % % % % % % % %

Flue gas transport 1.7 0.5 0.9 2.6 1.0 1.6 3.5 3.0 4.1

Photobioreactors/Raceway ponds 10.5 26.9 46.8 8.9 26.8 41.4 0.9 11.7 15.8

Dewatering 26.4 1.3 1.2 20.3 1.4 1.1 19.8 3.3 2.4

Power for air blowers/Paddle wheels 3.0 44.4 5.5 1.8 36.6 4.0 0.6 25.8 2.5

Water circulation pumps 1.5 0.3 0.4 1.7 0.4 0.6 2.1 1.1 1.3

Biomass storage 0.03 0.01 0.02 0.05 0.02 0.04 0.06 0.08 0.11

Catalytic SCWG % % % % % % % % %

HP Pumps 0.20 0.08 0.15 0.20 0.11 0.17 0.11 0.13 0.19

SCWG 1.9 0.8 1.4 3.4 1.9 3.0 5.0 6.1 8.7

Gas separation 1.5 0.6 1.1 2.5 1.4 2.2 3.2 3.9 5.6

Ultrafiltration 0.05 0.02 0.03 0.07 0.04 0.06 0.09 0.11 0.15

Overheads/Labour % % % % % % % % %

Maintenance 16.3 12.5 21.1 14.4 13.0 19.6 14.3 11.6 14.9

Plant overheads 9.0 6.9 11.6 7.9 7.2 10.8 7.9 6.4 8.2

Labour 18.0 3.7 6.4 23.3 6.5 10.0 27.4 17.2 23.2

Overheads labour 9.9 2.0 3.5 12.8 3.6 5.5 15.1 9.4 12.8

100.00 100.00 100.00 100.00 100.00 100.00 100.00 100.00 100.00

Production costs incl. labour (in %)

Algae culture and harvesting 43.1 73.4 54.7 35.4 66.3 48.7 27.0 45.0 26.2

Catalytic SCWG 3.7 1.5 2.7 6.2 3.4 5.4 8.4 10.3 14.6

Overheads/Labour 53.2 25.1 42.6 58.4 30.3 45.8 64.6 44.7 59.1

Overheads/Labour, algae culture and harvesting 96.3 98.5 97.3 93.8 96.6 94.6 91.6 89.7 85.4

Only labour costs 27.9 5.7 9.9 36.1 10.1 15.5 42.4 26.6 36.0

Capital cost distribution (in %)

Construction costs biomass production 14.6 89.7 91.8 11.8 83.2 85.0 2.5 44.8 47.2

Construction costs incl. Harvesting and storage 94.2 96.9 96.7 88.1 92.9 92.4 82.4 73.6 70.8

Catalytic SCWG and gas cleaning 5.8 3.1 3.3 11.9 7.1 7.6 17.6 26.4 29.2

FPA-PBR + SCWG

Production costs (in %)

Parameter/Process unit RP + SCWG Tubular PBR + SCWG

Base case Optimistic scenario Very optimistic scenario

FPA-PBR + SCWGRP + SCWG Tubular PBR + SCWG FPA-PBR + SCWG RP + SCWG Tubular PBR + SCWG
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 Sensitivity analysis 2.3

As stated before the analyzed process refers to a hypothetical system, it is therefore 

plausible to assume a capital cost estimation accuracy with an error of < 25% in all 

estimates, although we used sound assumptions and tried to minimize the proportion of 

arbitrary choice to design a realistic SNG process [56]. In order to overcome the inherent 

uncertainties of a hypothetical system, however, a sensitivity analysis is performed 

covering a wide range of values. The parameters studied in this work and the ranges of 

variation are given in Table SI 6 and Table SI 7. 

Table SI 6 Selected parameters for the energy sensitivity analysis. Variation of parameters 

is given in percentage (%) with respect to the values in the base cases 

Range of variation Parameter RP + SCWG
FPA-PBR + 

SCWG

 -50% - +50%
Energy required by air blowers: Gas-liquid mass transfer and 

mixing of the algal culture (J s
-1

 m
-3

).
1.86 - 5.58 50 - 150

 -50% - +50%
Dewatering energy: Energy required by belt filters to treat 1 m

3 

of algal broth per dry weight percent (kJ m
-3

 % TS
-1

).
15.12 - 45.36 15.12 - 45.37

 -50% - +50%
Dewatering energy: Energy required by centrifuges to treat 1 m

3 

of algal broth per dry weigtht percent (kJ m
-3

 % TS
-1

).
90 - 270 91 - 270

 -50% - +300%
Harvesting concentration: Concentration at which microalgae are 

harvested (g L
-1

).
0.25 - 2 4 - 32

 -25% - +100%
Biomass productivity: Productivity of biomass on a fixed land 

area per year (t ha
-1

 a
-1

).
29 - 77 60 - 158

 -75% - +50%
SCWG feed concentration: Weight fraction of dry algal biomass 

in liquid slurry entering the hydrothermal process (% TS).
10 - 30 10 - 30

 -40% - +360%
CO2 up take by microalgae: Fraction of emitted flue gas CO2  

fixed by algal biomass (%).
10% - 90% 10% - 90%
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Table SI 7 Selected parameters for the economic sensitivity analysis. Variation of 

parameters is given in percentage (%) with respect to the values in the base cases 

Range of variation Parameter RP + SCWG
FPA-PBR + 

SCWG

 -50% - +50%
Energy required by air blowers: Gas-liquid mass transfer and mixing 

of the algal culture (J s
-1

 m
-3

).
1.86 - 5.58 50 - 150

 -50% - +50%
Dewatering energy: Energy required by belt filters to treat 1 m

3
 of 

algal broth per dry weight percent (kJ m
-3

 % TS
-1

).
15.12 - 45.36 15.12 - 45.36

 -50% - +50%
Dewatering energy: Energy required by centrifuges to treat 1 m

3
 of 

algal broth per dry weigtht percent (kJ m
-3

 % TS
-1

).
90 - 270 91 - 270

 -50% - +300%
Harvesting concentration: Concentration at which microalgae are 

harvested (g L
-1

).
0.25 - 2 4 - 32

 -25% - +100%
Biomass productivity: Productivity of biomass on a fixed land area 

per year (t ha
-1

 a
-1

).
29 - 77 60 - 158

 -75% - +50%
SCWG feed concentration: Weight fraction of dry algal biomass in 

liquid slurry entering the hydrothermal process (% TS).
10 - 30 10 - 30

 -100% - +100%
Nutrient price: Costs of 1 kg of fresh nutrients (€ kg

-1
). Here only 

for NaNO3 and KH2PO4.
1 - 1.6 | 0 - 2 0 - 1.6 | 0 - 2

 -100% - +100%
CO2 credits: Additional income per tonne of CO2 replaced by 

burning BIO-SNG instead of fossil CH4 (€ t 
-1

).
0 - 36 0 - 36

 -75% - +75% Electricity cost: Cost of one power unit (€ GJ
-1

). 7.6 - 53.5 7.6 - 53.5

 -40% - +360%
CO2 up take by microalgae: Fraction of emitted flue gas CO2  fixed 

by algal biomass (%).
10% - 90% 10% - 90%

 -90% - +50%
Construction costs: Compounded costs for one hectare land covered 

with RP/PBR (only material), including circulation pumps (€ ha
-1

)
2'000 - 30'000 46'000 - 690'000
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