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Abstract

Biomass is a renewable, yet scarce resource since land is limited. This thesis
addresses the question how to efficiently convert the available lignocellulosic
biomass and biomass wastes to fuel and other useful energy services. In
particular, it presents a systematic methodology for the conceptual design of
thermochemical processes and demonstrates it at the production of Synthetic
Natural Gas (SNG) through conventional biomass gasification and methana-
tion, or hydrothermal gasification of biomass wastes. Through an appropriate
mathematical decomposition of the design problem, thermo-economic process
modelling, advanced process integration techniques and multi-objective opti-
misation are combined to provide a set of parameter- and scale-independent
flowsheets for the optimal trade-off between several design targets.

The results of various design studies consistently demonstrate that process
integration plays a critical role in the synthesis of energy- and cost-efficient
processes. It allows both for a rational energy recovery by cogeneration and
process intensification. Considerable potential is furthermore assessed for
combining several complementary processes for an appropriate and complete
conversion of the resource, which might decidedly improve the environmental
performance of fuel production from biomass and stresses the importance of
a systematic process design.

Keywords: biomass, biofuels, process design, process modelling, energy
integration, process integration, polygeneration, multi-objective optimisation
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Résumé

Bien que renouvelable, la biomasse est une ressource rare puisque la terre
cultivable est limitée. Cette thése examine la question comment convertir
la biomasse lignocellulosique et ses déchets en carburants et autres services
énergétiques utiles. En particulier, elle présente une méthodologie systéma-
tique pour le design conceptuel de procédés thermochimiques et la démontre
a l’exemple de la production de Gaz Naturel de Synthése (GNS) par gazéi-
fication conventionnelle de biomasse et méthanation, ou par gazéification
hydrothermale de déchets de biomasse. Par une décomposition mathéma-
tique appropriée du probléme de design, la modélisation de procédés, les
techniques avancées d’intégration de procédé et ’optimisation multi-objective
sont combinées afin de générer un ensemble de configurations qui réalisent un
compromis optimal et indépendant de parameétres et d’échelle entre plusieurs
objectifs du design.

Les résultats de diverses études démontrent de maniére cohérente que
I'intégration de procédé joue un role clé dans la conception de procédés
efficaces et économiques. Elle permet non seulement une récupération ra-
tionnelle de I’énergie par cogénération, mais aussi 'intensification de procédé.
Du potentiel considérable est relevé pour la combinaison de plusieurs procédés
complémentaires afin de convertir la ressource de maniére appropriée et
compléte. Ceci peut améliorer de maniére décisive la performance environ-
nementale de la production de carburants a partir de biomasse et souligne
I'importance de la conception systématique de tels procédés.

Mots-clés: biomasse, biocarburants, conception de procédé, modélisation
de procédé, intégration énergétique, intégration de procédé, polygénération,
optimisation multi-objective
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Introduction

Biomass is a renewable, yet scarce resource since land is limited. Claimed by
many as future feedstock to produce goods and provide energy (Ragauskas
et al., 2006), there is growing concern about intensified forest and farmland ex-
ploitation and its inherent competition with food production. Indeed, many
recent studies show that the increasingly popular production of fuels from
biomass and energy crops based on industrial agriculture and forestry suf-
fer severe sustainability issues and may even cause both greater damage to
ecosystem quality, human health and greenhouse gas emissions than fossil fu-
els (Zah et al., 2007, Scharlemann and Laurance, 2008, Fargione et al., 2008).
All these authors, including also Tilman et al. (2009), yet assert that the per-
formance highly depends on the feedstock and conversion technologies, and
that fuel production from biomass can be efficient and truly sustainable if
substrates with high cellulose or lignin content that are decoupled from food
production, such as sustainably harvested wood, forest and crop residues, or
municipal and industrial wastes, are used.

Today, the share of biomass and biomass wastes in Switzerland’s total
energy consumption is of roughly 3% and currently almost exclusively used
for heating purposes (BFE, 2005). At best, this input can be roughly tripled if
the ecologic potential assessed by Oettli et al. (2004) can be fully exploited.
If the energy consumption remains unchanged, the potential illustrated in
Figure 1 allows for satisfying not much more than 10% of the primary energy
consumption. However, considerable efficiency improvements in both the
energy conversion system and final use might allow for meeting the 2000W
society challenge (Maréchal et al., 2005a), in which biomass could contribute
a significant share of up to 27% of the total demand (Table 1).

While multiple technological alternatives for an efficient low-carbon sup-
ply of heat and power exist, relatively few solutions for mitigating the impor-
tant and still increasing greenhouse gas emissions in the transport sector are
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FIGURE 1—Biomass use today and ecological potential in Switzerland (Oettli et al.,
2004).

Estimate conservative optimistic
Energy consumption\Year 2001 2025 2040 2025 2040
4910 Watt/cap. (2005) 3.3% 7.0% 8.5% 9.3% 11.1%
2000 Watt/cap. 17.2%  2009%  228%  27.3%

TABLE 1—Maximum share of biomass on total energy consumption in Switzerland
(calculated from data of BFE (2005) and Oettli et al. (2004)).

emerging (BFE, 2004). The production of second-generation biofuels from
lignocellulosic matter is therefore widely considered as a promising route for
an effective and sustainable use of biomass.

Contrary to biological processes like biomethanation or ethanol fermen-
tation that struggle to decompose cellulose and lignin compounds, thermo-
chemical processing allows for a complete conversion of the lignocellulosic
materials by gasification above at least 400°C. Among the candidate liquid
and gaseous fuels, methane is thereby one of the most promising options
since the synthesis reaction approaches chemical equilibrium, its conversion
efficiency is high and also less exothermal than the one of liquid fuel. Rep-
resenting the feedstock by a typical wood composition and using the carbon
atom as reference, the targeted overall conversion can be expressed as:

CHi.3500.63 + 0.3475 H,O — 0.51125 CHy + 0.48875 COo,
AR = -10.5 kJ mol !

wood

(1)

Despite the overall negative heat of reaction Aﬁ?, the thermochemical routes
typically split the conversion of Equation 1 into an endothermal decomposi-
tion at high temperature and an exothermal synthesis at lower temperature,
which stresses the importance of the energy integration in the process design.



Separated from CO,, the produced methane can be distributed as Syn-
thetic Natural Gas (SNG) in the existing natural gas grid and used as a locally
produced transport fuel in an increasingly dense network of fuel stations. If
the resource is exploited in a sustainable way, the inherently carbon-neutral
production could thereby even be turned into an absolute COs-sink for the
atmosphere, since the separated biogenic COs could possibly be sequestrated
in the future.

Objective

The findings of the previously mentioned studies mainly rely on some refer-
ence scenarios with coarse assumptions, which is conventional practice in life
cycle assessment. At another level of detail, the analysis and design of the
conversion processes itself is often based on conventional simulation of some
flowsheets developed by engineering knowledge and intuition®, but lacks a
systematic approach.

The objective of this work has therefore been to develop and demon-
strate a methodology for the conceptual design of processes for an efficient
conversion of lignocellulosic biomass and biomass wastes into fuels or other
useful energy services. At the example of thermochemical SNG production,
it aims at investigating the impact of the process design and its integration
on the overall performance. In a field where multiple emerging conversion
technologies are competing for a scarce resource, the work demonstrates how
process modelling can guide research and development and serve as a design
tool that allows for adapting the process configuration to variable feedstock
characteristics and the specific plant location.

Themes

The issues related to the objective can be grouped into several themes.

Process modelling. In order to correctly represent to influence of design
parameters on the thermo-economic performance of the process units while
allowing for its evaluation at different conditions, mathematically simple, but
accurate models for technologies that do not follow standard thermodynamic
descriptions are required. The models should handle variable resource char-
acteristics and allow for reconciliation with experimental data. The choice

*Some popular and recent examples include Tijmensen et al. (2002) and Hamelinck
et al. (2004) for Fischer-Tropsch fuel, Mozaffarian and Zwart (2003) for SNG, Aden et al.
(2002) and Laser et al. (2009a) for ethanol, and Zwart and Boerrigter (2005), Hamelinck
et al. (2005) and Laser et al. (2009b) for the coproduction of several fuels.
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or development of appropriate thermodynamic property models may also be
an issue.

Energy integration and recovery. Thermochemical processing implies
multiple endo- and exothermal conversions at variable temperature levels.
To a large extent, the process performance thus depends on the quality of its
energy integration and, in particular, the valorisation of excess heat for com-
bined heat and power production. Conventional scenario-based flowsheeting
with a predefined structure for the heat exchanger network inherently runs
the risk of missing these opportunities since it lacks a systematic vision of
the heat exchange. Advanced pinch technologies overcome these problems.

Process integration. In chemical process design, energy requirements are
typically supplied by external utilities that only interact with the heat bal-
ance of a plant. If fuel(s) are the principal product, it is obvious that these
requirements are balanced by waste and intermediate product streams avail-
able on-site. It is less obvious, however, how these requirements are balanced
best.

In order to tackle this problem, the combined mass and energy balances
of a plant superstructure need to be solved simultaneously with respect to an
overall objective, which implies that the operating conditions depend on the
process integration. Although not by orders of magnitude, such an approach
allows for designing intensified processes.

Site-scale integration and biorefining. Similar to fossil resources, bio--
mass is expected to develop as a general feedstock for the production of
chemicals and/or fuels. Although originally not intended for combination,
different conversion processes on the same site may thereby integrate well in
terms of mass and energy. A relevant example in biofuel production is the
use of the residual lignin slurry from ethanol fermentation, which is typically
dried and burnt to provide heat for ethanol distillation and power cogener-
ation. Thermochemical conversion processes are an alternative that can be
expected to substantially increase the combined fuel yield. Again, an overall
appraisal of the design problem is mandatory to assess the potential synergies
of such and similar biorefinery concepts.

Optimal process design? Sustainability implies good performance with
respect to several incommensurable criteria. On a process design level, the
performance needs to be assessed with respect to multiple thermodynamic,



economic and environmental indicators, not to mention issues related to op-
erability and control. In the field of biomass conversion, the variability of the
resource and its logistics may furthermore have an impact that might not
necessarily follow conventional chemical engineering intuition.

Multi-objective optimisation is a powerful tool to preserve these multiple
aspects and understand the trade-offs between individual performance indica-
tors of complex polygeneration plants. Coupled to thermo-economic process
modelling, integration and life cycle assessment, it can be used to guide re-
search and development towards a globally sound process design instead of
an isolated design of the process units, which is often reality both in industry
and research.

Contributions

Methodology. The present work provides a rational process design method-
ology based on an appropriate mathematical decomposition of the optimisa-
tion problem, in which mass and energy integration is addressed simultane-
ously. Flowsheeting, equipment rating and costing is systematically coupled.
In order to generate general parameter- and scale-independent sets of po-
tentially optimal candidate configurations, it introduces a criterion for the
selection of a sufficient number of objectives to be used in the multi-objective
optimisation of polygeneration plants. The methodology is demonstrated at
several design aspects in the thermochemical production of SNG by conven-
tional biomass gasification and methanation, or hydrothermal gasification in
supercritical water.

Process design for SNG production by conventional biomass gasifi-
cation and methanation. Based on a technology review, thermodynamic
and economic models are developed for the most important candidate tech-
nologies identified in a general process superstructure. In several studies,
considerable insight is given in the internal energy balances and the cogen-
eration potential through energy integration. The effects of internal heat
recovery are discussed and potential improvements are quantified. Prospects
of process intensification by a tight integration of the reactive and separa-
tion systems are assessed by a detailed optimisation of the crude product
separation with membranes, including also the possibility for COy capture
at sufficient purity for sequestration. Finally, the optimal thermo-economic
performances for the combined generation of SNG, heat and power of all
candidate configurations are compared. The effects of the principal design
parameters on the performance is discussed and the most economic technolo-
gies are identified at several scales.
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Hydrothermal SNG production in supercritical water. In order to
provide a design tool for an emerging technology that is expected to convert
a wide range of wet biomass and biomass waste, a simple but systematic
hydrolysis scheme for substrates with variable composition is proposed. At
the thermodynamic process bottleneck, a specific heat transfer model for the
salt separator is developed and reconciled with experimental data. Candidate
thermodynamic property models for calculating the liquid vapour equilibria
of crude SNG mixtures with water are evaluated and adapted to correctly
assess the interactions at the particular process conditions. A general su-
perstructure of the alternatives for combined separation and energy recovery
from the crude product is developed. The prospects of technology for uncon-
ventional high-temperature cogeneration are discussed. Separate optimisa-
tions of all candidate configurations of the process superstructure assess the
general thermo-economic performance and allow for a detailed discussion of
the best designs depending on catalyst deactivation, availability of key tech-
nology and scale. Finally, the influence of the substrate type on the optimal
process design and performance is determined.

Outline of report

After a detailed discussion of the design methodology in Chapter 1, Chap-
ter 2 demonstrates the thermo-economic modelling approach at the example
of SNG production through conventional biomass gasification and metha-
nation. In Chapters 3 to 5, several aspects of process integration are dis-
cussed. First, Chapter 3 demonstrates the importance of energy integration
considerations at a comparison of two candidate gasification systems with
respect to their thermodynamic performance as gas generators and in an
overall system. The detailed design study of the product separation system
in Chapter 4 then reveals the potential for process intensification. Chap-
ter 5 illustrates the prospects of site-scale integration by thermochemically
converting residues from ethanol production. In Chapter 6, the extensive
discussion of the conventional route is concluded by a typefaction of the
candidate process technologies and configurations with respect to thermo-e-
conomic performance at multiple scales. Finally, Chapter 7 presents a process
model for hydrothermal gasification as an appropriate, emerging technology
for converting wet biomass and biomass waste to SNG and power. In partic-
ular, integrated cogeneration options are introduced and the influence of the
resource characteristics on the optimal process design and performance are
demonstrated.



CHAPTER 1

Process design methodology

This chapter presents the process design methodology to be followed through-
out the thesis. In its essential part, it has been published with a simple de-
sign example (Gassner and Maréchal, 2009b). The approach for combined
mass- and energy integration has further been detailed in a recent submission
(Gassner and Maréchal, 2009a).

1.1 Introduction

Thermochemical processes for the production of fuels from renewable re-
sources are highly integrated energy conversion systems. In addition to the
technology development, the performances of such processes relies on the
quality of the design and mainly on the quality of the process integration.
Most of the thermo-economic process investigations addressing the produc-
tion of Fischer Tropsch (FT) liquids, Synthetic Natural Gas (SNG) and the
coproduction of these fuels are based on conventional simulation of some flow-
sheet scenarios developed by engineers’ intuition and knowledge (Tijmensen
et al., 2002, Hamelinck et al., 2004, Mozaffarian and Zwart, 2003, Zwart and
Boerrigter, 2005). Considering the large number of design options result-
ing from the choice of the available technologies and the process integration
options, a systematic process design method appears to be necessary. The un-
certain nature of the design parameters thereby suggests an approach using
multi-objective optimisation in order to capture relationships between con-
flictive objectives. From engineering perspectives, understanding the links
between decision variables and objective functions is also an issue.
Systematic methodologies for conceptual process design based on process
integration techniques and multi-objective optimisation have already been
developed and applied to power plants and solid oxide fuel cell systems design
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FIGURE 1.1—Design methodology overview.

(Bolliger et al., 2005, Palazzi et al., 2005). In the field of biofuel production,
such computer aided process synthesis methodologies have not really been
applied. The present chapter aims at discussing the developed process design
methodology for the conceptual design of thermochemical processes for the
production of fuels from biomass.

1.2 Approach

The basic concept of the developed method is the decomposition of the prob-
lem into several parts, as illustrated in Figure 1.1. Following the conceptual
process design methodology (Douglas, 1985), the block flow diagram of the
conversion process is first set up. After identifying suitable technology for
the conversion steps, energy-flow, energy integration and economic models
of the equipment and their interactions are integrated in a multi-objective
optimisation framework to compute a set of optimal process configurations
with respect to different design objectives. An analysis of the optimisation
results with regard to environomic (i.e. thermodynamic, economic and en-
vironmental) criteria then results in the synthesis of sound conceptual plant
flowsheets. The communication between the software used for the different
modelling and optimisation steps has been realised by developing a compu-
tational platform programmed in Matlab-language (Bolliger, 2010).

8



1.3 BLOCK FLOW SUPERSTRUCTURE

1.3 Block flow superstructure

In the first step of the design, the product specifications and the available raw
materials and energy resources are investigated and the general requirements
on the process are defined. This determines feasible production pathways, re-
quired process steps and intermediate products. For the block flow diagram,
suitable technologies and mandatory auxiliary operations such as feed prepa-
ration, product purification and recycling are identified and assembled in a
process superstructure. The components of the heat recovery system and
optional additional equipment for optimal energy conversion complete the
superstructure. The definition of possible material pathways and the identifi-
cation of the range of operating conditions for which the transformations are
thermodynamically and technically feasible concludes the technology identi-
fication step and results in the definition of the design problem.

1.4 Flowsheet generation by thermo-economic
modelling

After the definition of the block flow superstructure, there exist several ways
of formulating and solving the problem of generating feasible process con-
figurations (flowsheets). Such formulations are influenced by the chosen op-
timisation algorithm for the subsequent optimisation step. Considering the
number of options in the process superstructure, the explicit description of
the heat exchanger network (HEN) appears a priori too complex due to the
combinatorial nature of the problem and the large number of possible op-
tions. Ome alternative is the use of a generalised heat exchanger network
superstructure as proposed by Floudas et al. (1986). This however defines
a very complex mixed integer non-linear programming (MINLP) problem
since the heat exchanger network superstructure has to be combined with
the process superstructure, in which the choice of the process options and its
operating conditions have to be optimised together with the utility system
and the heat exchanger network design. Alternatively, the use of the heat
cascade constraints allow for modelling the performances of the HEN. Unlike
conventional flowsheeting methods, this approach does not define the topol-
ogy of the heat exchanger network and the fuel supply a priori, but computes
it in the integration step. No restrictions are thus set on the system design
and a maximum number of potential solutions are considered, which makes
the method very suitable for conceptual process design. When using pinch
analysis for modelling the HEN, a classical sequential approach as proposed
by Douglas (1988) can be used to solve the design problem: first the energy
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flows are modelled using a flowsheeting approach, then the pinch analysis is
used to compute the maximum heat recovery by heat exchange and finally
the heat exchanger network is designed. If in our approach, the principle of
this approach is applied, the method proposed had however to be adapted in
order to overcome some of the weaknesses of the classical sequential approach.

In conventional pinch analysis, only the minimum energy requirements
are considered and the utility streams used to close the energy balance are
considered at a given temperature (supposed to be sufficient). Furthermore,
the pinch analysis does not include the combined heat and power produc-
tion and the cost of the heat exchanger network is difficult to estimate since
the utility streams are not considered. In order to solve the problem, a for-
mulation as proposed by Kravanja and Glavic (1997) has been investigated
to overcome such weaknesses. This approach first divides the optimisation
problem into several successive mathematical programming steps. A decom-
position strategy is used to partition the decision variables that affect the
performances of the process flowsheet, and the problem is solved in a discre-
tised space. The process integration and HEN targeting problem is solved
as a MINLP problem. Using the results of this mathematical programming
approach, a detailed model for solving and optimising the HEN design us-
ing a NLP problem is then applied. One of the major contributions of this
method is the heat integration and HEN cost targeting method that is solved
simultaneously with the flowsheeting aspects.

Regarding the typical problem to be solved in thermochemical biomass to
fuel conversion, there are however still some unsolved problems. The first one
is related to the utility system. In the case of Kravanja and Glavic (1997),
the utilities are considered as external streams. In our case, there are no
utility streams since the raw material (biomass), the product, the intermedi-
ate streams and even some of the waste streams are all able to produce the
required heat for the conversion process. The heat requirement will there-
fore be satisfied by selecting the appropriate flows in the conversion process
itself and the quality of the integration will define the efficiency of the pro-
cess. The second difficulty relates to the process flowsheet superstructure.
As different technologies may be used to realise the identified process opera-
tions, the process flowsheet is in reality a complex superstructure including
a lot of different options that will be selected for their role in the production
and/or in the energy integration. As the operating conditions have to be
optimised together with the existence of only some of the technologies in the
final design, this would require the application of disjunctive programming
techniques (Tiirkay and Grossmann, 1996). The third difficulty is the com-
bined heat and power (CHP) production that is used in order to valorise the
exergy of the streams. The quality of the process integration therefore de-

10
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pends on the simultaneous optimisation of the mechanical power balance and
the heat integration. As steam will be used for CHP, the pressure levels have
to be optimised. This would create problems in a mathematical program-
ming formulation due to the non-continuous nature of the heat cascade when
the temperature of the streams is changing. Finally, in addition to the HEN
costing, the cost estimation technique for the process implies the sizing of the
different technologies based on their expected operating conditions. As such
sizing procedures may be discontinuous due to the application of if-then-else
rules or limits of elements, this would require the use of integer variables and
special constraints if one would formulate the problem as a mathematical
programming problem. In addition, our goal was to use a multi-objective
optimisation strategy in order to understand the trade-off between conflict-
ing objectives and to define sets of configurations. From the mathematical
programming perspective, this would require the use of integer cuts and the
application of parametric programming and therefore the resolution of a large
number of MINLP problems.

We have therefore reformulated the problem in order to resolve these
drawbacks. The proposed method is based on the following principles:

a) The decision variables set is decomposed into two subsets: (a) the com-
plicating variables that are handled by an evolutionary algorithm that
solves a multi-objective optimisation problem and (b) the superstruc-
ture variables that are selected such that they allow for formulating
the process integration model as a MILP problem. The complicating
variables define the operating conditions of the different technologies.
Using the flowsheeting model, these variable determine the hot and
cold streams to be considered in the heat cascade as well as the mass
balances from the superstructure.

b) The flowsheeting model uses an equation solver procedure and the com-
plicating decision variables are set as specifications for the flowsheeting
problem. They are selected to guarantee the convergence of the flow-
sheeting problem.

¢) The superstructure model is formulated as a MILP problem that in-
cludes the heat cascade, the combined heat and power production and
the mass balance of the technology superstructure. The objective func-
tion of this problem is a weighted sum of the produced and consumed
services based on their economic or exergetic value.

d) The reference approach temperature AT, s is considered as a com-
plicating decision variable and is used to represent the energy recov-

11
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ery/capital trade-off in the HEN design. It will be used as the sizing
decision variable for targeting the HEN cost.

The cost of the HEN is estimated considering the composite curves as
computed by the process integration model and the minimum number
of units as obtained from the graph theory.

The different equipment is sized independently as a function of the
operating conditions imposed by the set of complicating variables and
the flows as computed in the process integration model. Their cost is
then deduced from the size and not from capacity-based correlations.

The model is solved in three successive steps: the flowsheeting step, the
process integration step and the sizing and costing step. The objective
functions are calculated at the end of these three steps.

An evolutionary multi-objective optimiser is used to optimise the values
of the complicating decision variables.

The set of complicating decision variables is defined such that the in-
equality constraints will appear either as bounds on the decision vari-
ables or as linear inequality constraints in the process integration model
and therefore will be handled by the MILP algorithm.

The mathematical formulation of the process unit models are not avail-
able as a set of explicit equations and may be computed using different
flowsheeting software.

The final design of the heat exchanger network will be defined after the
process optimisation procedure and only for a limited number of opti-
mal process configurations from the Pareto curves. It is assumed that
the HEN design can be solved using conventional HEN design routines
and that the optimal design will feature investment and operating cost
that will be close to the one estimated by the composite curve model.

According to these principles, the thermodynamic conditions of the process
unit operations are first calculated in the energy-flow model. The energy
conversion and heat transfer system is then calculated in the energy integra-
tion model using heat cascade constraints and a combined heat and power
maximisation method. As explained in mathematical detail below, this de-
composition allows for inherently combining the mass and energy integration
in a non-linear master and MILP subproblem optimisation.

12
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1.4.1 Energy-flow model

The goal of the energy-flow model is to compute the material conversion in
the process units, to determine their heat transfer and power requirements
and to thermodynamically characterise the streams that will be used for the
equipment rating. Such thermochemical transformation models are devel-
oped for all process subsystems s of the block flow superstructure and can
be represented by a set of 7 non-linear functions Fi:

¢cjm; = F, (c;, 1y, operating conditions) Vj (1.1)
where ¢ and m are the mass concentrations and flows of the inlet and outlet
streams 4 and j, respectively. While ¢; and ¢; are vectors of varying size, m

are scalars that obviously satisfy the mass conservation, i.e.:
Sy = i o)
j i
Linked to this conversion, the energy balance associated with F; writes:

S oGnh);, 4By + 305, =S () + EF+ S 08, (1.3)

Jh Jth ip ith

where h refers to the total mass enthalpy, and FE and Q represent the elec-
tricity and heat consumption or generation in the subsystem, respectively.

As the subsystem models are interdependent with respect to intensive vari-
ables such as stream composition, pressure and temperature, the formulation
of s in Eq. (1.1) needs to balance model complexity and robustness of its
numeric resolution. In general, the use of commercial flowsheeting software
that supports the implementation of user-defined, phenomenological models
is adequate for this purpose. In our case, the software developed by Belsim
SA based on a simultaneous resolution of all model equations has proven
convenient. Based on an equation solver formulation that does not require
the definition of a resolution sequence, it eases the handling of problems with
stream loops and further allows for model reconciliation with experiment and
pilot plant data.

1.4.2 Energy integration model

Once the chemical conversion in the process sections and its associated heat
requirements determined, the combined fuel, heat and power production can
be maximised by MILP in which both the mass balances between the sub-
systems and the heat cascade are used as constraints. In order to supply the

13
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Exponent 0.8 0.5 0.44
AT pin/2  Eq. 1.6 Linnhoff and Townsend (1982) Bolliger et al. (2008)
2K 1’823 3’625 4’558

4K 767 906 958

8K 322 227 201

25K 78 23 16

TABLE 1.1—Values of «; with different heuristics for o,y — 580 Wm2K~
AT,er = 10K and byg = 0.8.

energy requirement above the pinch, combustion of fuels available on-site is
considered. If the heat available from the combustion of the usable waste
and retentate streams is not sufficient, process streams may be used as fuel
to close the balance leading to a reduction of the flows in the main con-
version route. The choice of using optional energy conversion and recovery
equipment like heat pumps, gas turbines and Rankine cycles is formulated by
means of integer variables. The structure and operating conditions of these
units are considered as decision variables of the master problem and only the
corresponding flowrates are calculated by the energy integration model.

In order to assure a feasible heat exchange and account for different values
of the heat transfer coefficient, the temperatures 7" of all heat effects in

the cascade formulation are corrected by a minimum approach temperature
ATmin; l.e.:

T = (T — AT in/2)1 Vh € {hot streams} (1.4)
T = (T + AT 1nin/2). Ve € {cold streams} (1.5)

A heuristic rule is used to estimate the value of the convective heat transfer
coefficient o of a stream j from its minimum approach temperature contri-

bution AT, /2:
ATTef aref e
(AT i /2); = — (1.6)

2 Oéj

where AT, is the minimum approach temperature for an an arbitrary ref-
erence heat transfer coefficient a,.; and byp the exponent used in Equa-
tion (1.29) for estimating the cost of the heat exchangers. Table 1.1 illus-
trates this approach and compares several strategies for the exponent choice
in Equation 1.6*.If the value of «; is fixed and AT,;,/2 considered variable
instead, the value of AT, can be used in the master optimisation procedure

*While Linnhoff and Townsend (1982) originally proposed a square-root relation, Bol-
liger et al. (2008) recently argued an exponent of byg/(byg + 1) to be more consistent.
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to represent the trade-off between the investment cost and the heat recovery
and energy conversion efficiency.

The selection of the objective in the MILP is arbitrary as long as the ag-
gregation of the terms is consistent with the multiple objectives of the master
optimisation problem. While we proposed to minimise the total exergy de-
pletion in Gassner and Maréchal (2009b), a more straightforward alternative
is yet to simply weight the product yields with respect to their energetic or
economic value. For all subsections s that provide j output and consume %
input streams through the system boundary, the target can be expressed as
a function of their utilisation level f, to be optimised, i.e.:

Rrvy57fs

maz Zfs<2mh )7C; — thm) (- E)Ca ()

subject to:

a) Existence of subsystem s:
fmin,sys < fs < fmax,sys Ys € {Oa ]-}7 Vs = ]-7 ceey Ns (18)

b) Superstructure model:

Af =b At (N, x N,), f,b: (N, x 1) (1.9)

¢) Heat balance of the temperature intervals 7:
NS . . . .
> fQr, + Resi— R, =0 R.>0 ¥r=1,..N, (1.10)

d) Overall heat balance:
R, =0, RNTH =0 (1.11)

e) Electricity consumption:

N
ZfsEs_ —Ef+eET>0 EY >0 (1.12)

s=1

f) Electricity exportation:

N .
s . . E- . .
E [sEs —Ef +eET —— =0 ET >0, E= >0 (1.13)
€
s=1 g
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with:
A, b coefficients of the linear equation system defined by the superstruc-
ture
C; weighting factor of product j
fs level of utilisation of subsystem s

fmaz,s upper bound of f

fmin,s lower bound of f

N, number of temperature intervals r

N number of subsystems s

the net production of heat of subsystem s in the temperature in-
terval r for the reference flowrate

R, cascaded energy from the temperature interval r + 1 to r

Et the consumption of electricity from the grid

Ej the auxiliary consumption of electricity on-site

E- the production of electricity to the grid

E: the net production of electricity of subsystem s for the reference
flowrate

Ys integer variable for the presence of subsystem s

€d the conversion efficiency from the grid

€g the conversion efficiency to the grid

Allowing for arbitrary reference flowrates of the different subsystems in
the unit models (Eq. 1.1), the superstructure model of Eq. (1.9) consists of
the mass balances between all subsections. This is illustrated by a typical
block flow diagram encountered in thermochemical fuel production depicted
in Figure 1.2. For instance, the connection between drying, gasification and
combustion is written as:

m+wood,gfg + ywood,cm+wood7cfwood7c - m_wood,dfd =0 (1'14)
in which Mm% wood.gs T wood,c A M wood,a are obtained from the unit models
Fs (Eq. 1.1) and Yuoeoa,c represents the choice of the technology subset that
can be used as a decision variable on the master optimisation level. The
non-linearities of the thermochemical conversion are thus enclosed in the
coefficient matrix A of Eq. (1.9) and only the utilisation levels f; of the
subsystems are computed in the MILP problem. The only non-zero entry of
b thereby fixes the reference scale of, for instance, the biomass input:

m+wood,dAh?Uoodfd = cst (1'15)

in which ARY . refers to the lower heating value of the feedstock.

1.4.3 Combined mass and energy integration

In general, the constraint on Ry, ,, in Eq. (1.11) is not feasible without hot
utility or, in our case, burning the depleted and part of some intermediate
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FIGURE 1.2—Conceptual structure of the process model illustrated at thermochem-
ical production of SNG including the heat exchanger network and energy recovery
system (simplified). Non-linear process unit models are represented by boxes. De-
cision variables exclusively used in the MILP are highlighted in green.

product streams. The unit model for combustion is thus of particular sig-
nificance since it connects the energy and mass balances in order to satisfy
the heat requirement in the highest temperature interval of Eq. (1.10) while
respecting the superstructure model of Eq. (1.9). Following the formulation
of Maréchal and Kalitventzeff (1998), it is possible to directly determine
its optimal integration in the MILP problem by dissociating the effects of
fuel and air in the combustion. Defining the heat of combustion hy, as the
amount of heat available from the combustion gases at an arbitrary radia-
tion temperature 7. if the combustion is carried out with air available at this
temperature, the contribution of each fuel f in the heat balance above T,
(Eq. 1.10) is written as:

Q;T = 77'/lfhf,r - mair,stoich.cp,air (Tr - Tair,in) (1'16)

The first term of this equation thus exclusively quantifies the contribution of
the fuel at 7,., and the second one the energy required to heat up the stoi-
chiometric amount of air from the reactor inlet temperature 75, ;, to 7. For
all candidate fuels identified in the process superstructure, hs, can be deter-
mined from their lower heating value Ah(}, the adiabatic flame temperature
Toad7 7, the oxygen required for the complete combustion of the fuel cog yeq.
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(in kgoo kg;&el) and the mass fraction of oxygen in air cog 4ir:

Toa - Tr re
LAh(} + co2, Ly air (Tr — TO) (1.17)

he, =
I Toad,f - 70 CO2,air

Similar to the effect of the fuel above T, its contribution in the heat
balance between 7). and the stack temperature Ty, to be recovered by
convective transfer is written as:

Q;,c = mfh'f,c + mair,stoich.cp,air (Tr - Tstack) (1-18)

for which h¢. can be calculated from:

Tr - Ts ac c ,req.
#Ah(} — O2req Cp,air (Tr - Tstack) (1'19)

h: =
fe Toad,f - 70 CO2,air

The heat requirement for air preheating is separately added to the prob-
lem as cold stream with:
' c—i_ir,c = mair,stoich.cp,air (Tair,in - TO) (1-20)
and its utilisation level fg;, is linked to the ones of the fuels fy by a constraint
that allows for oxygen excess ey:

Ny

Z(]' + ef)COQ,req.ff - COQ,airfair,O S 0 (1.21)
f=1

While Eq. (1.21) assures a sufficient air flow rate for complete combustion,
the air temperature at the reactor inlet 7. ;, in Eqns. (1.16) and (1.20) is
a priori unknown and needs to be computed. The equations thereby show
that air preheating introduces a heat pumping effect since increasing 7., i,
allows for increasing the heat available at 7, with heat below 7. ;,. The
determination of the optimal value of Tg;, ;, can be integrated in the MILP
formulation by discretising the cold steam of Eq. (1.20) in N; intervals from
T; to Tigq:

Ni Ni

4 B 4 o

air,c E Qair,i,c = Myir,stoich.Cp,air E (Tair,i—l-l - Tair,i) (1-22)
i=0 =0

and constraining their flow multiplication factors with:
fairi 2 fairit1 Vi=0,..,N; (1.23)

18



1.5 EQUIPMENT RATING AND COST ESTIMATION

where fu;0 is the multiplication factor for ambient air. Accordingly, the
temperature difference in the second term of the left-hand side of Eq. (1.16)
is written by difference as:

N;
Tr - Tair,in - Tr - TO - Z (ﬂ.ﬂ — ﬂ)
=0
N;
=1 - Z (Ti41 — Th) (1.24)
=1

1.5 Equipment rating and cost estimation

The thermodynamic state of the process streams resulting from the ener-
gy-flow and -integration steps are used as equipment design targets. For this
purpose, a preliminary rating and cost estimation procedure is implemented
for each unit to take the direct influence of the design variables on the in-
vestment cost into account. Equipment design heuristics mainly from Ulrich
(1984) combined with data from existing experimental and pilot plant facil-
ities are thereby used to estimate the size of the major process equipment
for a given production scale. According to the costing method of Turton
et al. (1998), the bare module costs C'pys, defined as the installed cost of a
unit considering construction material, operating pressure and indirect costs
like freights and engineering expenses, are then determined with correlations
from the literature. The total grass roots cost C' g of the plant, i.e. the total
investment cost for a new production site excluding land, is estimated by
summing up and factoring the bare module costs to account for subsidiary
expenses:

Cer = (1+CI)ZCBM7Z'+CQZOBM77;O (1.25)

In this equation, ¢; accounts for contingencies and fees during construction
and ¢y represents the costs for site development and auxiliary facilities. The
latter are supposed to be unaffected by the construction materials and op-
erating pressure and therefore related to the bare module costs Cpp° at
base case conditions (i.e. carbon steel construction and ambiant pressure).
Typically, ¢; and ¢, amount to 18% and 35%, respectively.

The capital cost of the heat exchanger network is estimated using the
method of Ahmad et al. (1990) by considering the balanced hot and cold
composite curves that result from the resolution of the MILP problem. The
heat exchange is thereby specified as a succession of vertical exchanges be-
tween the two composite curves, whereas each vertical section is characterised
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by two inlet and outlet temperatures and one heat load. Considering all the
streams j and their respective heat transfer film coefficient «;; in the ver-
tical heat exchange section i, and considering that the heat load Q; of the
vertical section equals >, "~ treams Qn.i and also S0/ Q. ;, the total
area Apypy,; of the vert1cal section % is obtained by summing the contribu-
tions of the streams to the vertical exchange i. The total area of the heat
exchanger network Ay gy v pr necessary to fulfil the minimum energy require-
ment (MER) is then obtained by summing up the vertical sections 7, as shown
in Equation (1.26):

Nyert sections

AHENMER = E Appni(ATey)
i=1

Nvert sections (ATref)

_ Q ) (AT,,,ef stins K
Aﬂm Z(ATT‘Ef (7%

=1 Jj=1

(1.26)

The minimum number of exchangers Nyg minver to fulfil the target is
obtained from the graph theory:

NHE,min,MER = (Ns + NS,U(ATTGJC) — 1) + (NP(ATTGJC) — 1) (1.27)

where N, represents the number of process streams involved in the heat re-
covery system, NNy, the number of utility streams used to close the energy
balance of the system and NN, the number of streams that cross the pinch
points and that have to be accounted twice to estimate the number of con-
nections.

It is then possible to estimate the heat exchanger network investment by
equally distributing the overall area between the heat exchangers. Therefore,
the mean area of one heat exchanger is computed by Equation (1.28):

AHEN7MER(ATref)
NHE7min,MER(ATref)

AHE,mean = AHE,mean(ATref) = (1'28)

Using the investment cost estimation for the heat exchangers of Chauvel
et al. (2001), the bare module cost of the heat exchanger network Cpy mrn
may be estimated by Equation (1.29). AT,.s is the decision variable to be
optimised and represents the efficiency-investment trade-off in the heat ex-
changer network model. Considering the property of the exponential function
used to calculate C' gy g, this approximation overestimates the real invest-
ment of a heat exchanger network with the same total area and the same
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number of exchangers (Ahmad et al., 1990).

Nug

Cemuen(ATep) = E Cem,ue(Aup(AT er))

HE=1
~ NHE,mm,MER : OBM,HE(Amean(ATref)) (1-29)

1.6 Multi-objective process optimisation

1.6.1  Performance indicators

The performance of energy conversion processes can be assessed by some
thermodynamic, economic and environmental key indicators. In principle,
these indicators are differently weighted combinations of all material, energy
and monetary process inputs and outputs which can be determined from a
thermo-economic process model.

1.6.1.1 Thermodynamic

Highly integrated energy conversion processes often supply multiple services
and require different energy inputs. Besides the energy efficiency e represent-
ing the conversion of primary into useful energy based on the first principle
of thermodynamics, the exergy efficiency n takes entropy creation due to ir-
reversible operations into account and compares the work potential of the
energy flows:

_ AR+ Q + B
oA 4+ QF + EF

ARy + B+ BT

Y ARV + Bt + Bt

(1.30)

(1.31)

Ui

In these definitions, AR and AK® designate the lower heating and exergy
values of products 7 and raw materials 7, Q and E the useful heat and power
and Eq the work potential of the heat. The superscripts ~ and * refer to pro-
duced (output) and consumed (input) services, respectively. E only occurs
either in the numerator or denominator since only the overall balance is of
interest. Although not directly compatible with this convention of consumed
or produced quantities, net partial efficiencies for the produced fuel(s), heat
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and power can be defined as, respectively:

ARY g
o fuel,i'"? fuel i
€ fuel i ZAhgm;_ (1'32)
€in = - (1.33)
N
cwm i (134)

which is a convenient normalisation to characterise the relative outputs ob-
tained with a specific process configuration.

The overall energy and exergy indicators € and 1 provide a strictly physi-
cal measure of the energy conversion and its quality degradation. Yet, they do
not satisfactorily assess the value of the products with respect to the technical
feasibility of their further conversion into final energy services and competing
technology. The exergy potential of high temperature heat cannot really be
recovered. This problem is especially apparent in case of fuels, whose ex-
ergy value typically exceeds the lower heating value and is technically by far
not recoverable as mechanical work. An additional efficiency indicator that
represents the technical value of the products is therefore worthwhile. With
fuel as main product, it is convenient to define an efficiency based on the
substitution of fuel-equivalents for the consumed or by-produced power and
heat. Aiming a consistent weighting with efficient state-of-the-art technology,
the value of electrical power is appropriately represented by the equivalent
amount of (synthetic) natural gas required for its generation in a combined
cycle plant. For heat cogeneration, conventional natural gas boilers do not
qualify as reference although its widespread use since exergetically more ef-
ficient technologies are available. From a general energy system perspective,
it is legitimate to represent the fuel equivalent of heat by the one of the elec-
tricity required to drive a heat pump. Using conversion efficiencies based on
exergy, it is further possible to account for the temperature level at which
the heat is delivered. A chemical conversion efficiency that correctly assesses
the technical value of the by-products can thus be defined as:

> AR, 4+ LML= 4 By

nvceo Ak e \nup

€chem = 2 Ahgmj (135)

where nygoe and nyp are the exergy efficiencies of natural gas combined
cycles (NGCC) and heat pumps (HP). Contrary to the definitions (1.30) and
(1.31), consumed amounts of heat and power are omitted in the denominator
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FIGURE 1.3—Normalised relative values of the energy vectors as assessed by the
thermo-economic performance indicators. Conversion efficiencies for the substi-
tution scenarios are eygcc = 55% and €pgiter = 90% for NGCC/Boiler and
nvcoe = nap = 55% for NGCC/HP.

and represented by negative net overall output quantities Q~ and E- due to
the applied substitution of electricity and heat by a natural gas equivalent.

A comparison of the relative values assigned to the energy vectors in
terms of energy, exergy and the technological conversion scenarios is shown
in Figure 1.3. As discussed above, a neutral appraisal of all services by their
energy value does not do justice to the superior quality of electricity. A
purely physical exergy indicator excessively corrects the value of low temper-
ature heat, but still considerably overestimates fuel compared to electricity.
While the substitution based on the energy efficiency of conventional boiler
technology overestimates again the technological value of low temperature
heat, an equilibrated rating is obtained with an exergy-based substitution
with NGCC technology and heat pumps. Indeed, the assumption of a gen-
eral exergy conversion efficiency of 55%?2 in NGCC and electricity driven heat
pumps leads to a consistent and technologically reasonable appraisal of the
different energy vectors (Favrat et al., 2008), which is illustrated by the re-
sulting performance coefficients of 3.1 and 4.7 for electricity and of 1.6 and
2.5 for gas driven heat pumping to 70/110°C and 50/80°C heat networks,
respectively.

2for methane, this corresponds to 57% in terms of energy.
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1.6.1.2 FEconomic

In addition to the grass roots cost C' g that are calculated in the economic
model, the assessment of plant economics requires an indicator for the work-
ing expenses. For this purpose, the plant’s operating costs Cop [€ MWhg}VG

normalised for the production of one unit of fuel are calculated considering
the expenses for raw materials C'gys, utilities C'yr, operating labour Cop,
maintenance C'y; and substituting the profit from the by-produced electric-
ity and heat C'gp:

COP:ORM+CUT+OOL+CM—CBP (1.36)
with:
ARY. ;-
CRM — biomass : b_zomass . Cbiomass (137)
AhgneMigng '
C . Ah(l)%MEmEMECRME + mg2002 + E+Cel
UrT = N (1.38)
SNG'"'"SNG
Csa aries
Cor = % (1.39)
C
Cy =0.05- ;R (1.40)
E-Cy+QC
OBP = — 1 (1.41)
Ahnetivsng

In these equations, Chiomass, Crve, Coz2, Ce and C correspond to the prices
of biomass, biodiesel, oxygen, electricity and heat, Cuqrics terms the employ-
ees’ total yearly salaries and P, the yearly production of SNG. Maintenance
costs are supposed to amount to 5% of the investment per year. Similar
to the overall efficiency definitions of Eqs. (1.30)-(1.31), the net electricity
term E occurs only in Eq. (1.38) or (1.41). By adding the discounted, an-
nualised value of the initial investment divided by the yearly production P,

the fixed and variable costs are combined to form the total production cost
Cp [€ MWhgyal:

(1—|—?;T)n —1 ‘ Car

Cp=Cop+ REEAL 2 (1.42)

where 7, is the interest rate and n the economic lifetime of the plant. Con-
sidering the produced fuel as main product and accounting for the benefits
of the by-products by negative contributions (as for example for electricity
cogeneration in Eq. (1.38)), C'p expressed per unit of fuel assesses the compet-
itiveness of the process compared to market prices. Although very convenient
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1.6 MULTI-OBJECTIVE PROCESS OPTIMISATION

for a single product, one drawback of this indicator in a polygeneration con-
text is yet that the products are not equally taken into account. As the
profit from selling all but the main product is included, the indicator can be
misleading since it might suggest to enhance the production of by-products
to the expense of the main one. This effect is avoided if the economic per-
formance is expressed by the acceptable biomass cost for the plant to break
evenl Chiomass.be |€ Mth_iimass] that assesses the value of all products in a
similar way:

Ahgnigng
AR my

biomass'' “biomass

Obiomass,be - (OSNG’ - C(P7SNG’) . + Obiomass (143)
in which the first term represents the net profit obtained from the conversion
of 1 MWh of biomass.

1.6.1.3 Environmental

Since one of the fundamental aims of fuel production from renewables is
the reduction of environmental impacts and in particular the mitigation of
COgs-emissions from fossil fuels, an assessment of the overall environmental
balance seems essential. Life cycle assessment (LCA) provides a holistic
approach for this purpose and has proven suitable for evaluating the envi-
ronmental impact of well-established products and process chains, but often
suffers from inconsistent and lacking information on emerging technologies.
As for instance by Felder and Dones (2007) in case of SNG production, the
environmental assessment is often based on the extrapolation of average data
from lab- and pilot-scale facilities. The actual process design at industrial
scale, and more specifically its integration and scale-up, is not considered
and typically leads to an underestimation of the process performances in the
life cycle assessment of emerging technologies. On the other hand, LCA is
often used to only evaluate processes, but not taken into consideration in the
process design, and effective measures to limit the environmental impacts
are easily missed. In a conceptual process design, it is yet perfectly possible
to integrate LCA in the modelling, thus provide accurate information for
the environmental assessment and actively consider it as an objective in the
process design. As shown by Gerber et al. (2009), the life cycle inventory
(LCI) can be written as a function of the thermo-economic model, i.e. the
process design variables, overall material and energy balances and equipment
size. Similar to the costing, scale-up laws for the major process equipment
can be developed and allow for evaluating the influence of the process scale.
In this way, all impacts related to the conversion are available for the eval-
uation of the environmental performance of the plant and its optimisation.
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A detailed discussion of the applied methodology and a comparison of the
obtained results are beyond the scope of this work and left to Gerber et al.

(2009).

1.6.2 Generation of optimal flowsheets

In order to identify best feasible solutions while preserving the multiple as-
pects of the design problem, one of the key features of the approach is the
use of a multi-objective optimisation strategy. This step can be seen as the
generation of a set of optimal flowsheets for a specific production setting,
i.e. the available feedstock type and size and the infrastructure of energy
services. It allows engineers to compare "optimal" decisions, understand the
compromise between conflicting objectives and analyse their impact on the
decision variables.

The optimisation procedure aims at identifying a set of Pareto optimal
process configurations in the search space, i.e. configurations for which it is
not feasible to further improve some objective without simultaneously dete-
riorating at least one other objective. Mathematically, these Pareto optimal
process configurations z* are defined by:

gt € P if B {xe Sk (folz) < fola®) A (folz) < folz™))}
vV {6,0€ O :0# o} (1.44)

where O, P, and S, represent the objective, Pareto and search space of a
cluster k, respectively. Applying clustering techniques thereby preserves the
diversity of the solutions by allowing suboptimal clusters to survive, which
can be useful if it is desired to explore the entire search space and to iden-
tify break-even points of different technologies. Furthermore, the adopted
algorithm developed by Leyland (2002) and Molyneaux (2002) iterates in an
evolutionary procedure since the complicating decision variables (i.e. conver-
sion pathways, equipment choices and process conditions) of the optimisation
problem are of both integer and continuous type.

In principle, all the previously defined performance indicators are poten-
tial design targets, and the adopted algorithm is able to consider all of them
as mathematical objectives. However, as the performance indicators f; are
different combinations of the underlying thermo-economic terms z; (i.e. the
utility and product streams and the total investment cost) and because this
relation is similarly monotonic, i.e.:

fi = fi(zj), % is of same sign Vf;, z; (1.45)
j
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these independent terms of the performance indicators are themselves used as
objective functions. The condition of similar monotonicity thereby ensures
that the Pareto set includes the optima not only for z;, but all f;. This
approach reduces the number of objectives to a strict minimum and thus eases
the interpretation of the numeric solutions. Moreover, it allows for generating
a general set of optimal solutions that is independent on arbitrarily chosen
parameters for substitution scenarios, interest rates, prices, specific emissions,
etc. (cf. Egs. 1.30 — 1.42) and guarantees to include the optima for any value
of these parameters. Nevertheless, the assessment of the process performance
with respect to the defined indicators is not omitted, but postponed to the
results analysis that follows the generation of optimal solutions.

1.7 Results analysis

A detailed examination of the numerically generated set of optimal process
configurations with regard to the multiple criteria will prepare the synthesis
of a viable process. In addition to choosing an appropriate compromise, addi-
tional knowledge about the process is acquired and key issues of the process
design and ongoing technology development are determined. The analysis
of the dependencies and trade-offs among the objectives and performance
indicators is thereby facilitated by a statistical investigation of the decision
variables” influence. One possibility is to characterise the relation between
decision variables and objectives by Pearson’s linear correlation coefficient p,
defined as:

plai — pl) )y — p(;))

o(xi)o(z;)

where p and o designate the mean and the standard deviation of the obser-
vations z in the sets ¢ and j. These coefficients provide a measure of how the
observations of the sets are related: positive and negative values indicate di-
rectly and indirectly proportional relationships, values close to zero indicate
that no correlation exists. In addition to p, partial correlation coefficients ob-
tained from a multivariate regression are used to describe the same relation
between two sets if all other decision variables are held fixed.

Although the correlation coefficients allow for statistically analysing the
interdependencies between decision variables and objectives in the Pareto set,
they do not give any indication about the absolute position and distribution
of the optimal values of the variables in the search space. For this purpose,
a histogram of their observations in the Pareto set is developed, for which
some examples of typical variable distributions are displayed in Figure 1.4.
On these histograms, the number of observations in the subintervals of each

pi,j = (146)
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35% 900°C 50 bar ; max () min
‘ : SNG- Electricity-
: : output output
7 ﬁl rr‘1in méx
5% — 800°C — 1 bar - L
wood humidity gasification methanation objective
after drying temperature pressure ranking

FIGURE 1.4—Examples for typical variable distributions in search space ranked
with respect to optimisation objectives.

variable’s search space is given by the bar width. The shading of the bars
relate to the ranking of the points with respect to one of the objectives, which
makes it possible to identify a specific design over several subplots. If the
points in the set rank inversely with respect to the objectives — which occurs
for example in a well developed, two-dimensional optimisation — one plot
is sufficient to represent the ranking with regard to both objectives. With
these plots, it is possible to identify genuine design choices that are uniformly
distributed and clearly conflictive (e.g. wood humidity after drying), techno-
logical limits that inhibit better performance with respect to all objectives
(gasification temperature) and less conflicting parameters that concentrate
in a restricted domain inside the interval (methanation pressure).

1.8 Conclusions

Due to the separate modelling of the thermochemical conversions and the
overall plant integration by an appropriate mathematical problem decompo-
sition, the methodology presented here avoids to restrict the investigated pro-
cess layouts to a very limited number of scenarios that are typically adopted
by conventional simulation approaches. Instead, its coupling with cost esti-
mation procedures that consider the specific process conditions and the use of
multi-objective optimisation techniques allow for systematically generating a
general set of optimal candidate flowsheets. The methodology is thus very
suitable for the conceptual design of integrated plants for the production of
fuels from biomass. It should be understood as a tool that efficiently elimi-
nates solutions that are not worth investigating in detail, identifies the most
promising process configurations and operating conditions, targets ideal per-
formance and guides the efforts in R&D towards potentially optimal plants.
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CHAPTER 2

Process model development for
SING production by conventional
biomass gasification and
methanation

This chapter demonstrates the approach for thermo-economic process mod-
elling at the example of SNG production with conventional gasification and
methane synthesis. Based on a review of candidate technology, a general pro-
cess superstructure is introduced. Energy-flow and equipment rating models
are then developed and reconciled. Like in its published version (Gassner
and Maréchal, 2o009c), the modelling approach is illustrated at some typical
process configurations.

2.1 Introduction

Recent studies indicate that thermochemical SNG production by means of
biomass gasification is technically feasible and energetic efficiencies ranging
from 58% to 70% have been assessed (Mozaffarian and Zwart, 2003, Friedli
and Biollaz, 2003, Duret et al., 2005, Heyne et al., 2008). Most of these
works are investigations of the existing technology for the subsequent pro-
cess steps provide some process scenarios. If modelled at all, the chemical
transformations of the process streams have mostly been calculated assuming
thermodynamic equilibrium (for instance by Schuster et al. (2001)), whereas
it is known that this is not accurate in case of gasification. Furthermore, only
limited energy integrations have been performed, cogeneration possibilities
have not been studied in detail and the process economics have been analysed
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Proximate analysis Ultimate analysis
ApV2 18.6 MJ kg, ! C 51.09 %wt
AKOP 20.9 MJ kg, H 5.75 Jowt
Humidity () 50.0 %owt 0] 42.97 %owt
Ash content 0.6 %owt N 0.19 %wt

2 AR® is defined on dry basis and thus independent on humidity.
b Chemical exergy is calculated according to Szargut and Styrylska (1964).

TABLE 2.1—Proximate and ultimate analysis of woody biomass.

with capacity-based correlations disregarding the specific process conditions.
Following the methodology outlined in the previous chapter, the purpose
of this part is to develop detailed thermodynamic and economic models of
the technological alternatives for thermochemical SNG production that are
a suitable for a systematic thermo-economic process optimisation.

2.2 Process description

2.2.1 Process block flow

The conventional thermochemical conversion of lignocellulosic biomass to
SNG according to Equation 1 consist in three major steps, namely gasifica-
tion (endothermic), methane synthesis (exothermic) and gas separation. Con-
sidering a typical raw material such as moist wood chips with the properties
of Table 2.1, a drying stage prior to gasification is necessary. Furthermore,
the gas produced through gasification needs to be cleaned from impurities
to prevent catalyst damage during methane synthesis. As biomass contains
too much oxygen to be completely reformed into methane, COs is by-pro-
duced and must be removed before or after methanation in order to meet the
quality requirements of natural gas. In Switzerland, a Wobbe Index W, of
13.3-15.7 kWh Nm™2 and a methane content of at least 96%vol are required
for unlimited injection into the national high grid that operates at around
50 bar (SVGW, 2008).

2.2.2 Technology for the process
2.2.2.1  Wood drying
The high moisture content of wood at the gasifier inlet severely decreases

its performance (Schuster et al., 2001). This is mainly because high-temper-
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ature heat from above the process pinch is consumed for water desorption
and evaporation in the gasifier, which appears as an important exergy loss
identified in Chapter 3. The presence of steam further tends to shift the equi-
librium of the gas phase towards higher Hy and CO, fractions and decreases
the CH, content in the gas, which has also been observed experimentally by
for example Gil et al. (1997). A drying stage before gasification is thus essen-
tial. Its level is subject to optimisation since steam is also used as gasifying
agent.

Steam and air drying are reported to be the most common technologies
applied in sawdust or wood chips treatment (Faaij et al., 1997, Berghel and
Renstrom, 2002, Stahl et al., 2004). The main difference between these pro-
cesses is that the use of steam allows for efficiently recovering the consumed
heat by condensing the produced additional steam at its boiling tempera-
ture, while this energy is normally lost in air drying. However, operating
temperatures are usually higher in steam dryers, and air drying might be ad-
vantageous if heat is available at lower temperatures (Berghel and Renstrom,
2002, Stahl et al., 2004). The performance of both processes depends on the
integration with the rest of the process and its heat recovery possibilities.
The optimal choice is thus determined by energy integration aspects, and
models for both steam and air drying have been developed.

2.2.2.2 Gasification

Gasification of wood is an endothermal process where solid macromolecules
are broken into mainly hydrogen, carbon monoxide, carbon dioxide, hydro-
carbons, tars and ash. According to the requirement for a final gas product
with high calorific value, adequate gasification technology should produce a
nitrogen-free gas with high methane content. Air as gasifying agent is there-
fore not suitable and only steam and oxygen can be used for this purpose.
Considering the equilibrium equations for the gas phase (Duret et al., 2005),
high methane fractions are expected for gasification at low temperature and
high pressure, having the further advantage that endothermicity of gasifi-
cation decreases. Entrained flow gasification technology operating at high
temperature is thus not adequate for the targeted application. The specified
plant capacity further restricts the gasifier choice. Due to geometric con-
siderations, fixed bed reactors are limited to about 10 MWy, (Mozaffarian
and Zwart, 2003, Reimert, 1985) and thus hardly compatible with plants at
industrial scale.

In this study, two types of gasifiers have been investigated, i.e. indirectly
heated, steam blown FICFB-gasification (Hofbauer et al., 2002) operating at
around 850°C and atmospheric pressure and directly heated, steam-oxygen
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blown, pressurised CFB-gasification (Reimert and Schaub, 2009) operating
at around 800°C.

2.2.2.3 Oxygen production for gasification

Oxygen required for gasification is conventionally produced by cryogenic
air separation or pressure swing adsorption (PSA). According to Kirschner
(2009), on-site production with these technologies gets competitive at capac-
ities of about 1000 Nm?® h™' (0.35 kg s™!) and 50 Nm® h™! (0.02 kg s71),
respectively. If smaller flow rates are required, oxygen can be purchased and
delivered to the plant from an external supplier. Apart from these estab-
lished technologies, high temperature air separation by ceramic ion transfer
membranes may be promising in the future since they can benefit from a
tight integration into the plant (van Stein et al., 2002). If temporarily cheap
electricity is available, electrolysis is further an interesting option since the
co-produced hydrogen can be injected into the methane synthesis, where it
is bound to the abundant carbon from biomass and increases the SNG yield.
Even if not operated as base load, this would allow for peak shaving elec-
tricity generated from intermittent sources (like wind power) and store it as
green fuel in the gas grid (Gassner and Maréchal, 2008).

2.2.2.4 Thermal pretreatment before gasification

In addition to drying, the biomass feed can optionally be processed in a
second, thermochemical torrefaction or pyrolysis pretreatment step. In the
literature, these technologies are often discussed in the context of improving
the solid fuel’s thermal and mechanical properties like heating value or grind-
ability (Prins et al., 2006, Svoboda et al., 2009), or the direct production of
bio-oil that is further refined to liquid fuel (Zhang et al., 2005). However,
thermochemical processes based on gasification can benefit in general from
such a pretreatment (cf. Chapter 3 and Prins et al. (2006)). In addition
to completely dry the feedstock for gasification, these technologies are char-
acterised by an onsetting endothermal decomposition at low temperature,
which decreases the energy demand at high temperature in the subsequent
gasification. This directly results in a higher cold gas efficiency if the required
energy for torrefaction or pyrolysis is provided from excess heat below the
pinch. The product gas of a directly heated gasifier is thus less oxidised, and
the fuel consumption of an indirectly heated gasifier is reduced.

As demonstrated on pilot scale by Henriksen et al. (2006), one alternative
is to directly close-couple a pyrolysis screw with the gasification stage and
thus feed both the gaseous and solid products into the gasifier. Another one
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is to only feed the solid product to the gasifier and burn the by-produced
low calorific gas. Although Prins et al. (2006) concluded that this option
decreases the performance of directly heated fluidised bed gasification, it is
promising in indirectly heated gasification since the volatiles can be used as
fuel.

2.2.2.5 Gas cleaning

During gasification, tars are formed and traces of nitrogen, sulphur, chlorines
and metals contained in the wood are reformed and transferred into the prod-
uct gas. In order to prevent catalyst poisoning, the gas must be rid of these
substances prior to methanation. Conventional cold gas cleaning includes a
baghouse or sand filter to remove solid particles and partially tars, a scrub-
ber for removal of ammonia, metals and residual tars as well as guard beds
for scavenging hydrogen sulfide. Typical temperatures for these stages are
150-180°C at the filter inlet, 40°C at the scrubber outlet and around 350°C
in the guard beds (Rauch et al., 2004, Stucki, 2005). Alternatively, hot gas
cleaning by particle removal with candle filters or electrostatic precipitators,
thermal or catalytic cracking of the tars and high temperature adsorption
of other contaminants could be applied. This would allow for a compact
process design based on pressurised gasification and methanation without
intermediate gas cooling and compression. A general overview on these ad-
vanced cleaning technologies for biomass gasification is given by for example
Brown et al. (2009), extensive details on catalytic processes are reviewed
by Torres et al. (2007) and recent technology developments are reported by
Ondrey (2008), Leibold et al. (2008), Pfeifer and Hofbauer (2008).

2.2.2.6 Methane synthesis

Methane synthesis is a refining process to increase the calorific value of a
gas containing high carbon monoxide and hydrogen fractions. The principal
conversion is described by the methanation reaction (2.4) in Table 2.2. At
typical operating temperatures of 300-400°C and preferably under pressure,
higher hydrocarbons are broken down to CO and H; and form additional
CH,, as shown for ethene (2.5). Depending on the initial gas composition,
carbon dioxide is further reformed or produced through the water-gas shift
equilibrium (2.6).

The stoichiometric coefficients of Equations (2.4)-(2.6) allow for determin-
ing the amount of hydrogen that is needed to completely reform CO, CO,
and CyH, into methane. It is thus convenient to define the stoichiometric
number SN of the incoming gas stream in order to characterise the achievable
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Interaction Reaction ALY
Solid-gas

Hydrogenating gasification — C(s) + 2Hy = CHy —75kJ mol ™! (2.2)
Boudouard equilibrium C(s) + CO2 = 2CO 173 kJ mol ™! (2.3)
Gas-gas

Methane synthesis CO + 3Hy = CH,4 + HyO —206 kJ mol ™! (2.4)
Ethene reforming CoHy + 2Ho0 = 2CO +4Hy 210 kJ mol™! (2.5)
Water-gas shift equilibrium  CO + HoO = CO4 + Ho —41 kJ mol ™! (2.6)

TABLE 2.2—@Gasification and methanation reactions.

methane yield (Boll et al., 2009), which becomes for the considered reactions:

CH?2
SNz = 3cco + 4cco2 + 2Ccoma (2.1)
To obtain a highly pure methane stream, this ratio must be close to unity.
If it is below, the feed gas lacks hydrogen and the product gas will contain
a non-negligible amount of carbon dioxide, which is the case for gases origi-
nating from wood gasification.

Methane synthesis of a Hy/CO/COy mixture is highly exothermic and
its reactor design is critical with regard to temperature control. Common
installations use product gas recycle loops or multiple intercooled reactors
with prior steam addition (Boll et al., 2009, Hohlein et al., 1984). Alterna-
tively, an internally cooled fluidised bed reactor for isothermal once-through
methanation has been developed and successfully operated at pilot scale for
gas produced by coal gasification (Friedrichs, 1985). Ongoing research has
further proven the suitability of the latter to gases produced by wood gasifi-
cation (Stucki, 2005, Biollaz et al., 2009).

2.2.2.7 Carbon dioxide removal

Removal of COs from natural gas is a standard operation in gas refining
applications. The choice of the optimal technology depends on specific pro-
cess conditions like the amount of gas treated, the partial pressure of carbon
dioxide in the feed and the required purity of the produced gas (UOP LLC,
last visited 04/2009). For gases containing high CO fractions of more than
40% as it is the case in this application, physical absorption (Sweny and
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Valentine, 1970), pressure swing adsorption (PSA) (Pilarczyk and Henning,
1987) and membrane processes (Bhide and Stern, 1993) can be identified as
the most suitable options'. Optimal operating pressures of these processes
depend considerably on the pressure of the raw gas. In general, physical ab-
sorption and membrane processes typically adapt to the gas grid pressure of
50 bar, while the maximum pressure in a PSA cycle is of 5-6 bar. Contrary
to chemical absorption considered by Heyne et al. (2008), all this processes
are almost neutral in thermal energy.

2.2.3 Process superstructure

From the preceding considerations, a general process superstructure is iden-
tified and depicted in Figure 2.1. The internal subsystem configuration like
recycling and the integration of the utility system including hot and cold
utilities as well as cogeneration possibilities by a steam Rankine cycle is not
detailed. In addition to the mandatory operations outlined in Section 2.2.1,
the superstructure includes the optional thermal pretreatment and also the
possibility to adjust the stoichiometry of the producer gas prior to metha-
nation. Disregarded by Mozaffarian and Zwart (2003), Friedli and Biollaz
(2003), Duret et al. (2005) and Stucki (2005), this is a popular option for
coal-derived producer gas that is recently also considered for biomass (Heyne
et al., 2008, Haldor Topspe A /S, 2009). The modelled, conceptual flowsheets
for the process units are provided in Appendix A.

*Although chemical absorption with amines is a widely used technology for acid gas
removal, it is not considered here since it is better suited for feeds at lower partial pressure
of COs.
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2.3 Process modelling

2.3.1  Energy-flow models

As detailed in the applied methodology, the energy-flow models aim at defin-
ing the chemical and physical transformations occurring in the units of the
superstructure. They determine the heat transfer requirements in terms of
heat load and temperatures to be satisfied by the heat recovery and utility
system, and further provide the necessary data for the equipment rating. In
this regard, the process design method implies a trade-off between the details
of the unit models and the degrees of freedom left to the process design. It
requires models that are simple and robust enough to allow for evaluating
different process configurations, and precise enough to accurately represent
the performance of the process units. The proposed models realise this com-
promise without requiring detailed simulations of the heat and mass transfer
dynamics and the chemical reaction kinetics. This approach is demonstrated
in the following sections, and general assumptions and parameters are shown
in Table 2.3.

2.3.1.1  Drying

Air drying processes are governed by the transfer of water in the solid and
differences in vapour pressure at its surface and the surrounding air. The
equilibrium vapour pressure at the solid’s surface depends on temperature
and is given by sorption isotherms. To quantify this equilibrium, an empiric
equation has been fitted to data from Krischer (1978):

Byood = 2.865 - 10~ 2pp/7
+(2.307- 107 — 1.273 - 1073*(T — 273)) Puir
—2.519- 10712,
+(2.199 - 1071 +8.630 - 10~4(T — 273))>.. (2.7)

In this equation, ®,,,,q terms the wood humidity in kggo0 kg;ﬁ, Yair the rel-
ative humidity of air in % and T the air temperature in K. Limited residence
times in dryers prevent however that thermodynamic equilibrium is reached,
and mass transfer needs to be modelled in order to estimate the outlet mois-
ture content. In analogy to the energy transfer equation in heat exchanger
calculations, the amount of transferred moisture can be written as:

MH20,vap _ Uy Apim (2.8)
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Section Specification Value
Air drying Wood outlet temperature Toir,out
Dryer pressure drop 100 mbar
Steam drying Wood outlet temperature TH20, sat
Dryer pressure drop 50 mbar
Heat loss (w.r. to steam production) 18%
Gasification Pressure drop in reactors 150 mbar
Excess pressure of injected steam 12 bar
- indirectly heated ~ Heat loss (w.r. to heat transfer) 10%
No-content in cold gas 0.5%vol
- directly heated Heat loss (based on ARY ) 1%
Gas cleaning Filter inlet temperature 150°C
Pressure drop 100 mbar
Biodiesel consumption in scrubber 4.7 ml mg_a?;
Methane synthesis ~ Reactor pressure drop 150 mbar
Energy efficiency of electrolysis 85%
Physical absorption COg-solubility in Selexol 0.18 mol I~ tbar~!
Relative solubility CO9/CHy 17.1
Regeneration pressure 1 bar
Pressure drop through column neglected
PSA Adsorption pressure 5.5 bar
Purging pressure 0.2 bar
CO9 and CHy slip fraction 0.2%vol
Membranes Material: cellulose acetate for COg,

All sections

Thermodynamic
models

polysulfone for Hy separation
COg3 -permeability

Selectivities

- COy/CHy, CO2/CO, CO2/Ny
- Hy/CH4

Effective membrane thickness
Heat exchanger pressure drop

Isentropic efficiency of turbomachinery

9.0 (5.6) barrer

21.1 (22.4)
6.2 (56.0)
1000
neglected

80%

Ideal gas law, liquid phase in unsymmetric
convention with solubilities from Sander (1999)

TABLE 2.3—General assumptions and key parameters for the energy-flow models.
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where U, terms an overall mass transfer coefficient and Apy,,, the countercur-
rent log-mean difference of partial pressures, i.e.:

Apy — Ap, (2 9)
hl(Apl/Apg) '

In this equation, Ap; terms the difference of partial pressures at the air outlet
and Ap, at the air inlet. U, has been fitted to data of a direct rotary drum
dryer for wood (Faaij et al., 1997) and a value of 11.16 - 1073 bar~! has been
determined.

Contrary to air dryers, the gas phase in steam dryers is homogeneous and
always above the moisture’s boiling temperature. The drying process is thus
controlled by heat transfer. As for air drying, an overall transfer coefficient
Ur based on the amount of energy needed to evaporate the moisture has been
introduced:

Aplm -

Ahvapr.n'HQO,va]u

= UrATy,, (2.10)

Msteam

Ur has been fitted to data for a pilot-scale steam dryer (Berghel and Ren-
strom, 2002) and a value of 1117 J kg7'K~! has been determined.

The performance of both dryers is evaluated in terms of a thermal drying
efficiency €, 4 and the specific mechanical energy consumption e 4. The for-
mer is defined as the ratio between the energy used for moisture evaporation
and the total thermal energy supplied to the dryer (Eq. 2.11) and the lat-
ter as the mechanical work consumed per unit mass of evaporated moisture
(Eq. 2.12):

Ah'va]o/n'/lHQO,vap

€th,d = (2.11)
Qtq
Et
ety=—129 (2.12)
ME20,vap

Figure 2.2 compares the computed performance of the drying processes as a
function of the temperature of the heating fluid at the dryer inlet. In case
of steam drying, €, q is slightly decreasing with temperature and situated
at around 60%. The performance of air drying is expected to increase with
temperature and reaches efficiencies above 70% at high temperatures. For
both systems, the specific mechanical energy consumption is decreasing with
temperature and is in the order of 200 kJ kgl_{lw’mp.

2.3.1.2 Gasification

The thermochemical decomposition of solid feedstock is a complex process
that is governed by chemical kinetics and heat- and mass-transfer dynamics.
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FIGURE 2.2—Thermal drying efficiency and specific mechanical energy consump-
tion for steam and air drying.

As discussed by for example Pierucci and Ranzi (2008), accurate models to
predict the performance of gasifiers require to handle the description of a large
number of species and reactions, and thus to numerically solve a large system
of differential equations. Such models, however, are not appropriate for pro-
cess design purposes. In flowsheeting applications, the product composition
and yield is therefore often simply fixed or computed through an equilib-
rium approach. Although sometimes assumed (e.g. Schuster et al. (2001)),
thermodynamic equilibrium is yet not a valid assumption for fixed and fluid
bed gasification that are typically operating below 1000°C, and various cor-
rections have been proposed. Many authors, among recent studies Li et al.
(2004), Pellegrini and de Oliveira Jr. (2007) and Proll and Hofbauer (2008),
therefore fix the carbon conversion and/or the fraction of methane and higher
hydrocarbons, or correct the equilibrium constant with a multiplication fac-
tor (Jarungthammachote and Dutta, 2007, Huang and Ramaswamy, 2009).
Introduced by Gumz (1950) and discussed for its application to biomass gasi-
fication by for instance Prins et al. (2007) and in more detail Bacon et al.
(1982), Kersten (2002) and Brown (2007), a thermodynamically more signif-
icant approach is to correct the equilibrium temperature by introducing a
temperature difference AT, to equilibrium, i.e.:

Kp = Kp(Ty + AT,) (2.13)

where K, is the theoretical equilibrium constant and Kp the apparent one cor-
responding tom the experimentally observed composition at the gasification
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temperature 7';. They are computed with:

K (T) = exp (Z] 3 )RTZ 3% )) (214
(= ij;% 2.1
5o = or (215)

where n are the stoichiometric coefficients of the reactants ¢ and products
J, p their partial pressure, g the Gibbs free energy and R the ideal gas
constant. Assuming that wood is converted into the gaseous components Ho,
CO, CO,, CHy, CyHy, HyO, Ny and residual solid carbon C(s), four model
equations are needed in addition to the atomic balances in order to determine
the product yield and composition. Among the different possibilities, the
hydrogenating gasification (2.2), Boudouard (2.3), steam ethene reforming
(2.5) and water-gas shift (2.6) equilibria of Table 2.2 could be chosen as an
independent set.

According to the heat of reaction of these equilibria, higher gasification
temperatures would favour the formation of Hy and CO, while CO,, CHy,
CoHy and — with the typical wood composition of Table 2.1 — C(s) are
favoured at lower temperatures. This behaviour is generally confirmed for H,,
CH,4, CoH, and C(s) by some extensive studies on fluidised bed gasification
(Gil et al., 1997, Li et al., 2004, Rapagna et al., 2000). In indirectly heated
gasification, this trend has also been roughly confirmed for CO and CO,
(Rapagna et al., 2000), whereas directly heated gasification with oxygen gen-
erated more CO4 and less CO with increasing temperature (Gil et al., 1997).
These differences can partly be explained by the increasing oxygen content
with temperature due to the direct heating, but must also be attributed to
higher reaction rates that favour the conversion towards COs.

A large amount of different operating conditions has been investigated in
the literature, yet surprisingly few information is available on the influence
of pressure. To our knowledge, no systematic dataset has been published,
and the few measurements at moderate and only slightly varying pressure
do not allow for confirming the expectation from Eq. (2.15) that namely the
CHy-fraction increases with increasing pressure. Indeed, it can be argued
that the pressure tends to accelerate the reaction rates, thus improves the
conversion towards equilibrium and counterbalances the positive equilibrium
effect of pressure on methane yield®>. We therefore adopt a more conservative

2In a very recent experimental investigation, Valin et al. (2010) have observed that the
CH,4 yield in a fluidised bed increases by 38% from 2 to 10 bar, which yet confirms the
trend predicted by equilibrium considerations.
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hypothesis concerning methane formation in the model, which is to consider
not the partial pressure, but the molar fractions as activity of the species in
the gas phase. A K; is therefore defined, i.e.:

~7’LJ R
o= o = Ky (EEn) (216)
i Gi

and used instead of K. Equation (2.13) is therefore rewritten as:

K; = K,(T,+ AT.,) (2.17)

in which K, is still evaluated with Equation (2.14).

By applying this approach to four independent equilibrium reactions of
Table 2.2, it is feasible to determine the reaction extent and the product
composition of gasification. However, it has been observed that the observed
CqoHy-fraction is excessively far from its equilibrium composition in terms of
temperature, and that the amount of residual carbon is numerically sensitive
and difficult to handle since it is only implicitly represented in the equa-
tions. In order to avoid a considerable deterioration of the robustness of the
model, the corrected equilibrium reactions are therefore only used with the
hydrogenating gasification (2.2) and the water-gas shift reaction (2.6). The
amount of higher hydrocarbons represented by ethene is assumed to be pro-
portional to the methane yield (2.18), and the carbon conversion efficiency
is considered constant (2.19):

Coana = kcajc1Cona (2.18)

mcarbon,residual = (1 - 5cc>mcarbon,bi0genic (2-19)

By fitting the model parameters (AT (5.2), AT'cq (2.6), kc2jo1 and ec)
to data of existing plants, both correct product yields and energy balances
around the nominal operating points are obtained. Table 2.4 shows the good
agreement of the reconciliation reached for the considered gasifiers with the
values of the model parameters of Table 2.5. It is thereby interesting to
see that the distance to equilibrium of the reactions are identical in the two
models although the principles of gasification are different. This means that
the bed plays the same catalytical role in the gasifier and that the stability
of methane in the gas phase preventing its decomposition is the same in the
two gasifiers which are operating at similar temperatures.

Figure 2.3 depicts the dependence of the gasifier outlet composition in
the interval of +50°C of the nominal gasification temperature. For both gasi-
fiers, lower operating temperatures are increasing the hydrocarbon and CO,
content and decreasing the Hy and CO fractions, resulting in an increased
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Gasifier indirectly heated®  directly heated®  directly heated (Os)
T, 850°C 800°C 800°C
CoHy 1.8 /1.9 2.0 / 1.9 -/ 4.5
CHy 8.8/ 9.6 4.2 / 4.0 -/ 95
Hy 373/ 385 14.8 / 14.7 -/ 25.8
CcO 20.4 / 27.4 15.4 / 16.0 -/ 32.3
COq 16.2 / 15.8 15.0 / 14.7 -/ 24.0
No ¢/ 2.9 39.6 / 40.3 -/o01
H20O 3.6 / 3.9 -/ 84 -/ 38
AR [MJ Nm~3] 12.0 / 12.2 6.2 / 6.2 -/ 129
SN | 0.24 / 0.26 0.13 / 0.13 -/ 0.13

@ Data from Rauch (written around 2004).
b Data from Reimert and Schaub (2009).

¢ Although no nitrogen is introduced by the gasification agent, some N is used for
inertisation of the raw material, which prohibits to attain the criterion on the Wobbe
Index at the process outlet. In the remainder of this work, a cut-down to o0.5%vol of
the dry gas by inertisation with COs is assumed feasible.

TABLE 2.4—Reconciliation of the producer gas compositions at nominal 7'y and py
= 1 bar (Data / Calculation [%vol]).

Gasifier indirectly heated directly heated

AT eq (2.2) —280:C —280:C

kATe%(Q.G) -112°C -112 g
Cc2/C1 0.205 0.47

Eee 90.3% 93.0%

TABLE 2.5—Reconciled gasification model parameters.

volumetric calorific value of the gas. Comparing both gasifiers, it can be seen
that the CO and CO, fractions and thus the degree of oxidation is consider-
ably higher in directly heated gasification. Accordingly, its product gas has
a lower stoichiometric number than in indirectly heated gasification, which
will lead to a lower CH4 concentration after methanation. Figure 2.4 shows
the cold gas efficiency €4, defined as the ratio of the chemical energy con-
tained in the cold product gas and the raw material (2.20), for variations of

temperature and inlet wood humidity around the normal operating point.
Ahgasm;as

€cg = 7o o+
0 s+
Ahwoodrn’wood

(2.20)

According to the figure, the conversion of chemical energy is more efficient
in directly heated gasification and situated around 80%, while its value for
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FIGURE 2.3—Molar compositions of the dry gas from gasification.
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FiGURE 2.4—Cold gas efficiencies in parameter domain.

indirectly heated gasification is in the range of 70-80%. As discussed in
Section 2.2.2.1, increasing wood humidity is markedly deteriorating the per-
formance of both gasifiers.

2.3.1.3 Oxygen production for gasification

Since no major advantages from the integration of the SNG production with
a cryogenic or adsorptive air separation plant is expected, oxygen has been
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considered as a utility and the cost figures from Kirschner (2009) are used
directly. In order to equitably compare configurations with and without
oxygen consumption also in terms of efficiency, an electricity consumption of
1080 kJ kgg, for off-site oxygen is further included in all balances (Hamelinck
et al., 2003, Annex A). If by-produced oxygen from electrolysis is used, an
energy efficiency of 85% based on the lower heating value of hydrogen and
the power input is assumed, and the excess heat is considered available at
120°C. A detailed analysis of this particular process configuration is reported
in earlier work (Gassner and Maréchal, 2008).

2.3.1.4 Thermal pretreatment before gasification

Compared to gasification, torrefaction and pyrolysis are processes where the
solid decomposition is less advanced and multiple condensable and non-con-
densable products are formed. An equilibrium approach to predict accurate
product yields and composition is not adequate, and the processes are rep-
resented by simple conversion ratios for fixed operating conditions. From
experimental torrefaction data at 260°C (Bourgois and Guyonnet, 1988), a
dry solid yield of 87% has been derived, whereas the carbon mass fraction in
the product is increased by 5.7% compared to its initial hydrocarbon com-
position, and the hydrogen and oxygen fractions are decreased by 8.4% and
5.8%, respectively. The moisture in the vapour phase is accompanied by
acetic acid, methane, carbon mono- and dioxide, whereas 50.1% and 17.5%
of the biogenic hydrogen and oxygen is bound in methane and carbon monox-
ide, respectively. For screw pyrolysis (Henriksen et al., 2006), it is assumed
that the volatile fraction of the solid is completely transferred into the vapour
phase, and a simplified model for calculating the heat requirement for the
decomposition is used (cf. Chapter 3).

2.3.1.5 Gas cleaning

Since the conversion of impurities and tars are negligible for energy concerns,
they have not been included in the models. However, the thermodynamic
transformations that the cleaning operations imply obviously need to be con-
sidered. If cold cleaning is applied, the producer gas from gasification is
cooled to 150°C before entering the filter. Downstream of this unit, no ther-
mal energy can be recovered and the gas is cooled to atmospheric temperature
in the scrubber, where it also reaches water saturation. In the model, it has
been assumed that this heat is lost, although part of it would be available
as moderately heated water leaving the scrubber. If hot cleaning is applied,
the sensible heat of the gas is supposed to be entirely recoverable.
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2.3.1.6 Methane synthesis

Using a similar modelling approach like in gasification, the outlet composi-
tion of the methane synthesis reactor has been computed with equilibrium
equations. However, methanation is a catalytic process and the equilibrium
condition is a reasonable assumption if the amount of catalytic material is
sufficient. Experimental data from a laboratory reactor confirm this assump-
tion (Duret et al., 2005). No model constants have therefore been introduced
and the methanation (2.4), the steam ethene reforming (2.5) and the water--
gas shift reaction (2.6) have been supposed to be in chemical equilibrium. In
order to avoid carbon deposition, steam must be added to the producer gas
prior to the reactor which disfavours the formation of methane. The mini-
mum required amount is estimated based on the equilibrium data presented
by Mozaffarian and Zwart (2003).

2.3.1.7 Carbon dioxide removal

All considered carbon dioxide removal processes are based on local diffusion
processes and are heavily dependent on diffusion and absorption kinetics. A
detailed model requires dynamic simulation, which is too complicated and
not appropriate for flowsheet calculations in process design studies. For this
reason, the COq-removal models are developed on the basis of overall perfor-
mance and characteristic operation parameters.

For physical absorption, the solubilities of carbon dioxide and methane in
the classic solvent Selexol reported by Sweny and Valentine (1970) are used
to calculate the multicomponent separation in an absorption tower. Applying
the Kremser method (Diab and Maddox, 1982), its performance is determined
with respect to the number of theoretical trays and the relative solvent flow
rate. While the residual humidity in the saturated gas is completely removed
by the solvent, the solubility of the other non-condensable species (Hg, CO,
Ny) is very low and therefore neglected in the modelling. In order to achieve a
high product recovery, a typical process layout with a flash drum at moderate
pressure for recycling the dissolved CHy is considered (Newman, 1985).

Pressure swing adsorption is a discontinuous process that removes the car-
bon dioxide by its adsorption under pressure following regeneration of the ad-
sorbent at subatmospheric pressure. The purity and the amount of methane
recovered in the outlet stream is essentially determined by the durations of
the adsorption, recycling and purging periods. As shown on Figure 2.5, two
parameters, i.e. t,; and t,9, are introduced and fix the relative durations of
these periods. The time-averaged flow of species ¢ that leaves the adsorber
system (17 o) OF is recycled to its inlet (772;,¢c) is then determined by a
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FIGURE 2.5—Illustration of the phenomenological model for PSA and coefficients
for the regression of f(i,t,) = ag+ait, +ast? +ast; +ayts used in Equations (2.21)
and (2.22).

relation of the form:

mi,out - f(za trl)mi,in (2‘21)
M e = f (0 tro) T in — M out (2.22)
with tLy = (1 — t,.1)tra + t

where f(i,t,) represents the relative amount of species ¢ that has left an
adsorption vessel at ¢, during one cycle. A numeric integration of pilot plant
data reported by Pilarczyk and Henning (1987) for biogas separation with
a carbon molecular sieve adsorbent has allowed for regressing f(i,t,) to a
polynomial of 4 degree whose coefficients are shown on Figure 2.5.

For SNG upgrade with membranes, a general design model for hollow-fibre
modules proposed by Pettersen and Lien (1994) has been implemented in a
superstructure of possible membrane arrangements. At the example of this
separation technology, the integration of the crude SNG separation with the
reactive process steps is discussed and optimised later in Chapter 4. As
also for the PSA process, it is assumed that the saturated feed is first dried
by temperature swing adsorption (TSA) over aluminium-oxide, for which
11 MJ kgjh, at 160-190°C are required (Bart and von Gemmingen, 2009).

Exploring these models, it has been determined that the Wobbe Index of
13.3 kWh Nm™3 can be met with all considered technologies. For upgrading
the crude gas from atmospheric pressure to grid quality and pressure by PSA
or physical absorption, a specific mechanical power consumption in the order
of 600-800 kJ kg;ideSNG is required and leads to an approximate composition
of 84%vol CHy, 12% Hsy, 0.2% CO and 3.5% of inerts. With these two tech-
nologies, the residual hydrogen from the equilibrium synthesis is however not
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separated from methane, which limits its purity to around 86%vol CH,. For
gas upgrading to a methane content of 9g6%vol, a final membrane stage for
hydrogen removal can be used, from which the Hs-rich permeate is recycled
to the methane synthesis. According to the information provided by Abetz
et al. (2006), matrimid or polysulfone membranes are a reasonable choice for
this purpose. Alternatively, an upgrading system entirely based on cellulose
acetate membranes can be used, for which a specific mechanical energy con-
sumption of 750-1100 kJ kg;ides ~¢ depending on the targeted SNG-recovery
in the separation stage is assessed in Chapter 4. In case of indirectly heated
gasification, the depleted stream from the gas upgrading is thereby efficiently
used as fuel, which allows for limiting the size of the separation system due
to a better process integration.

2.3.2 Emnergy integration model

As discussed in Chapter 1, the heat requirements of all process streams de-
termined in the energy-flow models are corrected by minimum approach tem-
perature contributions of 25, 8, 4 and 2K for reactive, gaseous, liquid and
phase changing streams, respectively, and implemented in the energy integra-
tion model to compute the optimal thermal integration by MILP. In order
to supply the energy requirement of FICFB gasification, the combustion of
the process wastes, i.e. ungasified char, torrefaction gas, spent biodiesel in
scrubbing, recovered gas residues from flashing the wet methanation product
and depleted streams from carbon dioxide removal is typically not sufficient.
Intermediate products are thus required to balance the demand, for which
biomass or gas upstream methanation are most suitable since the exother-
mal synthesis reactions convert part of the chemical energy to heat below
the process pinch. While cold, clean producer gas is used for this purpose by
Hofbauer et al. (2002), hot raw producer gas and dried biomass can be iden-
tified as advantageous alternatives that are discussed in detail in Chapter 3.

Available at useful temperature, the excess heat below the pinch is recov-
ered in a steam Rankine cycle for power generation, whose superstructure
(i.e. the production and usage levels) is determined on the master optimi-
sation level. In this work, a cycle layout with one production and several
utilisation levels with back pressure and condensing turbine stage efficiencies
of 80% and 70%, respectively, is considered. In the latter, partial conden-
sation to a minimum vapour fraction of 85% is allowed. Depending on the
possibility of selling heat in a district heating network, the cycle may be de-
signed for power- or heat-operation. Other utility techniques, like the use
of heat pumps or combustion boosting through oxygen injection might be
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used if large quantities of heat are exchanged around the pinch point or if
the pinch is situated at a very high temperature level.

2.3.3 Economic evaluation
2.3.3.1  Approach

In the applied design methodology, we consider the thermodynamic condi-
tions to be reached in the process units as decision variables. Once these
conditions are determined in the flowsheet model, we compute the process
performances and estimate its investment cost by rating the major process
equipment to reach the thermodynamic design target. This method differs
from the conventional thermo-economic approaches where either the equip-
ment size is considered as a decision variable or the total investment cost is
estimated on the components’ nominal capacity, as it is done by for example
Tijmensen et al. (2002).

Considering that the equipment’s cost is essentially dependent on its size
and construction materials, it is influenced by specific process conditions like
temperature, pressure and volume flows. Hence, the information available
from flowsheet calculations allow for relating the process investment cost
with its thermodynamic operating conditions and performances. This is of
great interest with regard to a future thermo-economic optimisation of the
installation. Following the method outlined by Turton et al. (1998), the
total grass roots costs C'gr that designate the total investment cost for a
new production site without land are related to the equipment’s purchase
cost by Eq. (1.25), in which numeric values of 0.18 for ¢; and 0.35 for ¢,
are used to provide an investment cost estimation for mature technology and
established process engineering.

Unless stated otherwise, the bare module costs of the equipment is deter-
mined from correlations given by Ulrich and Vasudevan (2004) and Turton
et al. (1998). For process vessels, maximum diameters of 4m (vertical) and
3m (horizontal) are assumed, and multiple units operated in parallel are con-
sidered if necessary. A complete list of parameters for the investment analysis
and the considered prices for raw materials and products are provided in Ta-
ble 2.6.

2.3.3.2 Equipment rating

Wood Drying The sizing of the direct rotary air dryer is based on an
average velocity of wood of Uyeeq — 0.03 m s~! occupying 12% of the dryer’s
cross sectional area (Ulrich and Vasudevan, 2004). Accordingly, the diameter

49



PROCESS MODEL DEVELOPMENT FOR SNG PRODUCTION BY CONVENTIONAL
BIOMASS GASIFICATION AND METHANATION

Parameter Value
Marshall and Swift index (2006) 1302
Currency exchange rates 1 US$ €71, 1.5 CHF €7}
Interest rate ir 6%
Discount period n 15 years
Plant availability 90%
Operators? 4P per shift
Operator salary 60’000€ per year
Maintenance costs 5% of Cgr per year
Wood price (Py00a=50%) Cluood 33 € MWh™!
Biodiesel price CrMmE 105 € MWh™!
Electricity price (green) Cel 180 € MWh™!
Oxygen price Coa (Kirschner, 2009)
Industrial heat price (110/70°C) Cy 80 € MWh~!
SNG price Csna 120 € MWh!

& Full time operation requires three shifts per day. With a working time of five days per
week and 48 weeks per year, one operator per shift corresponds to 4.56 employees.

b For a plant size of 20 MWy, wo0d- For other production scales, an exponent of 0.7 with
respect to plant capacity is used.

TABLE 2.6—Assumptions for process economics.

of the drum is given by:

i 1/2
d=2 ( wood ) (2.23)

0. 12H,Owooduwood

where My00q and puooq are the mass flow and density of wood respectively.
The dryer’s length is determined considering an overall heat transfer coef-
ficient in W m™3K~! based on the dryers volume as given by Ulrich and
Vasudevan (2004):

U = 240G /d (2.24)

where G is the average gas mass flux that is typically in the range of 0.5 to
5 kg s7'm™2. The dryer’s length follows from:

[ — Ah’va}zﬂ;n'HQO,va]u

UAAT,,, (2:25)

For steam drying fixed bed design is a convenient choice and detailed infor-
mation about its performance and size is provided by Berghel and Renstrom
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(2002). Assuming the mean velocity of superheated steam being constant
during scale-up, the dryer’s diameter is calculated with:

- 1/2
d=2 ( steam ) (2.26)

Humean

where V;team is the volume flow of steam and w,,eq, its mean velocity. Using
the developed energy-flow model for steam drying and data from Berghel and
Renstrém (2002), a value of 1.4 m s~ has been assessed for the latter. The
height of the steam dryer is determined in the same way as for air drying and
Equations (2.24) and (2.25) are used to calculate the overall heat transfer
coefficient and the height of the bed. Thereby, the correlation (Eq. 2.24)
has been reconciled with the data and very good accordance is observed.
At an average gas mass flux of 0.645 kg s™'m~2, the observed value for U
amounts to 200 W m 3K ™!, while its calculated value is of 199 W m—3K~!.
Finally, taking the additional height of the dryer’s freeboard above the bed
into account and preserving the geometry of the considered steam dryer, the
overall height of the vessel has been obtained by multiplying the bed height
with a factor of 1.27 (Berghel and Renstrom, 2002). For both the direct
rotary air dryer and the fixed bed steam dryer, costing data from Ulrich and
Vasudevan (2004) have been used.

Gasification and methanation The gasification and methanation reac-
tors are of fluidised bed type and, as it is the case for the steam dryer,
their mean gas velocities will typically remain constant during scale-up. The
diameter of the reactors are thus calculated according to Equation (2.26),
replacing Vstmm by the total gas volume flow Vgas. To calculate the reactor
heights, an exponential law of the form:

h = hol};zs (2.27)

has been fitted to data from existing plants (Friedrichs, 1985, Rauch, last
visited 04/2009). The correlated data for Equations (2.26) and (2.27) are
given in Table 2.7.

In order to take the costs associated with the gasification reactor internals
and their special construction into account, the costs of the vessels have been
multiplied by a factor of 4.4. This value has been derived from the total
grass roots costs of the existing FICFB pilot plant, which is of 8 M€ for an
installation with a nominal capacity of 8 MWy, (Rauch and Hotbauer, 2003).
In case of a pressurised gasification, the investment for the biomass feeding
system may become substantial and is thus added explicitly. The use of lock
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Reactor type Umean [m 571 ho [m (m3s~1)77
Gasification 0.645 4.07
FICFB-combustion 5-250 8.47
Methanation 0.093 18.0

TABLE 2.7—Sizing parameters for process reactors. b = 0.188 is reconciled for the
gasification vessel and used for all reactors. Data calculated from (Friedrichs, 19835,
Rauch, last visited 04/2009).

hoppers is the most common practice (Wilén and Rautalin, 1993), and a
manufacturer’s cost estimate reported by Swanson et al. (2002, Appendix G)
is used to determine a standard scaling law for a double-train system:

5 - 0.7
CBM,lock hoppers — 4.3-10” - mdry wood (2'28)

with CBM,lock hoppers in US$ (2002).

For oxygen supply to directly heated gasification, cost data from Kirschner
(2009) are used, who reports a range of 0.03-0.70 US$ kg™! (1999) depending
on the quantity required. In case production with electrolysis is considered,
the bare module cost of the unit is assumed according to the US/DOE target
(2010) of 300 $ kW_,' (Newborough, 2004).

Thermal pretreatment before gasification According to a commercial
design (Wyssmont Inc., last visited 04/2009), the torrefaction reactor is di-
mensioned as a vertical tower with a height to diameter ratio of 2, assuming
that 20% of the volume are occupied by the solid with a residence time of
15 min. The purchase cost of the unit has been regressed on the reported
5.65-10° and 6.70-10° US$ for units with a volume of 115 and 145 m?, respec-
tively.

For pyrolysis, the design of Henriksen et al. (2006) has been investigated
and procedures for a screw conveyor or rotary calcinator are used (Ulrich
and Vasudevan, 2004), where the unit size is determined by the required
heat transfer through the wall to the solid. With a heat transfer coefficient
of 30-100 kW m=2K~!, scale-up of the pilot plant is however expected to
be costly, since either a large temperature difference or heat transfer area is
needed.

Gas cleaning While the cost of a cold gas cleaning system including a
cyclone, bag filter, scrubber and guard beds can be estimated from literature
data (Ulrich and Vasudevan, 2004), hot gas cleaning technology is still under
development and no cost data is currently available. It is therefore assumed

52



2.3 PROCESS MODELLING

that mature hot gas cleaning will roughly follow the same correlation than
cold technology, and its cost is evaluated with the same relations using the
gas volume flow as parameter. At an assumed temperature of 500°C, the gas
volume flow to be treated is nearly doubled compared to cold processing,
which leads to a multiplication of the investment in the order of 1.5.

Carbon dioxide removal The dimensions of the packed tower in the phys-
ical absorption process have been calculated according to the method of Ul-
rich and Vasudevan (2004). From the given data, a stage efficiency of 15%
has been determined, and the tower diameter has been dimensioned consider-
ing the entrainment limit. The corresponding stripper has not been modelled
in detail. As a rule of thumb, its diameter and height have been assumed to
be equal to the ones of the absorption tower (Sweny and Valentine, 1970).

The size of the four pressure swing adsorption vessels necessary for con-
tinuous operation has been estimated assuming that the required adsorber
volume is proportional to the amount of carbon dioxide that needs to be
removed from the gas. A typical plant treating 1000 Nm? raw gas per hour
with a CO4 content of 40%vol is described by Riquarts and Leitgeb (1985).
The diameter and height of the vessels are reported to be 1.4 and 6 meters,
resulting in an specific adsorber volume of 83.13 m?® per Nm?,,s™!. The
shape of the vessels has been assumed constant and a height to diameter
ratio of 4.3 is used.

The purchase cost of the polymeric hollow fibre membranes is estimated
by updating the data reported by Bhide and Stern (1993), who considered
an initial cost for the permeator modules of 108 US$ m~2 and a membrane
element cost of 54 US$ m~2 that need to be replaced every three years.
As detailed in Chapter 4, the required membrane area for the separation is
directly computed by the design model.

In case of separation by PSA or membranes, the cost for the required TSA
unit used for gas drying is determined by assuming a two-column layout
with a cycle time of 12 hours and a maximum adsorbent loading of o0.12
kgro0KE, J.orpen; (Ducreux et al., 2006). The cost of the adsorbent and its
density have been assumed to g US$ kg=! and 8oo kg m™3, respectively
(Ulrich and Vasudevan, 2004).

If COy-removal is done prior to methanation, the cost estimation of the
necessary shift reactor to adjust the stoichiometry is based on the preliminary
design and data from Maréchal et al. (2005b).

Heat exchangers and turbomachinery The total cost of the heat re-
covery system including the heat exchangers of the process and the utility
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system has been computed from the hot and cold composite curves assuming
a reference heat transfer coefficient a,.; of 5380 W m™2K™! at an approach
temperature AT,.; of 10K, from which the individual coefficients are deter-
mined by Equation 1.6 with 0.8 for byg. The total heat exchange area is
distributed over the minimum number of heat exchangers and costing data
for fixed tube sheet units from Ulrich and Vasudevan (2004) have been used.
For turbomachinery, data for mainly centrifugal units are used.

2.4 Performance of exemplary technological op-
tions

The outlined thermo-economic model is developed for a systematic process
optimisation that will be presented in Chapters 4 and 6. Here, the modelling
approach is thus only illustrated at the example of a few technology scenarios
shown in Table 2.8, which should not be considered as a portfolio of optimal
process options. Indirectly heated gasification with air drying and PSA for
removing CO, after methanation is defined as a base scenario (FICFB, base),
to which different alternatives are compared. In the scenario (torr), a tor-
refaction unit is added to the base case, (pM) investigates the influence of a
moderately pressurised methanation, and (pM, SA) compares the latter case
to one where the stoichiometric number is adjusted to 1 by water-gas shift
conversion and COs-removal prior to methanation. Indirectly heated gasifi-
cation is then compared to pressurised steam /oxygen-blown gasification and
methanation at the same pressure (CFB, pGM), for which the potential im-
provement by introducing hot gas cleaning is assessed (pGM, hot). In all
cases, excess heat is recovered in a steam Rankine cycle, whose production
and utilisation levels have been adjusted to reasonably fit the steam demand
for gasification and methanation, and providing heat for mainly drying and
torrefaction. Heat extraction for district heating is not considered, and a
condensation level suitable for the cold utility is used.
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2.4.1 Energetic performance

Table 2.9 shows the overall energy balance and conversion efficiencies of the
scenarios defined in Table 2.8 for a capacity of 20MW,,00¢. One integrated
composite curves for each gasification technology is given in Figure 2.6, and
Table 2.10 shows the stream compositions and flows through the systems.
Although the energy balances of the different cases seem rather close, some
general trends depending on the technology choice can be observed. Due
to the higher cold gas efficiency for directly heated gasification assessed in
Figure 2.4, the resulting SNG yield is roughly 10% higher than in case of
indirectly heated gasification. As shown on the composite curve, the indirect
heat supply creates a process pinch point at the gasification temperature, and
satisfying this heat demand at high temperature requires to withdraw about
19% of the raw gas production of the gasifier. For this reason, more excess
heat is also available below the pinch and leads to a higher co-production of
electricity than in directly heated gasification. An alternative to using the
excess heat in a Rankine cycle is thereby to recover it in the process through
thermal pretreatment. Acting in principle as a chemical heat pump, the
endothermal decomposition starts with excess heat from below the pinch,
and less heat must be supplied above the process pinch point. In case of
torrefaction, it is necessary to withdraw only 5% of the raw gas production
for satisfying the process energy requirement, which increases the overall
SNG-yield from the indirectly heated gasifier by 7%.

While the methanation pressure and prior stoichiometry adjustment in-
fluences the energetic performance to a lesser extent, hot gas cleaning is
expected to considerable increase the process performance by cogenerating
more electricity. Heat losses due to cooling, washing and reheating the gas
are avoided, and less steam needs to be prepared for the methanation. More
heat can thus be recovered in the Rankine cycle, whose gross production in-
crease by 0.5 MW,; and results in an positive electricity balance of the overall
system also in case of directly heated gasification with oxygen.

2.4.2 Economic performance

With a common share of 68% of the total investment of 32.6 M€ illustrated
in Figure 2.7, the gasification and methanation sections are dominating the
capital costs of the (base)-scenario for FICFB-gasification. As shown in Ta-
ble 2.11, atmospheric pressure leads to big reactors due to relatively im-
portant volumetric flows, and a much more economic plant design can be
obtained by pressurising the reactors. Already at a moderate methanation
pressure of 5.5 bar, the investment cost are predicted to decrease by 30% to
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FICFB CFB
(base)  (torr)  (pM) (pM, SA) (pGM) (pGM, hot)
Consumption
Wood kW 20’000 20’000 20’000 20’000 20’000 20’000
Biodiesel kW 365 316 365 365 22 -
Electricity kW - 63 - - 46 -
Production
SNG kW 137443 14’318 137446 13495 14’765 147769
Electricity kW 609 - 521 526 - 315%
Efficiencies
€ % 69.0 70.3 68.6 68.8 73.6 75.4
E€chem % 71.3 70.1 70.5 70.8 735 76.6
n % 63.5 64.7 63.1 63.3 67.8 69.4

@ A consumption of 311 kW (1080 kJ kgg3) for off-site oxygen production is included.

TABLE 2.9—Useful energy balance and efficiencies of the overall system for the
scenarios defined in Table 2.8.
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FIGURE 2.6—Integrated composite curves for FICFB (base, on the left) and CFB
(pGM,hot) gasification as defined in Table 2.8 for an input of 20 MWy, 4,004

23.4 M€. If directly heated gasification with oxygen is used and the whole
system is initially pressurised to 15 bar, a further reduction to 17.9 M€ is
possible, whereas the pressurised feed train accounts for approximately 10%
of the gasifier cost. If a scale-up to larger plant capacities is considered,
operation at atmospheric pressure requires several units in parallel, and a
pressurised system seems unavoidable.

Based on the assumptions of Table 2.6, the share of the depreciated in-
vestment and its related maintenance cost is relatively high. At base case
conditions, these expenses amount to 47% of the total production cost. If
methanation is moderately pressurised, the expected reduction of the invest-
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Gasification Methanation SNG-upgrade

FICFB CFB FICFB? CFB FICFB? CFB
CoHy  %vol 2.3 5.5 - - - - (-) -
CHy  %vol 11.3 116 48.3 (86.1) 40.8 96.0 (96.0) 96.0
Hy Yovol 40.2 289 6.4 (11.4) 1.4 1.6 (1.9) 1.3
CO Yovol 26.5 174 0.1 (0.0 00 0.3 (0.0 0.1
CO2  %vol 19.2 36.5 444 (1.1) 576 o5 (0.5) 2.2
No Yovol 0.5 01 08 (1.4) 02 1.6 (1.6) 0.4
ARY MW kg~! 15.2 114 14.5 (47.4) 10.3 48.2 (47.6) 46.8
Wsn kWh Nm™3 4.3 4.3 56 (13.6) 4.3 141 (14.1) 13.9
Load MWy, 19.6 170 151 (14.7) 156 134 (13.5) 14.8

2 Values in parenthesis are for COg-removal before methanation in case (pM, SA).

TABLE 2.10—Dry gas composition, calorific value and power balance at process
section outlets.

ment allows for decreasing the share of these expenses to 38% of the total,
and leads to a cost reduction by 13% in absolute terms. In the best perform-
ing case of directly heated gasification with hot gas cleaning, the share of
investment and maintenance is of only 32% at 20 MWy, 4004, and can further
be reduced to 23% in a plant scale-up to 150 MWy, y00a- For this directly
heated option, the cost for oxygen is thereby not excessively penalising the
plant economics. With the cost data from Kirschner (2009), the required
0.29 kg s7! (820 Nm3h™1) at 20 MWth ‘wood are best supplied by on-site PSA.

At this scale, a price of 9 4 cts kg is obtained, and the expenses for oxygen
amount to 4.4 € MWhSNG, which correspond to 5-6% of the total production
costs.

Overall, directly heated gasification tends to be the better option, for
which total production costs of 80.4 (75.7) € MWhjy with cold (hot) gas
cleaning are assessed. For a plant at 150 MWy, wood, the total costs would
reduce to 63.6 (58.9) € MWhgy,. These numbers are by 10-20% better than
in indirectly heated gasification with moderately pressurised methanation,
for which the production costs amount to go.9 and 8o.1 € MWhg}vG at 20
and 150 MWy, w004, Tespectively. Compared with an expected market price
of 120 € MWhSNG for the produced green gas, all these options are yet
expected to be profitable.
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FIGURE 2.7—Investment (left) and total production costs for the scenarios defined
in Table 2.8 at a plant capacity of 20 MWy, y004- Negative contributions are due
to profits from selling electricity.

FICFB CFB

(base) (PM) (PM,SA) (PGM)

Ny 1 (8) 1 (8) 1 (8) 1 (1)
dg /| dg.comp. 3.9m / 1.1m 1.0 M
hg | hg.comp. 6.om /11.6 m 3.5 m
Non 3 (21) L () L (3) L (2)
dm 3.8 m 2.8 m 2.5 m 1.9 m
hm 18.2m 16.2 m 15.4 M 14.0 m

TABLE 2.11—Reactor size and number of required units for a plant capacity of 20
MW wood (150 MWip wood, dimensions change).

2.5 Conclusions

This chapter has presented the development of a superstructure based pro-
cess model for candidate technologies to produce SNG from lignocellulosic
biomass by conventional gasification and methanation. Based on data from
existing plants and pilot installations, simple phenomenologic unit models
have been established and reconciled to accurately predict the performances
of a flowsheet in a restricted domain of operating conditions. Compared to
conventional simulation, the proposed model allows for assessing the ther-
mo-economic performances of the integrated system. It thereby computes
not only the energy flow using conventional flowsheeting software, but also
the process integration including the combined heat and power production.
The energy integration is performed without imposing any restrictions on the
process topology, and therefore expected to determine the optimal choice of
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utilities.

The results of this stepwise flowsheeting are used to rate the equipment
and estimate the investment cost of the system. Thermodynamic variables
like temperature, pressure and volume flows are thereby considered as design
specifications to be met, which allows for taking the impact of the operating
conditions into account. Due to this structure, the process model is adequate
for thermo-economic optimisations.

In a preliminary screening of the process performance for some typical
technology scenarios, it is shown that the conversion of woody biomass to
SNG is a viable option with respect to both energetic and economic aspects.
Recovering the excess heat by means of a Rankine cycle allows for a consider-
able co-production of electricity, and overall energy and exergy efficiencies of
in the range of 69-76% and 63-70%, respectively, are obtained. The most effi-
cient conversion is thereby reached with directly heated, steam /oxygen-blown
gasification and hot gas cleaning. Due to reduced volume flows, moderately
pressurised gasification and methanation is further advantageous with regard
to investment cost. Including the equipment’s depreciation, total production
costs in the range of 76-107 € MWhg}VG are expected for a plant capacity of
20 MWy, wood, Whereas 59-97 € MWhE}VG are assessed for large-scale plants
at 150 MWy, 1004 and above.
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CHAPTER 9

Thermodynamic analysis of
gasification concepts

As introduced in the previous chapters, the efficiency of thermochemical con-
version processes largely relies on energy integration. This chapter develops
this aspect for two exemplary gasification technologies at a thermodynamic
analysis in terms of equilibrium, energy and exergy, and has recently been
published as a paper (Gassner and Maréchal, 2009d).

3.1 Introduction

Thermochemical biomass and waste gasification is commonly considered as a
rationale and carbon-neutral technology for power generation in centralised
combined cycle plants (Craig and Mann, 1996, Brown et al., 2009), local com-
bined heat and power cogeneration with gas engines (Hofbauer et al., 2002,
Henriksen et al., 2006, Yoshikawa, 2006) and more recently fuel cells (Omosun
et al., 2004, Karellas et al., 2008), and the synthesis of liquid and gaseous fu-
els (Spath and Dayton, 2003, Mozaffarian and Zwart, 2003, Hamelinck et al.,
2004, Gassner and Maréchal, 2009c, Heyne et al., 2008, Ptasinski, 2008).

In process design, suitable biomass gasification technology is usually iden-
tified considering design constraints like capacity and criteria like gas com-
position, calorific value and contaminants that are related to the specific
application (Mozaffarian and Zwart, 2003, Hamelinck et al., 2004, Stucki,
2005). Process integration aspects are regarded to a lesser extent, although
heat requirements of gasifiers are generally important and influence the sys-
tems’ overall performance markedly. Especially for fuel production, a high
chemical gas conversion is essential since the primary product is the energy
stored in the material outlet streams. Furthermore, the energy requirements
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and recovery possibilities of the reforming steps after gasification are differ-
ent to those in power generation, and proven technology established for this
specific application does not necessarily fit the modified demand.

For this reason, the present chapter investigates the thermodynamic per-
formance of two potential gasification systems for fuel production as pro-
ducer gas generators. Several authors have recently investigated the ther-
modynamic and exergetic performance of gasification (Ptasinski et al., 2007,
Jarungthammachote and Dutta, 2007, Prins et al., 2007) and gasification sys-
tems for the production of power (Brown et al., 2009, Prins et al., 2007, Fryda
et al., 2008) and fuels (Ptasinski, 2008). Apart from Brown et al., however,
all these studies disregard or discuss the effects of process integration only
very briefly, and lack a systematic approach as provided by pinch analysis
techniques. The present chapter therefore focusses on the integrated ener-
getic and exergetic performance and addresses two exemplary gasification
systems for whom this type of analysis has yet to be carried out. In particu-
lar, an indirectly heated fluidised bed gasifier with steam as gasifying agent
(Hofbauer et al.’s FICFB process) that is currently regarded as promising
option for SNG production by Stucki (2005), Heyne et al. (2008) and Biollaz
et al. (2009), and a directly heated, fixed bed gasifier based on a relatively
novel two-stage concept (Henriksen et al.’s Viking process) are compared.

3.2 Description of the gasification concepts

Developed by Hofbauer et al. (2002) at the Technical University of Vienna,
FICFB gasification has been designed as an internally circulating fluidised
bed system where heat is transferred by circulating the bed material between
two physically separated gasification and combustion chambers. As shown
on the left of Figure 3.1, gasifying steam is injected into a stationary fluidised
bed where drying, pyrolysis and gasification of the raw material take place.
The reactor is heated indirectly by transferring hot bed material via a cyclone
from a combustion chamber, where the ungasified char and additional fuel
are oxidised. The obtained synthesis gas is cooled to 150°C, filtered and
washed with water or biodiesel in order to remove dust particles, tar and
other contaminants before being used in an energy conversion unit or a fuel
conversion process.

The fundamental design idea behind the Viking gasification process de-
veloped by Henriksen et al. (2006) at the Technical University of Denmark
is to perform a thermally staged gasification with intermediate partial oxida-
tion for tar cracking. As shown on the conceptual flowsheet (Fig. 3.1, right),
wood is first conveyed through a screw pyrolysis unit, where it is heated
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to 500-600°C and partially decomposed. After thermal cracking of the tars
through partial oxidation of the gas phase, the remaining solid species are
gasified in a fixed bed. The synthesis gas leaving the gasifier at 700-800°C is
cooled to 9o°C and filtered. Finally, the condensates are removed at ambient
conditions in a gas-liquid separator.

3.3 Equilibrium analysis

Approach

Although often assumed in flowsheeting models, the producer gas of fluidised
and fixed bed gasifiers do generally not reach thermodynamic equilibrium
due to kinetic limitations. As detailed in Section 2.3.1.2, its composition
is more appropriately represented by introducing temperature differences to
equilibrium AT, according to Equation (2.17). Reconciling these model
parameters with experimental data not only allows for evaluating the gasi-
fier performance in terms of chemical conversion, but may also be used for
analysing its suitability for a particular application with respect to process
integration.

While an equilibrium-based approach is reasonably accurate for modelling
the products and heat demand of gasification, it is inappropriate for taking
the bulk formation of condensable hydrocarbons during pyrolysis into ac-
count. A recently published experimental study by Fassinou et al. (2009) on
the screw pyrolysis unit of the Viking systems show that these condensable
substances (incl. H,O) contribute to 28-78%wt of the gaseous phase from
pyrolysis. Although some yield data and the detailed non-condensable gas
composition are reported, no complete mass and energy balances can be de-
duced from the given information. Model validation is thus impossible, and
no rigorous model for the conversion of species in the pyrolysis has been de-
veloped. Instead, a simplified formulation based on a partial gasification of
the biomass feed is adopted. It is considered that the atomic species in the
biomass are uniformly gasified, which fixes the solid composition. Assuming
further that the complete volatile fraction identified in the proximate analysis
is released, two model equations are necessary to fix the gas phase composi-
tion and the heat demand. For this purpose, the hydrogenating gasification
(Eq. 2.2) and water-gas shift (Eq. 2.6) reactions are used and reconciled with
the consistent dataset for the overall plant.
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F1GURE 3.1—Conceptual flowsheets. Note: These schematics illustrate the model

structure and do not correspond to the physical process layout, i.e. the pyrolysis,
oxidation/combustion and gasification reactors correspond to one physical unit.
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Unit FICFB  Viking

Model assumptions €isentropic,turbomachinery % 8o 80
Ape:cchangers bar - -
Apitter bar 0.10 0.10
Apgasifier bar 0.15 0.05
Gasifier heat loss % 10? 2P
Volatile release in pyrolysis® % - 84
Wood humidity (Pyoeq)® %owt 10 30

Operating conditions  Steam preheat temperature °C 500 -
Air preheat temperature °C 600 600
Steam/biomass ratio - 0.6 -

& based on transferred heat.
b based on lower heating value of feed.

¢ according to data used for reconciliation (Henriksen et al., 2005, Rauch, written around
2004).

TABLE 3.1—Model assumptions and operating conditions for reconciliation.

Process FICFB Viking

Reactor Gasification Pyrolysis Gasification
ATeq (2.2) -280°C -289°C -11°C
ATeq (2. -201°C - -123°C
AT%EQ;; -112°C +12°C -126°C
kcojon 0.205 0 0

Ece 90.3% - 99.0%

TABLE 3.2—Reconciled model parameters.

Data reconciliation

With the general assumptions and operating conditions detailed in Table 3.1,
the model parameters of the gasification reactor model are determined using
data of wood characteristics, process conditions and gas compositions from
Gobel et al. (2004), Henriksen et al. (2005) and Rauch (written around 2004).
For FICFB gasification, the reference temperature for gasification is 850°C,
while the artificial temperature differences in Viking gasification refer to py-
rolysis and gasification temperatures of 600°C and 750°C respectively. The
values of the identified parameters and their accuracy with respect to the
measured data are given in Tables 3.2 and 3.3.
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Process FICFB Viking

Reactor gasification pyrolysis gasification
State wet dry wet wet dry
CoHy 1.8 /1.9 -/ 2.0 - /- -/ - -/ -
CHy 8.8 /9.6 -/ 10.0 -/ 35.7 -/ 1.2 1.2 /1.2
H 373/ 385  -/401 -/ 4.9 -/ 304 305 /314
CcO 20.4 / 27.4 -/ 285 -/ 3.0 -/ 183 19.6 / 19.0
COq2 16.2 / 15.8 -/ 16.4 -/ 33.2 -/ 14.2 15.4 / 14.7
Ny -/ 29 -/ 3.0 -/ 0.2 - /327 333/ 337
H,0 3.6 /39 -/ - -/ 23.0 -/ 32 -/ -

TABLE 3.3—Gasifier outlet compositions in %vol (Data (Ggbel et al., 2004, Rauch,
written around 2004) / Calculation).

Error analysis

According to Table 3.3, the model is able to reasonably reproduce the mea-
sured composition of the producer gas. As already discussed in Section 3.3,
the model parameters and gas composition after pyrolysis must however be
considered as artificial since the higher hydrocarbons are not explicitly in-
cluded as model species, but partially accounted for by the non-condensable
species and the ungasified raw material. According to experimental data,
about 14%vol CHy, 40%vol CO, 18%vol CO,, 19%vol Hy and 3%vol C4Hy ¢
are typically obtained in the dry, non-condensable product at nominal condi-
tions (Fassinou et al., 2009). However, for the validity of the following energy
integration and exergy analysis, the accuracy of the intermediate composition
has no influence since only a correct reproduction of the heat demand for py-
rolysis is crucial. Indeed, this is assured by the computed nitrogen fraction
in the producer gas, which is in very good agreement with the data from
the plant. As it enters the reactor in a known ratio to oxygen, this fraction
directly represents the degree of partial oxidation in the gasification. The en-
thalpy balance of the gasification reactor is thus accurate, which also implies
that the total enthalpy of the close-coupled pyrolysis products is correct.

Discussion

Examining the reconciled model parameters, it is obvious that the synthesis
gas from both gasifiers is not in thermodynamic equilibrium. All the appar-
ent equilibrium temperatures observed in the gasification sections are below
the actual reactor temperatures. Compared to equilibrium, the gasifiers pro-
duce gases that contain too much hydrocarbons and carbon dioxide and too
little hydrogen and carbon monoxide. The difference from equilibrium is
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thereby not as substantial in case of Viking gasification, which may be due
to the different reactor types. Unlike in fluidised bed reactors were similar
temperature deviations can be reasoned by similar catalytic activity of the
bed, the temperature in fixed beds is not equally distributed and part of the
gas might be formed at higher temperatures. In case of Viking gasification,
the pyrolysis gas is furthermore heated to 1100°C by partial oxidation in or-
der to thermally crack the tars. Since this shifts the gas equilibrium towards
Hy and CO and reaction kinetics tend to accelerate with temperature, this
might also lead to approach thermodynamic equilibrium at the gasifier outlet
to a greater extent.

3.4 Emergy integration

Approach

The method of separate energy-flow and integration modelling outlined in
Chapter 1 inherently distinguishes the thermochemical conversion and heat
transfer. Apart its suitability for conceptual process design, this also proves
useful for analysing the exergy losses in the heat transfer operations while
systematically considering all the possible heat recovery.

In a first analysis, the heat demand for FICFB gasification is satisfied as
in the demonstration plant through combustion of ungasified char and cold
producer gas. The exergy potential of excess heat below the pinch is recov-
ered and converted to electricity by a steam Rankine cycle, for which typical
small scale operating conditions of 60 bar for steam production and 500°C
for superheating are assumed. Two intermediate utilisation levels at 15.5 bar
(200°C) and 1.0 bar (100°C) and one condensation level at 0.23 bar (20°C)
fed with cooling water prove appropriate. For the respective stage efficien-
cies and minimum approach temperatures apply the assumptions outlined in
Section 2.3.2.

The performance of the two gasification systems is assessed by calculating
the energy balances, the cold gas efficiency €., (Eq. 2.20) and the overall
energy efficiency € (Eq. 1.30) defined earlier. For a proper comparison, the
same feedstock properties shown in Table 3.4 and an arbitrary reference input
of 1 MWy, weoq are used.

Results and discussion

The resulting energy balances and composite curves without and with a steam
cycle for energy recovery are depicted in Table 3.5 and Figure 3.2. The data
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Proximate analysis Ultimate analysis
ARY 19.2 MJ kg, C 50.93 %wt
AKY R 21.6 MJ kg, H 6.11 %wt
D vood 30 %owt 0 42.16 %wt
N 0.80 %wt

@ Chemical exergy is calculated according to Szargut and Styrylska (1964).

TABLE 3.4—Feedstock properties.

reveals a considerable difference of the performance of the investigated gasi-
fication systems. In case of FICFB gasification, only 78% of the chemical
energy input is converted into product gas, while 91% are recovered in Viking
gasification. The energy loss inventory thereby illustrates that the lower car-
bon conversion in FICFB gasification is not the reason for the difference since
it is used as fuel in the combustion. However, a significant amount of energy
is lost in the gas cooling and cold utility, and a considerable by-production
of electricity is observed. The composite curves show that the FICFB gasifi-
cation system is pinched at 875°C, at which the endothermal heat of reaction
must be supplied. From the whole demand of 266 kW,, MW_!  only 30%
are satisfied with the ungasified char and 19% of the total cold producer gas is
required to supply the remaining 70%. Consecutively, an important amount
of 148 kWyy, MW;})Od of sensible heat of the fumes and wet producer gas is
available below the pinch, from which 36% can be recovered as electricity
with a Rankine cycle (Fig. 3.2(b)). In Viking gasification, the heat demand
is satisfied by partial oxidation inside the reactor and the composite curves
are not pinched by heat transfer between the process streams. The key advan-
tage of this technology in terms of gas efficiency is yet caused by the staged
gasification concept. In contrast to FICFB gasification where the entire heat
demand for the decomposition must be withdrawn from the chemical energy
of the material streams, part of this demand is satisfied by recovering the
sensible heat from the producer gas in the pyrolysis. Less excess heat is thus
available from the material stream, and only a marginal 20 kW, MW;})Od

can be generated from the 52 kWy, MW;éOd that must be evacuated from
the system.
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(c) Exergy representation of the heat recovery from the process streams with a steam cycle.
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Type FICFB Viking
Consumption Wood 1000 kW 1000 kW
Electricity 2 kW 2 kW

Production Gas 784 kW 907 kW
Electricity 54 kW 20 kW

Losses Gasification 13 kW 27 kW
Combustion 14 kW -

Gas cooling 59 kW 22 kW

Cooling water 91 kW 32 kW

Total 177 kW 81 kW

Efficiencies €cg 78.4% 90.7%
€ 83.8% 92.5%

TABLE 3.5—Energy balances. Note that the total consumption must not neces-
sarily equal the total production and losses since the consumption and production
terms are based on lower heating value, but the gas cooling loss includes condensa-

tion.

3.5 Exergy analysis

Approach

In order to further investigate the origin of the losses in the gasification
systems, exergy balances considering the exergy value of material, thermal
and mechanical streams (designated E,, F, and F respectively) are defined
for all process sections. The exergy losses L (Eq. 3.1) and efficiency 7 (Eq. 3.2)
are then calculated by balance, which is consistent with the definition of

Equation (1.31):

L= E,+> ES+> E*

- (ZEy‘+ZEq‘+ZE—)

n=1- -
2B+

S B+ Y BT

where superscripts T and ~ refer to streams entering and leaving the section,
respectively. The exergy value of material streams is determined by adding
its exergy value at atmospheric temperature 7', and the exergy necessary for
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heating the stream:

E, =1 {AkM/Tcp (1— %) dT}
=m [AK + ¢, (aT —To(1+In(T/T,))] (3-3)

where AK? is the exergy value per unit mass and ¢, the specific sensible heat
at constant pressure. In this formulation, the contribution of the pressure is
not included in E’y, since the whole system operates at atmospheric pressure.
The assumption of a constant ¢, is also used to determine the exergy value
of the thermal streams:

) T; T )
e [ (120
q T T
T Ta)
=m |1 ——|dIl’
T ! < r
= me [(TQ — T1> — Ta . 1n(T2/T1)]

=Q (1 ~T,- %) (3.4)

Finally, the exergy value of mechanical streams equals its energy value E.

Results and discussion

Complementary to the energy conversion analysis of the previous section,
the exergy inventory of Table 3.6 highlights that the principal irreversible
losses occur in the reactive part of the processes. A comparison of the gasi-
fiers thereby shows that the exergy depletion in directly heated gasification
is higher than in the indirectly heated reactor since partial oxidation occurs.
However, this loss exactly equals out with the combined depletion in gasi-
fication and combustion of the FICFB technology. As already perceived in
the energy integration analysis, it is the consequence of the combustion that
induces the difference in performance. Exergy analysis thereby allows for
directly quantifying the potential loss due to the degradation of valuable
thermal energy in heat transfer. Since the loss in mechanical energy poten-
tial corresponds to the surface area between the uncorrected hot and cold
streams in the exergy composite curves, it is clearly impossible to entirely
recover the potential of the elevated amount of sensible heat of hot fumes and
wet producer gas. As illustrated in Figure 3.2(c), the indirect heat transfer
from combustion to gasification above the pinch increases the exergy loss of
this section by 13%. Together with the depletion due to the heat transfer
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FICFB Viking

L n L n
Section (kW] [%] (kW] [%]
Gasification? 176 87.4 245 80.2
Combustion 71 80.5 - -
Heat transfer
- above pinch 32 85.8 - -
- below pinch 27 83.1 16 83.3
Gas cooling” 24 75.4 13 87.1
Steam turbine 12 86.7 4 86.0
Total 342 70.8 278 76.6

& including pyrolysis.

b The exergy efficiency of the cooling section is assessed on the basis of the theoretical
work potential of the rejected heat - the separation of condensates is not considered as
a transformation and the chemical exergy of the inlet material stream is not included

in the denominator of Equation (3.2).

TABLE 3.6—Exergy losses and efficiencies.

below the pinch and the gas cooling section, this results in an overall exergy
efficiency of 70.8% for FICFB gasification, while 76.6% is reached by Viking
technology.

3.6 Potential process improvements

The energy integration and exergy analysis reveals that the main drawback
of the FICFB gasification process is its elevated heat requirement at high
temperature. This results in a relatively low cold gas efficiency, and the
irreversible losses in all process sections do not allow for entirely recovering
the considerable amount of sensible heat from the fumes and the wet producer
gas as electricity. By mainly targeting to decrease the minimum energy
requirement (MER) above the pinch and the exergy losses in the reactive
steps, this section presents measures to increase the cold gas and overall
process efficiency.

3.6.1  Fuel choice

In the FICFB demonstration plant, the combustion zone is fed with addi-
tional cold, clean producer gas to balance the heat demand of the gasification
(Hotbauer et al., 2002). This has the main advantage that the gas handling
is conveniently simple, but it consumes energy from above the pinch to heat
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the cold gas up to the combustion temperature. In order to satisfy the heat
demand of the gasification reactor in a more efficient way, hot producer gas
could be withdrawn from the gasifier outlet. Although the actual MER of
266 kW, MW;éOd does not change, no more heat from combustion is trans-
ferred through the pinch to preheat the fuel. As shown in Table 3.7, the
exergy losses in the combustion and the energy losses in the cooling water
are reduced, and less energy must be withdrawn from the product stream.
An advantageous side-effect is further observed in the gas cooling section
since less gas is processed. Overall, using the hot and dirty producer gas
instead of clean and dry one would allow for increasing the cold gas and total
efficiencies by 3% and 2%, respectively.

3.6.2 Pretreatment

In addition to changing the fuel to satisfy the energy requirement in a more
efficient way, the goal of pretreating the feed is to inherently reduce the
exergy losses and the heat demand of gasification. However, this requires to
use additional equipment or to change the design of the gasifier. In addition
to constructional modifications, a preprocessed feed is expected to decrease
the AT, value and thus reach closer to equilibrium conditions, or it would
allow for reducing the vessel size. These effects are not accounted for in this
analysis.

3.6.2.1 Drying

A simple way to limit the losses in the gasifier is to remove the humidity of
the feed by drying. This reduces the heat consumption above the pinch for
evaporating water, which is done with sensible excess heat at low temperature
instead. With the technology model for convective drying with flue gas or air
developed in Section 2.3.1.1, the impact of drying on the cold gas and total
efficiency of the process is assessed in Figure 3.3 for three different air preheat
temperature levels. Although the drying efficiency is sharply increasing with
temperature (cf. Fig. 2.2), the process efficiencies are only marginally affected
due to the large amount of heat that is available in the temperature range
of drying. Only for very intense drying at low temperature and efficiency,
the use of heat gets conflictive with the electricity generation in the Rankine
cycle. More importantly, the graph shows that the process performance is
considerably increased by drying the feed. At a humidity level of 15% detailed
in the comparative table (Tab. 3.7), the cold gas efficiency is increased by
more than 6% compared to wood at 30% humidity. Since heat below the
pinch is used, the MER is decreased by 18% from 266 to 217 kW, MW !

wood
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FICFB Viking
Pretreatment? n n d d d p p
Fuel? cg hg cg hg dw cg n
Humidity 30% 30% 15% 15% 15% 30% 30%

Consumption
Wood kW 1000 1000 1000 1000 1000 1000 1000
Electricity kW 2 2 4 4 4 2 2
Production
Gas kW 784 814 847 869 874 888 907
Electricity kW 56 47 30 23 23 22 20
Energy losses
Drying kW - - 19 19 19 - -
Gasification kW 13 13 10 10 9 9 27
Combustion kW 14 14 12 11 10 10 -
Gas cooling kW 59 47 59 50 50 59 22
Cooling water kW 91 75 48 36 39 28 32
Total kW 177 149 148 126 127 106 81
Exergy losses
Drying kW - - 12 12 12 - -
Gasification kW 176 176 154 154 132 150 245
Combustion kW 71 61 57 50 71 49 -
HEN, above pinch kW 32 33 26 27 22 23 -
HEN, below pinch kW 27 24 34 32 30 25 16
Gas cooling kW 24 19 24 20 20 24 13
Steam turbine kW 12 9 2 0 1 3 4
Total kW 342 322 309 295 288 274 278
Efficiencies
€cg % 78.4 814 847 86.9 87.4 888 90.7
€ % 83.8 859 872 887 89.4 91.0 92.5
Ngasi fication % 87.4 874 888 888 88.7 8g.0 80.2
Neombustion % 80.5 82.8 80.6 82.6 742 8o.7 -

TIHEN, above pinch % 858 857 858 856 859 857 -
NHEN, below pinch % 83.1 830 804 79.9 80.0 82.6 83.3

Ngas cooling % 754 754 754 754 754 754 87.1
Nsteam turbine % 86.7 873 97.1 99.3 98.3 03.7 86.0
Neg % 662 687 715 734 739 750 75.0
7 % 708 726 737 750 755 76.9 76.6

& (d)rying, (p)yrolysis, (n)one.
b (c)old (g)as, (h)ot (g)as, (d)ry (w)ood, (n)one.

TABLE 3.7—Energy and exergy balances for system modification of the FICFB
gasification. For comparison, the original performance is reprinted in the first and
last rows.
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FIGURE 3.3—Air drying efficiency and impact of drying on the process perfor-
mance.

and the exergy losses due to water evaporation at high temperature in the
gasifier drop by more than 12%. Drying therefore appears as a chemical heat
pump.

In analogy with using hot instead of cold producer gas, some more ben-
efit from drying can be obtained if the heat demand is satisfied with dried
wood. Since less feed material is processed, the MER is further reduced to
185 kW, MW, ! and the cold gas efficiency increases by 9% overall com-
pared to the reference technology. However, this modification would require
a technical redesign of the combustion chamber and the addition of a biomass

hopper.

3.6.2.2 Pyrolysis

Alternatively to installing a wood dryer, it is conceivable to feed the FICFB
gasification reactor via the same type of screw pyrolysis device used in Viking
gasification. This would amplify the beneficial effect on the conversion ef-
ficiency since the humidity is completely evaporated and the endothermal
decomposition is set on with heat below the pinch. By reducing the MER to
185 kW, MW, ! the comparative table (Tab. 3.7) shows that more than
10% improvement in cold gas and 7% in total efficiency compared to the ref-
erence solution is possible. If hot producer gas is furthermore used to supply
the remaining heat, the cold gas and total efficiency increase to 9o.5% and
92.2% in terms of energy and 76.4% and 77.9% in terms of exergy, respec-

tivly. With similar pretreatment, the performance of FICFB gasification is
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thus very close to Viking gasification, and might even exceed it with respect
to the exergy-based indicators.

The conceptual flowsheet with a practicable structure of the heat ex-
changer network and the corresponding composite curve of this process op-
tion are shown in Figure 3.4. According to the calculations, the sensible heat
of the producer gas balances the heat demand of the pyrolysis. It could thus
be cooled in the jacket of the pyrolysis screw before entering the cold gas
cleaning. The sensible heat of the fumes is left to preheat the combustion
air and to produce steam in order to cogenerate electricity via the steam
Rankine cycle.

3.7 Performance in SNG production

Producer gas from gasification is generally not a product on its own, but
further converted to electricity, chemicals or fuels. Obviously, the overall
performance of such systems does not only rely on the gasifier efficiency, but
also on its integration with the rest of the system. For the two gasification
systems, this effect is illustrated at the example of SNG production outlined
in Chapter 2, for which staged Viking gasification is thermodynamically suit-
able if oxygen instead of air is used for the partial oxidation. In order to
compare the performance of systems with equal boundaries, on-site oxygen
production by ion transfer membranes (ITM) is considered. I'TM is an emerg-
ing technology that is not yet commercially proven, but expected to consume
about 147 kWhy, tonaé and 1.25 MWhy, tonaé to heat the air from 500°C up
to the membrane’s operating temperature of goo’C (van Stein et al., 2002).

With the process model developed in Chapter 2, the system performance
for both gasifiers is determined by considering methanation at atmospheric
pressure and bulk COs removal by pressure swing adsorption to meet a
Wobbe Index of 13.3 kWh Nm~3. In order to limit the number of options
to be discussed, it is assumed that the process heat demand is satisfied with
cold producer gas. For Viking gasification, the steam network used for en-
ergy recovery is slightly adapted to the different process conditions. Instead
of steam production at 6o bar, methanation at 320°C and a low amount of
heat available above favours steam production at 50 bar and superheating to
480°C.

Table 3.8 shows the computed gas compositions for these exemplary
process configurations. Compared to the reconciled data of Table 3.3, the
amount of inert nitrogen is reduced, but the ratios between the species are
preserved by the equilibrium-based gasification modelling approach. As the
producer gas from indirectly heated, steam-blown gasification contains more
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(b) Modified flowsheet with outline of heat exchanger network.

FIGURE 3.4—Modified FICFB gasification with feed pretreatment by Viking pyrol-
ysis.
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gasification methanation COz2-removal

Unit  FICFB*  Viking  FICFB  Viking  FICFB  Viking
02H4 %VOI 2.4 - - - - -
CHy %ovol 11.7 2.7 49.8 38.5 92.0 91.9
Ho Yovol 41.9 46.5 3.0 2.3 4.8 5.0
CO Yovol 22.8 28.4 0.1 0.1 0.1 0.2
COsq Yovol 20.6 22.0 46.1 58.3 1.0 1.1
Ny %ovol 0.5 0.4 1.1 0.8 2.1 1.9

& it is assumed that the nitrogen fraction due to inertisation and slip can be reduced to

0.5% by constructional measures.

TABLE 3.8—Dry gas compositions in SNG production.

FICFB Viking
Pretreatment none Drying Pyrolysis Pyrolysis
Type O2-production none none none IT™M
Chemical energy  wood, wet, in 1000 kW 1000 kW 1000 kW 1000 kW
wood, dry 1000 kW 1034 kW 1000 kW 1000 kW
producer gas
- gross 1026 kW 1026 kW 1026 kW 931 kW
- net 770 kW 839 kW 875 kW 896 kW
crude SNG 672 kW 730 kW 762 kW 724 kW
SNG, grid 645 kW 704 KW 734 kW 698 kW
Electricity consumption 33 kW 39 kW 37 kW 57 kW
production 109 kW 82 kW 82 kW 94 kW
net production 76 kW 43 kW 45 kW 37 kW
Efficiencies ESNG 64.5% 70.4% 73.4% 69.8%
€ 72.1% 74.7% 77.9% 73.6%
NSNG 56.2% 61.2% 63.9% 60.8%
n 62.5% 64.9% 67.6% 63.9%

TABLE 3.9—Chemical energy flows and overall energy balances in SNG production.

(atomic) hydrogen, the relative share of methane in the crude product is
higher than the one obtained from the partially oxidised producer gas. In
order to compare the performance of both in the system, the chemical energy
flows and overall efficiencies are shown in Table 3.9 for the pretreatment op-
tions discussed in Section 3.6. According to the thermodynamic analysis of
the gasifiers, the net producer gas yield from gasification is in all cases higher
with Viking technology. After methanation, however, this advantage is con-
siderably reduced or even lost if the FICFB feed is dried or pyrolysed. As
less methane is present in the partially oxidised producer gas, the equilibrium
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conversion to methane is higher, and more energy is released in the exother-
mal methanation reactions. The system with FICFB gasification actually
benefits from the fact that the producer gas is further away from equilib-
rium because the gasification reactions are less endothermal — and the ones
in methanation less exothermal. As for the isolated performance, drying and
pyrolysis further increase the cold gas efficiency by 6% and 9%, respectively.
With a potential overall efficiency of almost 78% for FICFB gasification, this
technology seems thus clearly advantageous for SNG production compared
to fixed bed Viking gasification due to process integration aspects.

3.8 Conclusions

Using a modelling approach based on adjusted equilibrium equations and
performing the process integration with pinch analysis, indirectly heated, flu-
idised bed gasification with steam as gasifying agent (FICFB) and two-stage,
fixed bed gasification with air as gasifying agent (Viking) have been com-
pared with respect to thermodynamic performance. It has been shown that
the modelling approach allows for accurately reproducing experimental gas
compositions and quantifying the difference to thermodynamic equilibrium.
Directly heated, fixed bed gasification is observed to be closer to equilibrium
than FICFB gasification, which is suspected to be due to an unequal tem-
perature distribution in the reactor and intermediate heating of the pyrolysis
product for tar cracking.

In order to analyse the overall performance and identify the origin of ma-
jor losses, the energy integration has been completed with an exergy analysis
of the different process sections. Due to the pinch of FICFB gasification at
high temperature, its heat requirements balanced by cold producer gas are
elevated and the exergy potential of the sensible heat is only partially recov-
ered. Viking gasification proves efficient since part of the sensible heat is used
to dry and start the endothermal decomposition at low temperature. With
the current technology at demonstration status, the advantage of a nitrogen
free product gas with high calorific value obtained from FICFB gasification
is thus penalised by a 12% lower cold gas and 9% lower overall energy effi-
ciency for wood at 30% humidity. However, process integration allows for
partly compensating the exergy losses and substantial improvements can be
obtained by satisfying the heat requirement of the plant with other streams
and using additional technology. In particular, balancing the heat require-
ment with hot producer gas would increase the cold gas and total energy
efficiencies by 3% and 2%, drying the feed to 15% humidity allows for a 6%
and 3% increase, and using the same type of screw pyrolysis than in Viking
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gasification improves these efficiencies by 10% and 7%, respectively. By ap-
plying several of these modifications, the gap to Viking gasification is reduced
in terms of energy efficiency, and even surmounted in terms of exergy.

A final comparison of the performance of both gasification technologies in
an integrated plant for SNG production shows that the advantage in cold gas
efficiency is quickly compensated by a higher heat release in methanation.
The fact that the producer gas from fluidised bed gasification is further away
from equilibrium turns out to be an advantage since the endothermicity of
the gasification reactions is restrained and less chemical energy is released in
the exothermal synthesis reactions below the pinch.
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CHAPTER 4

Integrated design of a gas
separation system for the upgrade
of crude SNG with membranes

In a process that uses its waste and intermediate products as fuel to balance
the heat demand, the process performances may considerably benefit from
process integration. This chapter assesses the advantage of combining mass-
and energy-integration in the design of a gas separation system for upgrading
crude SNG to grid quality. The detailed comparison of isolated and integrated
design strategies presented here has been published in Gassner et al. (2009).
The optimisation of the overall system design is detailed in the recent ad-
vancements on combined mass- and enerqy integration and not reported here
(Gassner and Maréchal, 2009a).

4.1 Introduction

While several recent studies have investigated suitable technology and pro-
cesses for SNG production (Mozaffarian and Zwart, 2003, Duret et al., 2005,
Heyne et al., 2008, Luterbacher et al., 2009), the issue of the gas upgrading to
grid quality has not received much attention. The separation of carbon diox-
ide from methane is considered as a conventional operation in the removal
of sour gas from natural gas in petrochemical applications, and relatively
mature technology for the upgrade of biogas is available (Urban et al., 2008).
For SNG production, different candidate technologies have been identified
and some basic performance data reported for physical absorption (Mozaffar-
ian and Zwart, 2003), chemical adsorption (Heyne et al., 2008), membrane
permeation (Duret et al., 2005) and pressure swing adsorption. In Chapter 2
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of this work, relatively simple design or phenomenological models have been
developed for screening the performances of these technologies.

The detailed design of a gas separation system for the upgrading of ther-
mochemically produced SNG needs not only to adapt to the quality and
impurities of the crude product, but can also exploit the advantages of pro-
cess integration. The present chapter therefore investigates different design
strategies for upgrading crude SNG to grid quality. Through the example
of gas separation with membranes, it aims at showing in particular the ben-
efits of a holistic design approach that considers a tight integration of the
separation system with the reactive sections of the process. A suitable ther-
mo-economic model of the membrane system is presented and coupled to
a process model for crude SNG production. Multi-objective optimisation
is used to compare different design approaches and optimal system layouts,
and operating conditions for processes with and without COs-capture are
proposed.

4.2 Process design problem

4.2.1  Production of crude SNG

Discussed in detail in Chapter 2, the currently technically preferred route to
produce SNG from lignocellulosic biomass consists in conventionally gasify-
ing the feedstock and converting the obtained producer gas into methane and
carbon dioxide. As depicted in Figure 4.1, the raw material is thereby dried
prior to gasification in order to prevent excessive losses due to water evapora-
tion. The presence of dust, tars and catalyst poisons like sulphur compounds
requires to clean the producer gas before entering the methane synthesis,
where it is converted in a catalytic fluidised bed operated at 300-400°C and
requires upgrading before being fed to the grid. From the current state of
research and process development carried out by Stucki (2005) and Biollaz
et al. (2009), it is expected that the first installations will be based on indi-
rectly heated fluidised bed gasification technology of FICFB-type that has
been developed and commercialised by Hofbauer et al. (2002).

Using the detailed process model developed in Chapter 2, expected gas
compositions of the producer gas and the crude methanation product for this
technology are reported in Table 4.1. The corresponding properties of the
feed and the process conditions considered for this base case are given in Ta-
bles 2.1 and 4.2, respectively. Depending on the operating conditions of the
methanation reactor, cold, crude SNG contains around 50%vol of methane
and 45%vol carbon dioxide. Especially at low pressure where the conversion
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FIGURE 4.1—Block flow diagram of crude SNG production from wood.

CHy CHy Hy CO COy Ny HO

Gasification hot 1.9 9.2 328 =215 157 0.4 185
(FICFB, 1123 K)  cold 22 109 388 255 186 0.5 3.5
Methanation hot - 267 3.6 0.1 271 06 419
(1 bar, 593 K) cold - 448 5-9 0.1 451 1.0 3.1
Methanation hot - 276 1.2 0.0 269 06 437
(10 bar, 593 K) cold - 521 1.7 0.0 447 1.2 0.3

TABLE 4.1—Composition of producer gas and crude SNG calculated with the pro-
cess model for the operating conditions of Table 4.2 (%vol).

is limited by thermodynamic equilibrium, a non-negligible residue of hydro-
gen and traces of carbon monoxide remain in the gas. According to Rauch
(written around 2004), up to 5%vol of nitrogen is furthermore present in the
producer gas due to its use for the inertisation of the gasification feed and
some slip from the adjacent combustion chamber. Since the methanation
reaction reduces the volume of the reactants, the molar fraction of the inert
species increases, which would prevent to meet the grid specifications for SNG
without a special removal of nitrogen. In this work, it is assumed that this
issue can be resolved by using CO, for feed inertisation and taking special
care of nitrogen in an improved gasifier design, which allows for attaining a
nitrogen content of 0.5%vol in the dry producer gas.

The stoichiometric design equation outlined earlier (Eq. 1) shows that
the overall conversion of wood to methane is exothermic and releases about
450 kJ kgl of heat. The block flow diagram (Fig. 4.1) illustrates, however,
that this net release is distributed over the gasification and methanation
reactions. The first one is endothermic and requires heat at high temperature,
whereas the second one is exothermic and releases heat at lower temperature.
The process thus requires additional energy and the quality of the process
integration will define the overall process efficiency. The grand composite
curve of the process streams shown in Figure 4.2 highlights that the process
is pinched at the gasification temperature and that 200 - 250 kW of high
temperature heat at 850 - goo’C are typically required to convert 1 MW of
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Section Operating conditions Value
Drying Inlet temperature 473 K
Outlet wood humidity 20%wt
Gasification Pressure 1 bar
Gasification temperature 1123 K
Steam preheat temperature 573 K
Steam/dry biomass ratio 0.5
Methanation Pressure 1 bar
Inlet temperature 593 K
Outlet temperature 593 K

TABLE 4.2—Typical operating conditions of the process.
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FIGURE 4.2—Grand composite curve of the minimum energy requirement nor-
malised for the conversion of 1t MW of wood.

wood to crude SNG.

4.2.2 Gas grid specifications

According to the Swiss directive for the supply of biogas (also applying to
synthetically produced gas) to the natural gas grid, unlimited amounts of
gas can be fed in if its methane content is higher than 9g6%vol and the COs,
Hy and CO content less than 6, 4 and o0.5%vol, respectively (SVGW, 2008).
Among other conditions, it is furthermore required that the dew point of the
gas at grid pressure (< 70 bar) is lower than -8°C. The limit with respect to
methane content is thereby based on the fact that biogas as a binary mixture
of methane and carbon dioxide does not meet a Wobbe index between 13.3
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CHy CHy Hp CO CO2 N HO

Methanation (1 bar, 593 K) - 448 59 0.1 451 1.0 3.1
— without HyO, COq - 864 11.3 0.3 - 20 -
— without HaO, COq, Hy - 974 - 0.3 - 23 -
Methanation (10 bar, 593 K) - 521 1.7 0.0 44.7 1.2 0.3
— without HyO, COq - 94.7 3.0 0.1 - 2.2 -
— without HaO, COq, Ha - 976 - 0.1 - 2.3 -
grid specifications >96 <4 <o0.5 <6 205K

TABLE 4.3—Gas upgrading requirements (%vol).

and 15.7 kWh Nm™? if its methane content is below g6%vol, which is the
usual norm for H-quality natural gas.

4.2.3 Design problem definition

Table 4.3 compares the obtained gas compositions after methanation with
the grid specifications. Assuming that nitrogen cannot be separated from
methane, it shows the maximum obtainable purities after complete removal
of water, carbon dioxide and hydrogen. Although a cut-down of the nitrogen
fraction in the producer gas to 0.5%vol is considered feasible, it is not suffi-
cient to remove only the carbon dioxide. Provided that an ideal separation
process for removing CO5 from the SNG is used, the hydrogen concentration
of the SNG is expected to rise to around 3-11% depending on the methana-
tion conditions. The CHy purity will be at best around 94% and at least some
of the unconverted hydrogen must be removed. Apart from the separation
of the bulk species, the table also shows that the residual carbon monoxide
might be an issue. While for pressurised methanation, its fraction in the con-
centrated methane is at 0.1%vol, it approaches the directive’s limit in case
of a reactor at atmospheric pressure.

The identification of the minimum energy requirements of the process
adds a supplementary aspect to the design problem. Gasification has a rela-
tively important heat demand at high temperature, which is usually supplied
by burning producer gas. In the combined heat and power application for
which the gasification technology has originally been developed, few other fuel
alternatives are available. However, in an SNG plant that necessarily suffers
from a non-ideal separation, depleted gas streams from the SNG upgrading
section could be used instead of the intermediate product. The condition for
this is that its flame temperature is sufficiently higher than the gasification
temperature. If the depleted gas is too diluted, it must in any case be treated
in a catalytic combustion to eliminate the residual methane due to its high
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FI1GURE 4.3—Block flow diagram of process integration options for SNG upgrading.

environmental impact as a greenhouse gas.

From these considerations, it is obvious that the design of the separation
system is not a trivial problem. It requires the development of an appropriate
multicomponent separation system including gas drying, while also consider-
ing possible cost and energy savings originating from the trade-off between
using the producer gas or a depleted gas as hot utility. In the framework of
the actions aimed at climate change mitigation, rather pure carbon dioxide
(95% minimum) may also represent a valuable by-product. In a near future,
carbon dioxide storage sites are expected to be developed, and carbon dioxide
could be transported to the storage sites through dedicated pipelines (Meth
et al., 2005). If sequestration instead of venting the separated carbon dioxide
is targeted, care must be taken not to dilute this by-product with nitrogen
from combustion with air. A possible option is thereby to use oxygen pro-
duced by electrolysis in the catalytic combustion. As already discussed in
earlier work (Gassner and Maréchal, 2008), the additional hydrogen could be
supplied to the methane synthesis and would increase the SNG output since
the producer gas lacks hydrogen to be completely reformed into methane. A
general block flow diagram of these different upgrading options is given in
Figure 4.3.

4.3 Thermo-economic modelling

From the candidate technologies for SNG upgrading reviewed in Gassner
et al. (2009), multi-stage membrane separation has been chosen for a detailed
modelling in order to investigate the impact of process integration on the
optimal design of the separation system and the reactive sections of the plant.
Preliminary to the simultaneous bulk separation of CHy, Hy and CO,, gas
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drying in a TSA unit with an activated alumina adsorbent is considered,
which allows for attaining a dew point of -70°C with a heat consumption
of 11 MJ kg;{éo for regeneration at 160-190°C (Bart and von Gemmingen,
2000).

4.3.1  Unit models for membrane separation

According to the theory of gas separation by membranes, a practical de-
scription of the permeation process through a membrane has to consider the
difference of partial pressure in the bulk as driving force (Hwang and Kam-
mermeyer, 1975). Using a phenomenological constant termed permeability
P;, the permeation of species i is described as:
. p
dg;ip = # (i,r — Pip) (4.1)

where 7, is the partial molar flow of ¢ that permeates the membrane, A
the membrane area, J its thickness, and p;, and p;, the partial pressure of
species ¢ on the retentate and permeate side, respectively. The permeability
P; is thereby often given in barrer [cm?s~'cmHg™!], which corresponds to
7.5005-10" 1 [m?s™'Pa~!| in ST-units. Furthermore, it is convenient to specify
the relative permeabilities of two different species ¢ and j by the selectivity
a; ; of i over j:
Q5 = ~P2/~Pj (4.2)
As the permeation is described by a set of ¢ differential equations of the
same type as Equation (4.1), its resolution depends on the flow pattern of
the membrane. Typical patterns discussed in the literature, for example
by Hwang and Kammermeyer (1975) or Rautenbach and Dahm (1985), are
the completely mixed, cross-flow (also termed plug-flow) and parallel flow
(either co- or counter-current) types and apply to plate and frame, spiral
wound and hollow fibre modules, respectively. Analytic solutions for these
different flow schemes have been developed in pioneering work by mainly
Weller and Steiner (1950) for binary mixtures and are comprehensively com-
pared by Hwang and Kammermeyer (1975). For multicomponent systems
no analytic solutions have been reported, but some simplified analytic or
numeric procedures are suggested. Hogsett and Mazur (1983) present a sim-
plified design approach for spiral wound membranes, in which fast and slow
permeating gases are lumped together and a log-mean average of the feed
and retentate streams is claimed to be empirically accurate enough to deter-
mine the partial pressure on the rich side. Rautenbach and Dahm (1985)
doubt on the accuracy of this approach and present advanced iterative pro-
cedures for all flow patterns. However, such an approach is impractical for
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flowsheet calculations since it lacks numerical robustness. For this reason,
Pettersen and Lien (1994) developed and validated a simplified design model
for hollow-fibre modules in counter-current operation, where the analogy to
heat exchangers is exploited. Using the Paterson approximation to the loga-
rithmic mean, they have formulated an algebraic multicomponent model in
a quadratic form, from which the permeate molar fraction ¢;, of a substance
1 is explicitly calculated by:

- —bi + bg — 4(1,2'02'
Cip = 5 (4-3)

a;

were the parameters a;, b; and ¢; are combinations of the feed fraction ¢y
and design parameters like the absolute pressure ratio II,., the molar stage
cut # and a dimensionless permeation factor R;, which is also interpreted as
a dimensionless area of the membrane:

II, /26
P o __Hr
a 5 (Rz )+
_|_

0 0 0
300 (E - 0) HT) (4-4)

~ 2
o dr
“ (6(1—9)

0c; 1
TRI-0) (7 1 0) (4:5)
) (0% + 1260 — 12) (4.6)
with II,, 6 and R; defined as:

Pp
II, = — 4.
hy (4-7)
n
g =-"r .8
ny (4.8)
APpy
R = .
5z (4.9)

In order to compare the quality of the separation for the different flow
schemes, the characteristics of a single membrane stage are computed for a
typical binary biogas mixture of 60/40% CH4/CO,. The selected material is
cellulose acetate, which is a commercial membrane used for the removal of
CO; from natural gas and in enhanced oil recovery (Bhide and Stern, 1993).
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Pooo 0.00 barrer 1) 1000 A
Pro 2.63 barrer
Pcua, Pco, Pno 0.426 barrer

TABLE 4.4—Properties of cellulose acetate membranes (Bhide and Stern, 1993,
Phair and Badwal, 2006).
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FIGURE 4.4—Single-stage performance of different membrane unit models.

Typical properties of such membranes, which are available as spiral wound
or hollow fibre modules, are given in Table 4.4. As shown in Figure 4.4,
considerable differences occur between a completely mixed and the more
advanced cross- and countercurrent flow patterns. Especially for stage cuts
between 0.2 and 0.6 which provide a reasonable trade-off between purity and
recovery, completely mixed modules suffer from the continuous dilution of the
retentate with fresh feed. The obtained CHy-purity is up to 10% lower than in
the other cases, and more membrane area is required for a worse separation.
The performances of the cross- and countercurrent modules are very similar.
Small differences occur only at very high cut rates which are not interesting
in practice since not only the fast species but also a large amount of the slow
one permeates the membrane. In this domain, the countercurrent retentate
contains some residual COs since a log-mean average for its partial pressure
across the membrane is used. In a cross-flow scheme, the fast permeator
completely diffuses through the module due to the assumption that it is
immediately swept away from the membrane surface on the permeate side.
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4.3.2 Flowsheet options

In principle, the most general operational scheme of a membrane system is
a network of membranes where the permeate and retentate streams of each
module can connect to the inlet of all other membranes or mix to the CH;y-
or COs-rich outlet. All these modules can operate at different feed and per-
meate pressures, and the most general network definition includes a stream
conditioning unit for each connection. If the subsequent stage of an outlet
stream is at higher pressure, it requires compression and cooling, while lower
pressure allows for power recovery by a reheat and expansion stage. How-
ever, as it is generally not advantageous to remix priorly separated species,
the membrane stages are typically arranged in cascades where the depleted
streams are recycled to a preceding stage of lower purity. Although a sys-
tematic problem formulation with a superstructure model solved by mixed
integer optimisation (like for example in Girardin et al. (2006)) could have
been used, preliminary calculations with a typical biogas mixture of 60/40%
CH,/CO4 for countercurrent cascades of 1 to 4 stages and simplified schemes
with less recycle options have been conducted to better understand the sys-
tem interactions. The three most promising configurations of the general
superstructure depicted in Figure 4.5(a) for the considered membrane prop-
erties have been selected for the design study. They include a two-stage
countercurrent cascade with the feed location on the COs-rich side of stage 1
(Fig. 4.5(b)), a three-stage countercurrent cascade with a splitted feed to the
COq-rich stage 1 and the intermediate stage 2 (Fig. 4.5(c)), and a simplified
three-stage scheme with a common recycle of the depleted permeate streams
from the intermediate stage 2 and CHy-side stage 3 to the COs-rich stage 1
(Fig. 4.5(d)). In the preliminary calculations, not only the membrane sys-
tem configuration, but also its integration in the production plant depicted in
Figure 4.3 has been investigated. Especially when the separated streams are
valuable products or recovered as combustibles to provide high temperature
heat, the quality of the depleted stream(s) is important and depends on the
location where it is withdrawn from the membrane system. If CO,-capture
is not considered, the first stage retentate has been identified as the most
advantageous location for extracting the diluted mixture. If CO, is a valu-
able by-product, it is promising to withdraw it from the additional enriching
stage E1 and use its retentate as fuel. It is further observed that gradually
increasing the operating pressure from low to high CHy-purity stages is ad-
vantageous since the gas grid pressure is at higher pressure than the crude
gas. Power recovery by expansion of the gas is thus disregarded, and only
compression stages of 80% isentropic efficiency are retained for the feed and
recycling streams.
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(c) Three-stage, countercurrent recycling.
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(d) Three-stage, one common recycle loop.
F1GURE 4.5—All investigated and most promising layouts of the membrane system.

The additional stage for COg-enrichment (E1, in grey) instead of combusting the
permeate of stage 1 is only considered in Section 4.4.4.
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4.3.3 Economic model

According to the approach outlined in Chapter 1, the investment cost for
the separation system is computed by factoring the cost contributions from
the membranes and the compressors to account for other expenses associated
with the construction of the plant. The purchase cost of the membranes is
assessed by updating the cost data reported by Bhide and Stern (1993), who
considered an initial permeator module cost of 108 US$ m~2 and a membrane
element cost of 54 US$ m~2 that needs replacement every 3 years. For the
compressors, cost data from Turton et al. (1998) for centrifugal compressors
and appropriate electric drives are used. The preceding two-column TSA
unit for gas drying is sized by assuming a cycle time of 12 h and a maximum
adsorbent loading of 0.12 kgyao kg, /.o pen (Ducreux et al., 2006). According
to Ulrich and Vasudevan (2004), the cost of the adsorbent and its density have
been assumed to g US$ kg~! and 800 kg m~3, respectively. Detailed sizing
and costing information for all other process units is reported in Chapter 2.

4.4 Design study

4.4.1 Approach

Following the design methodology, the process model is coupled to a mul-
ti-objective optimisation algorithm to assess the most promising membrane
separation layouts, its operating conditions and the possible energy integra-
tion options. In order to highlight the influence of the design strategy, several
process optimisations for fixed operating conditions of the crude SNG produc-
tion are carried out. The flowsheets generated by the optimisation algorithm
are then analysed with respect to different sets of performance indicators.
A first set of indicators is chosen in order to represent the performance of
the isolated separation system, while a second one assesses the performance
of the integrated plant. Definitions of these sets are given in Section 4.4.2.
Solutions that appear optimal with respect to the different sets of indicators
are identified and compared to each other.

In addition to the comparison of the design approach and the assessment
of the optimal setup for basic SNG upgrading (Section 4.4.3), the model is
explored for the design of a separation system that also produces COs in
adequate quality for sequestration (Section 4.4.4).
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4.4.2 Performance indicators

Isolated separation system. In order to compare an isolated with a holis-
tic design approach, different sets of thermo-economic indicators representing
the performance of the separation system and the overall plant are required.
The energetic performance of the membrane separation is assessed by its
energy efficiency, defined as (Eq. 4.10):

0 —
s — AhgneMsna (4.10)
0 3t nsep,+ ’
Ahcr’udeSNG7nc7“udeSNG’ + Eoep

where superscripts * refers to the separation system. As economic indica-
tor, all the costs C'5” related to the separation are considered. Similar to the
definition for the overall system in Equation (1.42), these costs include the
investment and operating costs, i.e. the discounted investment C'¢;p ;, main-
tenance costs C}/, expenses for utilities C}/7 and a cost reflecting the loss
of the raw materials’ energy content in the depleted stream C'y, (Eq. 4.11):

C3? = Ciha+ O3 + Cib+ O (4:11)
(1 + Zr>n - 1 CSGE}%

with  Cgp, = IETATE (4.12)
Osep
C5P = 0.05 =GR (4-13)
P,
Ese}m—i—
p=———094y (4-14)
ur AR Mg ne

sep 0 - 4+ 0 -
Chry = (AhcrudeSNGmcrudeSNG - AhSNGmszvc) Csna (4.15)

where C;7, stands for the initial investment, P, for the yearly SNG produc-
tion, 7, for the interest rate and n for the discount period of the plant.

Integrated plant. For evaluating the performance of the entire plant, the
energy efficiency e of Equation (1.30) and the total production cost C'p as
defined in Equations (1.36) - (1.42) is used. Compared to C'5”, the economic
evaluation of the overall process with C'p is completed by a term for operating
labour and the actual expenses for wood are used as cost for the raw material
instead of accounting for the gas loss in the separation. As already before,
Equations (4.11) - (4.15) and (1.36) - (1.42) are evaluated with the parameters
given in Table 2.6.
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Operating conditions Unit 2-stage 3-stage
Stage cut of stage 1 01 - [0.2 0.5] [0.2 0.6]
Stage cut of stage 2 02 - - [0.2 0.6]
Stage cut of stage E1? 01 - [0.2 0.8] [0.2 0.8]
Permeate pressure of stage 1 Ppi bar [1 5] [1 5]
Permeate pressure of stage 2 Dp2 bar [1 5] [1 5]
Permeate pressure of stage 3 Dp3 bar - [1 5]
Permeate pressure of stage E1? PpE1 bar [0.2 0.8] [0.2 0.8]
Feed pressure of stage 1 Pfi1 bar [5 50] [5 50]
Feed pressure of stage 2 Pr2 bar [5 50| [5 50|
Feed pressure of stage 3 Pr3 bar - [5 50]
Fraction of feed to stage 2 Sin,2 - - [o 1]

Fraction of permeate 1 to E1®P Sp1,E1 - - [o 1]

& CCS only (Section 4.4.4).

b direct capture only.

TABLE 4.5—Decision variables of the membrane system.

4.4.3 Optimal design of the SNG upgrading system

The optimal design of the SNG upgrading system to 96%vol pure CHy is
performed for the fixed base case conditions of the crude gas production
Table 4.2. The decision variables are therefore chosen among the operating
conditions of the membranes system. In all cases, they include the stage cuts
of each stage but the last (CHy-rich) one as well as the total pressure on the
permeate and the feed sides. For the three-stage layouts, the fraction of the
inlet stream that is fed to stage 2 is furthermore considered as a decision
variable. The search space for all decision variables is given in Table 4.5.
The objective functions used in the mathematical problem formulation
must allow for generating a complete set of optimal solutions with respect to
the selected performance indicators. In the present case, maximising the SNG
recovery rsya (Eq. 4.16) and minimising both the specific power consumption
ex? . (Eq. 4.17) and the investment cost of the separation system Cir, have

spec
proven to be adequate and efficient for this purpose:

0 P—
_ Ahgngigng
TSNG = A7 — (4.16)
crudeSNG’mcrudeSNG
Esep7+
sep __
espec - (417)

0 -+
AhcrudeSNG’qncrudeSNG

The numeric optimisation results are shown in Figure 4.6 as two-dimen-
sional projections of the three-dimensional objective space. The plots show
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FIGURE 4.6—Projections of the Pareto-optimal solutions of the separation system:
trade-off between SNG recovery and power consumption (left) and investment cost
and power consumption (right).

that the SNG recovery and specific power consumption are clearly conflic-
tive, whereas no general trend is observed for the investment cost. For high
recovery ratios, the latter is positively correlated with the specific power con-
sumption since it is dominated by the need for powerful compressors. For low
recoveries, this trend is reversed by the increasing cost for larger membrane
areas that are necessary to achieve higher stage cuts. Comparing the differ-
ent layouts, it is observed that a two-stage system limits the SNG recovery
to about 85%, while more than 95% are achievable with a countercurrent
three-stage system. The limit of the alternative three-stage layout with one
recycle is at about 93% recovery. However, for values above go%, its spe-
cific power consumption is clearly higher than the one of the countercurrent
scheme.

Figure 4.7 shows the thermo-economic performance indicators for the sep-
aration system and the total process. Details of the optimal solutions with
respect to energy efficiency and production cost are given in Tables 4.6 and
4.7, respectively. Considering the isolated performance of the separation sys-
tem (plots and columns on the left), it is observed that all membrane layouts
pass through an optimal value for the SNG recovery with respect to efficiency
and cost. At low recovery levels, the performance suffers from elevated gas
losses, whereas at high recoveries, the power consumption and cost of the
compression get excessive. The two-stage scheme is clearly suboptimal due
to its lowest recovery level. Although the three-stage systems are close for a
large recovery range, the countercurrent scheme performs best since highest
recoveries are attained. At values of 93.2% and 93.8%, it reaches a mini-
mum separation cost and maximum efficiency of 32.4 € MWh™! and 87.0%,
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FIGURE 4.7—Energy efficiency (top) and production costs (bottom) of the separa-
tion system (left) and the total process (right).

respectively. Comparing the generated solutions with respect to the overall
performances (plots and columns on the right), it is observed that the slope
of the curves are flatter and that increasing the recovery above 85% does
not have any beneficial effect. When considering the integrated system, both
the operating conditions and system layout are changed. As indicated in Ta-
bles 4.6 and 4.7, the value of s;, 2 shows that the best feed location switches
from stage 2 to 1. Rather than using a countercurrent scheme, the most ef-
ficient and economic solutions are obtained with the three-stage one-recycle
layout at 83.8% and 84.1% SNG recovery, respectively. Implementing the
optimal solution suggested by the analysis of the isolated performance of the
separation system (i.e. a three-stage countercurrent scheme with 93.2-93.8%
recovery) would thus lead to a suboptimal system solution. The data in the
tables shows that the membrane area would be oversized by 58-60%, leading
to investment costs that are 39-46% higher than for the global optimum.
These results clearly indicate that the depleted permeate stream is not
lost and its quality is sufficient to be valuable as hot utility. As shown

96



4.4 DESIGN STUDY

Optimal process with respect to:
separation system

overall plant

28 3s, 1-rec  3s, CC 28 3s, 1-rec 38, CC

01 - 0.28 0.32 0.57 0.46 0-39 0.38
0o - 0.72 0.58 0.47 0.46 0.33 0.44
05 - - 0.48 0.55 - 0.34 0.38
Dpl bar 1.0 1.1 1.0 1.0 1.0 1.3
Dp2 bar 1.0 3.8 2.1 1.0 2.2 2.9
Dp3 bar - 1.1 1.2 - 1.0 1.3
Df1 bar 15.5 11.7 12.2 16.6 14.8 11.0
Df2 bar 49.5 26.0 21.4 49.8 35.9 27.3
Df3 bar - 49-4 470 - 445 42.0
Sin,2 - - 0.94 1.00 - 0.02 0.07
rSNG % 84.5 01.3 03.8 78.0 83.8 86.5
e kW MW, 785 72,9 774 491 507 531
Cih M€ 6.7 7.0 6.7 4.4 4.6 5.9
cco2,p L 799 85.0 86.9 758 797 81.5
CH2,p % 9.9 10.2 10.4 9.2 9:5 9.8
COHA,p % 9.9 4.6 2.5 14.6 10.5 8.5
A m? 6o24 7317 6537 3911 4129 6490
cyr € MWh™! 491 36.7 33.2  52.2 41.2 38.9
N

- dry wood MW 20.0 20.0 20.0 20.0 20.0 20.0
- crude SNG MW 15.0 14.0 13.7 16.1 15.1 14.7
- grid SNG MW 12.7 12.8 12.9 12.6 12.7 12.7
[sep+ MW 1.18 1.02 1.06 0.79 0.77 0.78
E- MW 0.28 0.35 0.31 0.63 0.59 0.55
P % 78.4 85.1 87.0  74.4 79.8 82.2
€ % 64.9 65.9 65.9 65.9 66.3 66.4
Cer M€ 32.5 32.2 31.7 30.9 30.3 31.4
Cp € MWh™! 1108 108.2 107.6  104.5 103.2 105.0

TABLE 4.6—Decision variables, objectives, performance indicators and key proper-
ties of best designs with respect to energy efficiency.
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Optimal process with respect to:

separation system overall plant
28 3s, 1-rec 38, CC 28 3s, 1-rec 38, CC

01 - 0-35 0.40 0.560 0.44 0-39 0.45
0o - 0.62 0.58 0.52 0.48 0.40 0.44
03 - - 0-39 0.46 - 0.24 0.32
Dp1 bar 1.0 1.1 1.0 1.0 1.0 1.1
Dp2 bar 1.0 3.8 3.0 1.1 2.2 4-3
Dp3 bar - 1.1 1.1 - 1.4 1.8
Dr1 bar 17.4 20.1 12.1 22.8 24.4 23.5
D2 bar 49.9 49.7 359 47.7 49.0 49.5
Df3 bar - 49.9 50.0 - 49.0 50.0
Sin,2 - - 0.94 0.98 - 0.00 0.21
TSNG % 83.0 91.2 93.2 79.3 84.1 85.6
Cspec kWelMW;ll 63.9 80.2 76.9 54.2 55.9 60.0
Cin M€ 5.3 5.4 5.7 4.3 4.1 4.6
cco2,p % 78.9 85.0 86.6 76.6 79.9 80.8
CH2,p % 9.7 10.1 10.3 9.3 9-4 9.7
CCH4,p % 11.1 4.8 3.0 13.7 10.4 9.2
A m? 4423 3712 4675 3304 2928 3466
cyr € MWh=! 467 35.8 324  50.6 41.2 40.0
A%

- dry wood MW 20.0 20.0 20.0 20.0 20.0 20.0
- crude SNG MW 15.3 14.1 13.8 15.9 15.1 14.9
- grid SNG MW 12.7 12.8 12.9 12.6 12.7 12.7
Jsep,+ MW 0.98 1.13 1.06 0.86 0.84 0.89
E- MW 0.45 0.32 0.35 0.59 0.56 0.52
5P % 78.0 84.4 86.6 75.2 79.6 80.7
€ % 65.6 65.7 66.0 65.9 66.2 66.2
Car M€ 31.2 30.6 30.7 30.6 29.9 30.2
Cp € MWh™!  106.5 106.1 105.6 1044 102.9 103.7

TABLE 4.7—Decision variables, objectives, performance indicators and key proper-
ties of best designs with respect to production cost.
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FIGURE 4.8—Molar composition and adiabatic flame temperature of the permeate
stream.

in Figure 4.8, it still contains a considerable amount of methane beneath
the hydrogen that permeates very fast in the cellulose acetate membrane.
The adiabatic flame temperature of the stream is therefore high enough to
transfer heat to the gasification reactor, which is illustrated by the energy
flow diagram depicted in Figure 4.9. At 95% recovery, 19.9% of the chemical
energy content of the producer gas is directly used as utility, 11.0% is lost
as methanation reaction heat, 3.5% is used as utility in the form of depleted
membrane permeate and 65.6% is present as final product. At 85% recovery,
only 11.7% of the producer gas is withdrawn from the process stream, and
the share of the depleted membrane permeate used as utility is close to 50%.
Although this results in a decreasing utility demand from 23.4% to 23.1%
due to the more advantageous combustion properties of the permeate, a slight
decrease to 64.7% of final product is caused by an increase of the methanation
reaction heat loss to 12.2%. At about 75%, the complete heat demand of
the gasifier is satisfied by the membrane permeate, and no more savings of
producer gas can be obtained below.

4.4.4 Process optimisation for CO, capture

In the previous sections, the design of the separation system is only focussed
on the upgrading of the main product to grid quality and the CO5-rich stream
is considered as waste. In order to prevent the emission of the remaining
highly active greenhouse gas CH, to the atmosphere, the final membrane
permeate is completely oxidised. In the most economic designs, the purity
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F1GURE 4.9—Conversion of the chemical energy in the producer gas through the
system.

of the COy in this stream does thereby not exceed 80%, which allows for
recovering its heating value at a sufficiently high temperature to be useful
for the process.

A priori, the elevated amount of COy in the bulk composition of the
crude SNG encourages for producing not only SNG, but also recovering the
CO; as a by-product. In case of SNG production from biomass, applying
carbon capture and storage (CCS) would thereby turn the process into an
atmospheric COq-sink if the resource is exploited in a sustainable way (i.e.
no deforestation and limited impact from biomass processing). In fact, the
complete oxidation of biogenic carbon does not produce net emissions of COs,
since it has previously been extracted through photosynthesis during plant
growth and the carbon cycle is closed. When the reemission of COs is partly
prevented by its capture at the conversion plant and sequestration, the net
balance of emitted greenhouse gases becomes indeed negative considering the
entire life cycle of the product.

In order to facilitate approaching a typical purity requirement of 95%
for CCS, preliminary calculations suggest to complete the membrane pro-
cess layout with an enriching stage of the same material. As shown in
Figures 4.5(b)-(d), the retentate of the additional stage E1 is thereby not
recycled to the stripping section (stage 1), but withdrawn from the mem-
brane system. The separation of the main product is thus not additionally
loaded by diluting the feed, and the heating value of the low-value retentate
of stage E1 can be used as utility with more advantageous fuel properties
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than the originally used permeate from stage 1. To attain the purity require-
ment for sequestering the permeate from E1, two strategies are envisaged.
On the one hand, it could be directly brought to sufficient purity and cap-
tured, including the residual Hy, CH; and minor amounts of CO and No.
Alternatively, the residual Hy, CH; and CO may be completely oxidised to
COy, in which case the captured COs is only accompanied by 5%vol of inert
Ns. As shown in Figure 4.3, this can be done by catalytically combusting
the E1-permeate with enriched air, for which the required oxygen is obtained
through electrolysis. The by-produced Hs can thereby be fed to the metha-
nation and results in an increase of the SNG yield (Gassner and Maréchal,
2008).

In order to find optimal process configurations for CCS, the multi-ob-
jective optimisation strategy is applied to the most promising layouts. As
objectives, the amount of captured carbon per total carbon in the biomass
feed (hereafter termed as carbon capture ratio) is maximised while the pro-
duction cost defined in Equation (1.42) for SNG including CCS is minimised.
Like in Section 4.4.3, base case conditions for the crude gas production are
assumed and the same decision variables for the stripping section are con-
sidered (Table 4.5). Figure 4.10 shows the computed impact of the carbon
capture on the production cost of SNG and the process efficiency, as well as
the specific power consumption and cost for the recovery of 95% pure COs
at atmospheric pressure and temperature. In Table 4.8, the operating condi-
tions and performance of some selected process designs that are highlighted
in Figure 4.10 are given.

For small amounts of captured carbon, direct capture without catalytic
combustion proves to be better. Since no additional equipment for electroly-
sis and catalytic combustion is needed and only additional membrane surface
and compression power is required, the production cost increases and the en-
ergy efficiency decreases almost continuously from the best solution without
capture. When the capture ratio reaches about 15%, it becomes more and
more difficult to attain the purity requirement, the penalties on cost and ef-
ficiency increase considerably and direct capture gets suboptimal. At higher
capture ratios, catalytic combustion with enriched air becomes profitable due
to the less strict purity requirement of the permeate and the advantage of
recovering its heating value. For this setup, the cost and efficiency penalty
increases considerably from about 30% onwards. At this ratio, the flame
temperature of enriched air combustion also begins to exceed the pinch point
of the process and the stream must be used as a heat service for the gasifica-
tion. The gasifier design would thus become more complex since heat needs
to be supplied from two physically separated combustion chambers (one with
normal, one with enriched air). At this technological barrier, 30% of carbon
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Mode of capture, selection criteria® A B C D
01 - 0-39 0.35 0.41 0.37
0 - 0.40 0.43 0-34 0.35
03 - 0.24 0.28 0.27 0.36
01 - - 0.35 0.48 0.63
Dp1 bar 1.0 2.2 3.4 3.6
Pp2 bar 2.2 2.4 2.1 3.0
Dp3 bar 1.4 1.1 1.1 1.3
DPpE1 bar - 1.1 1.1 1.2
Pr1 bar 24.4 27.0 33.9 32.8
P2 bar 490 49-3 471 45-2
Df3 bar 49.0 49.9 49.1 48.6
DrE1 bar - 12.1 6.7 13.8
Sin,2 and sp1 E1 - 0 0 0 0
TSNG % 84.1 85.5 82.2 83.8
Espec kW MW, ! 55-9 71.2 63.7 69.4
cir M€ 4.1 5.0 4.9 5.1
ccoz,p %o 799 95-0 93.6 93.0
CH2,p % 9-4 4-3 5.1 5.6
COHAp % 10.4 0.7 1.3 1.3
A m? 2928 3253 3516 3532
cy? € MWh! 41.2 43.0 474 46.0
N MW 20.0 20.0 20.0 20.0
Ah‘(c)rudeSNG’Th’cr’udeSNG MW 151 15.0 156 15-4
AhgnaMgna MW 12.7 12.8 12.8 12.9
Esep— MW 0.84 1.07 0.99 1.07
E- MW 0.56 0.29 0.27 0.11
e % 79-6 79-8 77-3 78.3
€ % 66.2 65.5 65.3 65.0
Car M€ 20.9 30.6 31.2 31.4
Cp € MWh™! 102.9 106.8 108.0 109.9
carbon capture ratio % - 16.2 23.4 29.8
carbon in SNG % 34.7 35.0 35.0 35-3
carbon emitted on site % 65.3 48.8 41.6 34-9
Cg;ctrolysis & cat. comb. k€ _ _ 189 302
rel. increase of Cagr % - 2.4 4.3 5.0
spec. power for CCS kVVheltonalo2 - 234 172 208
Cco2 (180 € MWhe_ll) € 1:0115102 - 42.5 38.8 41.6
Cco2 (40 € MWhe_ll) € tona})2 - 9.8 14.7 12.5

& A: no capture, min. C'p; B: direct capture, min. C'p; C: capture via cat. comb. with

enriched air, min. C'p; D: capture via cat. comb. with enriched air, techn. barrier.

TABLE 4.8—Decision variables, objectives, performance indicators and key param-
eters of selected designs for CCS in comparison with the reference solution without

capture.
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FIGURE 4.10—Pareto-optimal solutions for COy-capture (top, right) and its impact
on the process efficiency (top, left). Specific electricity consumption (bottom, left)
and relative cost (bottom, right) of capture for two different electricity prices.

contained in the biomass is captured, 35% of the carbon leaves the process
as SNG and 35% is released to the environment in the on-site flue gas.

If the specific cost and power consumption per ton of CO, is considered,
the optimal carbon capture ratio lies around 15% for direct capture and at
25-30% for capture after catalytic combustion. At these ratios, the net spe-
cific power consumption for CO, purification is in the order of 200 kWh ton =1,
and the process efficiency is decreased by 0.5-1%. The cost of capture is there-
fore strongly dependent on the cost of electricity. If a price of 180 € MWh™!
for green electricity is considered, the share of expenses for electricity con-
tributes to more than 80% at the optimal capture ratios, the rest being
related to the additional investment. If typical electricity generation costs of
40 € MWh™! for new coal and natural gas power plants without CCS are
assumed (Meth et al., 2005), the cost of captured — and avoided — CO4 drops
from 40 € ton~! to below 15 € ton~'. This value is considerably lower than
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the ones compiled by Meth et al. (2005) for CCS from fossil fuel power plants.
It is therefore potentially more economic to do CCS via an SNG plant that
doing the capture at the power plants itself, and trading CO certificates
could be used as a way to increase the profitability of the SNG production.

4.5 Conclusions

By implementing a thermo-economic model for multicomponent membrane
gas separation in the process model for SNG production, different design
approaches for SNG upgrading to grid quality have been compared. Using
multi-objective optimisation, it has been shown that the resulting system
design and performance depends markedly on the level of process integration
that is implemented. If the interactions between the separation system and
the reactive parts of the process are disregarded and only the isolated perfor-
mance of the separation system is considered, the size, cost and electricity
consumption of the separation are significantly exaggerated. By including
the process integration in the design problem, advantage is taken from us-
ing depleted gas from the separation as utility and less product recovery is
required. For the considered membrane properties and design constraints, a
globally optimal system recovers only about 84% instead of 93% of the crude
SNG and satisfies about 50% of the heat demand with depleted membrane
permeate.

Finally, different strategies for simultaneously purifying the by-produced
COq to fulfil the requirements for long-term storage have been investigated.
It has been shown that completely oxidising the residual CH,, Hy and CO in
a catalytic combustion with enriched air from electrolysis is promising. This
is because less effort must be put into the gas separation, the heating value
of the residues is recovered and the by-produced hydrogen increases the SNG
yield. The cost of captured and avoided COs is strongly dependent on the
cost of electricity and lies in the range of 15 to 40 € ton~!, which is lower
than the cost for avoiding CO, at a fossil power plant. Capturing CO, at the
SNG plant using electricity from a centralised power plant is thus potentially
more economic than investing in an end-of-pipe capture at the power plant.
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CHAPTER O

Prospects of site-scale integration

This chapter concludes the discussion of the energy and process integration
aspects by an outlook to site-scale integration of combined ethanol and SNG
production from lignocellulosic biomass.

5.1  Ethanol production from lignocellulosic
biomass

In the public and scientific debate on biofuels, ethanol from lignocellulosic
biomass is one of the most popular alternatives that may allow for a sus-
tainable production. Compared to thermochemical processing of biomass
which assures a complete conversion of the feedstock, it yet suffers from an
inherently lower fuel yield since lignin resists to biological degradation.
Following the method outlined in this thesis, Zhang et al. (2009) recently
developed a process model for fuel ethanol production from lignocellulosic
biomass based on double acid hydrolysis. According to the block flow dia-
gram of the principal process steps depicted in Figure 5.1 (left), Zhang et al.
modelled the biomass hydrolysis in two stages at 155-165°C with conversion
yields of 80%, 70% and 10% for the degration of cellulose to glucose, hemi-
cellulose to xylose and further to furfural, respectively. After removing the
suspended solids, glucose and xylose are then fermented to ethanol and CO,
at conversion yields of 95% and 60%, respectively. The distillation is car-
ried out in three columns, where ethanol is subsequently concentrated from
2.7%wt to 40% and further to the azeotrope at g95%wt, from which it is
rectified with cyclohexane as entrainer to 99.5%wt. After recovery of the
residual ethanol and cyclohexane by stripping, 9o% of the organic matter
in the wastewater is recovered as biogas by anaerobic digestion. For these
conversions, the composite curve in Figure 5.1 (right) assesses a minimum en-
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FIGURE 5.1—Principal mass and energy balances of ethanol production according
to the model of Zhang et al. (2009).

ergy requirement (MER) at 130-170°C of roughly 15% of the biomass input,
which also includes the multi-effect evaporation from 75 to 35%wt humidity
of the lignin-rich slurry recovered from hydrolysis. With a dry biochemical
composition of 12.3%wt hemicellulose, 25.9%wt cellulose and 61.8%wt lignin,
this residue represents more than 50% of the feedstock’s chemical energy due
to the modest yields assumed in hydrolysis and fermentation.

5.2 Energy integration and recovery

5.2.1 Conventional combustion and power cogeneration

The most straightforward use of the residual lignin slurry and biogas is to
supply the process MER by combustion and cogenerate power from the excess
heat in a steam Rankine cycle, which is the solution proposed in NREL’s
reference design (Aden et al., 2002). Despite the considerable heat demand of
distillation, Figure 5.2(a) highlights that combustion of the residues generates
a lot of excess heat which is recovered at a very modest efficiency. Assuming
a single steam production level at 8o bar (295°C), superheating to 550°C,
steam utilisation at 14.9 bar (198°C) and 3.6 bar (140°C) and condensation at
0.02 bar (20°C), the energy balance of Table 5.1 assesses a net partial electric
efficiency of 17.1% based on the overall plant input, which corresponds to
an electricity yield of roughly 34% from the residuals. In this configuration,
the Rankine cycle operates largely independent of the ethanol plant and an
important amount of energy is lost in the cooling water due the exergy losses
in the heat recovery. Benefits from process integration are small.
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Lignin use combustion  gasification SNG (gasification & methanation)
steam cycle comb. cycle - steam cycle & heat pumps

Fig. 5-2(a) 5-2(b) 5-2(¢) 5-3(b) 5-3(¢)

€EBIOH 32.3% 32.3% 32.3% 32.3% 32.3%

ESNG - - 40.3% 35.2% 41.9%

€el 17.1% 21.5% -3.0% 1.9% -0.5%

€ 49.4% 53.8% 70.5% 69.4% 73.6%

€chem 62.3% 70.0% 67.3% 70.8% 73.2%

n 52.5% 56.9% 74.9% 73.8% 78.5%

TABLE 5.1—Screening of partial and total efficiencies defined by Equations (1.30)
to (1.35) for different lignin valorisation and process integration options (without
any optimisation).

5.2.2 Gasification alternatives

Compared to the chemical energy potential of the residuals, the process heat
demand is relative small and cogeneration technologies with a low heat share
are thus preferable. For this purpose, the use of an integrated gasification
combined cycle (IGCC) has been investigated by Hamelinck et al. (200%5)
and later also Laser et al. (2009a). By generating power from the producer
gas in a gas turbine, the exergy losses at high temperature are reduced and
the total power output thus increased (cf. Fig. 5.2(b)). With a topping
cycle design similar to the one proposed by Brown et al. (2009), IGCC based
on pressurised, oxygen blown gasification allows for increasing the power
cogeneration from 17.1% to 21.5% of the total biomass input compared to a
simple steam Rankine cycle.

In order to increase the overall fuel yield, a second alternative would
be to thermochemically convert the residual lignin slurry to other liquid or
gaseous products. Compared to the power generation options discussed in
the previous sections, the share of excess heat of this processes is generally
lower, and less exergy losses are thus expected in the conversion. While Laser
et al. (2009b) discuss scenarios for the coproduction of Fischer-Tropsch fuels,
dimethyl ether or hydrogen, we briefly explored the suitability of SNG pro-
duction at a case based on conventional indirectly heated gasification (Zhang
et al., 2009). As illustrated by the composite curve of Figure 5.2(c), the
excess heat available from the conversion of the residual lignin slurry into
SNG matches well with the requirement for ethanol distillation. Together
with the sensible heat of the producer gas and fumes, the excess heat from
the exothermal methane synthesis just balances with the demand for ethanol
production, and the total cooling requirement equals the strict MER assessed
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the production of ethanol from wood (biogas is combusted in all cases).
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in Figure 5.1. In this setup, SNG production allows for increasing the com-
bined fuel yield to over 70%. However, no excess excess heat is available for
power cogeneration and an equivalent net amount of 3% of the biomass input
is consumed by the process (Tab. 5.1).

5.2.3 A paradox of energy and exergy

Transforming the section composite curves of Figure 5.2(c) into a single grand
composite curve of Figure 5.3(a) reveals a paradoxal situation in waste heat
recovery: Although high-temperature exergy is potentially available, there is
no heat excess in the system for its extraction as mechanical power. Cogen-
eration is thus limited by the first law of thermodynamics and not, as usual,
by the second. In order to overcome this limitation and valorise the exergy
potential at high temperature, energy must be supplied to the system above
the process pinch at 104°C.

One alternative is the combustion of additional producer gas to not only
satisfy the pinch at gasification temperature, but also provide supplementary
energy for power cogeneration. Such a situation is illustrated in Figure 5.3(b).
As just as much energy to extract the exergy potential of the high-tempera-
ture streams is supplied, a marginal electric efficiency Ae./Aesneg of 96% is
obtained since no thermodynamic, but only thermal and mechanical losses
in the boiler and turbomachinery occur. The according energy balances of
Table 5.1 highlight that this allows for a gross power generation of roughly
5% of the total biomass input and results in an overall positive balance of
the integrated plant.

Another, thermodynamically more promising alternative is to supply the
required energy not by combustion of producer gas, but by heat pumping
across the low temperature pinch. While combustion only transforms the
chemical energy of an intermediate product without second-law losses into
power, heat pumping adds more energy from below the process pinch — or
the environment — above the process pinch. This allows for generating a net
supplement of useful energy in the form of power, and not just the conver-
sion of chemical into mechanical energy. The prevailing temperature profiles
enable water as working fluid of two heat pump cycles from 68 to 107°C
(0.28 to 1.29 bar) and 91 to 128°C (0.72 to 2.53 bar). With a combined shaft
power of only 560 kW, these cycles provide 3.9 MW,, above the pinch,
which allows the power cycle to extract 2.0 MW,; of the available high-tem-
perature exergy. Overall, the net recovery of 1.4 MW, almost balances the
electricity demand of the plant. At the same time, the SNG yield is not only
constant but even increased, since the heat pumps also substitute heat that
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FIGURE 5.3—Exergy recovery in combined ethanol and SNG production.
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has previously been transferred across the high temperature pinch by only
partially preheating the combustion air.

5.3 Conclusions

Table 5.1 summarises the benefit of designing site-scale integrated processes.
Starting from an overall energy efficiency of 49.4% for the conventional pro-
cess design, the combined production of SNG and ethanol from lignocellulosic
resources allows for increasing the efficiency to up to 73.6%.

This brief outlook thus detects substantial potential in the polygenera-
tion of fuels by exploiting the synergies between complementary conversion
processes. The proper, overall-site integration of mass and energy is thereby
a necessary condition to fully exploit the resource, which can only be realised
by a systematic approach. In this regard, the findings with respect to thermal
exergy recovery are not restricted to applications in the biofuel sector. In-
stead of addressing a waste heat recovery problem from the process streams’
energy excess, it should be formulated as a problem of exergy minimisation,
in which energy and exergy conversion technologies symmetrically allow for
exchanges between the process streams and the environment.
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CHAPTER O

Process typefaction

Based on the process model developed in Chapter 2, this chapter presents a
systematic typefaction of all candidate technology and process configurations
for the polygeneration of SNG, heat and power. It thereby discusses the influ-
ence of the process technology, operating conditions and process integration
on the thermo-economic performance of optimised plant configurations. Fur-
thermore, the economic scaling is quantified and the most profitable flowsheets
for different energy prices and scale are identified.

6.1 Introduction

As illustrated by the general process superstructure developed in Figure 2.1 of
Chapter 2, thermochemical fuel production from biomass proceeds through
several conversion steps for which several major technological options are
available. This results in a multitude of possible configurations, in which the
candidate technologies of the process sections adapt and integrate differently
with each other. The distinct thermo-economic characteristics and cogen-
eration potentials of these alternatives are furthermore expected to scale
differently. The choice of the optimal plant configuration is yet not only
scale-dependent, but also very specific to the prevailing or projected eco-
nomic conditions in which the relative value of both capital and the multiple
energy services may change.

In this context, the objective of a process typefaction is to systematically
assess the thermo-economic performance of the process configurations and
identify the most promising technologies and their optimal matches in terms
of operating conditions, process scale and the economic environment.

Previous studies in the field of fuel production from biomass have carried
out this kind of task by defining some typical flowsheet scenarios by hand.
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Process superstructure Identification of process
configuration alternatives

Performance indicators 1
Process design variables | Generation ofthermo—economic]

performance database

|

Scaling range Economic scaling of the
Pareto-optimal configurations

Economic conditions 1
(Energy prices,
Investment parameters) Performance evaluation at
specific economic conditions

1 Optimal flowsheets
at multiple scales

Fi1GURE 6.1—Typefaction sequence.

For SNG production with conventional gasification and methanation, this
has been done by Mozaffarian and Zwart (2003), and for model illustration
purposes in Chapter 2 of this work. Luterbacher et al. (2009) studied some
technology scenarios for hydrothermal SNG production, and popular exam-
ples of this approach applied to the production of Fischer-Tropsch fuels are
Tijmensen et al. (2002) and Hamelinck et al. (2004).

In order to systematically address the typefaction of candidate technology
and process configurations for thermochemical SNG production, the present
chapter follows the approach illustrated in Figure 6.1. In a first step, all
potentially adequate technology routes are identified from the process super-
structure of Figure 2.1. For these candidate configurations, a set of thermo-
economically optimal flowsheets is then generated by multi-objective opti-
misation of their design with respect to adequate performance indicators.
This database of Pareto-optimal flowsheets is scaled, which finally allows for
evaluating the performance of all technology routes with respect to different
economic conditions at multiple scales.

6.2 Typefaction by multi-objective
optimisation
Multi-objective optimisation techniques have been introduced in the concep-

tual design of energy conversion systems in order to provide an enlarged set
of candidate solutions to a design problem that is characterised by several
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conflictive objectives such as efficiency, cost and environmental impact. Due
to their ability of handling non-linear and non-continuous objective functions,
evolutionary algorithms have thereby proven as a robust method for solving
these complex programming problems.

In the context of energy conversion system design, Toffolo and Lazzaretto
(2002) discuss the basic concept of Pareto optimality and evolutionary algo-
rithms for multi-objective optimisation. They demonstrate its usefulness at
a benchmark cogeneration problem, in which they consider the exergy effi-
ciency and total cost including expenses for plant operation (i.e. fuel) and
investment as objectives. By introducing a pollution cost in their economic
objective function, Sayyaadi (2009) and Lazzaretto and Toffolo (2004) gener-
alise the thermo-economic benchmark problem to an environomic one. While
Lazzaretto and Toffolo introduce a third objective targeting the minimim
emissions and thus follow the approach’s underlying intention of dissociating
objectives of different kinds, Sayyaadi aggregates the economic and environ-
mental criteria in a conventional way.

Based on an evolutionary algorithm developed by Leyland (2002) and
Molyneaux (2002), Maréchal et al. (2005b) and Autissier et al. (2007) apply
multi-objective optimisation to energy conversion systems based on fuel cells.
Contrary to the studies of Sayyaadi, Lazzaretto and Toffolo, they completely
dissociate the effects of conversion efficiency and system cost by considering
only the investment as economic target in their objective definition. The
same has been done by Brown et al. (2009) for biomass-based integrated
gasification combined cycles, whereas Li et al. (2006) applied the algorithm
targeting minimum total cost and COy-emissions for natural gas combined
cycles.

In an attempt to uncouple the generated set of optimal solutions from
weighting parameters, a systematic choice of the objectives in the problem
formulation for polygeneration systems has been proposed in Chapter 1 of
this work. Although useful for a detailed system design demonstrated in
Chapter 4, this approach is yet less suitable for typefaction purposes since
the increasing problem complexity requires a far more detailed analysis of the
numeric results that is beyond the scope of a typefaction. For this reason,
an optimisation problem with a more conventional two-dimensional objective
space is formulated and solved in Sections 6.3 and 6.4. In the last part of
the chapter (Section 6.5), the systematic typefaction of candidate SNG-tech-
nology is concluded by investigating the influence of process scale on the
thermo-economic characteristics and the optimal configurations, which is an
issue that has not been addressed in any of the previously mentioned studies.
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6.3 Optimisation problem formulation

6.3.1 Production setting

The previous chapters have shown that thermochemical conversion processes
are highly integrated installations that can generate several energy services
from biomass. The relative amounts of these products are adjusted in the
process design, which might result in the use of different technologies and op-
erating conditions for different demands of energy services. The best configu-
ration for a specific production setting is therefore dependent on the biomass
availability, local heat cogeneration possibilities and economic boundary con-
ditions such as energy prices. In order to highlight the influence of this
specific conditions, the process typefaction is carried out for all candidate
configurations without and with industrial heat cogeneration at 110°C (70°C
return temperature). For the entire analysis, wood with the properties of
Table 2.1 is considered as raw material. SNG at 96%vol CHy is delivered dry
to the grid at 5o bar and 25°C.

6.3.2 Process configuration alternatives

Based on the developed process model for the superstructure depicted on
Figure 2.1, all principal technology combinations for SNG production by
gasification and methanation are considered for the optimisation. According
to the operating conditions detailed in Table 6.1, both drying technologies are
optimised with respect to the residual humidity level and the temperature of
the drying medium. In case of steam drying, operating pressure is also used
as a decision variable since it determines the temperature at which the latent
heat is recovered. For gasification, indirectly heated FICFB technology at
nominal operating conditions and directly heated, pressurised steam-oxygen
gasification are considered. Although currently not demonstrated in practice,
the benefits of an advanced indirectly heated gasifier operated under pressure
are explored in additional runs. By expanding the fumes from combustion,
such a facility would represent a gasifier that shares its combustion chamber
with a gas turbine. Yet technically very challenging, this would allow for
generating additional power and thus increase the cogeneration efficiency.
Among the thermal pretreatment options for gasification, only torrefac-
tion in connection with indirectly heated gasification is considered, in which
the volatiles released during torrefaction are used for heat supply. Pyroly-
sis is not included in the candidate configurations since the scale-up of the
investigated pilot pyrolysis unit is expected to be very costly (cf. Chapter 2).
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For all candidate configurations, cold gas cleaning including biodiesel
scrubbing is used as reference technology. In case of pressurised gasification
and methanation, the benefits obtained through advanced hot gas cleaning
is further assessed. For gasification at atmospheric pressure or COg-removal
upstream of methanation, no benefit is expected from this technology since
the producer gas needs to be cooled anyway for compression or separation.
In all configurations, methane synthesis is considered to be carried out in an
internally cooled fluidised bed that is recently successfully demonstrated at
pilot scale (Biollaz et al., 2009).

In order to find the best technology matches, all possible combinations
of the crude SNG production and its upgrade are considered in the opti-
misation. Whereas pressure swing adsorption and physical absorption with
Selexol are suitable for COs-removal both up- or downstream of methana-
tion, membrane technology can only be applied downstream due to the fast
permeation of hydrogen. For this case, three cellulose acetate membrane
stages arranged as shown on Figure 4.5(d) have been identified as the best
subsystem configuration. Similar to the other COs-removal options, a final
polysulfone membrane for hydrogen removal and recycling to the methane
synthesis reactor has further proven useful. All other depleted streams from
the liquid-vapour and gas separation units are preheated to 400°C and either
used for energy supply or disposed by catalytic combustion. If necessary, cold
producer gas is withdrawn as supplementary fuel to balance the energy re-
quirement of the indirectly heated gasifier. Compared to the other candidate
fuels discussed in Chapter 3, this is the less performing, yet currently imple-
mented solution due to its technical convenience. In all runs, excess heat is
recovered in a Rankine cycle whose header layout and operating conditions
are optimised according to Table 6.1.

Overall, the typefaction covers 60 (20 FICFB, 16 CFB-O2 and 2-12 pres-
surised FICFB) technology combinations that are individually optimised for
operation with and without industrial heat cogeneration. Since the applied
evolutionary algorithm does not feature a convergence criterion, the optimi-
sations are stopped after 10’000 iterations. The large computational effort
has been managed by parallel computing on the EPFL pleiades cluster in
roughly 480 net days on an equivalent single 2.67 GHz processor (EPFL
Pleiades cluster, last visited 11/2009).
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6.3.3 Performance indicators and objectives

As discussed in Chapter 1, the multiple thermodynamic, economic and envi-
ronmental indicators defined to measure the process performance are weighted
combinations of all material, energy and monetary input and output streams.
On this basis, it is argued that the use of all independent flows as objectives is
the most consequent choice, since it allows for generating a general set of op-
timal configurations that is independent on the weighting factors. Although
feasible in principle, this approach is yet cumbersome to comprehensively
compare all potential process configurations included in a large superstruc-
ture as the one for SNG-production developed in Figure 2.1. Instead, a more
conventional two-dimensional approach with one thermodynamic and one
economic objective seems more appropriate for this purpose.

In most of the previous multi-objective thermo-economic optimisations,
exergy efficiency has been chosen as thermodynamic objective since it pro-
vides a physically strict appreciation of heat and power in cogeneration appli-
cations (Toffolo and Lazzaretto, 2002, Lazzaretto and Toffolo, 2004, Sayyaadi,
2009, Brown et al., 2009). Although no physical argument objects its use in
the trigeneration of fuel, heat and power, the analysis in Section 1.6.1 has
yet shown that it disproportionately favours the fuel output from a technical
point of view. For a balanced weighting of technical relevance, the chemical
efficiency €.pem based on a SNG-equivalent for heat and power defined in
Equation (1.35) is therefore chosen as thermodynamic objective for the type-
faction. As economic objective, the specific investment cost cgr obtained by
normalising the grass roots cost of Equation (1.25) with the process scale is
used:

CGR
CGR — Aho g (61)

biomass mbiomass

which is similar to the economic objective used by Maréchal et al. (2005b).
In our case, an arbitrary reference scale of 20 MWy, piomass has been chosen
for the optimisation step.

Compared to the minimisation of the total production cost by Sayyaadi,
Lazzaretto and Toffolo, minimising cqr considers the plant scale directly and
eliminates the thermodynamic performance from the economic objective. It
thus provides the complete range of optimal plant configurations by extend-
ing the Pareto front at the low-cost extreme, which is limited in Lazzaretto
and Toffolo’s (2004) approach to the economic optimum at fixed economic
conditions and process scale.
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FIGURE 6.2—Pareto-optimal solutions of all examinated process configurations
without (left) and with heat cogeneration.

6.4 Thermo-economic performance of the
candidate technology

Figure 6.2 provides a general overview of the optimal thermo-economic perfor-
mances for all candidate processes at the reference scale of 20 MWy, piomass,
which are discussed in detail in the following sections. Without industrial
heat cogeneration, most of the configurations based on indirectly heated gasi-
fication at atmospheric pressure reach chemical (i.e. SNG-equivalent) efficien-
cies between 60 and 76% at specific investment costs of 1000 to 1300 € kW1,
For directly heated, oxygen-blown gasification under pressure, the Pareto
fronts range from 68 to 80% efficiency at 700 to 1000 € kW' and clearly
dominate the ones of its competitor. Industrial heat cogeneration allows for
slightly decreasing the investment costs and increasing the chemical efficiency
up to 80% and 86% for indirectly and directly heated technology, respec-
tively. If indirectly heated gasification could be operated under pressure,
the gap between the two technologies narrows. A combined gasification/gas
turbine configuration could reach over 80% chemical efficiency without heat
cogeneration and thus even become globally optimal at the high-efficiency
end.
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Figure 6.3 illustrates the product outputs at a regression of the partial
efficiencies ¢; defined in Equations (1.32) on the the chemical efficiency €.pem.
For each process configuration, (a) shows the mean values of esyg, €4 and
€, on a Pareto front and (b) the slope of their on €.e,. In most of the cases,
A€esnG/A€cpem is close to zero, which highlights that the amount of SNG
produced by a specific technology combination is constant on a Pareto front.
The operating conditions of the thermochemical conversion are thus not con-
flictive with respect to investment cost and SNG yield, and the trade-off
between efficiency and cost within a specific process configuration is mainly
related to the cogeneration of heat and power.

6.4.1 Drying and thermal pretreatment

Figure 6.4 compares some typical performance curves for the pretreatment
options at the example of FICFB gasification with PSA and membrane sepa-
ration technology. If industrial heat cogeneration is not considered, air drying
is assessed as the better drying technology at the low-efficiency end. Above
approximately 67 to 69% for PSA and membrane separation, respectively, the
Pareto fronts intersect and steam drying gets clearly dominating at higher
efficiencies. The same qualitative behaviour is observed for all other config-
urations and is due to the possibility for latent heat recovery from steam
at useful temperature. If this heat can be valorised directly in a distribu-
tion grid, steam drying is the better technology in the entire Pareto domain,
which is characterised by a constant translation from air to steam towards
considerably higher efficiencies at slightly higher costs.

The optimal drying temperatures and their distribution are dependent on
the technology and can be explained with the individual equipment perfor-
mance. As shown earlier in Figure 2.2, the thermal efficiency of air drying is
markedly increasing with its inlet temperature 7'y ;,, which is beneficial for
the overall process since more excess energy is available for heat and power
cogeneration. In the optimisation, T, of air is not conflictive and always
at its higher bound defined in Table 6.1. If steam drying is used, the heat
requirement and the specific power consumption for drying are slightly de-
creasing with temperature (Fig. 2.2). Contrary to air drying, 74, of steam
is thus conflictive with respect to the thermo-economic performance of the
entire process and tends to its lower bound for more efficient solutions and
to its higher bound for the less costly ones. In all configurations with steam
drying, the operating pressure is preferably chosen at the upper limit, and
a compact process setup might consist in operating the dryer as a steam
generator for methane synthesis.
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Comparison of some selected pretreatment options for FICFB-gasification.

Independently on specific technology, the residual humidity of the dried
biomass is a key variable in any process design. As discussed in Chapter 3,
limiting the humidity content in the gasifier feed allows for decreasing its
energy requirement at high temperature and the exergy loss during gasifica-
tion. This may affect the cold gas efficiency €., (Eq. 2.20) in a 10% order
of magnitude as observed for FICFB technology in Figure 3.3, which is yet
partially compensated with respect to overall performance by heat and power
cogeneration from the increased excess heat below the pinch. The decision
variable is thus conflictive with respect to the partial yields and thus within
the thermodynamic objective itself. For most of the configurations, a value of
D4 wooa at the considered lower bound of 10% is beneficial for high chemical
efficiency but also requires a higher investment. However, for air drying with
heat cogeneration or air drying coupled to torrefaction, decreasing ®g 004 at
the expense of a high dryer heat load is not worthwile, the variable is not
conflictive and always at its upper bound of 30%.

Similar energy integration effects are observed when the gasifier feed is
completely dried and partly decomposed by torrefaction. Compared to config-
urations without a second thermal pretreatment step, this allows for further
enhancing the SNG yield to the expense of heat and power cogeneration.
The weighting applied by €pen does however not balance the reduced contri-
bution of the by-products with increased fuel output, and the Pareto fronts
of the configurations with torrefaction on Figure 6.4 drop away from the op-
timal performance at elevated chemical efficiency. In all cases, T'; ;,, tends to
its upper bound of 400°C.
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6.4.2 Gasification and fuel synthesis
6.4.2.1 Gasification

As already discussed in the introductory section, the general performance
overview of Figure 6.2 highlights the distinctive character of the gasification
technology with respect to the process performance. Independently of co-
generation, indirectly heated gasification at atmospheric pressure is clearly
suboptimal compared to directly heated steam-oxygen gasification under pres-
sure. On the one hand, the indirect heat supply at atmospheric pressure re-
quires a complex twin-reactor, bulky gas cleaning and intermediate compres-
sion, which is more expensive than a compact process design with a directly
heated pressurised vessel (cf. Fig. 2.7). Efficiency, on the other hand, is lim-
ited by the relatively low cold gas efficiency (cf. Fig. 2.4) due to the pinch at
elevated temperature and the power required for intermediate gas compres-
sion. Compared to the Viking gasifier analysed in Chapter 3, directly heated
fluidised bed gasification does not suffer from a producer gas that approaches
equilibrium at high temperature, but operates slightly colder and equidistant
to thermodynamic equilibrium than FICFB gasification (cf. Tab. 2.4). The
heat release during methanation is thus moderate, and pressurised operation
eliminates the need for intermediate gas compression.

Although technically challenging, a pressurisation of the FICFB gasifica-
tion reactor could at least partially compensate its disadvantages with respect
to performance. As illustrated in Figure 6.5, increasing the vessel pressure
to the one of methanation is expected to decrease the system cost by roughly
10%. If the power requirement for air compression is not recovered, efficiency
is yet decreased as well. A beneficial effect on cost and efficiency is only ob-
tained if it is possible to expand the fumes in a turbine, which converts part
of their abundant specific excess heat at high exergy value into additional
power.

6.4.2.2 Gas cleaning

In addition to the immediate benefit of pressurised gasification on the process
performance, it constitutes the basis for the use of hot gas cleaning technology
since intermediate gas cooling, vapour condensation and compression is made
redundant. Figure 6.5 illustrates that closely coupling the gasification and
methanation reactors through hot cleaning increases €.e,, by up to 3% to
5% for the setups without and with heat cogeneration, respectively. In case
of directly heated gasification with COs-removal by physical absorption, the
previously favoured solution of gas separation upstream of synthesis becomes
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FIGURE 6.5—Pareto-optimal solutions without (left) and with heat cogeneration:
Advanced technologies (hot gas cleaning and pressurised FICFB).

suboptimal compared to its downstream arrangement since hot cleaning is
only beneficial in the latter case.

Combined with steam drying, this advanced technology thus constitutes
the globally optimal process configurations with directly heated gasification
and membrane separation at the low-cost end, and downstream physical ab-
sorption in the mid-range of the Pareto domain. With an increased SNG
yield due to the use of hot gas for balancing the heat requirement, pressurised
FICFB gasification combined with gas separation by PSA might further com-
plement the globally optimal configurations at the top efficiency end.

6.4.2.3 Methane synthesis

In all candidate configurations, methanation in an internally cooled fluidised
bed is considered as the reference technology with a linear enthalpy profile
between the reactor inlet and outlet temperatures. Except for upstream
COg-removal, these variables are not conflictive and tend to their upper and
lower bounds, respectively, which allows for an efficient design of the steam
network while limiting the residual Hy and CO concentration. If CO, is
removed before methanation, cheaper configurations are obtained for lower
gas temperatures at the reactor inlet.

As indicated by the mean values for the different process configurations
shown in Figure 6.6, the optimal synthesis pressure is dependent on the gasi-
fication and gas separation technology. Within a specific configuration, the
pressure is thereby slightly conflictive. While efficiency typically decreases
monotonously with pressure due to increased power requirements, consider-
able cost savings are obtained with a compact, mildly pressurised reactor. If
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FIGURE 6.6—Averages of optimal synthesis pressures for different gasification tech-
nologies with gas separation down- or upstream of methanation (PSA: Pressure
swing adsorption, PA: Physical absorption, Me: Membranes).

pressure is further increased, this benefit is yet outweighed by an increasing
cost factor related to the construction material.

In case of FICFB gasification at atmospheric pressure, optimal configura-
tions perform the synthesis at a mild pressurisation of 3 to 10 bar. Slightly
higher values are thereby obtained for the pressure-driven physical absorption
and membrane separation processes. If COy is removed prior to synthesis,
the operating pressure of these sections are preferably matched in order to
avoid supplementary turbomachinery. In case of directly heated gasification
at the synthesis pressure, gas compression requirements are minimised at el-
evated system pressure and its optimal values are all in the upper half of the
search space. In pressurised indirectly heated gasification, the twin reactor
dominates the system performance and its optimal pressure is independent
on the gas separation technology.

6.4.3 Gas separation

Figure 6.7 compares the representative thermo-economic process character-
istics of the candidate COq-removal with air drying and cold gas cleaning,
and thereby highlights that the best technology matches depend on the gasi-
fication technology. For an indirectly heated reactor, gas separation by mem-
branes dominates a large part of the Pareto domain and gets only suboptimal
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at the top-efficiency end where PSA is the preferable choice. The perfor-
mance of absorptive separation with Selexol is always worse than membrane
technology whose permeate is appropriate for heating the gasification reac-
tor (cf. Chapter 4). Furthermore, the pressure levels imposed by upstream
COg-removal are not favourable for process configurations based on FICFB
technology and result in suboptimal performance.

Due to its suitability to elevated operating pressures, directly heated gasi-
fication matches much better with physical absorption, and PSA with its
relatively low operating pressure gets secondary. For cold gas cleaning, an up-
stream separation column performs thereby even better than its downstream
alternative, but cannot benefit from hot cleaning. Although dominating the
low-cost configurations, membrane technology suffers from a relatively inef-
ficient permeate disposal that is not usable in directly heated gasification.
The obtained SNG yield is thus lower compared to the other CFB-Oz2 config-
urations, and the higher heat and power share does not compensate for the
decrease in gas efficiency.

For pressure swing adsorption, the decision variables of Table 6.1 are not
conflictive and the best performance is always obtained at the upper purity-
and recovery-limit of the technology. In Selexol absorption, somewhat lower
purity and intermediate recovery levels should be targeted, although no gen-
eral trends emerge. In any case, the optimal separation pressure sticks to its
lower bound of 30 bar to limit the compression requirements. The column
design is thereby conflictive in terms of absorption factor, which is positively
correlated with both efficiency and investment cost. In accordance with the
results of Chapter 4, the cellulose acetate membranes are generally best ar-
ranged in a three-stage cascade with a common recycling loop and crude feed
to the first stage of Figure 4.5(d). In order to limit the compression require-
ment from p,, to pgrid, a high separation in the first stages and increasing
pressure on the retentate side of the subsequent stages seems worthwhile.
Accordingly, decreasing stage cuts and optimal operating pressure of 35 to
45 bar, 40 to 45 bar and 50 bar for the 1%, 2"¢ and 3™ stage, respectively,
are assessed.

6.4.4 Emnergy recovery

As discussed at Figure 6.3, energy recovery by a steam Rankine cycle has
an essential impact on the thermo-economic plant performance and causes
a large part of the variation within the Pareto front of a specific configura-
tion. Although a priori considered in all runs, the optimisation algorithm
may prevent the implementation of a Rankine cycle by imposing infeasible
conditions, and thus provide some Pareto-optimal solutions at low invest-
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FIGURE 6.7—Pareto-optimal solutions without (left) and with heat cogeneration:
Comparison of the COo-removal options for both gasification technologies in case
of air drying.

ment cost. These configurations indicate that the chemical process efficiency
is limited to 62% and 71% for conventional FICFB and pressurised CFB-O,
gasification, respectively, if no energy at all is recovered from excess heat. If
at least heat can be valorised, the lack of a steam cycle allows for 73% and
80% equivalent efficiency for the same cases. Figure 6.4 thereby highlights
that the introduction of a steam cycle generates a jump discontinuity in the
Pareto front if only power is cogenerated, or an inflection point if the power
output rivalises with the one of heat. With a gross power generation of up to
10% of the biomass input, the SNG-equivalent process efficiency is improved
by 4% to 14% if power is the only by-product. If both power and heat can be
valorised, around 35% of the heat output can be fully substituted by power.
This corresponds to a gross power production of 5% to 8% of the raw ma-
terial’s heating value and improves the chemical process efficiency by up to
7%. Except the steam turbine inlet temperature that is positively correlated
with process efficiency and cost, the operating conditions of the steam cycle
do not follow general trends and need to be adjusted with a specific process
configuration.

6.5 KEconomic process scaling

6.5.1 Approach

As stated in the problem formulation, all thermo-economic process optimisa-
tions have been carried out for a reference plant capacity of 20 MWy, piomass-
However, the relative economic performance of the technology is expected to
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change with scale, which needs to be accounted for if a general comparison of
the candidate technology is targeted. Individual process optimisations at mul-
tiple scales would thus be necessary in principle, but are cumbersome since
they require a large computational effort. Assuming that the operating con-
ditions within a set of Pareto-optimal flowsheets do not substantially change
with process scale, it would be possible to select the optimal plants at differ-
ent scales by extrapolating the optimised flowsheets from the reference scale.
It should be noted that this does not mean that the best process flowsheet
with respect to a particular performance indicator is scale-independent, but
that it may be chosen from a scale-independent set of Pareto-optimal solu-
tions. Since the thermodynamic objective is inherently independent on scale,
suboptimality may thereby only arise with respect to investment cost. This
simplifying hypothesis has been tested for the major process configurations
(i.e. FICFB and CFB-O, gasification with air and steam drying and PSA, Se-
lexol and membrane separation after methanation) at 5 and 100 MWy, piomass
with and without heat cogeneration. The plots in Appendix B compare the
Pareto fronts obtained by optimisation at the specific scale with the extrapo-
lated ones from the reference scale and confirm that the differences are indeed
relatively small. In more than half of the 24 test cases, the difference in in-
vestment cost is within 1-2%, in one third of the cases it is smaller than
5%, and in none of the cases bigger than 7%. For some configurations, the
performance of the extrapolated flowsheets is even better than the one of the
optimised configurations. This highlights that the error commited through
the extrapolation is in the same order of magnitude than the incertainty of
not finding the global optimum with an evolutionary algorithm that inher-
ently lacks of a convergence criterion.

6.5.2 Scaling correlations

In order to provide a measure of the economies of scale to be expected for the
process technology, the investment cost of the Pareto-optimal configurations
can be regressed on the plant scale with a conventional scaling law of the
form:

0 . + b

C . C Ahbiomass7nb7;omass (6 )
GR — YGR,ref (Aho -+ ) .2

biomassmbiomass ref

or, for a specific cost formulation:
0 .+ (b-1)
_ Ah’biomass?nbiomass

CGR = CGRyref \ TATO T (6.3)

( biomass mbiomass ) ref
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FIGURE 6.8—Regression of the exponent in the cost correlation of Eq. (6.3) for two
exemplary process configurations on linear (left) and logarithmic scale.

Separation\Gasification FICFB CFB-02 FICFB (press.)

Range [IMW¢p, piomass| |5 20] |20 200] |5 20] |20 200] |5 20] |20 200|
PSA 0.63 0.90 0.64 0.78 0.64 0.80
Physical absorption 0.60 0.89 0.58 0.73 0.58 0.76
Membranes 0.64 0.92 0.64 0.78 0.64 0.81

TABLE 6.2—Regressed cost exponents for principal process configurations. The
coefficient of determination R? is between 0.97 and 0.9g if individual costs values
at reference scale are allowed. The reference value of cgr ey in Eq. (6.3) for a
specific configuration is given directly in one of the Figures 6.2-6.7.

Cost advantages are principally due to decreasing specific costs of the
process units with scale, for which the cost exponent b is smaller than unity.
For chemical process equipment, typical values of b range from 0.4 to 0.9 and
means between 0.6 and 0.7 are often assumed (Ulrich and Vasudevan, 2004).
However, the size of the process units, and in particular vessels, is limited
to manageable dimensions. As introduced in Chapter 2 and illustrated in
Table 2.11, parallel arrangement might therefore be required at larger scales
and leads to a linearisation of Equation 6.2.

Figure 6.8 compares the scaling characteristics of two exemplary process
setups regressed piecewise and over its entire domain at 5, 10, 20, 50, 100
and 200 MW with a unique cost exponent for all configurations of a Pare-
to-front. At small plant scales, the lines for FICFB and CFB-Oz2 gasification
are nearly parallel in logarithmic coordinates and economies of scale are signif-
icant. Not much above 20 MWy, piomass, however, the bulky vessels operated
near atmospheric pressure reach their limits and parallel processing in sev-
eral units is necessary in case of FICFB gasification. As a consequence, the
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Price scenario CH-market?
Energy vector Unit green mid low 1999 2008/09
Electricity € MWh! 180 90 6o 9o0-135 80-160
Automotive fuel & SNG € MWh™! 120 6o 40  80-95  130-140
Industrial heat € MWh! 8o 40 26.6 20-35 40-65

2 including tax. Figures for 1999 are from Previdoli and Beck (2001), 2008 /09 is approx-
imate.

TABLE 6.3—Energy price scenarios.

slope of the large-scale regression flattens considerably and justifies the use
of a piecewise correlation for up- and downscaling the investment cost from
the reference scale. This effect is much less pronounced in the configurations
based on pressurised gasification since their process units can be operated at
higher capacity. Furthermore, it has been shown that pressurised gasification
matches better with liquid absorption technology, for which more important
economies of scale than with the inherently linearly scaling of PSA or mem-
brane separation can be obtained.

The overall cost exponents for the principal technology groups reported in
Table 6.2 confirm these trends. Similar to Figure 6.8, they have been obtained
by regressing a unique cost exponent for all Pareto-optimal configurations.
Each process flowsheet is thereby allowed for an individual specific reference
cost carres at 20 MWy, piomass that can be identified directly from one of
the Figures 6.2-6.7 or the optimal configurations discussed in the following
section and detailed Tables 6.4 and 6.5.

6.6 Optimal configurations at different scales

The last step of the conceptual process design consists in selecting a specific
flowsheet from the generated set of thermo-economically optimal process con-
figurations. For this final choice, an economically rational criterion such as
the overall production costs or the process profitability may be supposed.
Whereas this obviously depends on the general economic assumptions for
investment depreciation and plant operation defined in Table 2.6, it is partic-
ularly sensible to raw material costs and product prices. In our case, multiple
competing energy services can be produced or consumed, and the economic
decision criterion may not be unique. As discussed in Section 1.6.1.2, the
most balanced choice is to consider the break-even cost for biomass defined
in Equation (1.43) since it appreciates all potential products in an identical

132



6.6 OPTIMAL CONFIGURATIONS AT DIFFERENT SCALES

way.

In order to investigate the influence of the energy price on the selection
of the best plant at a specific scale, the flowsheets that allow for the max-
imum biomass break-even cost are chosen for three price scenarios outlined
in Table 6.3. As in the previous studies, the relatively high energy prices
are considered as reference and compared to a mid- and low-price scenario
for which the economic value of the energy vectors are decreased to 50% and
33%, respectively. While the former might only be obtained for labelled re-
newable energy that possibly benefits from tax exemption, the two latter are
in the range of current and previous market prices for fossil energy.

Figures 6.9 and 6.11 summarise the characteristics of an economically
rational process scaling for FICFB and CFB-O, gasification, respectively.
Part (a) shows the maximum break-even costs obtained for a specific process
configuration and (b) the chemical efficiency for the overall most profitable
flowsheet. Part (c) displays this evolution on the Pareto fronts at 5, 20 and
100 MW. In addition, Tables 6.4 and 6.5 show the decision variables and
some performances of the best flowsheets for green energy prices at small,
mid and large scale. Figures 6.10 and 6.12 illustrate these configurations at
20 thh,biomass-

With current market prices for wood of 30 to 35 € MWh™!, the figures
indicate that plants can operate profitably if high prices for the produced
energy vectors can be obtained, and considerable economies of scale can be
expected up to 20 to 30 MW. The distribution of the maximum break-even
costs for the different technologies is rather wide, and the economically best
process configuration and its operating conditions change with scale. The
Pareto fronts shown in Part (c) of the figures illustrate that the best process
technologies scale considerably different indeed. Membrane separation is a
well suited technology for small to medium-sized plants, but suffers from poor
economy of scale. In our application, the technology is especially beneficial
if heat and power cogeneration is considered since the quality of the depleted
streams allows for an efficient recovery. With increasing plant size, it is yet
outperformed by pressure swing adsorption or dedicated large-scale physical
absorption technology.

According to the general expectation, the efficiency of the economically
best flowsheet increases with scale since the influence of the investment on the
plant economics is decreases. The obtained prices for the products thereby
affects this characteristic essentially. When energy is expensive, renewable
SNG, electricity and heat are more precious than heat exchanger area and
steam turbines, and very efficient solutions are already economic at relatively
small production scales. The effect of scale on the efficiency of the best
flowsheets is more pronounced for lower energy prices, which probably better
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(c) - Evolution of the thermo-economic Pareto-front.

FI1GURE 6.9—Optimal thermo-economic scaling for FICFB gasification without
(left) and with heat cogeneration
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6.6 OPTIMAL CONFIGURATIONS AT DIFFERENT SCALES

Heat cogeneration without with
Scale MW 5 20 100 5 20 100
Drying Technology steam drying
T in °C 180 180 180 188 188 187
Pd bar 5.0 5.0 5.0 5.0 5.0 5.0
Dy wood %owt 10.1  10.0 11.1 13.8 138 12.3
Gas cleaning Technology cold
Methanation Ty in °C 309 399 399 396 396 372
T out °C 300 329 339 306 320 301
DPm bar 4.5 4-4 4.4 12.3 12.2 16.7
Separation Technology® Me PSA PSA Me Me PSAu
Wsn - 13-4 135 13.5 13.5 135 -
TCO2,rem % - - - - - 972
TCHA4 % - 99-0  99.0 - - 99-0
01 - 0.46 - - 0.45 0.45 -
0 - 0.22 - - 0.23 0.23 -
Pr1 bar 26.3 - - 304 30.3 -
Df2 bar 42.8 - - 41.2  41.0 -
Df3 bar 46.2 - - 46.3 46.5 -
Sin,2 - 0.0 - - 0.0 0.0 -
Steam cycle  psp bar 70.1  86.8 84.1 98.0 978 1129
Ts.s °C 547 549 549 530 531 550
N - 3 3 3 3 3 3
T u3 °C 127 126 168 564 122 122
Ts. °C 21 21 21 98 97 94
Efficiencies ESNG % 66.7 69.3 69.1 65.9 65.9 68.9
€el % 4.3 3.7 4.0 1.0 1.8 0.5
Eth % 0.0 0.0 00 176 16.9 16.3
€ % 71.0 73.0 731 84.5 84.6 857
n % 65.3 67.2 67.2 644 650 @ 66.4
€chem % 742 759 762 77.7 787  79.0
Costs CGR € kw1 1823 1190 1025 1755 1096 927
Cp € MWh™! 109.9 840 74.9 96.7 70.4 62.7
Chiomass,be € MWh=! 402 587 650 489 66.6 73-5

& Me: Membrane separation, PSA: Pressure swing adsorption, PSAu: Pressure swing

adsorption upstream of methanation.

TABLE 6.4—Decision variables and performance of the economically optimal plant
configurations for FICFB gasification at atmospheric pressure.
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., electricity
u u production: 86.8 bar, 549°C '+ ™"0.76 MW/
g T~ q utilisation: 15.0 bar, 198°C
______ 0.02 bar, 21°C
heat recovery system
pre- fumes
heated 0.51kge,»/s | Q (800-150°C) Q (>400°C)
) —
air
| Combustion air_| catalytic fumes/CO,
600°C o . —-
1 bar, >900°C 1MW 400°C | combustion 0.75 kg0 /s
H,00) TG (900°0) f char: 1.8 MW 027kgs . depleted stream
Q' (180°C)  [0-42ka/s § 42 mw 0.05 kg/s Q (800-150°C) Q (<399°C) 0.74 kg/s
300°C
Wood | Steam drying Gasification Gas cooling and Methanation TSA, PSA, memb) SNG
— ; —O0-0 ) =
20MW,, | 5bar, 180°C, 10%wt | 1-19K9/5 | 1 bar,g50°C 196MW - |cold cleaning | ;.1 4.4bar,399-320°C | 15.3mMw & compression |0
2.15kg/s 100°C 1.56 kg/s - 1.13kg/s 1.07kg/s 0.30kg/s
©=50% HZO“)l 850°C  residuals and 1 e HZO(I)l 25°C hydrogen  25°C, 50 bar
0.96 kg/s condensates 0.53kg/s 0.03 kg/s| recycling
(partly to combustion) 0.22 kg/s
(a) Without heat cogeneration.
roduction: 578 bar 3¢, electricity
T q utilisation: 15.0 bar, 198°C | 36MW
|:] t] 2.11bar,122°C : ind. heat
______ oc i
0.96bar,99°C.1 3 41w
heat recovery system 110/70°C
pre- fumes
heated | 1.28kgqoy/s | Q (800-150°C)
air
r, .
s00c| Combustion
1 bar, >900°C 22MW 20MW
H,0(v) Q" (900°C) Kchar: 1.8 MW 0.15kg/s H,0(v) . 0.82 kg/s
Q' (180°0)  |036ka/s 4 4mw 0.05kg/s Q (800-150°C) 0.46kg/s | Q (<396°C)
300°C 396°C
Wood | Steam drying Gasification | Gas coolingand| o Methanation 3+1 membranes| _SEIG
20MW,, | 5 bar, 180°C, 14%wt | 1-25k9/5 | 1 bar, 850°C 196MW |cold cleaning | ., °f, 12.2 bar, 396-326°C | 15.6 MW |& compressions |3 4 yw
2.15kg/s 100°C 1.56 kg/s - 1.19kg/s 1.13kg/s 0.29kg/s
©=50% HZO“)l 850°C  residuals and 1 e H,00) 25°C hydrogen 257, 50 bar
0.90 kg/s condensates 0.54kg/s 0.02 kg/s| recycling
(partly to combustion) 0.22 kg/s

(b) With heat cogeneration.

FIGURE 6.10—Schematic flow diagrams for most economic plants at
20 MWy biomass based on indirectly heated gasification at atmospheric pres-
sure.

meets the engineers’ intuition. Omne particularity is thereby observed for
FICFB gasification without heat cogeneration, in which the efficiency of the
optimal flowsheet for the low-price scenario tends decreases with scale. This
can be explained by the influence of the relative product yields. With the
assumed low prices, power cogeneration becomes secondary and the bulk SNG
has a more important influence on the process profitability. A flowsheet with
torrefaction becomes therefore optimal since the share of SNG on the plant
output is higher. This example illustrates the sensibility and limits of the
simplified typefaction approach for polygeneration plants that aggregates the
products in the definition of €.4ey,.
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FIGURE 6.11—Optimal thermo-economic scaling for CFB-O2 gasification without
(left) and with heat cogeneration
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Heat cogeneration without with
Scale MW 5 20 100 5 20 100
Drying Technology steam drying
T in °C 180 185 185 181 181 184
Dd bar 5.0 5.0 5.0 5.0 50 4.5
Dy wood Yowt 10.3 11.1  11.1  10.2  10.2 10.0
Gasification  pg? bar 29.2  209.4 29.4 29.9 20.9 30.0
Gas cleaning Technology hot
Methanation Ty, in °C 326 375 375 344 344 395
T out °C 311 300 300 303 303 300
Separation Technology® Me PA PA Me Me PA
W n - 13.2 134 13.4 134 13.4 134
TCH4 % 957 974 974 96.8 96.8 97.6
Psel bar - 30.0 30.0 - - 30.0
Asel - - 1.35 1.35 - - 1.32
01 - 0.54 - - 054 054 -
0 - 0.21 - - 0.25 0.25 -
Df1 bar 29.3 - - 30.3 303 -
Df2 bar 34.1 - - 452 45.2 -
Df3 bar 35-3 - - 484 484 -
Sin,2 - 0.0 - - 0.0 0.0 -
Steam cycle  ps, bar 99.9 115.3 115.3 115.6 1156 92.1
Ts.s °C 546 546 546 509 509 550
Nsu - 2 2 2 3 3 3
Ts u3 °C 121 178 178 175 175 177
Ts.e °C 20 20 20 98 98 99
Efficiencies ESNG % 678 75.0 751 68.1 681 754
€el % 5.4 2.6 2.6 3.0 3.0 1.4
€th % 0.0 0.0 0.0 19.8 19.8 13.8
€ % 732 776 777 909  90.9 9o0.7
n % 67.3 714 714 685 68.5 729
€chem % 77.3  79.6  79.6 84.6 84.6 85.8
Costs CGR €KW 1194 828 505 1240 751 521
Cp €MWh™' 871 703 567 712  50.9 45.0

Chiomass.be € MWh™' 557 707 808 66.6 80.4 89.9

& corresponds also to the methanation pressure (less pressure drop).

b Me: Membrane separation, PA: Physical absorption downstream of methanation.

TABLE 6.5—Decision variables and performance of the economically optimal plant
configurations for pressurised CFB-Oy gasification.
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., electricity
U U production: 115 bar, 546°C } ™ 0.80 MW
U —————————— U utilisation: 9.58 bar, 178°C
______ 0.02 bar,21°C
heat recovery system
Q (>400°C)

Tl
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— . —
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—_— —— N — O —_— . —_
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(281 kW,)
(a) Without heat cogeneration.
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)
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—_— —_—
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~ - stream
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300°C X
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(278 kW,)

(b) With heat cogeneration.

FIGURE 6.12—Schematic flow diagrams for most economic plants at
20 MWy, piomass based on directly heated, pressurised gasification.

6.7 Conclusions

This chapter has presented a thermo-economic typefaction of the technolo-
gies for thermochemical production of SNG from lignocellulosic biomass by
gasification and methanation. Coupling a process model with multi-objec-
tive optimisation techniques, a general set of Pareto-optimal flowsheets has
been systematically generated for all potential combinations of the candidate
technologies.

The analysis has shown that the gasification technology is the most dis-
tinctive and critical choice that dominates the entire process design. The
developed process model thereby suggests that pressurised, directly heated
gasification with oxygen and steam clearly outperforms indirectly heated
gasification at atmospheric pressure with respect to both polygeneration ef-
ficiency and investment cost. Pressurisation of the FICFB-technology might
partially compensate its disadvantage, and even close the gap in terms of
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efficiency if it is technically feasible to integrate a gas turbine in the gasifier
design. Among the pretreatment technologies, steam drying emerges as the
best choice since it allows for efficiently recovering the latent heat. Although
an additional torrefaction pretreatment step increases the SNG yield, it limits
the cogeneration of heat and power and appears suboptimal in terms of com-
bined production. Once mature, hot gas cleaning technology might increase
the chemical efficiency by 3 to 5%. This benefit is yet limited to pressurised
gasification close-coupled to methanation. For an optimal process design, the
gas separation technology needs to be matched with the gasification and the
operating conditions of the synthesis. A membrane cascade is typically less
costly than the other options and performs best at small to mid-scale and es-
pecially if heat can be valorised in a distribution grid. From medium to large
scale, FICFB gasification performs best with the slightly more efficient and
costly pressure swing adsorption. Due to its elevated operating pressure, CF-
B-O2 gasification matches particularly well with physical absorption, which
particularly benefits from economies of scale. In any case, energy recovery
by a steam cycle is mandatory for a efficient conversion of the resource.

In the last part of the analysis, the economic process scaling is discussed
and parameters for a regression of the investment cost on plant scale are
provided. Depending principally on the price for energy, the most competitive
process configurations at different scales are finally identified.
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CHAPTER [

Optimal process design for
hydrothermal production of SNG
from waste biomass

While the previous chapters have addressed conventional technology for SNG
production from relatively dry matter, this chapter deals with hydrothermal
gasification of wet biomass and biomass waste. It present a detailed model
that can be used as a tool for the process design. Based on a superstructure
for combined product separation and energy recovery, the potential for fuel
and power cogeneration is systematically assessed. Detailed optimisations of
the thermo-economic plant performance investigate the optimal process design
with respect to the availability of technology, catalyst deactivation, plant scale
and feedstock characteristics.

7.1 Introduction

Hydrothermal gasification of biomass in supercritical water is a promising
process alternative to the production of SNG through conventional gasifica-
tion and methanation. By omitting the requirement for a dry feedstock, it
grants access to a large range of low quality feedstocks such as wet lignocellu-
losic biomass and biomass wastes that are difficult to valorise by other means
and thus relatively cheap.

In general, hydrothermal gasification is considered for the production of
methane, hydrogen or combinations of those. Typically focussed on pathways
for hydrogen, Matsumura et al. (2005), Kruse (2008, 2009), Elliott (2008) and
Peterson et al. (2008a) provide reviews on process fundamentals, chemistry,
catalysis and principal technological developments and issues. Experimen-
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WASTE BIOMASS

tally, Waldner and Vogel (2005) and Vogel et al. (2007) have demonstrated
the production of methane in a batch reactor from wood substrate. During
the subsequent development of a continuous process setup, the required salt
separation in supercritical conditions has emerged as a main technological
bottleneck. To understand this complex process step, Peterson et al. (2008b,
2009) have performed visualisations of salt precipitation in a vertical tubu-
lar vessel, and Schubert et al. (2010a,b) have led an extensive experimental
study of the separation of different types of salt from supercritical water.
Luterbacher et al. (2009) has reported on an overall process model and pro-
vided a first investigation of the process design and life cycle assessment for
the hydrothermal production of SNG from wood and manure. Recently, mi-
croalgae have received growing attention as a feedstock since its production
and gasification in a closed nutrient cycle would decouple energy crop based
biofuels from food production (Haiduc et al., 2009, Stucki et al., 2009).

Among these previous studies which either discuss general process princi-
ples, present lab and pilot units or focus on detailed experimental investiga-
tions, Luterbacher et al. (2009) have presented the only process design model
that quantitatively takes energy integration and recovery into account. At
the time of their developments, only limited insight into the salt separator
design and the product separation was yet available. Energy integration has
been performed on a scenario basis without optimisation, and the synergies
between the reaction and separation subsystems through process integration
have been disregarded.

The objective of this chapter is to systematically address the conceptual
process design of hydrothermal gasification for the cogeneration of SNG and
power from wet lignocellulosic biomass and biomass wastes that are not ac-
cessible to the conventional technology investigated in the previous chapters.
For this purpose, candidate thermodynamic models are first discussed and
further developed to appropriately represent the physical properties at the
particular process conditions. Luterbacher et al.’s model is then improved
with both more general and detailed technology models that are reconciled
and validated with data from experimental investigations. A general super-
structure for integrated product separation, power recovery and heat supply
for the process is developed, and multi-objective optimisation is finally ap-
plied to explore the design alternatives and performances for selected candi-
date substrates.
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7.2 Process description

7.2.1  Thermodynamic considerations

The conversion of biomass into methane and carbon dioxide outlined in Equa-
tion (1) requires a heterogeneous catalyst and is thus impossible to perform
directly with the solid biomass feed since the big macromolecules cannot ac-
cess the active sites. The most envisaged conventional route discussed in
the previous chapters is thus to first decompose the solid feedstock by gasi-
fication and then catalytically synthesise the obtained Hy/CO-rich producer
gas into CHy and COy. Equation (1) therefore splits up in an endothermal
gasification step at high temperature (typically > 800°C) and an exothermal
synthesis step at 300 to 400°C at which CH, is thermodynamically favoured.
This limits the product yield since a considerable part of the energy content
of the feed is required to form intermediate Hy/CO and is then converted
into excess heat in its highly exothermal methanation.

Contrary to this two-step layout, the hydrothermal route omits the en-
dothermal step at high temperature and targets a direct conversion at 300
to 400°C into CH4 and COs,. Instead of forming an intermediate gas, the
biomass is hydrolysed and gasified in a supercritical aqueous environment at
around 300 bar, which allows for an efficient contact with the catalyst (Wald-
ner and Vogel, 2005). The thoroughly fluid processing thereby requires a feed
in form of a pumpable slurry with typical total solid contents of 20-50%wt
depending on the type of substrate (Waldner and Vogel, 2005, Vogel et al.,
2007). Although this makes the process suitable for wet biomass since the
heat requirement up to the gasification temperature is reduced by high pres-
sure and drying is not required, the design must take care of the high amount
of water that accompanies the reacting species throughout the process. As
this represents the major share of the heat transfer requirements, the overall
performance gets sensitive to the energy integration of the plant.

7.2.2 Technical process layout

Depending on the humidity and type of biomass that is processed, the first
step in the block flow diagram of Figure 7.1 is to mechanically dry or grind
and dilute the feed. The slurry is then compressed to 300 bar and heated
close to pseudo-critical conditions, during which hydrolysis occurs (Waldner
and Vogel, 2005). When passing the pseudo-critical point, inorganics present
in the feedstock will precipitate as salts and risk to plug the equipment and
deactivate the catalyst if they are not efficiently removed. To do so, the
subcritical slurry is injected through a dip-tube in a heated vessel, in which
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Q" (200-300°C) lQ* (400-500°C) 10' (100-400°C) gy
io- . Salt . Product —
Bio—, |pretreatment|— Hydrolysis | — . — | Gasification [— .
mass separation separation =
HZO(I),l Co,
H,0(l) salt slurry depleted gas

FiGURE 7.1—Block flow diagram for supercritical hydrothermal gasification.

supercritical conditions are reached, the salts precipitate and the main flow
reverses and leaves the vessel at the top (Peterson et al., 2008b, 2009, Schu-
bert et al., 2010a,b). The supercritical hydrolysate then passes through a
fixed bed of nickel- or ruthenium-based catalyst, which converts, at ideal
conditions, more than 99.9% of the organic matter into CH,, CO, and some
residual Hy and only traces of CO (Vogel et al., 2007).

In order to inject the produced methane at the required purity of 9g6%mol
into the natural gas grid (SVGW, 2008), it must be separated from water,
carbon dioxide and possibly hydrogen. For a typical lignocellulosic feedstock
(Eq. 1) diluted to 20%wt total solids, the crude product thereby contains
approximately 84%mol of H,O and 8%mol of each CH; and COs in a super-
critical mixture at 300-400°C and around 300 bar. As indicated in Figure 7.1,
the process furthermore requires additional heat for the salt separator. The
design of the product separation should therefore not only consider the grid
quality specifications for SNG, but also the recovery of the exergy potential
of the crude and the supply of required heat for the plant. For a similar
separation problem in conventional SNG production, Chapter 4 has shown
that the overall process benefits from a tight integration of the reactive and
separation systems, and similar effects can be expected for a hydrothermal
plant.

7.3 Process modelling

7.3.1  Thermodynamic models

Due to the targeted biomass conversion in supercritical water, the process de-
sign is confronted with rather particular thermodynamic conditions through-
out the process. With the bulk substance HyO present at reduced pressures
Pr = p/pe up to 1.4 and temperatures T, = T'/T. in the range of 0.5 to 1.1,
the operations are carried out in very different regions of the phase diagram.
In hydrolysis, a suspended organic solid is decomposed at subcooled condi-
tions into a large range of hydrocarbons. The mixture is then heated across
the pseudocritical point, where the inorganic fraction precipitates and needs
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to be removed in the salt separator. Gasification is carried out at supercriti-
cal conditions, and the crude product then separated somewhere in the gas-
and two-phase regions at different compositions.

In order to ensure a reliable process design, several requirements are to
be met by the thermodynamic model. The bulk of accompanying water
causes the enthalpy-temperature profiles of the hot and cold streams to be
non-linear and very tight. A change in a few degrees may considerably disturb
the pinch point and thus the performance of the process. The prediction of
these profiles must therefore be valid and consistent over the entire range of
the process. A second crucial requirement is the accurate evaluation of the
liquid vapour equilibrium (LVE) in the bulk separation, which needs to be
able to reproduce the considerable non-idealities due to the polarity of HoO
and the fact that the conditions in the separation may approach the critical
point of CO, at 304 K and 74 bar. Finally, the process design methodology
imposes a thermodynamic model that is computationally robust in order to
evaluate the process model at very different conditions.

Although simple linear models like Henry’s law are very convenient at
low pressure, they fail at higher pressures where the assumption of infinite
dilution does not hold anymore. Approaches based on a general equation of
state (EOS), as for example the classic ones by Peng and Robinson (1976)
or Lee and Kesler (1975), are better suited for the high pressure domain,
but lack precision for LVE equilibria in the present mixture. Peng-Robin-
son is a Van der Waals type EOS and thus suitable to represent moderate
non-idealities, but has poor precision for polar mixtures (Heyen, 2008b).
The Lee-Kesler EOS is reasonable for general purposes, but not precise
enough to represent the phase equilibrium of the HyO-CO,-CH, system. For
this reason, Duan et al. (1992a,b) developed and parametrised a modified
form of the Lee-Kesler equation with experimental p7'V and binary solvus
data over a very large temperature and pressure range (273(323)-1273 K,
0-8000(1000) bar). Since promising for our application, this equation has
been investigated for the prevailing process conditions, which has revealed
some major weaknesses that prevent its direct application.

A hybrid approach as detailed in Appendix C is finally adopted. Above
523 K, the homogeneous EOS of Duan et al. (1992a,b) proves valid for LVE
calculations and assures coherency in the critical zone. Below 523 K, however,
the EOS looses both accuracy and robustness and a heterogeneous solubility
model is used instead. For this purpose, the binary models for the HyO-CO,
and HyO-CH, systems proposed by Duan and Sun (2003) and Duan and Mao
(2006) are extended to the ternary by regressing activity coefficients that
account for the interactions between CO, and CH, that have recently been
observed in the ternary data of Qin et al. (2008). Throughout the process,
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enthalpy is consistently evaluated with the original Lee-Kesler equation since
the Duan EOS shows severe deviation from reliable data for pure water.

7.3.2 Energy-flow models
7.3.2.1  Hydrolysis

The breakdown of lignocellulosic biomass into its macromolecular compo-
nents cellulose, hemicellulose and lignin and their hydrolysis into a wide
spectrum of smaller molecules follows multiple complex reaction paths whose
details are impractical to account for in process modelling. In a liquefaction
experiment at 303°C and 122 bar in water and presence of a nickel catalyst,
Waldner and Vogel (2005) have identified the main intermediate species in
the decomposition and developed a simplified reaction network. In the model
of Luterbacher et al. (2009), these findings have been used to adjust an ap-
proximate hydrolysate composition based on a few model species for wood
and manure. They have thereby followed a procedure by hand, which is not
generalisable since the decomposition into model species is underdetermined
and further infeasible for certain potentially interesting substrates.

In order to generalise the scope of the process model, a simple and system-
atic decomposition scheme that is feasible for a wide range of substances has
been developed. The model species are thereby chosen among the principal
experimentally observed substances that are located in the ternary diagram
of Figure 7.2(a). Following the considerations of Waldner and Vogel (2005),
different reaction pathways for lignin and (hemi-)cellulosic parts are expected,
and the biomass is first divided into these two macromolecular groups:

biomass — (hemi—)cellulose + lignin
le.:

CHbmHOme - (1 - /Flignin) CHcelHOcelO + ’Fligm'n CHligHOligO (71)

bmH — ligH
with: celH = u + ligH
— Tlignin
bmO — ligO
celO = 2 "9 4 g0
1— Tlignin
P o Mbiomass
lignin — mligmn lignin

Assuming a typical lignin composition of 62.7/6.0/31.3%wt C/H/O (ECN,
last visited 06/2009) and a default lignin fraction 74, of 28%wt, Eq. (7.1)
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FIGURE 7.2—Molar ternary diagram of the hydrolysis model. Numbers in paren-
thesis indicate the quantitative rank of the substances detected in the liquefaction
experiment by Waldner and Vogel (2005).
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decomposes the biomass macromolecule of Eq. (1) to:
CH1.3500.63 — 0.66 CH1.4600.76 + 0.34 CH1.14OO.38 (72)

During hydrolysis, the (hemi-)cellulosic parts are degraded to glucose and
further (via 5-hydroxymethyl furfural, 5-HMF) to carboxylic acids, aldehydes
and alcohols (Waldner and Vogel, 2005). Among the experimentally identi-
fied substances, the most abundant have been chosen as model species, and
Eq. (7.1) is further developed as:

(hemi—)cellulose + water — acetic acid + formic acid
+ acetaldehyde + methanol

le.:

CHcelHOcelO + 7:H2O H2O - facetic acid CH3COOH + fformic actd HCOOH
+ facetaldehyde CHSCHO + ’Fmethanol CHSOH
(7-3)
In addition to the three atomic balances of C, H and O, two more specifica-
tions are needed to determine the stoichiometric coefficients of this hydrolysis

reaction. For this purpose, the data of Waldner and Vogel (2005) is used to
assess typical ratios between the most abundant intermediates:

Tacetic acid __ Cacetic acid __ Cacetic acid+glucose 3.82

Tacids = = - = - ~ (74)
T formic acid Cformic acid Cformic acid

~ fmethanol émethanol

Talcohol /aldehyde = = - = 3.57 (75)

Tacetaldehyde Eacetaldehyde

where glucose as principal decomposition product is included in the share of
acetic acid due to their identical molar composition. On the ternary diagram
of Figure 7.2(b), these ratios fix the intermediate points on the blue-dotted
lines and determine the amount of water that is consumed during hydrolysis.

Lignin is typically converted to phenolic and aromatic compounds and
then further to the same final products as above. In order to represent the
more carbon-rich lignin-derivates, phenol and furfural are included as model
species, and the lignin decomposition is balanced with the abundant glycerol:

lignin — phenol + fur fural + glycerol
le.:

CH1,14OO_38 — 0.072 CGHGO + 0.086 C5H402 + 0.045 CgHgOg (76)
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which is shown by the brown lines on Figure 7.2(b). In this way, the de-
composition model includes the main families of the observed species, and is
feasible for a broad range of potential substrates. According to the conser-
vative estimate for the hydrolysis kinetics of Luterbacher et al. (2009), these
reactions are assumed to take place between approximately 250 and 350°C
with a peak at 320°C.

7.3.2.2 Salt separation

The currently envisaged design of the salt separator consists of a vertical,
tubular vessel in which the hydrolysate is injected through a dip tube (Peter-
son et al., 2008b, Schubert et al., 2010a). By externally heating the vessel,
the mixture passes its pseudo-critical point, at which the solubility of the
salts decreases and causes them to precipitate in a salt brine that is with-
drawn at the vessel bottom. As the fluid temperature increases, the bulk flow
reverses towards the top exit of the vessel, which is schematically shown in
Figure 7.3. At the time Luterbacher et al. (2009) developed their model, the
detailed equipment design was not yet considered, and the thermodynamic,
linear h'T-profile from inlet to outlet has been assumed accessible to the heat-
ing medium with a minimum approach temperature contribution AT,,;,,/2 of
only 4°C. From an engineering perspective, this is most likely a too optimistic
assumption for the heat transfer at the technological bottleneck and pinch
point of the process.

Based on the experimentally measured temperature profiles along the ves-
sel axis by Schubert et al. (2010a), a technological representation of the heat
requirement during salt separation is proposed here. As shown in Figure 7.3,
the heat exchange is divided into several zones with distinct characteristics.
In the dip tube area, heat is exchanged internally between the entering fluid
and the main exit stream, and through the outer wall between the exit stream
and the external heating medium. Since the heat transfer is dependent on
the flow pattern, it is further expected to be different in the flow reversal and
salt brine layer zone. Using Schubert’s (2010a) experimental data for differ-
ent operating conditions of the salt separator, global heat transfer coefficients
U for these zones are reconciled with the general law of the form:

do - dz

Q = AUAT, = 1d;,,,UAT,,, dim, = m (7.7)

where Q is the exchanged heat, A the area, [ the section length, d; and d,
the inner and outer diameter of the heat exchanger tube, respectively, and
AT, the log-mean temperature difference in the heat exchange zone. As
the heat transfer is dependent on the flow regime (i.e. Reynolds and Prandtl
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FIGURE 7.3—Schematic of the salt separator and its heat transfer model represen-
tation.

numbers), the reconciled values for U shown in Table 7.1 are not valid for
diameters and flowrates different from the ones in the experimental setup.

Equation (7.7) used with distinct transfer coefficients for each zone repre-
sents the basis of a thermo-economic model for the salt separator, for which
the hT-profiles are related to the required size of the separator tube. For
scale-up, the vessel could be designed as a bundle of vertically arranged
separator tubes including each a dip tube. The required area of this shel-
l-and-tube like heat exchanger is then determined by specifying the targeted
inlet and outlet temperatures of the hydrolysate and the heating medium.
This approach complies with the proposed methodology that considers the
thermodynamic requirements as a target for the equipment design.

In order to assess the catalyst poisoning in the gasifier by residual diluted
sulphur, the salt loading at the separator outlet is estimated with the corre-
lation of Leusbrock et al. (2008) for NaySOy-solubility in pure supercritical
water. Due to the lack of data for organic mixtures at these conditions, the
correlation based on the fluid’s molar density is applied without any modifi-
cation. At the same temperature and pressure, this results in an increased
salt solubility due to the increased density of the organic mixture compared
to pure water. As Peterson et al. (2009) and Schubert et al. (2010b) rea-
son that the separation does not occur at the hottest point, the arithmetic
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Zone and Flow d; do dpm Ub Conf.€
exchanging fluids pattern® [mm)] [Wm™2K~1  [%]
Dip tube

dip tube exit stream cnt 1.5 3.0 2.16 4’190 15.0
exit stream heating medium co/cnt 50 12 26.6 AT7 13.0
Flow reversal

mixed fluid heating medium co/cnt 50 12 26.6 268 10.2
Salt brine layer

salt brine heating medium co/cnt 50 12 26.6 13 25.0

& Experiments have been conducted with an electric heating block at constant tem-
perature and do thus not correspond to a flow pattern. For the process design, the
reconciled U can be used for both co- and countercurrent modes (abbreviated co and
cnt).

P U is dependent on d and thus not valid for other diameters than the ones reported
here.

¢ 95%-confidence interval relative to U assuming a normal distribution.

TABLE 7.1—Salt separator heat transfer model reconciliation using data from Schu-
bert et al. (2010a).

average of the molar density and temperature ((pssmaz + Pss.out)/m/2 and
(Tss.maz + Tss.out)/2) between the flow reversal and the top exit are consid-
ered in the correlation. For the organic loss in the salt brine, a conservative
value of 10% of the salt separator feed based on the experience acquired by
Schubert et al. (2010a,b) is furthermore assumed.

7.3.2.3 Gasification

Originally demonstrated in a batch reactor, the current development of a
continuous process envisages a downdraft fixed bed design for the slightly
endothermal gasification reaction (Vogel et al., 2005, 2007, Schubert et al.,
2010a). The experimental results indicate that equilibrium conversion to
CHy, COg, residual Hy and traces of CO can be reached with a weight hourly
space velocity (WHSV) of no more than 2 kgbiomass,dv.ykgc_aﬁh_l and for gasi-
fication temperatures at approximately 400°C. If the temperature drop due
to the endothermicity causes the reaction to fade away, preheating the feed
after the salt separator or external heating of the reactor tubes might be
envisaged to assure a good conversion. Catalyst deactivation is estimated as-
suming that 1 mol of sulphur poisons 1 mol of ruthenium, which is dispersed
to 100% and represents 2%wt of the total catalyst mass (Schubert et al.,
2010a).
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7.3.2.4 Crude product separation and expansion

The crude product from gasification contains more than 80% H,O, approx-
imately equal amounts of CH; and CO,, and some marginal Hy and CO.
Due to the supercritical conditions, its upgrade and expansion to grid con-
ditions potentially allows for recovering mechanical energy, which however
competes with the supply of thermal energy required for hydrolysis and salt
separation. Another important aspect of the separation system design is the
quality of the depleted stream, which may be used to supply the required heat
and thus relax the need for a high methane recovery in the separation. The
given boundary conditions thereby suggest two different separation strate-
gies. Apart from conventional absorptive separation at grid pressure with
a dedicated physical solvent followed by a membrane stage to remove resid-
ual hydrogen, the better solubility of CO; compared to CH, in water may
become technically relevant at the prevailing process pressure. As shown
by the absolute and relative solubilities of COy towards CH, in their binary
mixtures with water depicted in Figure 7.4(a), the relative solubility deterio-
rates with increasing pressure, and a trade-off between selectivity and good
absolute solubility might occur. In any case, the separation is best at low
temperature, and additional water is required for absorbing the bulk COs to
reach grid quality. The expected separation performance for a typical crude
composition as calculated with the thermodynamic model of Appendix C
is shown on Figure 7.4(b). Compared to a simple flash stage where only a
marginal separation occurs, the use of a number of theoretical equilibrium
stages and additional water allows for purifying the crude product up to the
required 96%mol methane. The increase in purity is thereby rather steep at
low rates of additional water, but flattens out at higher rates, which has a
considerable impact on the pump power required to attain high purity. As
expected from the trade-off observed in Figure 7.4(a), decreasing the abso-
lute pressure increases the methane recovery due to the change in relative
solubility and only marginally affects the attained purity.

In order to recover mechanical energy from the crude product at high
pressure, the separated vapour phase — or the entire supercritical bulk, if
no high pressure separation is applied — may be expanded through turbines.
It might thereby be advantageous or even necessary to preheat the stream,
which increases the thermal efficiency of the recovery and prevents an expan-
sion to far into the two-phase region. Compared to an isenthalpic expansion
through valves, this causes less heat to be available from the crude product
stream since energy is withdrawn at high temperature, and can lead to sub-
optimality if done above the process pinch. For the liquid phase obtained
from the separation at high pressure, the available exergy can be recovered
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high pressure.
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by liquid expanders. This technology is currently being commercialised in
natural gas liquefaction plants, where it also copes with expansions that par-
tially result in a vapour phase (Perlmutter et al., 2004). As an alternative,
the liquid phase could also be reheated and expanded into the the vapour
domain, which would allow for extracting more mechanical energy from the
available potential, but also requires a considerable amount of heat to be
supplied.

A general superstructure with all these options for combined product
separation and expansion is outlined in Figure 7.5. If the product is not
upgraded to grid quality at high pressure, the liquid vapour (LV) and gas
separation need to be carried out after the expansion of the crude product.
In this case, the same technologies and models as for the more conventional
SNG production by methanation of producer gas can be applied. For the
complete gas separation at grid pressure, a Selexol column seems appropriate.
The combination of both high pressure and grid pressure separation is also
conceivable. In order to reduce the amount of required additional water and
thus pump power, the gas could only be pre-separated at high pressure and
a single polymeric membrane stage at grid pressure could be used. For a
good separation performance of the latter, the partial pressure of COs in the
membrane feed should however not exceed 10-20 bar to avoid a decrease in
selectivity due to plasticisation (Houde et al., 1996).

7.3.3 Emnergy integration
7.3.3.1  Minimum energy requirements

Figure 7.6 shows the minimum energy requirements of the principal flowsheet-
ing options for wood with properties of Table 2.1 at the default operating
conditions of Table 7.2. The composite curves that identify the contributions
of the process sections (Fig. 7.6(a)) highlight that the layout of the product
separation and expansion section determines the pinch point and influences
the energy demand markedly. If no power recovery from the crude product is
performed (Fig. 7.6, left), the process pinch is situated at the salt separator
where 186 kW MW,,! ~are required at 440°C. Below, the specific and latent
heat of the crude product is sufficient for preheating and hydrolysis of the
feed, and an excess of about 150 kW MWb_iimass can be recovered between
250 and 400°C (Fig. 7.6(b)). Limited power recovery by liquid expansion of
the high pressure condensate and/or expansion of the incondensable mixture
with previous reheating to the process pinch does not change the MER and
only marginally influences the amount of excess heat (not shown on figures).
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If no separation at high pressure is applied and the crude product includ-
ing the bulk water vapour is expanded in a turbine, the energy withdrawn as
mechanical work is not available anymore at the gasification outlet tempera-
ture. As a consequence, the pinch point shifts to the turbine outlet tempera-
ture and results in an increased MER at lower temperature (Fig. 7.6, right).
Reheating the crude might thereby be required to avoid condensation in the
final turbine stages and enhances the thermodynamic conversion efficiency,
which leads not only to an increased power output but also heat demand.

If the condensable phase from separation at high pressure is evaporated,
reheated and expanded to atmospheric pressure, the characteristics of the
process integration change drastically. For such a configuration, the pinch
point would shift to the saturation temperature of the mixture at atmospheric
pressure and the MER increases to 64-68% of the raw material’s heating
value. This would require to burn a large part of the produced gas and thus
turn the generation of electrical power to the plant’s main purpose.

7.3.3.2 Heat supply and cogeneration options

As mentioned earlier, the residual amount of methane and hydrogen in the
depleted streams from the product separation may contribute to satisfy the
process MER and reduce the amount of fuel to be withdrawn from the prod-
uct stream in order to balance the heat demand. In the separation system
superstructure of Figure 7.5, the waste streams considered for this purpose
are the vapour phase recovered by the flash drums at atmospheric pressure,
the offgas from the Selexol regeneration column and the membrane perme-
ate in the SNG postprocessing after bulk removal of CO,. If these are not
sufficient, crude SNG at grid pressure is identified as the appropriate stream
to balance the heat requirement.

In addition to the embedded power generation from the exergy potential
of the high pressure product, excess heat below the pinch can be recovered in
a Rankine cycle to cogenerate electricity and industrial heat. In our model,
the energy recovery potential of such a cycle is calculated with water as work-
ing fluid, although the temperature levels identified on Figure 7.6(b) suggest
an organic fluid as a technically more relevant option. Complementary to
conventional waste heat recovery in a bottoming cycle, the pinch at a still
moderate temperature level might also allow for high temperature cogenera-
tion. Although Luterbacher et al. (2009) demonstrated that gas engines or
standard gas turbines are not adequate since the temperature level of the
cogenerated heat is too low to efficiently balance the MER, less conventional
gas turbine technology might yet be an option. One possibility is thereby
not to control the turbine inlet temperature by lean combustion, but to with-
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FIGURE 7.6—Minimum energy requirements for product expansion without power
recovery (left) and for complete power recovery by reheating of entire condensable
phase.

draw high temperature heat by radiative transfer from the combustion to
satisfy the MER. Another option is to only partially oxidise the fuel in the
gas turbine and complete the combustion after expansion. As shown in the
exemplary energy balances of Table 7.3, these options provide substantially
more heat at the identified process pinch point, and internal heat recovery for
air preheating and steam injection might further increase the cogeneration
efficiency.

In order to illustrate the thermodynamic performance of the principal
flowsheeting and cogeneration options, Table 7.4 shows a screening of en-
ergy balances and efficiencies for the default operating conditions of Table
7.2. Comparing the alternatives for product separation with a high pressure
stage, the detailed electricity balance highlights the elevated pump power re-
quired for complete separation in a water column at 300 bar. Power recovery
through liquid expanders thus appears mandatory. From a pure efficiency
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Power Heat
Technology T > Thineh T <Tpinen, stack loss
Expansion and combustion 2.0% 97.7% -0.2% 0.6%
Gas turbine
- conventional lean, simple cycle  26.5% 16.0% 44.4% 13.0%
- with radiative HE 9.6% 74.7% 11.9% 3.9%
Partial oxidation (POX) gas turbine
- simple cycle 7.9% 85.7% 4.6% 1.8%
- air preheating to 800°C 7.8% 86.4% 4-2% 1.6%
- steam injection (0.3 kg kggng)  S.7% 84.6% 1.9% 4.7%
- with radiative HE 8.6% 80.4% 8.2% 2.7%

TABLE 7.3—Typical energy balances for cogeneration options from SNG at 20 bar.
Fuel and steam are preheated to 400°C, air to Tpincn, = 440°C (Tstqer = 120°C).

point of view, bulk gas separation at grid pressure is still more competitive
due to its lower power consumption. For both these options, the power re-
covery potential from expanding the crude vapour phase to grid pressure
is relatively modest and only feasible at large production scales. This is il-
lustrated in Figure 7.7, which shows the power recovery potential and the
minimum rotational speed of a radial turbine to reach an isentropic efficiency
of 80% according to Balje (1981). If the liquid phase is separated at gasifi-
cation pressure, the rotational speed required to efficiently expand the dense
gas phase is indeed elevated and the turbine design might be challenging.

A Rankine cycle may generate around 4% of the biomass input as elec-
tricity and allows for a positive net power balance. Due to the high marginal
electric efficiency approaching 60%, the use of a partial oxidation turbine
for high-temperature cogeneration might slightly increase the chemical effi-
ciency-equivalent although the power potential is limited. If no high pressure
separation is applied and the crude bulk is reheated, expanded and separated
at grid pressure, the product balance shifts towards an increased electricity
generation to the expense of SNG. Both the product expansion turbine and
the bottoming cycle generate substantially more power and integrate partic-
ularly well with a partial oxidation turbine. For all options, the largest part
of the energy loss is related to the heat evacuation by cold utility, and a
substantial chemical potential is lost in the substrate accompanying the salt
brine withdrawn from the separator.
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FIGURE 7.7—Power recovery potential from high pressure vapour and minimum
rotational speed required to reach 80% turbine efficiency determined with the cor-
relation of Autissier et al. (2007) for Balje’s (1981) radial turbomachinery data.
Tip speed is between 350 and 550 m s~—! and always subsonic.

7.3.4 Economic evaluation

As outlined in Chapter 1, the investment cost of a flowsheet is estimated
through rating and costing the major process equipment required to reach
the targeted conversion. Following classic process design procedures by Ul-
rich and Vasudevan (2004) and Turton et al. (1998), the process vessels for
reaction and separation are roughly sized for the specific operating condi-
tions. Costing data from the same sources is then used to determine the
investment required for the plant.

Before diluting and pressurisation, solid biomass feedstock has to be
ground, whereas wet feedstock is dewatered in a sedimentation centrifuge.
If sanitarily problematic waste biomass such as manure is used, the excess
water is further purified by reverse osmosis, which also allows for recovering
the nutrient salts and dissolved organic matter. The required membrane area
for the unit has been reconciled with cost data from Luterbacher et al. (2009)
and Ulrich and Vasudevan (2004). For the salt separator, the heat transfer
area is determined in the energy-flow model and directly used for its cost-
ing as a shell and tube heat exchanger with a fixed tube sheet in titanium
alloy. The gasification reactor is rated for a WHSV of 2 kgbiomasskg;éh_l
considering a dry catalyst bed density of 260 kg m™3. The equipment for
LV separation and gas absorption is sized according to the recommendations
by Ulrich and Vasudevan (2004). Both for water and Selexol as solvent, a
tray efficiency of 15% is assumed. Whereas Selexol regeneration requires a
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stripper, the saturated water is simply expanded and flashed at atmospheric
pressure to recover the residual fuel. For the final membrane stage, the same
cost data as in Chapter 2 is used. The cost of combustion equipment is
assessed with Ulrich and Vasudevan’s correlation for alloy steel reformer fur-
naces. For the heat exchanger network, the total heat transfer area and the
minimum number of exchangers is estimated from the balanced composite
curves following Ahmad et al. (1990). The cost of the network is assessed for
fixed tube sheet heat exchangers of mixed carbon-steel /nickel-alloy construc-
tion at maximum process pressure with the averaged surface areas obtained
for a reference heat transfer coefficient of 580 Wm™2K~! in Equation (1.6).
For all turbomachinery, centrifugal units are considered.

The operating expenses are assessed for the prices for raw materials, elec-
tricity, maintenance and labour of Table 2.6. In addition, the cost for catalyst
renewal due to deactivation is assessed with a price of 200 € kg=!. The total
production costs are obtained by summing up the operating expenses and
capital depreciation over 15 years with an interest rate of 6%. For currency
conversions, parity between € and US$ and 1.5 CHF €~! are used.

7.4 Thermo-economic optimisation of the pro-
cess design

In order to explore and optimise the performance of the different process
design alternatives illustrated in the separation superstructure of Figure 7.5
and discussed in Section 7.3.3.2, separate optimisations of the major flowsheet
alternatives are carried out. As already introduced in Table 7.4, these are
(1) LV and gas separation in a water column at high pressure, (2) bulk LV
separation in a high pressure flash drum and gas separation at grid pressure
by selexol absorption and (3m) no high pressure separation, but both LV
and gas separation by a flash drum and selexol absorption at grid pressure
followed by a membrane for the selective removal of residual hydrogen. While
the use of membrane technology as an additional downstream separation step
at grid pressure to allow for hydrogen removal is mandatory in case (3), it has
also been identified as promising for flowsheets that include a separation step
at high pressure (i.e. options (1m) and (2m)), since it also allows for relaxing
the required methane purity in the bulk separation. All these alternatives
are optimised without and with partial oxidation turbine technology fed with
the different candidate fuels identified in Figure 7.5. A complete list of the
decision variables for all optimisations is given in Table 7.2.
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7.4.1 SNG and power cogeneration potential

As illustrated earlier in Table 7.4, the process design for hydrothermal con-
version of biomass is particularly flexible with respect to the co-production of
fuel and power. In order to explore this particular trade-off, the maximum co-
generation potential is determined in a first optimisation step that targets the
partial efficiencies of both SNG and power defined in Equations (1.32) and
(1.34), respectively. The influence of the available power recovery technol-
ogy is thereby highlighted by separately optimising all process configurations
with and without power generation from the crude product expansion and
the use of a partial oxidation turbine.

Figure 7.8 shows the computed partial outputs in the Pareto domain
and the resulting overall chemical efficiency defined in Equation (1.35). The
operating conditions and performances of the solutions that maximise the
latter are summarised in Table 7.5. The optimisations have revealed that a
supplementary membrane has only marginal influence on the thermodynamic
performance, and the data for alternatives (1m) and (2m) are thus omitted
in this analysis for simplicity.

The plots indicate that up to 75% or 40% of the biomass input can be
converted into SNG or power, respectively. In between, the outputs are sub-
stitutable over a very large domain. If power recovery from the high pressure
vapour phase is not feasible (Fig. 7.8, left), the most efficient solutions for
the combined production are situated close to the top-end SNG generation
at which the power consumption for a higher gas yield drastically increases.
Below a partial SNG efficiency of approximately 70%, the marginal increase
in power generation to the expense of SNG is lower than the benchmark
efficiency nyacoe for a combined cycle and the overall combined efficiency
steadily decreases. If power recovery from the high pressure bulk phase is
feasible (Fig. 7.8, right), a particularly high marginal efficiency for supple-
mentary power generation is obtained at lower SNG rates. Combined with
a partial oxidation gas turbine, a second peak of the combined efficiency is
reached at only 35% and 24% partial output for SNG and electricity, respec-
tively. In general, the optimisation of the process design and its integration
allows for increasing the equivalent chemical efficiency by up to 4 to 7 points
compared to the default scenarios discussed in Table 7.4.

For the conceptual process design, some key variables can be identified
from the decision variable distribution of the optimal configurations. In gen-
eral, high pressure facilitates high SNG and chemical efficiency since it con-
siderably reduces the heat requirement of the process. Decreasing pressure
requires the combustion of more SNG to supply the MER and emphasizes
power cogeneration from the excess heat. The inverse effect is observed for
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High pressure vapour power rec. no yes

Unit (1) (2) (3m) (1) (2)  (3m)
Design variables
Ptot bar 350 335 350 348 350 348
T'ss,maz °C 460 458 432 448 433 488
ATss int. °C 70 67 49 59 43 10
Tss out °C 390 391 383 389 390 478
AT g5 bottom °C 27 37 53 10 26 19
AT g top °C 28 46 21 30 10 44
Tyin C 372 376 373 373 372 402
Tg,0ut °C 330 330 330 330 330 364
Dhp,sep bar 100 335 - 100 350 -
N H20 - 5 - - 5 - -
TCH4,sel % - 96.8 95.2 - 95.2 96.6
Agl - - 1.00 1.00 - 1.00 1.21
5C'H4,sel,out % - - 948 - - 95-9
Ymemb. - - - 2 - - 2
y%rac - - - - 1 1 1
Ypree - 1 1 1 1 1 1
Tys C - - - 573 313 585
Ds,p bar 66.4 74.5 23.2 71.0 44.7 22.2
Tss °C 547 550 377 550 507 492
Tsu °C 166 124 132 150 143 103
PPOX bar - 14.7 24.8 10.6 - 24.2
Yfuel - - 4 1 4 - 1
Tf1,H20 - - 0.10 0.01 0.19 - 0.01
T f2,H20 - - 0.15 - 0.05 - -
Efficiencies
€SNG % 736 697 738 68.0 744 347
€el % 1.1 3.7 -0.1 4.4 1.5 24.1
€ % 747 733 737 725 750  58.8
n % 68.7 674 679 66.6 69.9 534
€chem % 755 761 736 758 771 771
Costs
car® € kw! 743 1095 860 863 1017 1147
Cop® € MWh™'  359.0 58.9 62.8  56.1 59.7 13.2
CpP €MWh™! 725 799 784 731 779 575
Ceat € MWh™! 3768 2787 7788 4805 5820 129
C’biomass’beb € MWh™! 68.3 61.2 64.0 65.2 64.6 55.0

& at a nominal capacity of 20 MWy, piomass-
b without catalyst.

TABLE 7.5—Design variables and performances of the optimal process configura-
tions with respect to €cnem.
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FIGURE 7.8—Maximum process efficiency without (left) and with power recovery
from the high pressure vapour phase.

the temperatures in the salt separator. Essentially determining the process
pinch point, low temperature is favourable for high SNG output, while high
temperatures increase the share of cogenerated power. For the most efficient
process design without power recovery from the crude product at high pres-
sure, the composite curve in Figure 7.9 (left) highlights that the optimisation
of the process pressure and salt separation temperatures reduces the MER
by 50% compared to the default solution shown earlier in Figure 7.6 (left),
while keeping the pinch point at 430°C.

The gasification outlet temperature essentially determines the amount of
residual hydrogen and is therefore linked to the choice and operating condi-
tions of the separation system. Generally tending towards its lower bound,
low temperatures are particularly favoured if no supplementary membrane
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FIGURE 7.9—Grand composite curves for the most efficient process configurations
without (left) and with power recovery from the bulk at high pressure.

separation is carried out and if high SNG output is targeted. However, such
low temperatures might be hard to realise due to reaction kinetics and re-
quire a very efficient catalyst. For separating the crude product in a water
column, a very pronounced trend to the lower limit for pressure confirms the
conclusions from Figure 7.4 that high pressure mainly increases the pump
power without being essential for the separation performance in the inte-
grated system. If a supplementary membrane is used, relatively low methane
purity in the high pressure column is further advantageous to limit the power
requirement. Contrary to the LV and gas separation in a water column, high
pressure is yet advantageous for pre-separating the crude product in a flash
drum. The remaining decision variables for the separation system are not
conflictive with respect to the relative output, but influence the thermo-eco-
nomic trade-off discussed in Section 7.4.2.

In any case, power recovery from the high pressure streams increases the
process efficiency. While liquid expanders should especially be considered
if the gas is washed with additional water, power recovery from the vapour
phase represents a major advantage if the entire bulk is expanded in the
vapour phase and separated at grid pressure. Reheating across the pinch is
thereby favourable in any case, although it slightly decreases the gas output
by increasing the MER. Combined with a topping partial oxidation turbine
and a bottoming Rankine cycle, the composite curve of Figure 7.9 (right) pro-
vides the characteristics of this efficient alternative with a high power share.
In this setup, the partial oxidation turbine is preferably operated at 20 to
25 bar and fuelled by crude SNG without additional steam. For the Rankine
cycle, moderate steam pressure or an organic fluid seems appropriate.
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7.4.2 Optimal thermo-economic plant design

Having explored the thermodynamic cogeneration potential of the hydrother-
mal conversion, the following sections address the optimal thermo-economic
plant design by considering process economics. As indicated in Table 7.5,
catalyst deactivation is of crucial importance in this regard and prevents a
priori the most efficient flowsheets to be economically feasible by orders of
magnitude. In order to elaborate this particular impact on the process de-
sign and performance, separate optimisations with and without considering
the catalyst cost in the process economics are carried out. As already distin-
guished in the previous paragraph, the individual optimisation of flowsheets
with and without power recovery from the crude product at high pressure is
furthermore maintained.

7.4.2.1 Catalyst deactivation without regeneration

In a first optimisation step, catalyst poisoning by residual, dissolved sulphur
that has not precipitated in the salt separator is considered by assuming
that deactivated catalyst is disposed and replaced by new charges at full
cost. In order to cover both the thermodynamic and economic design targets
and allow for a clear analysis of the results, two consistently aggregated
performance indicators are used as objectives. The chemical efficiency defined
in Equation (1.35) represents the thermodynamic performance and covers all
costs and profits directly linked to it (i.e. raw material, labour and returns
from the products). The purely economic aspects that are not directly linked
to the energetic process inputs and outputs (i.e. equipment, maintenance and
auxiliaries) are assessed by the specific investment cost plus the total catalyst
cost over the whole plant lifetime n [years|, i.e.:

OGR + 27.7 - 106n C’cathrcat
CGR,cat = ARD - T (78)

biomassmbiomass

The performance of the flowsheet alternatives optimised with respect to
these two objectives and their impact on the overall process economics are
shown in Figure 7.10. Analogous to Chapter 6, the latter is assessed by the
biomass break-even cost defined in Equation (1.43) as the maximum accept-
able raw material cost for the plant to break even. Tables 7.6 and 7.8 sum-
marise the overall economically optimal process configurations that maximise
this aggregated indicator for flowsheets without and with power recovery from
the high pressure vapour phase.

If power recovery from the vapour phase is not considered, LV separation
in a high pressure flash drum and gas separation by physical absorption with
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Catalyst deactivation considered

Unit (1) (m)  (2) (2m) (3m)

Design variables  pyot bar 250 251 250 250 252
T'ss,maz C 500 498 500 523 521
AT gs int. °C 68 67 60 69 68
T'ss,out C 432 431 440 454 453
A,Tss,bottom °C 58 61 66 54 4:8
AT g top °C 38 30 56 60 30
Tg,in C 380 381 381 379 397
Tg0ut C 334 338 340 332 304
Dhp,sep bar 100 101 250 250 -
N H20 - 5 5 - - -
EC’H4,hp,out % - 80.3 - - -
TCHA,sel % - - 959 951 957
Al - - - 127 117 1.28
6CH4,sel,out % - - - 90.3 90.3
Ymemp. - - 2 - 2 2
yémc - 1 1 1 1 1
Ds.,p bar 54.6 43.1 60.7 54.3 58.8
Ts.s C 520 484 505 519 550
Ts °C 130 104 124 125 150
Y fuel - - - - - -
Efficiencies ESNG % 54.9 56.0 542 525 525
€el % 8.4 7.8 9.0 104 8.3
€ % 63.3 637 632 62,9 608
n % 580 585 579 576 558
€chemn % 69.6 69.6 70.0 70.8 67.2
Costs CGR € kw! 729 722 824 808 793
Cop € MWh™! 551 559 548 515 584
Ceat € MWh™! 5-1 55 4.5 3.2 3.6
Cp € MWh™! 729 731 751 721 786
Chiomasspe € MWh™! 564 565 552 568 532

TABLE 7.6—Design variables and performance of the optimal process configura-
tions at 20 MWy, piomass With respect to break-even biomass costs without power
recovery from the high pressure vapour phase and fully considering catalyst cost.
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Catalyst deactivation not considered

Unit (1) (1m) (2) (2m) (3m)

Design variables  pyo bar 350 332 347 339 350
T'ss,maz °C 441 433 438 439 432
AT gs int. °C 51 41 46 49 44
T'ss out C 390 392 392 390 388
AT 'ss bottom °C 6o 62 65 6o 69
AT g5 top °C 18 15 12 43 31
Tyin C 373 377 373 375 372
Ty out C 330 330 330 330 330
Dhp,sep bar 100 101 326 327 -
Ns 120 - 5 5 - - -
EC’H4,hp,out % - 91.8 - - -
TCH4,sel % - - 951 956 950
Ager - - - 136 1.22 1.07
COHA4,sel out % - - - 905 90.1
Ymemb. - - 1 - 1 1
yérec - 1 1 1 1 1
Ds,p bar 335 334 305 390 217
Ty s °C 456 454 436 482 432
Tsu °C 123 167 121 134 120
Y fuel - - - - - -
Efficiencies ESNG % 74.3  73.0 73.3 734 744
€el % 0.6 1.1 1.7 1.1 -0.6
€ % 749 741 750 745 739
7 % 68.9 682 6g.0 686 68.1
€chem % 753 749 762 753 733
Costs CGR €kW! 678 655 797 742 679
Cop € MWh™' 3590 586 583 591 619
Ceat € MWh! - - - - -
Cp €MWh™' 712 707 729 727 741
Chiomass,pe € MWh™!  69.6 69.3 67.9 681 67.4

TABLE 7.7—Design variables and performance of the optimal process configura-
tions at 20 MWy, piomass With respect to break-even biomass costs without power
recovery from the high pressure vapour phase and without considering catalyst
cost.
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Catalyst deactivation considered

Uit (1) (m)  (2) (2m) (3m)

Design variables  pyot bar 250 250 250 251 252
T'ss,maz °C 508 491 507 508 540
ATss,int. °C 70 69 69 64 66
Tss out °C 438 422 438 444 474
A,Tss,bottom °C 69 55 58 65 68
AT ss top °C 24 40 55 49 65
Tyin °C 379 379 382 380 382
Ty out C 331 331 343 334 341
Dhp,sep bar 100 106 250 251 -
Ns. 20 - 5 4 - - -
EC’H4,hp,out % - 81.4 - - -
TCH4, sel 1 - - 959 951 954
Agel - - - 146 1.23 1.6
6CH4,sel,out % - - - 91.5 90.0
Ymembd. - - 2 - 1 2
Ynrec - 0 1 1 1 1
yimc - 1 1 1 1 1
Tys °C 356 318 410 436 304
Ds.p bar 35.3 45.1 66.0 69.3 21.3
Ts.s °C 462 489 550 549 467
Ts °C 136 99 129 128 99
yfuel - - - - - -
Efficiencies ESNG % 556 57.0 53.6 529 50.5
€el % 7.5 7.4 102 106 13.1
€ % 63.2 64.5 637 635 635
n % 579 591 534 581 581
€chem % 68.9 701 714 715 734
Costs CGR € kw! 722 715 855 836 815
Cop € MWh™! 569 558 519 510 44.2
Ceat € MWh™! 43 6.7 45 4.2 2.6
Cp €MWh™' 743 726 732 721 659

Chiomass,pe € MWh™' 563 565 56.0 565 594

TABLE 7.8—Design variables and performance of the optimal process configurations
at 20 MWy, biomass With respect to break-even biomass costs with power recovery
from the high pressure vapour phase and fully considering catalyst cost.
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Catalyst deactivation not considered

Unit (1)  (1m) (2) (2m) (3m)
Design variables  pyo bar 350 323 348 339 331
T'ss,maz °C 447 438 449 450 432
ATss int. °C 59 45 65 62 34
Tss out °C 388 393 384 388 398
A,Tss,bottom °C 4:6 64 66 51 63
AT ss top °C 47 27 55 37 28
Tyin °C 372 380 373 375 379
Ty out °C 330 332 330 330 332
Dhp,sep bar 100 101 332 337 -
Ns. 20 - 4 3 - - -
EC’H4,hp,out % - 81.8 - - -
TCHA,sel % - - 950 954 951
Agl - - - 131 1.30 1.18
6CH4,sel,out % - - - 90.0 90.9
Ymemb. - - 2 - 1 2
Ynrec - 0 0 1 1 1
yimc - 1 1 1 1 1
Tys °C 316 364 314 331 300
Ds.p bar 204 384 200 231 200
Ts.s °C 496 495 401 418 441
Tsu °C 122 160 126 124 124
yfuel - - - - - -
Efficiencies ESNG % 741 717 746 73.8 709
€el % 0.5 1.7 1.1 1.3 1.1
€ % 747 734 757 751 720
n % 68.8 67.6 69.7 69.1 66.3

Echem 751 747 765 761 729
Costs CGR € kwW! 665 650 790 762 678
Cop € MWh™! 592 581 586 584 6oj
Ceat € MWh™! - - - - -
Cp €MWh™' 712 703 728 723 734

Cbiomass,be € MWh_l 695 690 685 68.6 664

TABLE 7.9—Design variables and performance of the optimal process configurations
at 20 MWy, biomass With respect to break-even biomass costs with power recovery
from the high pressure vapour phase and without considering catalyst cost.
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FIGURE 7.10—Optimal thermo-economic trade-off fully considering catalyst costs
at 20 MWy, piomass Without (left) and with power recovery from the high pressure
vapour phase. Dotted lines are for indication only.

Selexol dominates a large part of the Pareto domain. An additional mem-
brane stage for supplementary removal of hydrogen is thereby advantageous
since the combustion of the depleted permeate supplies useful heat to the
process, and the size of the bulk separation system is limited without detri-
mental effect on the process efficiency due to process integration. Water as
washing medium is slightly suboptimal compared to the dedicated solvent,
and configurations without LV separation at high pressure are clearly worst.

While power recovery from the vapour phase at high pressure has only a
marginal impact on the process configurations with LV separation prior to ex-
pansion, it allows for increasing the combined efficiency by 6 to 8 points if the
entire bulk phase is expanded. If catalyst costs are considered, configuration

173



OPTIMAL PROCESS DESIGN FOR HYDROTHERMAL PRODUCTION OF SNG FROM
WASTE BIOMASS

(3m) thus clearly becomes the optimal solution overall. With modest partial
SNG yields of 50 to 57%, all economically optimal flowsheets are fairly dif-
ferent to the most efficient configurations shown in Figure 7.8. In this range,
however, layout (3m) profits overproportionally from the power cogeneration
due to an efficient expansion of the bulk. Although this configuration is in
principle not more efficient than the others, it has a crucial advantage since
its efficiency is more robust to design constraints imposed by keeping the
catalyst deactivation at an acceptable level. According to the correlation
of Leusbrock et al. (2008), the solubility of Na»,SO, increases markedly with
pressure and decreases with temperature, which is conflictive with the process
efficiency that is favoured by high pressure and low salt separation temper-
ature. As the catalyst cost is dominating the economically best solutions,
all optimal configurations of Tables 7.6 and 7.8 are at the minimum bound
for the process pressure and at distinctively higher separation temperatures
than those of Tables 7.7 and 7.9 that disregard catalyst cost. Accordingly,
superheating and expansion of the bulk is the unique flowsheet alternative
that allows for a high process efficiency despite unfavourable process pressure
and salt separation temperature.

Apart pior, Tss.maz and AT, ;e that are governed by the influence of
catalyst deactivation, the other decision variables are mainly subject to the
conventional thermo-economic trade-off between investment and efficiency.
The temperature differences for the heat transfer in the salt separator fol-
low the classical compromise between cost for exchanger surface and energy
efficiency. As reaction kinetics are not modelled in detail, the gasification
outlet temperature is not conflictive and low values are preferable to limit
the amount of residual hydrogen. If the catalyst does not allow for reason-
able conversion at temperatures below 400°C, a benchmark optimisation has
revealed that the decrease in chemical efficiency depends on the process con-
figuration and might amount to up to 4 points.

For the gas separation in a water column, an increasing number of equilib-
rium stages has a positive effect on the separation efficiency, but is obviously
more costly in terms of investment. Gas posttreatment in a membrane stage
thereby reduces the importance of the separation performance and allows for
a smaller tower. A similar trend is observed for the absorption factor used
in the Selexol column model, with which investment cost and separation ef-
ficiency are negatively correlated. The choice of the membrane material is
slightly conflictive. Polysulfone is more selective with respect to hydrogen and
thus more efficient, while cellulose acetate is more permeable and cheaper. In
general, high product recovery in the separation is secondary with respect to
plant profitability since the depleted streams are used to supply the required
heat. If absorptive and diffusive separation are combined, low purity after
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the first step is identified as optimal since the resulting elevated membrane
permeate flowrates are not penalising. The pressure at which the crude gas
is (pre-)separated is not influenced by process economics. As in the previous
section, it clearly trends to its lower or higher limit if an absorption tower or
flash drum is used, respectively.

Power recovery is always beneficial for high efficiency but obviously re-
quires some more investment. In a steam Rankine cycle, a steam generation
pressure below 40 bar is sufficient. Superheating slightly above the process
pinch is rationale, although the optimal temperature is moderate to match
steam pressure. In any case, the investment for a partial oxidation turbine
is not cost-effective at the considered scale since the applied pricing slightly
disfavours power generation compared to SNG by a lower economic than
thermodynamic value.

7.4.2.2 Without catalyst deactivation

In order to provide a benchmark solution for comparing the impact of cata-
lyst deactivation on the process design, a second set of optimisations without
considering the catalyst cost is carried out. This corresponds to the assump-
tion that catalyst poisoning or its economic impact can be prevented by a
chemical guard for the diluted sulphur or that its regeneration is possible
at negligible cost. The optimisation setup is identical to the previous case,
except that the specific investment cgr without catalyst cost is considered as
economic objective. Figure 7.11 and Tables 7.7 and 7.9 provide the results
for these runs.

The thermo-economic characteristics of the flowsheet alternatives differ
substantially from the ones that fully consider catalyst deactivation. The
catalyst cost, or eventual measures to prevent its fast poisoning by diluted
sulphur, is thus crucially influencing the choice of the best process configura-
tion and its operating conditions. If an excessive deactivation or its economic
impact can be prevented by other means than low process pressure and high
separation temperature, the flowsheets with power generation from the su-
perheated bulk are not competitive since the alternatives with at least LV
separation at high pressure do not suffer from these design constraints. While
the performance of the former stagnates, the most profitable flowsheets with
a separation step at high pressure gain 5 to 6 efficiency points. While LV
separation in a flash drum at high pressure and Selexol wash at grid pressure
has the highest top-end efficiency, absorption in a water column is less costly
and dominates the Pareto domain over a large range. Accordingly, the opti-
misation results suggest that this is clearly the most profitable solution at a
plant scale of 20 MWy, piomass-
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(b) Evolution of the biomass break-even cost on the Pareto front.

FIGURE 7.11—Optimal thermo-economic trade-off without considering catalyst
costs at 20 MWy, piomass Without (left) and with power recovery from the high
pressure vapour phase.

Contrary to the process optimisations in which the catalyst cost is con-
sidered, a good thermodynamic efficiency is assured by high process pressure
and low temperatures in the salt separator. The need for a very efficient
separation and energy recovery system design is thus less pronounced, and
flowsheets with smaller equipment and slightly lower investment costs emerge
as the most profitable ones.

7.4.2.3 Economic process scaling

The most economic plant design and its performance is generally dependent
on the production scale and configurations different to those reported in Ta-
bles 7.6 to 7.9 may become optimal for other biomass inputs. In order to
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Range [MW ¢, biomass) [5 20| [20 200|
Catalyst deact.\Configuration (1) (2) (3) (1) (2) (3)
considered 0.68 0.59 0.62 0.84 0.80 0.81
not considered 0.71 0.67 0.68 0.87 0.84 0.86

TABLE 7.10—Regressed cost exponents for principal process configurations. The
coefficient of determination R? is higher than 0.968 if individual costs values at
reference scale are allowed.

determine the thermo-economic process scaling, Chapter 6 has shown that it
is valid to assume that the operating conditions within a set of Pareto-opti-
mal flowsheets do not substantially change with process scale and that it is
thus possible the select the optimal plants among the Pareto-optimal config-
urations extrapolated from the reference scale. The influence of the process
scale on its specific investment is conveniently expressed by the cost expo-
nents defined in Equation 6.2, which are provided for the major flowsheet
alternatives in Table 7.10. With values between 0.6 to 0.7 for inputs below
20 MW, piomass and higher than 0.8 above, substantial economies of scale are
obtained from small- to mid-scale, but become less significant above roughly
50 MW. In general, they are greatest for the configurations with LV separa-
tion at high and gas separation at grid pressure and least for those with LV
and gas separation in a high pressure water column.

If catalyst deactivation is unavoidable and power recovery from the high
pressure vapour phase infeasible, configuration (2m) generates maximum
profit at and above 20 MWy, piomass While (1m) is best below due to in-
vestment savings at lower efficiency. If power recovery is feasible, the bulk
expansion in the vapour phase of configuration (3m) is best at any scale.
In case catalyst costs need not to be considered, complete separation in a
water column with configuration (1) is best at any scale without power re-
covery and also up to roughly 100 MWy, piomass With power recovery. Above,
configuration (2) becomes optimal due to its greater top-end efficiency.

7.5 Process performance for selected substrates

In the previous sections, wood with the same properties as in the previous
chapters on more conventional processing by separate gasification and metha-
nation has been used as exemplary feedstock to demonstrate the process
design and provide a coherent assessment of its performance. The process
concept of hydrothermal gasification yet principally addresses the conversion
of wet biomass and biomass waste, and relatively dry, clean and increasingly
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Proximate analysis Ultimate analysis Eq. (1)
) ash AR C H @) N S CHy COq
%owt %Wthy MJkgC;alf %Wtdaf - -
Wood? 50 06 186 511 58 429 02 n/a o051 049
ManureP 97 24.9 21.2 48.0 8.3 36.1 7.0 0.6 o0.62 0.38
Sewage sludge® 73 47.8 19.2 49.2 6.0 376 7.2 n/a o054 046
Coffee grounds? 50 0.3 26.0 60.1 85 296 1.6 0.2 062 0.38
Lignin slurry® 75 06 234 558 82 360 n/a n/a 0.60 040
Microalgaef 87 12.5 25.3 577 7.6 253 81 1.3 0.61 0.39

2 identical to Table 2.1.

b pig manure as analysed by Waldner (2007).

¢ internal data (Descoins, 2009) for a mixture of conventionally digested primary and secondary sludges,
ash content and humidity from ECN (last visited 06/2009).

41D 2190 from ECN (last visited 06/2009).

¢ residue of ethanol production from lignocellulosic biomass according to Zhang et al. (2009).

f Phaeodactylum tricornutum of Haiduc et al. (2009).

TABLE 7.11—Properties of the candidate feedstock.

expensive wood is not the originally preferred feedstock. For this reason, the
influence of the substrate properties on the process design and performance
is discussed here at some representative examples.

7.5.1 Candidate substrates

Table 7.11 provides the relevant properties of a selection of candidate feed-
stocks for hydrothermal gasification. Among the potential substrates, ma-
nure and sewage sludge are abundant biomass wastes with a large potential.
Coffee grounds and lignin slurry represent typical energetically exploitable
by-products. While the former is a residue from the food industry, large
amounts of biomass are retrieved as slurries with high lignin content in the
pulp and paper industry or in a future production of fuel ethanol from lig-
nocellulosic biomass. In case of the latter, excess heat from the SNG pro-
duction might thereby also satisfy the requirement for biomass pretreatment
and ethanol distillation, and very favourable effects might emerge from pro-
cess integration (Zhang et al., 2009). Finally, microalgae are considered as a
photosynthetically efficient energy crop that are cultivable in photobioreac-
tors on marginal land (Haiduc et al., 2009, Stucki et al., 2009), from which a
reduced environmental impact compared to land-based energy crops can be
expected.

Compared to wood, all these substrates offer a higher hydrogen fraction
and thus an increased theoretical methane yield from the dry, ash-free sub-
stance according to Equation (1). Except coffee grounds and lignin slurry,
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they yet suffer from a higher ash content which reduces the effective biomass
content if diluted to the same dry solids content. Among the substrates,
manure suffers from a particular low solids content on an as-received basis
and is the only substrate for which water purification by reverse osmosis is
considered necessary.

7.5.2 Process optimisation

As in the previous section, the process optimisation is addressed by first
assessing the fuel and power cogeneration potential and subsequent ther-
mo-economic optimisation with and without considering catalyst cost. In
addition to the decision variables outlined in Table 7.2, the choice of the sep-
aration subconfigurations (1)-(3m) is left to the multi-objective algorithm in
order to limit the computational time and data volume. Figure 7.12 provides
the Pareto fronts of the overall best configurations for all substrates in the
different optimisation steps.

The maximum partial efficiencies in (a) assess a nearly equal cogeneration
potential for coffee grounds and lignin slurry, which are performing slightly
better than wood. Microalgae, manure and sewage sludge are consecutively
worse. In comparison with Table 7.11, this order mainly follows the ash
content of the substrates. With an equal total solids content of 20%, the net
dilution of the reactive biomass in water almost doubles in the worst case of
sewage sludge and has a fatal impact on process efficiency since the amount
of water to be entrained is doubled as well. As discussed in detail for wood,
power recovery from the high pressure vapour phase has a similar influence on
the performance for all substrates. In addition to the maximum combined
efficiency situated close to the maximum SNG yield, it allows for a high
marginal efficiency in substituting the SNG by electrical power generation.
This leads to a second peak with respect to the combined efficiency at net
SNG yields below roughly 50%), which is particularly beneficial for low quality
substrates like sewage sludge.

The efficiency considerations have a big impact on the thermo-economic
performance of the conversion. Compared to coffee grounds and lignin slurry
which are dominating the common Pareto domain, the conversion of wood is
slightly less efficient and more expensive due to the higher CO, share in the
crude product that requires more effort for separation. Although potentially
more efficient, it is thus competing with microalgae whose conversion is dis-
favoured by a slightly higher ash content. The waste substrates are clearly
worst. While sewage sludge is seriously penalised by its low thermodynamic
performance, manure suffers from high investment cost for dewatering and
especially wastewater treatment by reverse osmosis.
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thermodynamic and thermo-economic trade-off at

20 MWy, piomass without (left) and with power recovery from the high pressure
vapour phase.
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Figure 7.13 illustrates the evolution of the process configuration on the
thermo-economic Pareto fronts and clearly highlights that the optimal choice
depends not only on the availability of energy recovery technology, catalyst
deactivation and plant scale, but also on substrate properties. According to
the trends observed in the detailed design study for wood, the use of a single
separation technology is more efficient, but its combination with a mem-
brane is less costly since the purification requirement is relaxed. The flow-
sheets with absorption of CO, in water thereby require less investment than
Selexol, but are disfavoured at higher efficiency. An exception is observed
if power recovery from high pressure vapour is excluded and catalyst cost
can be disregarded, for which water absorption is the unconditionally best
technology for all substrates. If catalyst cost is considered and power recov-
ery feasible, superheating and expansion of the bulk crude product emerges
again as an interesting alternative since its efficiency is less sensible to the
design constraints imposed to avoid excessive deactivation. For the econom-
ically best configurations, the yield distribution is similar to those obtained
for wood. While an almost neutral power balance at high SNG yield seems
best if catalyst deactivation does not need to be considered, converting up
to 10% of the biomass input into power is more advantageous otherwise.
The assessed break-even costs for coffee waste, lignin slurry and microalgae
are thereby similar or higher to those of wood, which may result in consid-
erably higher plant profitability if lower substrate prices apply. Although
manure conversion suffers from high investment cost, such plants might yet
be profitable since also low compensations for the feedstock can be expected.
With the assumed inert fraction and dilution limit, the conversion of sewage
sludge increases the energy efficiency of wastewater treatment, but econom-
ical benefits should principally emerge from avoiding another type of waste
treatment.

7.6 Conclusions

The present chapter has presented a systematic analysis of the process de-
sign alternatives for hydrothermal production of SNG from wet biomass and
biomass waste. For this purpose, technology models have been developed,
reconciled and validated with data from experimental investigations and pro-
cess demonstration. Based on a general superstructure for combined product
separation and internal energy recovery from the supercritical conditions,
the possibilities for an efficient cogeneration of SNG and power have been
explored. Simultaneously considering the mass and energy balances in the
process integration has thereby allowed for linking the synthesis of the sep-
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FIGURE 7.13—Evolution of the process configuration on the Pareto front (left)
and characteristics of the most economic one at 20 MWy, piomass for the selected
substrates.

aration and energy recovery systems while considering the depleted streams
as fuels to balance the heat demand of the process.

Even with conservative hypothesis on practical design limitations such as
a maximum total solids content of 20% in the feed and the loss of 10% of the
hydrolysate in the salt slurry, a sound process integration and energy recovery
allows for an energetically and economically viable process design. Multiple
thermo-economic optimisations have revealed that the hydrothermal conver-
sion should thereby be regarded as a polygeneration system in which SNG
and electricity yields are to a large extent on a par. In a detailed design study
for wood substrate, it has been observed that catalyst deactivation and the
availability of energy recovery technology crucially affect the process design
and lead to solutions with substantially different characteristics. If catalyst
deactivation or its economic impact can be avoided by other means than low
pressure and high temperatures in the salt separator, flowsheets with 72 to
75% SNG yield close to the maximum and an almost neutral power balance
are economically optimal. If excessive catalyst cost can only be avoided by
keeping the salt solubility in the separator on a low level, flowsheets with a
substantially lower gas yield of 50 to 57% and an increased power generation
of 7 to 13% become optimal. In this circumstances, superheating and expand-
ing the bulk crude product proves as a particularly energy- and cost-efficient
design alternative.

In the last part of the analysis, it is demonstrated that the process de-
sign and performance is not only influenced by available technology, catalyst
deactivation and plant scale, but also the characteristics of the processed
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substrate. Wet but energetically valuable industrial by-products with a high
hydrogen and low ash content such as lignin slurries or coffee grounds have
been identified as a particularly well suited feedstock that allow for greater
efficiencies than wood. Biomass wastes with high ash content such as manure
and digested sewage sludge are less advantageous since their effective biomass
content is severely reduced if processing is limited to slurries containing no
more than 20% total solids. From the perspective of waste treatment with
disposal as principal objective, also marginal profit from a complete energy
recovery from wastes might yet be valuable.

183






Conclusions

In this thesis, a systematic methodology for the conceptual design of effi-
cient processes for converting biomass to fuels, heat and power has been
developed and demonstrated. Based on an appropriate mathematical decom-
position of the design problem into an intensive non-linear and an extensive
linear model, it allows for generating parameter- and scale-independent sets
of potentially optimal process configurations and operating conditions with
respect to multiple objectives. The approach is thus well-suited to target
best possible performance and eliminate solutions that are not worth inves-
tigating in detail. In this regard, it may serve as a tool to guide research
efforts and process development towards optimal plant design, which is too
easily missed by the conventional simulation of some scenarios.

Based on the analysis of feasible conversion pathways arranged in a gen-
eral process superstructure, a database of thermo-economic models for promis-
ing technologies for the thermochemical conversion of biomass has been de-
veloped and validated. Due to its modular structure, it facilitates the com-
parison of multiple candidate process configurations and may conveniently
be enriched in the future. The models thereby consider the variable char-
acteristics of the resource and realise a trade-off between the level of detail
and numerical robustness. Contrary to conventional studies that typically
assess equipment cost based on capacity, a preliminary equipment rating and
costing is performed. This allows for properly investigating the thermo-eco-
nomic performance by multi-objective optimisation with respect to process
configuration and operating conditions.

At the example of thermochemical production of SNG from wood, sev-
eral studies have shown that process integration plays a crucial role in the
definition of energy- and cost-efficient system designs. The individually most
efficient technologies are thereby not necessarily the best ones from an overall
perspective. For instance, Viking gasification is outperformed by indirectly
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heated FICFB gasification with respect to integrated system performance
despite its considerably higher cold gas efficiency of 91% compared to 78%
for FICFB. Another example is the design of the separation system for up-
grading crude SNG to grid quality. If the separation section is designed as
an individual package, it is possibly oversized by up to 60% with 46% higher
investment costs compared to a design that fully takes the process integra-
tion into account. Apart such benefits from process intensification, consider-
able potential has been assessed for site-scale integration. For a conservative
process design for ethanol production from lignocellulosic biomass, it has
been shown that the fuel yield can be more than doubled if the unfermented
residues are thermochemically converted into SNG instead of conventionally
burnt for power cogeneration in a steam Rankine cycle. This strengthens not
only the economic plant competitiveness, but also highlights the influence of
the process design on environmental performances, since the same fuel out-
put is obtained with less than half as much cropland and related impacts.
Again, the full potential is thereby only accessible if a systematic approach
for extracting the available exergy for combined heat and power cogeneration
is applied.

In a general typefaction of the candidate process configurations, the best
technologies and technology matches for the polygeneration of SNG, indus-
trial heat and power have been identified. A detailed discussion of the influ-
ence of the operating conditions reveals the interaction of the optimal values
between the different sections and their relation with the process integration.
It is further shown how the best process configurations depend on the pos-
sibility for local heat cogeneration, plant scale and the projected economic
conditions.

Overall, the production of SNG from lignocellulosic biomass by conven-
tional gasification and methanation suggests itself as an efficient and sustain-
able option for biomass-to-fuel conversion. Depending on technology, process
scale and energy prices, the most economic configurations may provide a net
fuel yield of 66 to 75% from wood at 50%wt humidity based on the lower heat-
ing value of the dry substance. Cogeneration allows for a total useful energy
yield ranging from 71 to 91%. This corresponds to an equivalent gas yield
of 74 to 86% if electricity and heat are substituted by the gas consumed for
their generation in a combined cycle and heat pumps at an exergy efficiency
of 55%. Assuming prices of 33 € MWh™! for wood and 8o and 180 € MWh~!
for industrial heat and electricity generated from renewables, respectively,
these efficiencies result in overall production costs of 51 to 84 € MWhg}vG
at a plant scale of 20 MWy, piomass Or as low as 45 € MWhg}VG for mature
large-scale production above 100 MWy, piomass- Directly heated, pressurised
fluidised bed gasification thereby clearly emerges as the best technology, al-
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though maybe contradictory to results obtained for conventional flowsheet
scenarios based on intuition. From the stoichiometry of the main reaction,
CO4 is a by-product of the fuel production that must be separated from
SNG in order to reach grid quality. This biogenic carbon dioxide might be
captured and avoided at a price of 15 to 40 € ton™! depending on the price
of electricity. Capturing CO, at a SNG plant using cogenerated electricity
is thus potentially more economic than end-of-pipe capture at a fossil power
plant and allows for extracting net CO, from the atmosphere during plant
growth.

Instead of using conventional gasification, hydrothermal gasification in
supercritical water is an alternative process that is suitable for wet biomass
and biomass wastes. For this emerging technology, a detailed process model
has been developed based on experimental laboratory results for the produc-
tion of crude SNG. In order to correctly predict the phase equilibria for the
particular conditions in the product separation, a suitable thermodynamic
property model has been identified and adapted to recently available ternary
data for the HyO-CO,-CH, system. Promising alternatives for the combined
separation and energy recovery from the crude product have been assembled
in a superstructure. As such, the model may be used as an adaptive design
tool in the development of a pilot, demonstration or later commercial plant.

In a detailed design study, the impact of available technology, catalyst
deactivation and process scale has been quantified for selected candidate
substrates. Hydrothermal gasification thereby appears as a flexible process
with a wide spectrum of relative fuel and power yields at efficiencies that
are relatively close. Based on conservative hypothesis, efficiencies of up to
75 to 80% in terms of SNG equivalents have been assessed for integrated
processes. While substrates such as coffee grounds, microalgae or the unfer-
mented lignin slurry from ethanol production are very promising for gener-
ating considerable profit, the process may at least extract valuable residual
energy from low-quality substrates such as manure or sewage sludge and
thus contribute to a rational and sustainable use of otherwise unemployed
resources.

Perspectives

Life cycle assessment. The modular character of the model architecture
allows for readily implementing life cycle assessment (LCA) for the process
technology and streams. On the one hand, this provides accurate projections
of industrial-scale process data to environmental analysts, which is usually
lacking for emerging technologies. On the other hand, the process developers
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may actively consider the environmental impact as an objective in the de-
sign phase, and thus efficiently avoid environmental harm at an early stage.
As demonstrated by Gerber et al. (2009, 2010), an integrated process design
for industrial-scale may indeed drastically improve the environmental perfor-
mance of lab and pilot facilities. By linking the LCA model to geographic
information system data, the impact of plant location and scale may further
be considered. For distributed resources like biomass where transport is an
issue, this might critically influence the appropriate choice of the dimensions
of the plant.

Liquid fuels. The global debate on biofuels is dominated by liquid trans-
portation fuels such as ethanol or Fischer-Tropsch products, or hydrogen as
the overarching energy vector of the future. Probably due to its gaseous na-
ture and conventionality, SNG is often disregarded. Tock et al. (2009) investi-
gated the production of the liquid diesel substitutes such as Fischer-Tropsch
fuel, dimethyl ether and also methanol with the method described in this
thesis. The results indicate that Fischer-Tropsch is the best of these op-
tions. With a conversion efficiency that is roughly 15 points lower than the
one for SNG, the price for the convenience of a liquid energy carrier is yet
high. From a process design perspective, it is more interesting that con-
trary to SNG production, indirectly heated gasification proves as the more
efficient and economic choice for liquid fuel production than directly heated
pressurised gasification since the abundant off-gas from the liquid synthesis
may readily be used to supply the gasifier’s energy requirement, which avoids
costly recycling. The conventional flowsheeting approach upon which the ref-
erence papers by Tijmensen et al. (2002) and Hamelinck et al. (2004) are
based does not allow for systematically considering such integration aspects.
The authors thus exclude this overall more efficient solution either through
their results or even a priori. Such conclusions should be revisited.

Chemicals and biorefining. With a certain pertinence, the chemical in-
dustry is claiming for a material use of biomass instead of an energetic one.
Indeed, as long as fossil methane is converted to syngas for the synthesis
of chemicals, the conversion of biomass via producer gas to methane may
be questioned since it multiplies conversion losses in the overall system. The
methodology presented here is perfectly apt to investigate this field and might
contribute to a rational design of biomass-based production of chemicals.
Complex biorefinery systems are thereby a challenge of particular interest.
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APPENDIX A

Conceptual flowsheets of the
process units

This appendix provides the conceptual flowsheets for the unit models of the
process superstructure for SNG production discussed in Chapter 2. The
schematics of Figures A.1 to A.5 are intended to illustrate the structure of the
energy-flow models for the principal units and major heat exchanges. They
do not include the details of a final design. As outlined in Chapter 1, the
combustion reactor(s), heat exchanger network and steam cycle are modelled
by MILP and thus not depicted here.
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CONCEPTUAL FLOWSHEETS OF THE PROCESS UNITS
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(c) Torrefaction.

F1GURE A.1—Thermal preatreatment units.
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producer gas, to gas cooling & cleaning

cyclone E 1 ; flue gas
ot bed
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combustion ash

(a) Indirectly heated gasification. Note: As discussed in detail in Chapter 1, the combustion
and gasification reactors are not coupled in the energy-flow model. Instead, the optimal fuels

and air preheating to satisfy the gasifier’s heat demand is determined in the energy-integra-
tion model by MILP.

producer gas,
to gas cooling & cleaning

cyclone

dried (& opt. torrefied), steam generation
pressurised wood

fluidised bed < oxygen, from
gasification, plant or storage
Pg
ash oxygen compression

& preheating

(b) Directly heated gasification.

FIGURE A.2—Gasification units.
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CONCEPTUAL FLOWSHEETS OF THE PROCESS UNITS
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gas P——

v —

(b) Hot gas cleaning.
FiGURE A.3—Gas cleaning. Note: Gas cleaning is not modelling in detail and

only the recovery of sensible heat of the producer gas is considered. The unit
configuration may change.
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FIGURE A.4—Methane synthesis and optional upstream stoichiometry adjustment
by water-gas shift and COg removal with one of the options depicted in Fig-

ure A.5(a) and (b).
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CONCEPTUAL FLOWSHEETS OF THE PROCESS UNITS
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(¢) Membrane cascade superstructure. Compressors and heat exchangers for conditioning
of the feed streams are included in the model, but not shown here for the sake of clarity.

FIGURE A.5—SNG upgrading options.
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APPENDIX B

Economic scaling of Pareto fronts

This appendix provides a comparison of the thermo-economic Pareto-fronts
obtained at several reference scales for the optimisation formulation used in
the typefaction (Chapter 6). At 24 test configurations, Figures B.1 to B.4
confirm the hypothesis that the operating conditions within o set of Pareto-op-
timal flowsheets do not substantially change with process scale, which makes
it possible to select the optimal plants at different scales by extrapolating the
optimised flowsheets from a reference scale. In more than half of the 24 test
cases, the difference in investment cost is within 1-2%, in one third of the
cases it is smaller than 5%, and in none of the cases bigger than 7%. For
some configurations, the performance of the extrapolated flowsheets is even
better than the one of the optimised configurations. This highlights that the
error commited through the extrapolation is in the same order of magnitude
than the incertainty of not finding the global optimum with an evolutionary
algorithm that inherently lacks of a convergence criterion.
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FiGure B.3—CFB-Oz2 gasification with air drying. Without (left) and with heat
cogeneration.
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FIGURE B.4—CFB-O2 gasification with steam drying. Without (left) and with
heat cogeneration.
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ApPENDIX C

Thermodynamic model for
hydrothermal gasification

This appendiz details the thermodynamic property model adopted at the par-
ticular process conditions downstream to hydrothermal gasification discussed
in Chapter 7, where reduced pressures p, = p/p. up to 1.4 and temperatures
T, =T/T. in the range of 0.5 to 1.1 are encountered.

Equations of state

In an attempt to represent H,O, COy and CH,4 and its binary and ternary
mixtures over a very large domain by one single thermodynamic model,
Duan et al. (1992a,b) developed and parametrised a modified form of the
Lee-Kesler equation of state (EOS). Mainly targeting the investigation of
geological fluids and fluid inclusions, the purpose of their EOS is to predict
both pT'V and liquid-vapour equilibria in the range of 273(323)-1273 K and
0-8000(1000) bar. Since HoO, CO2 and CH, are the three bulk species in
hydrothermal gasification and the encountered process conditions fall within
this range, this EOS has been investigated and further developed in several
studies. Luterbacher (2006) compared its prediction of molar volume and
residual enthalpy with conventional equations of state for three different bulk
compositions that are typically obtained from hydrothermal biomass gasifica-
tion. In order to generalise the EOS to the minor species present in the crude
product, Esser (2008) developed an approach that explores the similarity of
Duan’s equation with the Lee-Kesler EOS. In the latter, the compressibility
factor Z is predicted by interpolating the compressibility factors of two ref-
erence fluids at their corresponding states (i.e. at the same T, p,) by the
acentric factor. The basic hypothesis in Esser’s work is that interpolating
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FiGure C.1—Predicted hT-profiles for pure water at 300 bar over the entire do-
main (left) and detailed in the critical region (right). Values for different EOS are
superposed at 625 K.

the parameters used for the evaluation of Z of the reference fluids instead of
interpolating Z itself provides a similar estimation. He tested his approach
on both the Lee-Kesler EOS and the Duan EOS and observed a good agree-
ment with the results obtained from their original forms. By interpolating
the unknown parameters in the Duan EOS from the similar parameters in
the Lee-Kesler equation, it is thus possible to extend the specialised form to
other species than H,O, COy and CHy.

Although good agreement of Z and LVE with experimental data over a
wide range of temperature and pressures is observed, the verifications of the
Duan EOS revealed some major weaknesses which prevent its direct appli-
cation in the process model. Figure C.1 shows the calculated enthalpy-tem-
perature profile of pure water for the different candidate EOS in comparison
with reliable data from NIST (Linstrom and Mallard, 2009). Although good
agreement is observed in the critical region, Duan’s model completely fails
below 525 K. This may be partially due to the fact that the model has been
developed for the prediction of pT'V and liquid vapour equilibria, and no en-
thalpy data has been used in the calibration. Another reason is that the lower
temperature limit for which the model is claimed valid is approached. In the
domain below approximately 150°C, Heyen (2008a) doubts on the accuracy
of the EOS also for LVE calculations, which is furthermore supported by the
fact that its developer is continuing to publish dedicated solubility models
and data in this range (e.g. Duan and Sun, 2003, Duan and Mao, 2006, Qin
et al., 2008).
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Hybrid approach

As none of the tested models allows for evaluating all relevant thermodynamic
properties of the HyO-COo-CHy system, a hybrid approach is adopted. En-
thalpy is consistently evaluated with the standard Lee-Kesler equation, which
provides a very good accuracy for the bulk water in the critical region. When
used for all process streams throughout the plant, the divergence at moder-
ate temperatures observed in Figure C.1 is thereby not a serious issue since
the enthalpy requirements for heating and cooling the bulk before and after
gasification is balanced. A combination of the pure substance’s properties in
an ideal model would better fit the moderate temperature region. However,
the implementation of a consistent switch of the thermodynamic model be-
tween moderate and critical temperatures is problematic due to the complex
structure of the product separation and expansion system.

The different developments of Duan et al. are used whenever it is neces-
sary to calculate the liquid vapour equilibria with bulk water at high pressure.
At temperatures above 523 K, evaluating the fugacities through the homo-
geneous EOS proves accurate and allows for coherency in the supercritical
zone. Below 523 K, the calculation of the LVE is based on a heterogeneous
solubility model (Duan and Sun, 2003, Duan and Mao, 2006). In their work,
the chemical potential i of the noncondensable species ¢ in the gaseous and
liquid phases of the binary HoO-CO, and HyO-CH,4 systems is developed as:

it = [i" + RTIn(f?)

— %+ RT (o) (1)
pi = i} + RT In(aj)
_ ~ c.
= '} + RTn <7~z = %,H2o) (C.2)
CH20MH20

where f and @' term the fugacity and activity in the vapour and liquid
phase, and ¢ and v the coefficients thereof, respectively. Note that in this
formulation, the activity coefficient of the noncondensables is dependent on
the solvent and can be adjusted to the salt content in the aqueous phase. For
convenience, the reference state of the binary mixtures is set to:

i’y =0 (C.3)
Yi,r20 = 1 (C.4)

from which, at equilibrium (g = jil):

() = 22 gy (071) (C.5)

1
RT Cro0" H20
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Based on Equation (C.5), Duan and Sun (2003) and Duan and Mao (2006)
propose to evaluate the fugacity from their EOS for pure CO5 and CH4 and
adjust fi!9/(RT) with a correlation in T and p of similar complexity than the
other parameters in their EOS in order to represent the available data within
the experimental error.

Although accurately predicting the binary systems, a recent experimental
investigation of the same researchers shows that both CO, and CH, get up
to 20% (CO,) and 40% (CH4) more soluble in the ternary system at 323 to
373 K and 100 to 500 bar (Qin et al., 2008). To account for this interaction,
we suggest to complete Equation (C.5) with a supplementary interaction
term in form of a fugacity coefficient In(}) for the gas phase composition*:

~10 ~
In(f?) +In(y)) = %} +1In (%) (C.6)

CHgomHQO

Analoguous to the activity coefficient of Wilson (1964), it is convenient to
write In(y}) as:

_ e’ Mg
In(¢))=1—1In Ay — k= C.7
) (; T ) ; 225 Mk & 7

Z, i,
Ai,j = ?J exp (- Rf;) (08)

where flm- corresponds to an interaction energy between different molecules
i and j. In our case, Equation (C.7) needs to be evaluated for indices i, j,
k corresponding to CO9 and CHy, where the molar fractions ¢}’ refer to the
dry composition of the vapour phase.

The dataset of Qin et al. (2008) contains 14 binary and 21 ternary LVE
measurements at 100-500 bar and approximately 323 K and 373 K. In the
ternary data, the molar share of CO, in the noncondensable composition
(éco2’) thereby varies between 46% and 83%. Neglecting the small variation
of p, T in one dataset (max. + 4 bar and + o.7 K), the interaction ener-
gies ACOQ,(HM and AC’H47COQ of Equation (C.8) have been regressed by least
squares fitting of the equilibrium ratios ¢%py/chpy and ¢y, /hpy. The as-
sessed constants and a comparison of the obtained errors in the binary and in
the ternary systems with and without an interaction term are shown in Table
C.1. For the binary measurements, the interaction term does obviously not

*In analogy to Wilson (1964), it would be more consistent to introduce the interaction
as an activity in the liquid phase. However, this results in a poor fitting of the experimental
data since the liquid composition does change only very little.
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Error  Data Model Coos  Comn  Cos  Cma  FP FH
mean binary  (C.5), (C.6) 4.8 3.1 2.1 0.2 7.3 3.0
(of abs.  ternary (C.5) 5.7  11.7 2.8 1.2 9.2  14.3
error) (C.6) 3.1 3.9 1.6 1.2 4.4 3.2
max. binary  (C.5), (C.6) -7.0 -5.1 3.5 0.3 8.6 5.5
ternary (C.5) -14.7  -28.0 8.5 4.5 272 444

(C.6) 11.6 -7.9 3.5 4.0 -12.6 13.0

TABLE C.1—Mean and maximum relative errors (in %) of the solubility mod-
els with and without a CO2-CHy interaction term. Acoz,crs = 9-49 kJ/mol,
AcHa,co2 = -20.8 kJ/mol.
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FiGure C.2—Influence of the solubility model on the calculated performance for
COg2/CHy-separation in an absorption column with water at 300 bar.

contribute and a mean error of o to 7% is observed®, which falls in the accu-
racy range of the experimental system and the binary model. If the binary
models are directly used to determine the LVE equilibrium of the ternary
system, the assessed errors for the liquid composition and the equilibrium
ratios increase considerably since the increase of COs- and CHy-solubility

*Part of this error is thereby due to irreproducible values for the HoO content in the
vapour phase. Duan and Sun (2003) report to estimate ¢}, by the steam saturation
pressure. Qin et al. (2008) do not measure &y,,, but compute it with their models.
The reported values do however not correspond to this: at 375 K and 499 bar, their
data suggests a vapour pressure of 18 bar in the HoO-COs system, although the steam
saturation pressure is close to 1 bar. This contributes to an error of max. 3% in Table
Ca.
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cannot be represented. By introducing the interaction coefficients, the mean
errors are reduced and the ternary model basically reaches the precision of
the binary model, although the maximum errors are somewhat higher due to
more scatter in the data.

In order to illustrate the influence of the solubility model, Figure C.2
shows the performance of the absorption column discussed in Section 7.3.2.4
as calculated with and without the correction for the CO5-CH, interaction in
the ternary. For elevated separation ratios approaching the required methane
purity of 96%, the difference between the two models is appreciable and
highlights the importance of a correct thermodynamic model for an accurate
process design. Accounting for the interactions between CO, and CHy, 96%
purity is attained in 5 equilibrium stages with roughly 4 kguater/kgfeca and
recovering 85% of the methane feed. For the same purity and column size,
almost 5.5 kguater/kg feea are required and only 82% of methane is recovered
if the interactions are not considered.
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Nomenclature

Abbreviations

CHP Combined heat and power

EOS Equation of state

(FIC)FB (Fast internally circulating) Fluidised bed
HE(N)  Heat exchanger (network)

LV(E)  Liquid vapour (equilibrium)

MER Minimum energy requirement

MI(N)LP Mixed integer (non-)linear programming
POX Partial oxidation

PSA Pressure swing adsorption

(SYNG  (Synthetic) natural gas

TSA Temperature swing adsorption

vol Volume

WHSV  Weight hourly space velocity

wt Weight

Greek letters

o Convective heat transfer coefficient kW /(m?K)
o Selectivity -
0 Thickness of membrane layer A
AR? Lower heating value kJ/kg
AR? Standard heat of reaction kJ/mol
Ahyap Heat of vaporisation kJ/kg
AP Exergy value MJ/kg
Ap Pressure drop bar
AT, Temperature difference to equilibrium K
AT in  Minimum approach temperature K
AT,.;  Reference approach temperature K
€ Energy efficiency %
€cg Cold gas efficiency %
5 Mass efficiency %
Cec Carbon conversion efficiency %
n Exergy efficiency %
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Vi Activity coefficient of 4 in solution with j bar (mol/kg);
A Wilson interaction coefficient -
1 Mean value

f Chemical potential kJ/mol
1L, Pressure ratio -
% Fugacity coefficient -
® Humidity kgr20/kgtot
) Relative humidity %
P Correlation coefficient -
p Density kg/m?
o Standard deviation

0 Molar stage cut -
Roman letters

A Absorption factor -
A Area m?
A Wilson interaction energy kJ /mol
a Activity bar
b Cost exponent -
C Cost € or €/ MWh
c Specific cost €kW
c Mass fraction %
¢ Molar fraction %
c1 Cost factor to account for contingencies and fees -
Ca Cost factor to account for site development and auxiliary facilities -
p Specific heat at constant pressure kJ/(kg K)
d Diameter m?
E Mechanical or electrical power kW
E Exergy kW
e Specific mechanical or electrical work kJ/kg
Espec Specific power consumption kW /MWy,
f Fugacity bar
fs Utilisation level of subsystem s -
G Gas mass flux kg/(s-m?)
g Molar Gibbs free energy kJ/mol
h Mass enthalpy kJ/kg
h Height m
ir Interest rate %
K Equilibrium constant variable
K Apparent equilibrium constant variable
K; Apparent equilibrium constant with respect to molar fractions variable
K'p Apparent equilibrium constant with respect to partial pressures variable
kcajc1 Proportionality constant coopg /CcHA -
L Exergy depletion kW
l Length m
m Mass flow kg/s
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m Molecular weight

n Expected plant lifetime

n Stoichiometric coefficient

n Molar flow

P Permeability

P, Yearly production

P Pressure

Q Heat

R Dimensionless permeation factor/area
R Cascaded energy

R Ideal gas constant

rco2,rem Carbon dioxide removal in separation
TOHA Methane recovery

TSNG SNG recovery

TSs/B Steam to dry biomass ratio

SN Stoichiometric number

Sin,2 Fraction of membrane inlet to stage 2
Sp1,E1 Fraction of permeate 1 to stage E1
T Temperature

tr1 Relative duration of PSA adsorption
tro Relative duration of PSA recycling
U Overall transfer coefficient

U Velocity

\%4 Volume

1%4 Volume flow

Wen Wobbe Index

Y Integer choices

A Compressibility factor

Subscripts

a atmospheric

ad adiabatic

BM bare module

BP by-products

be break even

¢ cold

¢ combustion

c critical

cat catalyst

ce carbon conversion

cg cold gas

d drying

daf dry, ash-free

el electric

eq equilibrium

¥ feed
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years

mol

kmol/s
barrer
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bar

kW

kW

kJ/(K mol)
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NOMENCLATURE

GR grass roots

GR,d depreciated grass roots
g gasification

h hot

Im log-mean

M maintenance

m methanation

maz maximum

mean mean

min minimum

oL operating labour

or operation

P production

) permeate

g heat

- reduced

r retentate

ref reference

RM raw materials

s steam cycle

sat saturation (or saturated)
ss salt separation

" torrefaction

th thermal

tot total

UT utilities

vap vaporisation (or vaporised)
y material transformation
Superscripts

¥

Corrected temperatures

+ Material or energy stream entering the system
B Material or energy stream leaving the system
0 Standard conditions

! Liquid phase

sep

Separation system
Vapour phase
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